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Abstract: Biomass chemical looping gasification (BCLG) is a complex process for the conversion of
biomass using an oxygen carrier, which is influenced by various operating parameters. For a better
understanding of this process, biomass steam gasification using ilmenite as an oxygen carrier is
numerically investigated in this work using the multiphase particle-in-cell (MP-PIC) method, which
is a modified Euler–Lagrange approach. As a first step, a reduced reaction network for biomass
gasification is investigated in a spouted bed. As a second step, the reaction network is coupled
with oxygen carrier kinetics of ilmenite for the simulation of BCLG in a lab-scale fluidized bed. For
both steps, the influence of the main operating parameters, such as reactor temperature, steam-
to-biomass ratio, and oxidation degree of the oxygen carrier, are investigated and compared with
experimental data from the literature. In general, the simulations show satisfying results and the
predicted syngas compositions with varied operating parameters are in good agreement with the
experimental data. Furthermore, the main trends for the syngas composition are predicted correctly
and the oxidation degree of the oxygen carrier has a significant influence on the resulting syngas
composition confirming the experimental results.

Keywords: 3D-CFD simulation; multiphase particle-in-cell method (MP-PIC); chemical looping
gasification (CLG); biomass gasification; syngas; fluidized bed reactor; oxygen carrier; validation study

1. Introduction

The interest in renewable energies is increasing more and more due to the limited
availability of conventional fossil fuels and to mitigate climate change by the reduction
of CO2 in the atmosphere. A promising technology for the conversion of biomass is the
fluidized bed gasification. This is due to the high heat and mass transfer and good mixing
properties as well as the suitability for scaling up. The resulting syngas (which is mainly
composed of H2, CO, CO2 und CH4) from biomass gasification is versatile and can be
used for the production of synthetic fuels or the generation of heat as well as electricity,
for instance [1–4]. By applying the principle of chemical looping, the emissions and costs
can be further reduced compared to other gasification processes [5]. The biomass chemical
looping gasification (BCLG) is based on the circulation of an oxygen carrier (OC) between
two interconnected reactors. Thereby, lattice oxygen for the oxidation of biomass and the
heat for reactions is provided. In this process, the oxygen carrier is oxidized in the air
reactor (AR) and reduced by the reaction with the biomass in the fuel reactor (FR). The two
reactors are separated using loop-seals, which prevents the dilution of the syngas produced
in the fuel reactor with flue gas from the air reactor and, thus, a high quality syngas is
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obtained. Furthermore, a low tar content in the syngas is obtained due to the presence
of oxygen carriers underlining the advantage of BCLG compared to other processes for
syngas production [5–8].

A similar carbon capture technology, namely the chemical looping combustion (CLC),
can be applied to combust fuels such as biomass or coal to generate power. A product
gas mainly composed of CO2 and steam is obtained [9,10] in contrast to BCLG, where the
produced syngas can be used for a wide range of applications. A schematic representation
of the chemical looping gasification (CLG) principle is shown in Figure 1 and a detailed
description of the CLG process is given in the work of Ge et al. [11].
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Figure 1. Schematic illustration of a CLG process.

Several experimental studies regarding BCLG have been performed [5,11–15], but
there is no consensus in the literature regarding the influence of the main operating pa-
rameters on syngas composition [5]. Furthermore, the harsh conditions in CLG reactors
only allow the measurement of mascroscopic quantities [16]. For this matter and due to the
increase in processing power, computational fluid dynamics (CFD) became an attractive
tool for the optimization, operation, and design of fluidized beds. However, a compromise
between accuracy of the model and computational effort has to be made for the simulation
of industrial-size plants [17,18].

For the simulation of fluidized bed reactors, Euler–Euler and Euler–Lagrange ap-
proaches are typically used [19]. Euler–Euler approaches (e.g. TFM or two-fluid model) are
mainly used for industrial-sized applications because of the high computational speed, but
many closure equations are necessary, limiting the accuracy. This is due to the fact that
in this approach both phases are considered as continua by treating the solid phase as a
pseudo-fluid. Therefore, a new pseudo-phase has to be defined for every particle size for
the implementation of particle size distributions, for instance, [20–22]. Euler–Lagrange
approaches (e.g., CFD–DEM or computational fluid dynamics–discrete element method) solve
the Newtonian equations of motion for the solid phase in contrast to the TFM, while the gas
phase is modeled as a continuum. Due to the tracking of individual particles and resolving
particle–particle interactions, the computational effort is significantly higher compared to
the TFM, resulting in a limitation of the number of particles. Therefore, mainly lab-scale
fluidized beds are investigated using CFD–DEM [23]. The multiphase particle-in-cell (MP-
PIC) method is based on the work of Andrews and O’Rourke [24], which results from a
modification of the Euler–Lagrange approach. In this approach, computational parcels are
used to represent a defined number of particles with identical properties such as size, veloc-
ity, and location. Instead of resolving particle–particle collisions, the so-called particle stress
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model is used to model the particle–particle interactions, resulting in a significant reduction
of the computational effort compared to CFD–DEM. With this approach, simulations of
industrial-sized circulating fluidized beds are feasible, as performed in literature [4,25]. A
schematic representation of the MP-PIC method is shown in Figure 2.

fluid flow

parcel particles

grid

cell

Figure 2. Schematic representation of the MP-PIC method adapted from Solnordal et al. [26].

Biomass gasification has been numerically investigated by several authors and only
a small selection will be named in this work. A detailed list of literature on CFD simula-
tion of biomass gasification is given in the work of Ostermeier et al. [27]. A CFD–DEM
model was developed by Ku et al. [28] in OpenFOAM® to investigate the influence of
the reactor temperature and steam-to-biomass ratio on the syngas composition. Their
results show good agreement with literature data. A similar study was performed by
Qi et al. [29] using a coarse-grain CFD–DEM model in STAR-CCM®. They obtained good
results as well with reduced computational time. A CFD-DEM study was also performed by
Wang and Shen [16]. They found that the particle diameter of the biomass has an insignifi-
cant influence regarding the hydrogen concentration, while the biomass feeding position
influences the syngas composition. Ostermeier et al. [27] used a coarse-grain CFD–DEM
model in ANSYS® Fluent ® for the investigation of wood pellet evolution with a satisfying
prediction of the gasifier behavior.

Furthermore, there are various studies incorporating reactions of solid fuel with oxy-
gen carriers, mostly for the investigation of chemical looping combustion systems [30–34].
However, few studies are available in the literature regarding the simulation of the biomass
chemical looping gasification processes. Li et al. [35] used a Euler–Euler approach for the
simulation of BCLG with an Fe-based oxygen carrier and yielded good results in terms of
the syngas composition. Whereas Wang et al. [36] investigated the influence of the main
operating parameters for the gasification of coal in a multi-fluid model and found that a
smaller size of the oxygen carrier particles reduces the syngas production.

Controlling the availability of oxygen in the gasification process is crucial for adjusting
the syngas composition. BCLG is hence expected to work with an oxygen carrier at lower
oxidation degrees. Therefore, Condori et al. [5] developed a novel method for controlling
the oxidation of the OC ilmenite in the air reactor. Their results also showed the effectiveness
of ilemnite.

However, limited numerical studies on biomass steam gasification using oxygen
carriers are available. Furthermore, no study was found in the literature that numerically
investigated the influence of the oxidation degree of the oxygen carrier on the syngas
composition. Therefore, in this work, biomass steam gasification using ilmenite as an
oxygen carrier is modeled using BARRACUDA VR® 21.0 as framework of the MP-PIC
method. This is performed in two separate steps. At first, biomass gasification in a spouted
bed is simulated using a reduced reaction network. The influence of the reactor temperature
and steam-to-biomass ratio is investigated and compared with experimental data given by
Song et al. [6]. Second, the gasification of biomass is coupled with the reaction kinetics of
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ilmenite as an oxygen carrier proposed by Abad et al. [37], and the influence of the reactor
temperature and the oxidation degree is investigated and compared with experimental
data obtained by Condori et al. [5] in a lab-scale fluidized bed. The separation in two steps
is performed to distinguish the deviations of the simulations compared to the experiments
resulting from the two different reduced reaction networks.

2. Simulation Methods
2.1. Governing Equations

In this section, the governing equations of the MP-PIC method are summarized.
BARRACUDA VR® 21.0 was chosen as the framework for the MP-PIC method, which is based
on the work of Andrews and O’Rourke [24] and Snider [38]. A detailed documentation
and derivation of this method is given in their works.

For the gas phase, the continuity equation and the momentum transfer equation are
given in Equations (1) and (2), with the gas volume fraction εg, the gas density ρg, the gas
velocity ug, the time t, the pressure p, the gravitational acceleration g, the fluid stress tensor
τg, the interphase momentum exchange rate F, and the source term δṁp.

∂
(
εgρg

)
∂t

+∇ ·
(
εgρgug

)
= δṁp (1)

∂
(
εgρgug

)
∂t

+∇ ·
(
εgρgugug

)
= −∇p− F + εgρgg +∇ ·

(
εgτg

)
(2)

To describe the solid phase, the Liouville equation for the particle probability distribu-
tion function fd (x, up, ρp, Vp, t), given in Equation (3), is solved, where ∇up represents the
divergence operator with respect to the particle velocity and ap the particle acceleration.

∂ fd
∂t

+∇ ·
(

fdup
)
+∇up ·

(
fdap

)
= 0 (3)

The source term δṁp used in the continuity equation is given in Equation (4), where
mp represents the particle mass, up the particle velocity, and Tp the particle temperature.

δṁp = −
∫∫∫

fd
dmp

dt
dmpdupdTp (4)

The interphase momentum exchange rate F and the particle volume fraction εp are
related to the particle probability distribution function fd and given Equations (5) and (6),
where ρp is the particle density and Dp the inter-phase drag function.

F =
∫∫∫

fd

(
mp

[
Dp
(
ug − up

)
− 1

ρp
∇p
]
+ up

dmp

dt

)
dmpdupdTp (5)

εp =
∫∫∫

fd
mp

ρp
dmpdupdTp (6)

The particle–particle collisions are modeled using the particle stress model based on
the work of Harris and Crighton [39], which is implemented in BARRACUDA VR®. The
inter-particle stress τ is given in Equation (7), with the modeling constants Ps, α, β, and the
particle volume fraction at close-pack εcp. The solid stress model in BARRACUDA VR® is
multiplied by a factor of 10 compared to the original model.

τ =
10 · Ps · εβ

p

max
[(

εcp − εp
)
, α
(
1− εp

)]′ (7)
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The inter-phase drag function Dp used in the interphase momentum exchange rate is
given in Equation (8) with the particle radius rp and the drag coefficient Cd.

Dp = Cd ·
3
8
·

ρg

ρp
·
∣∣ug − up

∣∣
rp

(8)

The drag model used in this work is the blended drag model of Wen and Yu [40] (DWY)
and Ergun [41] (DErgun), which is implemented in BARRACUDA VR® 21.0 and commonly
used in the literature. The blending function is given in Equation (9) [42].

DWYE =


DWY εp < 0.75εcp(
DErgun − DWY

)( εp−0.75εcp
0.85εcp−0.75εcp

)
+ DWY 0.75εcp ≥ εp ≥ 0.85εcp

DErgun εp > 0.85εcp

(9)

Furthermore, the blended acceleration model (BAM) [43] implemented in BARRACUDA

VR® is used in this work to improve the mixing behavior with respect to the different
particle sizes and densities. This is important because the particle–particle collisions are
not directly resolved, but play a significant role for the relative motions between particles
in fluidized beds.

2.2. Reaction Kinetics

In contrast to sand, which is used as inert heat carrier in Section 3, the biomass and
oxygen carrier undergo several processes. In a fluidized bed reactor, the gasification of
biomass can be divided in three dominant steps: Drying and pyrolysis of biomass, as well
as gasification of char. These steps do not occur successively but simultaneously. However,
the drying starts at lower temperatures releasing the moisture content of the biomass. The
volatiles are released during the pyrolysis, and char is produced. The released gas is mainly
composed of CO, CO2, CH4 and H2, while further lower and higher hydrocarbons (called
tars) are also present. At higher temperatures, the tar and char partly react with steam,
resulting in a decomposition of the tar and a conversion of the char [1,6,44].

In this section, the implementation of drying and pyrolysis, the biomass gasification
reactions, and the reactions with the oxygen carrier, are given.

2.2.1. Pyrolysis

For the drying and devolatilization of the biomass, the Volatile Manager of BARRACUDA

VR® 21.0 is used which, is based on a single step first-order Arrhenius equation, as com-
monly applied in the literature [1,45,46]. The mechanism is given in Equation (10), where T
represents the temperature, mi the mass, Ai the pre-exponential factor, and Ei the activation
energy of the release of volatiles and the moisture, respectively.

dmi
dt

= −Ai · exp
(
−Ei

T

)
·mi (10)

The devolatilization kinetics were obtained from Bonnefoy et al. [46] with Adevol = 5 · 106 s−1

and Edevol = 14433 K, and the drying kinetics were obtained from Chan et al. [45] with
Adrying = 5.12 · 106 s−1 and Edrying = 10585 K.

Analogous to the literature [28,47,48], methane is the only hydrocarbon species con-
sidered and it is assumed that tars are unstable and converted to CO, CO2, CH4, and H2.
Furthermore, the heat of the devolatilization is assumed to be negligible compared to the
heat of reactions [49]. It has to be noted that the drying and devolatilization only affect the
particle density due to the functionality of the Volatile Manager. This means that particle
shrinkage is not considered in this work.
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Without the consideration of tar formation, the following global reaction for the
pyrolysis and drying of biomass is obtained with ∑ vi = 1:

Biomass → v1 CO + v2 H2 O + v3 CO2 + v4 H2 + v5 CH4 + v6 char + v7 ash (R1)

In this work, the volatile composition is based on experimental data of wood pyrolysis
performed by Wang et al. [50], which is given in Table 1. The pyrolysis experiment was
performed at 900 °C in a lab-scale fluidized bed. Details regarding the experimental set-
up and procedure can be found in the work of Wang et al. [50]. The composition could
be predicted using models, but predicted compositions are not accurate according to
Kraft et al. [4].

Table 1. Volatile composition of wood biomass.

Species Mass Fraction (-)

CO 0.608
CO2 0.183
CH4 0.188
H2 0.021

2.2.2. Gasification Reactions

A reduced reaction network has to be applied due to hundreds of gas phase reactions
taking place in a gasification reactor. Modeling every reaction would make an industrial-
size simulation unfeasible. The reaction network given by Song et al. [6] composing four
global reactions (R2–R5) is applied in this work as already performed in the literature
[16,28,29,47]. The homogeneous water-gas shift reaction and methane reforming reaction
are given in Reaction (R2) and (R3).

CO + H2O −−⇀↽−− CO2 + H2 (R2)

CH4 + H2O −−→ CO + 3 H2 (R3)

The reactions kinetics for the homogeneous gas phase reactions are given in Table 2,
where the reaction rate is given in kmol m−3 s−1 and the gas concentration is depicted in
brackets [·] with the unit of kmol m−3.

Table 2. Reactions kinetics of the homogeneous reactions.

Reaction Reaction Rate Reference

(R2) r2 f = 2.78 · 103[CO][H2O] exp
(
−1.26 · 107/RT

)
[1,51]

r2b = 9.59 · 104[CO2][H2] exp
(
−4.66 · 107/RT

)
[1,51]

(R3) r3 = 3.0 · 108[CH4][H2O] exp
(
−1.26 · 108/RT

)
[52]

The heterogeneous Boudouard reaction and water gas reaction with fixed carbon are
given in Reaction (R4) and (R5).

C(s) + CO2 −−⇀↽−− 2 CO (R4)

C(s) + H2O −−⇀↽−− CO + H2 (R5)

The reaction kinetics for the heterogeneous reactions are given in Table 3, where the
reaction rate is given in mol m−3 s−1 and the gas concentration depicted in brackets [·] is
given in mol m−3.



Atmosphere 2022, 13, 1009 7 of 26

Table 3. Reaction kinetics of the homogeneous reactions.

Reaction Reaction Rate Reference

(R4) r4 f = 1.272 ·mC · T · exp
(
− 22645K

T

)
[CO2] [53]

r4b = 1.044 · 10−4 ·mC · T2 · exp
(
− 2363K

T − 20.92
)
[CO]2 [53]

(R5) r5 f = 1.272 ·mC · T · exp
(
− 22645K

T

)
[H2O] [53]

r5b = 1.044 · 10−4 ·mC · T2 · exp
(
− 6319K

T − 17.29
)
[H2][CO] [53]

2.2.3. Oxygen Carrier Reactions

The reaction kinetics of ilmenite applied in Section 4 are given by Abad et al. [37] using
a particle reaction model. The so-called grain model with uniform reactions in the particle,
including a changing grain size model in the grains is described by Equations (11) and (12).
The conversion of the solid species Xi is related to the time of complete conversion τchr
with the molar density ρm, the grain radius rg, the average stoichiometric coefficient b̄, the
chemical kinetic constant ks, the gas concentration Cg, and the reaction order n. A detailed
derivation of this model is given in the work of Abad et al. [37].

t
τchr

= 1− (1− Xi)
1/3 (11)

τchr =
ρm · rg

b̄ · ks · Cn
g

(12)

A reduced set of reactions is given by Abad et al. [37] due to the complex reaction
network involving metastable intermediate compounds for instance. The reduction and
oxidation reactions for Fe2O3 and FeO are given in Reactions (R6–R9). For a detailed
description of the reaction mechanism and derivation of the reaction network, the authors
refer to the work of Abad et al. [37].

Fe2O3 + H2 −−→ 2 FeO + H2O (R6)

Fe2O3 + CO −−→ 2 FeO + CO2 (R7)

4 Fe2O3 + CH4 −−→ 8 FeO + CO2 + 2 H2O (R8)

4 FeO + O2 −−→ 2 Fe2O3 (R9)

The implicit reaction rates given by Abad et al. [37] for the grain model have to
be adapted for the explicit implementation in BARRACUDA VR® 21.0 as performed by
Parker [30]. The adapted reaction rates are given in Table 4 with the gas concentration in
mol m−3 and the particle mass in kg.

Table 4. Reaction kinetics of the oxygen carrier reactions.

Reaction Reaction Rate Reference

(R6) dnFeO
dt = 142.153 exp

(
− 7.81814·103K

T

)(
mFe2O3

)2/3(mp
)1/3

[H2] [30]

(R7) dnFeO
dt = 229.279 exp

(
− 9.70652·103K

T

)(
mFe2O3

)2/3(mp
)1/3

[CO]0.8 [30]

(R8) dnFeO
dt = 8.957 · 104 exp

(
− 1.62617·104K

T

)(
mFe2O3

)2/3(mp
)1/3

[CH4] [30]

(R9) dnFe2O3
dt = 2.776 exp

(
− 3.06712·103K

T

)
(mFeO)

2/3(mp
)1/3

[O2] [30]

The heterogeneous reactions with the oxygen carrier are modeled using discrete particle
reactions in BARRACUDA VR® 21.0, which means that the reaction rates for each parcel are
calculated as a function of the particle properties.
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3. Biomass Steam Gasification

In this section, simulation results of the fluidized bed experimentally investigated by
Song et al. [6] are shown for the validation of the biomass gasification reactions given in
Section 2.2.2. The influence of different operating parameters such as reactor temperature,
bed mass, and steam-to-biomass ratio (S/B) will be investigated and discussed. Afterward,
this model will be coupled with the oxygen carrier kinetics in Section 4 for the investigation
of biomass gasification with ilmenite in a lab-scale reactor.

3.1. Experimental and Simulation Setup

The syngas production from biomass is realized in a plant comprising two inter-
connected fluidized beds. A schematical representation is shown in Figure 3a. The two
fluidized beds are separated using loop-seals to prevent a dilution of the produced syngas
in the fuel reactor with flue gas from the air reactor. The heat for the gasification is provided
by the circulation of quartz sand as bed material. The air reactor is fluidized with air to burn
residual char, while the fuel reactor is fluidized with steam for the gasification of biomass.
The biomass is introduced using a screw feeder at the bottom of the fuel reactor, which
is constructed as a rectangular spouted bed with a height of 1500 mm, width of 230 mm,
and depth of 40 mm. At the bottom, a 60° conical distributor is connected to a 20 mm tube,
where steam and biomass are introduced. A detailed description of the experimental plant
is given in the work of Song et al. [6].

It has to be noted that only the fuel reactor is simulated analogously to similar studies
in the literature [16,28,29,47]. The 3D simulation geometry is shown in Figure 3b and the
built-in mesh generator in BARRACUDA VR® 21.0 for structured grids using hexahedral
elements was used to generate the grid.
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Figure 3. (a) Schematic representation of the experimental plant adopted from Song et al. [6]. (b) Sim-
ulation geometry of the fuel reactor.

All operating parameters such as the reactor temperature, mass flow rates, and the steam-
to-biomass ratio are specified according to the experimental data given by Song et al. [6].
Furthermore, the wall temperature and initial temperature for quartz sand as bed material
is set to the operating temperature of the reactor. Steam is introduced at the reactor
temperature as well, while the biomass is fed at 300 K. The mass flow rate of biomass
is constant at 3.0 kg h−1, while the steam flow rate is varied between 2.4 and 3.6 kg h−1

resulting in a steam-to-biomass ratio between 0.8 and 1.2, depending on the case.
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Quartz sand was used as bed material enabling the heat transfer between the air and
fuel reactor. The sand has a sauter mean diameter of 350 µm, solid density of 2600 kg m−3,
and a total weight of 11 kg was used. Pine wood was used as biomass with a sauter mean
diameter of 1.5 mm and density of 470 kg m−3 [6]. The proximate analysis of the biomass
is given in Table 5.

Table 5. Proximate analysis for pine wood given by Song et al. [6].

Component Mass Fraction (wt.%)

Volatiles 71.78
Fixed carbon 14.77

Moisture 11.89
Ash 1.56

The input parameters for BARRACUDA VR® 21.0 are given in Table 6. The particle-to-
wall coefficients are adopted from Chen et al. [17] and Kraft et al. [4], while the close-pack
fraction εcp for quartz sand is taken from Wytrwat et al. [54]. The simulation of the spouted
bed was performed for 40 s and the average of the syngas composition was calculated from
the last 20 s with an output frequency of 0.001 Hz. In the experiments, an offline analysis
of the syngas species was performed and steam was condensed and removed before the
analysis. This means that the dry syngas in the experiments is composed of H2, O2, Ar
(as tracer gas), CO, CO2, CH4, and CxHy, while the dry syngas in the simulations is only
composed of the main gas species H2, CO, CO2, and CH4, due to the assumption that
methane is the only hydrocarbon species, as described in Section 2.2.1.

Table 6. Parameters for the simulation of the spouted bed.

Particle-to-wall interaction
Normal retention coefficient en 0.3
Tangential retention coefficient et 0.99
Diffusive bounce 0
Particle-to-particle interaction
Close-pack fraction εcp 0.54
Pressure constant Ps 1 Pa
Non-dimensional exponent β 3
Non-dimensional constant α 10−8

Maximum momentum redirection from collision 40%
Time setting
Total simulation time 40 s
Start time for average 20 s
Time step Solver controlled

3.2. Results and Discussion
3.2.1. Grid Study

At first, a grid study was performed to find a suitable grid resolution. The cell number
and typical cell dimensions of the investigated grids are given in Table 7. For the grid study,
the bed mass of the quartz sand had to be approximated. This approximation is necessary
due to the fact that only the total bed mass of 11 kg for both the AR and FR is known [6].
The bed mass in the FR was approximated to be 8 kg. Therefore, the influence of the bed
mass is investigated and discussed in Section 3.2.2. The grid study was performed at a
reactor temperature of 820 °C and a steam-to-biomass ratio of 1.2.
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Table 7. Cell number and typical cell dimensions of the investigated grids for the simulation of the
spouted bed.

Grid Cell Number Typical Cell Dimensions
(-) (mm)

Coarse 22,280 8.2 × 7.2 × 10.0
Medium 54,072 6.4 × 5.7 × 6.7
Fine 99,042 5.1 × 4.5 × 5.7

The syngas composition was chosen as a macroscopic quantity to investigate the
influence of the grid resolution. In Figure 4, the averaged concentrations of the main syngas
species are given with respect to the different grid resolutions. It can be seen that the
changes in the syngas composition depending on the grid resolution are negligible. This
means that already the coarse grid would have been sufficient for the simulation of the
reaction kinetics. However, the medium grid was chosen for the further investigations due
to a better representation of the conical distributor.
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Figure 4. Syngas composition of the spouted bed depending on the grid resolution.

3.2.2. Influence of Bed Mass

As already stated in Section 3.2.1, the bed mass in the fuel reactor had to be approxi-
mated because only the total bed mass of 11 kg is known. Therefore, the bed mass is varied
in the range of 5 kg to 11 kg and the averaged gas species concentrations depending on the
bed mass are given in Figure 5. It should be noted that the influence of the bed mass was
not discussed in similar studies [28,29,50].
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Figure 5. Syngas composition depending on the bed mass of quartz sand in the spouted bed.
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With increasing bed mass, the concentration of hydrogen decreases, while the methane
and carbon monoxide concentrations increase. The concentration of carbon dioxide stays
constant. This trend is mainly caused by the lower residence time of the released methane
from the biomass, resulting in a lower conversion of methane to hydrogen from the methane
reforming reaction (R3). Since the total bed mass of quartz sand is 11 kg, the following
studies will be performed with a bed mass of 8 kg, because it is expected that more particles
are present in the fuel reactor compared to the air reactor. It should be noted that the
biomass particles accumulate at the bed surface, which can be seen in Figure 6c. Therefore,
the volatiles have a lower residence time in the reactor due to the elevated height, where
most of the devolatilization takes place.

In Figure 6a the instantaneous, and in Figure 6b the average, solids volume fraction
is shown with a bed mass of 8 kg. It can be seen that the particle distribution is not
symmetrical, which is presumably due to the grid resolution of the conical distributor. It
is expected that a higher grid resolution would result in a more symmetrical distribution
of the solids, but a higher grid resolution is not necessary with respect to the gasification
reactions as observed in the previous section. This is also in line with the expectation of
a high solids mixing. The introduction of steam causes larges bubbles coalescing with
increasing bed height. The eruption of the bubbles at the bed surface leads to a high
acceleration of the particles, which are falling down at the reactor walls. The existence of
slugs and big bubbles with oval shapes was also observed by Ku et al. [28].

(a) (b) (c)
Figure 6. (a) Instantaneous solid volume fraction in the fuel reactor at t = 40 s. (b) Averaged solids
concentration. (c) Instantaneous distribution of biomass and sand in the fuel reactor at t = 40 s.

3.2.3. Influence of Reactor Temperature

The biomass gasification is significantly influenced by the reactor temperature as
shown by Song et al. [6] in the range between 820 °C and 920 °C. In general, the results of
the simulations are in good agreement with the experimental data as shown in Figure 7b
and Figure 7a, respectively. Hydrogen is the dominant species with a concentration between
53 and 60 vol.%. The concentration of carbon monoxide and carbon dioxide are comparable
and in the range between 14 and 25 vol.%, while methane has the lowest concentration.

With increasing temperature the CO concentration increases, while the CO2 concen-
tration decreases. Contrary to the experiments, the H2 concentration increases in the
simulations with increasing temperature. This is presumably due to the methane reforming
reaction (R3), because an overprediction of the methane conversion results in an overpre-
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diction of the hydrogen concentration with increasing temperature. The overprediction
of the hydrogen concentration with increasing temperature was also observed in similar
studies [28,29], as well as the underprediction of the methane concentration [28].

A direct comparison of the simulation results with the experimental data is given in
Figure 7c for 820 °C and Figure 7d for 920 °C. The comparison shows a good agreement de-
spite the fact that not all trends are predicted correctly. The deviations from the experiments
are due to the simplifications, such as the reduced reaction network, the neglection of tars,
and the simplified pyrolysis mechanism. It has to be noted that no fitting of the reaction
kinetics from the literature have been performed. Furthermore, no measurement errors
of the experimental are available due to the time-intensive experiments. More accurate
results could be achieved by a fitting of the reaction rates, but this is beyond the scope of
the work. Finally, no unified set of equations for the gasification of biomass is available in
the literature and thus errors cannot be avoided.
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(d) T=920 °C
Figure 7. Influence of the reactor temperature on the syngas composition for (a) the experimental
data given by Song et al. [6] and (b) the simulation results. Comparison of the syngas composition
for (c) 820 °C and (d) 920 °C.

In Figure 8, the concentrations of the gas species are plotted over time. It can be seen
that after a short start-up time of around 5 s, a quasi-stationary state can be observed. The
short start-up time is in line with the expectations due to the strong mixing of biomass
and the bed material, which results in a fast increase in the biomass temperature that was
already observed by Ku et al. [28]. It should be noted that in contrast to the averaged
concentrations, these concentrations are not based on a dry syngas.
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Figure 8. Gas species concentration plotted over time at reactor temperatures of (a) 820 °C and
(b) 920 °C.

The contour plots for the main syngas species H2 and CO are shown in Figure 9 for
820 °C and 920 °C. It can be seen that the concentrations are low in the reactor bottom,
where the biomass is injected. The temperature of the biomass inside the bed is around
600–800 K but the density of the biomass is still close to the initial density, meaning that
the devolatilization in this region is not far progressed. The concentrations of H2 and CO
increase with increasing bed height and at the reactor walls. This is due to the accumulation
and thus the longer residence time of the particles at the bed surface and walls as shown in
Figure 6c. Additionally, methane and carbon monoxide react with steam in the freeboard
region through the methane reforming reaction (R3) and the water-gas shift reaction (R2)
to hydrogen and carbon dioxide. Furthermore, the increasing concentration due to the
increasing reactor temperature can be observed. All of these finding are in agreement with
the results of Qi et al. [29].

(a) T=820 °C (b) T=920 °C (c) T=820 °C (d) T=920 °C
Figure 9. Contour plots of hydrogen at (a) 820 °C and (b) 920 °C, and carbon monoxide at (c) 820 °C
and (d) 920 °C.

3.2.4. Influence of steam-to-biomass ratio

The influence of the steam-to-biomass ratio on the syngas composition is given in
Figure 10. It can be seen that the trends for the gas species are in good agreement with
the experimental data. The hydrogen and carbon dioxide concentrations increase with
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increasing steam-to-biomass ratio, while the carbon monoxide concentrations decrease. This
is presumably due to the water-gas shift reaction (R2) because a higher steam-to-biomass
ratio favors the reaction products, namely hydrogen and carbon dioxide. In contrast to the
experiments, the methane concentration is not influenced by the steam-to-biomass ratio.
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Figure 10. Influence of the steam-to-biomass ratio on the syngas composition for (a) the experimental
data given by Song et al. [6] and (b) the simulation results.

4. Biomass Gasification with Oxygen Carrier

In the previous section biomass steam gasification in a fluidized bed was successfully
modeled using a reduced reaction network proposed by Song et al. [6]. Therefore, in
this section, the gasification reactions will be coupled with the oxygen carrier kinetics
for ilmenite given in Section 2.2.3 and validated against experimental data for biomass
chemical looping gasification given by Condori et al. [5]. The influence of the reactor
temperature and oxidation degree of the oxygen carrier on the syngas composition and
syngas yield will be investigated and discussed.

4.1. Experimental and Simulation Setup

The biomass chemical looping gasification is realized in a lab-scale system of two
interconnected fluidized beds, namely the air reactor and the fuel reactor. Analogously
to the plant described in Section 3, loop-seals are used to prevent a dilution of the syngas
with flue gas. In contrast to the previous section, ilmenite is used as bed material. This
oxygen carrier provides the heat and lattice oxygen for the biomass gasification. In this
system, a riser acts as an air reactor for the transport of solids to the fuel reactor and the
oxidation of the oxygen carrier, while a solids valve is used to measure and control the
external circulation rate from the air to the fuel reactor. The fuel reactor with a height of
500 mm and an inner diameter of 50 mm is operated as bubbling fluidized bed. Biomass is
fed above the distributor plate using a screw feeder to increase the contact time of biomass
and volatiles with the oxygen carrier. Details regarding the experimental set-up can be
found in the works of Cuadrat et al. [55] and Condori et al. [5]. A schematic representation
of the experimental set-up is shown in Figure 11a. The 3D simulation geometry is given in
Figure 11b and, analogously to Section 3, the built-in mesh generator in BARRACUDA VR®

21.0 for structured grids using hexahedral elements was used to generate the grid.
It has to be noted that only the fuel reactor is simulated analogously to Section 3.

Due to the lack of experimental data regarding specific operation parameters, such as the
external solid circulation rate, no fresh oxygen carrier particles are fed to the reactor in
the simulation in contrast to the experiment, where the oxygen carrier circulates between
the two reactors. However, biomass and steam are fed continuously into the reactor
analogously to the experiment. It is assumed that the influence of the consumption of
Fe2O3 of the oxygen carrier is small due to the short simulation period. This will also be
discussed in Section 4.2.2.
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Figure 11. Schematic representation of the (a) experimental set-up adapted from Condori et al. [5] and
(b) simulation geometry for the investigation of biomass gasification using ilmenite as oxygen carrier.

The initial conditions are set close to the experimental conditions in the quasi-steady
state. Analogously to Section 3, the initial temperature for the walls and ilmenite are
set to the reactor temperature, which is varied between 820 °C and 940 °C. A steam-to-
biomass ratio of 0.6 is chosen analogously to the experiments [5] with a biomass flow rate
of ṁbio = 0.31 kg h−1 and a steam flow rate of ṁsteam = 0.19 kg h−1. Milled pine wood
pellets are used as biomass with a particle size between 0.5–2 mm. Ilmenite particles with
a particle size between 100–300 µm are used as bed material with a bed mass in the fuel
reactor of about 0.8 kg, which corresponds to a bed height of 0.2 m [55]. The experimentally
determined composition of ilmenite is given in Table 8. It should be noted that Fe2TiO5 and
Fe2O3 can react with the gas species released due to the biomass pyrolysis [5]. Therefore,
the ilmenite particles are modeled using the three components Fe2O3, FeO, and an ilmenite
base, as performed by Parker [30].

Table 8. Composition of the ilmenite oxygen carrier given by Condori et al. [5].

Component Mass Fraction (wt.%)

Fe2TiO5 54.7
Fe2O3 11.2
TiO2 28.6
Other 5.5

The input parameters for BARRACUDA VR® 21.0 are given in Table 9 analogously to
Section 3. The simulation of the fluidized bed was performed for 20 s and the average of
the syngas species was calculated from the last 5 s with an output frequency of 0.001 Hz.
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Table 9. Parameters for the simulation of biomass gasification using ilmenite as oxygen carrier.

Particle-to-wall interaction
Normal retention coefficient en 0.3
Tangential retention coefficient et 0.99
Diffusive bounce 0
Particle-to-particle interaction
Close-pack fraction εcp 0.54
Pressure constant Ps 1 Pa
Non-dimensional exponent β 3
Non-dimensional constant α 10−8

Maximum momentum redirection from collision 40%
Time setting
Total simulation time 20 s
Start time for average 15 s
Time step Solver controlled

4.2. Results and Discussion
4.2.1. Grid Study

Analogous to Section 3, a grid study was performed to find a suitable grid resolution.
The cell number and typical cell dimensions of the investigated grids are given in Table 10.
The dimensions are similar compared to the investigated grids of the spouted bed in
Section 3.2.1. The grid study was performed at a reactor temperature of 880 °C and a
steam-to-biomass ratio of 0.6.

Table 10. Cell number and typical cell dimensions of the investigated grids for the simulation of
biomass gasification using ilmenite as an oxygen carrier.

Grid Cell Number Typical Cell Dimensions
(-) (mm)

Coarse 3724 8.3 × 8.3 × 8.3
Medium 10,361 5.9 × 5.9 × 5.9
Fine 14,611 5.3 × 5.3 × 5.3

Again, the syngas composition was chosen as a macroscopic quantity to investigate
the influence of the grid resolution. In Figure 12, the averaged concentration of the main
syngas species are given depending on the grid resolution. It can be seen that the changes
in the syngas composition are small and only observable from the coarse to medium grid.
Therefore, the medium grid was chosen for the following simulations.
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Figure 12. Syngas composition of the lab-scale fluidized bed depending on the grid resolution.
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4.2.2. Influence of Oxidation Degree

A new method for controlling the oxygen feed into the air reactor for BCLG was
proposed by Condori et al. [5], which allows the investigation of the influence of the oxygen
carrier’s oxidation degree. As already stated in Section 1, the oxygen carrier is operated
in a reduced state for BCLG in contrast to CLC processes. Therefore, the oxygen-to-fuel
ratio was varied by Condori et al. [5] resulting in different oxidation degrees of the oxygen
carrier. The samples extracted from the fuel reactor showed an oxidation degree between
2.5 % and 15 %. The upper limit of the oxidation degree is defined by the full oxidation of
the reacting components Fe2TiO5 and Fe2O3. The lower limit corresponds to the complete
reduction of the reacting components to FeTiO3 and Fe3O4. In the simulations, Fe2O3
is assumed to be the only reacting component as stated in Section 4.1. Therefore, in the
simulation, the initial mass fraction of the reacting component Fe2O3 is varied between
1.5 wt.% and 10 wt.%.
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Figure 13. Influence of the oxidation degree on the syngas composition for (a) the experimental data
given by Condori et al. [5] and (b) the simulation results. Comparison of the syngas composition for
a (c) low and (d) high oxidation degree.

In Figure 13a,b, the influence of the oxidation degree on the syngas composition
for the experiment and simulation is given. The simulation was performed at 940 °C
with a steam-to-biomass ratio of 0.6, analogously to the experiments. It can be seen that
the oxidation degree has a significant influence on the syngas composition. At a lower
oxidation degree, hydrogen is the dominant species. With increasing oxidation degree, the
hydrogen concentration decreases, while the carbon dioxide concentration significantly
increases. This trend is also captured by the simulations, which is presumably due to the
oxidation reactions (R6)–(R8). This leads to the conclusion that a higher quality syngas is
obtained with a lower oxidation degree of the oxygen carrier confirming the experimental
results. Furthermore, a slight decrease of the carbon monoxide concentration can be
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observed and the methane concentration stays almost constant with increasing oxidation
degree. A decreasing hydrogen, carbon monoxide, and methane concentration, as well as
an increasing carbon dioxide concentration, was also found by Ge et al. [11] with increasing
oxygen carrier mass percentage in the fluidized bed using hematite as the oxygen carrier.

Analogous to Section 3, the methane concentration is underpredicted. This is presum-
able due to the overprediction of the methane reforming reaction (R3) and the reaction of
the oxygen carrier with methane. An overprediction of the methane conversion was also
observed by Breault and Monazam [56] in BARRACUDA VR® using hematite as the oxygen
carrier and applying the reaction kinetics given by Mendiara et al. [57]. Therefore, Breault
and Monazam [56] fitted the reaction rates to yield better results, which is beyond the scope
of this work. It should be noted that no fitting of the reaction kinetics was performed in
this work.

A direct comparison of the simulation results with the experimental data is given in
Figure 13c,d for a low and high oxidation degree. The methane and carbon monoxide
concentrations are underpredicted, while the carbon dioxide concentration is overpredicted.
Nevertheless, the results are in good agreement considering the simplifications already
discussed in Section 3.2.3 and without fitting of the reaction kinetics given in the literature.

The syngas yield is an important process parameter that gives information regarding
the amount of syngas, which is produced from the biomass fed into the reactor. Therefore,
this parameter will be compared with experimental data and calculated, as proposed by
Condori et al. [5], given in Equation (13). The syngas yield Y is related to the gas flow rate
Gi of hydrogen and carbon monoxide as well as the dry biomass fed into the fuel reactor Fb.

Y = YH2 + YCO with Yi =
Gi
Fb

(13)

In Figure 14, the syngas yield of the experiment and simulation is plotted depending
on the oxidation degree. The yield decreases with increasing temperature, which is also cap-
tured by the simulations. The decreasing syngas yield was also observed by Ge et al. [11]
with increasing oxygen carrier mass percentage in a fluidized bed using a mixture of quartz
sand and hematite as oxygen carrier. However, the yield is underpredicted in the simula-
tions. This is presumably due to an overprediction of the reaction kinetics of the oxygen
carrier regarding the oxidation of hydrogen, carbon monoxide, and methane.

0.15 0.20 0.25 0.30 0.35
Oxygen-to-fuel ratio (mol/mol)

0.0

0.2

0.4

0.6

0.8

1.0

S
yn

ga
s 

yi
el

d 
(N

m
3 /k

g)

Experiment
Simulation

Figure 14. Syngas yield as a function of the oxidation degree in comparison with experimental data
given by Condori et al. [5].

As already stated, no fresh oxygen carrier particles are fed into the fuel reactor in the
simulations contrary to the experiments, where the oxygen carrier circulates between the
air and the fuel reactor. To validate this approach, the gas concentrations are plotted over
time in Figure 15. After a start-up time of around 10–15 s, a quasi-stationary state can be
observed, even though the concentration of Fe2O3 of the oxygen carrier particles decreases
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over time. The average mass fraction of Fe2O3 decreased from 1.5 wt.% to 1.14 wt.% for the
low oxidation degree and from 10 wt.% to 9.45 wt.% for the high oxidation degree during
the simulation time of 20 s. This indicates a low influence of the Fe2O3 consumption on the
syngas composition. With a longer simulation period, and thus an increasing consumption
of Fe2O3, the hydrogen concentration would increase and the carbon dioxide concentration
would decrease. However, the almost constant gas species concentrations from 15–20 s
lead to the conclusion that influence of the consumption of Fe2O3 in this short simulation
period is small and the simulation data can be compared with the experimental results.

0 5 10 15 20
Time (s)

0%

10%

20%

30%

40%

C
on

ce
nt

ra
tio

n 
(v

ol
.%

) H
2

CO

CO
2

CH
4

(a) Low oxidation degree

0 5 10 15 20
Time (s)

0%

10%

20%

30%

40%

C
on

ce
nt

ra
tio

n 
(v

ol
.%

) H
2

CO

CO
2

CH
4

(b) High oxidation degree
Figure 15. Gas species concentration plotted over time with a (a) low and (b) high oxidation degree
of the oxygen carrier.

The work of Condori et al. [5] showed a significant influence of the oxidation degree
on the cold gas efficiency that decreases with increasing oxidation degree analogously to
the syngas yield. Furthermore, a small increase of the biomass conversion was found with
increasing oxidation degree, while the influence on the carbon conversion is not significant.
However, no data is presented regarding the influence of the oxidation degree on the
resulting tar content, which is mainly influenced by the steam-to-biomass ratio and the
reactor temperature.

4.2.3. Influence of Reactor Temperature

In contrast to the gasification of biomass without oxygen carriers, there is no consensus
in the literature regarding the influence of the reactor temperature on the syngas composi-
tion for BCLG [5]. For instance, Wei et al. [15] found variations for the syngas composition,
while Ge et al. [11] observed an optimum at 860 °C and Huijun et al. [58] at 750 °C. In
Figure 16a,b, the influence of the reactor temperature on the syngas composition is given
for the experiment and simulation. It can be seen that the influence of the temperature is
very low in the experiments. However, in the simulations, the carbon dioxide concentration
increases significantly with increasing temperature, while the hydrogen concentration
decreases. This is due to a higher conversion rate of H2, CO, and CH4 with increasing
temperature resulting from the temperature-dependent expression of the reaction rates
given in Table 4. The significant increase of the CO2 concentration, as well as the decrease of
the CO concentration with increasing reactor temperature was also found by Ge et al. [11]
using hematite and Huijun et al. [58] using a nickel-based oxygen carrier. In contrast,
Wei et al. [15] observed an increasing H2 and CO concentration, as well as a decreasing
CO2 concentration using a Fe2O3/Al2O3 oxygen carrier.

A direct comparison of the syngas concentrations in Figure 16c for 820 °C and
Figure 16d for 940 °C shows that the higher temperature leads to a higher deviation of
experimental and simulation data for the carbon dioxide concentration. In contrast, the
influence of the temperature on the hydrogen and carbon monoxide concentration is lower
compared to the carbon dioxide concentration. All in all, a good agreement of the simulation
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results with the experiment data was obtained, despite the fact that only a small influence
of the reactor temperature on the syngas composition was observed in the experiments.
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Figure 16. Influence of the temperature on the syngas composition for (a) the experimental data
given by Condori et al. [5] and (b) the simulation results. Comparison of the syngas composition for
(c) 820 °C and (d) 940 °C.

In Figure 17, the syngas yield is plotted depending on the reactor temperature. Con-
dori et al. [5] found that with increasing temperature the syngas yield increases. The
opposite influence was observed in the simulations. This is presumably due to an over-
prediction of the oxygen carrier kinetics as already stated before, or, due to the fact, that
the volatile composition is independent from temperature. In contrast to the observations
of Condori et al. [5], an optimum of the syngas yield was found by Ge et al. [11], using
hematite as an oxygen carrier at 860 °C and a decrease of the yield with increasing tem-
perature. Analogously, an optimum of the syngas yield at 750 °C and decreasing yield
with increasing temperature was observed by Huijun et al. [58] with a nickel-based oxygen
carrier. However, the syngas yield predicted by the simulations is in a reasonable order of
magnitude close to the experiments of Condori et al. [5].

In Figure 18, the contour plots of hydrogen, carbon monoxide, and methane are shown
for a reactor temperature of 820 °C. It can be seen that the hydrogen concentration is low
at the bottom where biomass is fed into the reactor analogously to Section 3.2.3 and the
concentration increases in the freeboard region above the particle bed, which is due to the
water-gas shift reaction (R2). In contrast, the carbon monoxide and methane concentration
show a maximum at the top of the particle bed, where the biomass particles accumulate.
It is concluded that most of the devolatilization takes place at the top of the particle bed.
Similar profiles were also observed by Qi et al. [29] for biomass gasification without an
oxygen carrier. In the particle bed, the concentrations of carbon monoxide and methane
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are low, which is presumable due to a higher conversion related to the high contact of the
biomass and oxygen carrier.
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Figure 17. Syngas yield as a function of the reactor temperature in comparison with experimental
data given by Condori et al. [5].

(a) (b) (c)
Figure 18. Average mass fraction of (a) hydrogen, (b) carbon monoxide, and (c) methane in the the
fuel reactor at 820 °C.

5. Conclusions

In this work, a model for the simulation of biomass steam gasification using ilmenite
as an oxygen carrier was developed using the MP-PIC method in the framework of BAR-
RACUDA VR® 21.0. This was performed in two separate steps.

Firstly, a reduced reaction network for the gasification of biomass in a spouted bed
was investigated and the results were compared with experimental data. The results
show a good agreement despite the necessary simplifications. The influence of the steam-
to-biomass ratio was successfully reproduced by simulations. For the influence of the
temperature on the syngas composition, the trends for carbon monoxide and carbon
dioxide were predicted correctly. The observed increase of the hydrogen concentration with
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increasing temperature is presumable due to an overprediction of the methane conversion
by the methane reforming reaction. These findings are also in line with observations of
similar studies in the literature [16,28,29]. Furthermore, the influence of the bed mass was
investigated showing that the hydrogen concentration decreases and methane concentration
increases with increasing bed mass in the syngas due to a lower residence time of the syngas
in the reactor.

Secondly, the reduced reaction network was coupled with the reaction kinetics of
ilmenite as an oxygen carrier for the simulation of BCLG in a lab-scale fluidized bed and
compared with experimental data as well. In contrast to CLC processes, the oxygen carrier
is present in a reduced state for BCLG and it was found that the oxidation degree of ilmenite
has a significant influence on the syngas composition, which was also successfully captured
by the simulations. However, the concentration of carbon dioxide was overpredicted, while
the syngas yield was underpredicted. Furthermore, the simulations showed a significant
increase of the carbon dioxide concentration with increasing temperature that was not
observed in the experiments. This is presumable due to an overprediction of the oxidation
reactions resulting from the reaction kinetics of the oxygen carrier that were measured
in a fully oxidized state. However, there is no consensus in the literature regarding the
influence of the reactor temperature on the syngas composition in BCLG.

In general, the simulation results are in good agreement with the experimental data.
Thus, the model can be a useful tool for a better understanding of the complex biomass
chemical looping gasification process and the influence of various operation parameters.
The model can be used to predict the syngas composition of biomass gasification in fluidized
beds influenced by operating parameters such as the reactor temperature and oxidation
degree of the oxygen carrier for optimizing the plant design.
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Abbreviations

The following abbreviations are used in this manuscript:

AR Air reactor
BAM Blended acceleration model
BCLG Biomass chemical looping gasification
CFD Computational fluid dynamics
CLC Chemical looping combustion
CLG Chemical looping gasification
DEM Discrete element method
FR Fuel reactor
MP-PIC Multiphase particle-in-cell method
OC Oxygen carrier
S/B Steam-to-biomass ratio
TFM Two-fluid model
WY Wen-Yu
WYE Wen-Yu-Ergun
Latin symbols
ap Particle acceleration m s−2

Ai Pre-exponential factor in Equation (10) s−1

Cd Drag coefficient -
Cg Gas concentration mol m−3

Dp Inter-phase drag function s−1

Ei Activation energy in Equation (10) K
en Normal retention coefficient -
et Tangential retention coefficient -
fd Particle probability density function -
F Interphase momentum exchange rate kg m−2 s−2

Fb Dry biomass fed into the system kg h−1

g Gravitational acceleration m s−2

Gi Gas flow rate of species i Nm3 h−1

ks Kinetic constant in Equation (12) mol1-n m3n-2 s−1

mi Mass kg
n Reaction order -
p Pressure Pa
Ps Modeling constant in Equation (7) Pa
rg Grain radius in Equation (12) m
rp Particle radius m
t Time s
T Temperature K
Tp Particle temperature K
ui Velocity m s−1

vi Stoichiometric factor -
Vp Volume of solid phase m3

Y Syngas yield Nm3 kg−1

Greek symbols
α Modeling constant in Equation (7) -
β Modeling constant in Equation (7) -
εcp Particle volume fraction at close-pack -
εg Gas volume fraction -
εp Particle volume fraction -
ρi Density kg m−3

ρm Molar density in Equation (12) mol m−3

τ Inter-particle stress in Equation (7) Pa
τchr Time for complete conversion in Equation (12) s
τg Fluid stress tensor Pa
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