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Abstract

Industrial catalytic fixed-bed reactors are made of steel, operate at high temperatures
and pressures and contain hazardous chemicals. What happens inside remains hid-
den. Due to the limited information elucidated from the conventional measurement
techniques aiming to resolve the gradients of species and temperature along the re-
actor (typically only in and out information are available), engineers have to rely on
time consuming and costly trial and error method in reactor design and optimization
as well as reactor model development. In order to design and develop reactors with
higher accuracy, to trouble-shoot and optimize reactor in a cost-effective manner, a
reliable, predictive and informative reactor model is desired. Three-dimensional com-
putational fluid dynamics (CFD) models with detailedly resolved bed geometry are
promising modeling approach for achieving this goal.

In this work, CFD models were developed and applied to simulate three catalytic
fixed-bed reactors with different types of packing configuration and reactions. Based
on the packing geometry, different approaches were taken to create the simulation
domains. A unit cell containing 1/4 of a single Pt wire was drawn to simulate the
catalytically assisted combustion of methane on a Pt gauze. The reconstruction of
X-ray microtomographic scans was used as input to generate the modeling domain to
simulate CO oxidation on a Pt coated α-Al2O3 foam monolith. Computer generated
random packing by discrete element method (DEM) was applied to simulate and
optimize a pilot-scale fixed-bed reactor for n-butane oxidation to maleic anhydride
under industrial relevant operational conditions.

A spatially resolved profile measurement technique was applied in this work. This
sampling technique provides high resolution concentration and temperature profiles
inside the reactor, providing the possibility to critically validate the simulation results,
and to calibrate parameters required in the model with high confidence.

This work demonstrates that detailed reactor modeling and profile measurements
are useful tools for achieving in-depth understanding of the interactions between flow,
heat and mass transfer and catalytic reactions in fixed-bed reactors. Furthermore, with
the comprehensive knowledge gained from both methods, a knowledge-based reactor
optimization approach can be put forward.



Kurzfassung

Industrielle, katalytische Festbettreaktoren werden unter hohen Reaktordrücken und
-temperaturen betrieben und prozessieren zum Teil gefährliche Chemikalien. Typis-
cherweise sind diese Reaktoren aus Stahl gefertigt, wodurch die Vorgänge in ihrem
Inneren unsichtbar sind. Durch konventionelle Methoden zur Beprobung von Fest-
bettreaktoren ist man bei der Beobachtung der Reaktionsvorgange auf wenige Messs-
tellen entlang des Katalysatorbettes limitiert (typisch: Reaktoreingang und Reakt-
orausgang). Reaktormodelle werden anhand solcher Daten validiert, was begründet,
dass Chemieingenieure bei der Reaktorauslegung und Reaktoroptimierung auf zeitinte-
nsive und teure Trial-and-Error-Methoden angewiesen sind. Um die Reaktorauslegung
genauer und kosrengünstiger durchführen zu können, sind zuverlässige Reaktorsimu-
lationen notwendig. Ein vielversprechender Ansatz zur Erreichung dieses Ziels ist
die Verwendung von dreidimensionalen, computergestützten Fluiddynamik-Modellen
(CFD-Modelle) gekoppelt mit geeigneten Reaktionskinetiken.

In der vorliegenden Arbeit wurden CFD-Modelle entwickelt und angewand um
drei unterschiedliche Festbettreaktoren zu simulieren. Es wurden drei verschiedene
Festbettgeometrien und drei Reaktionen untersucht. In Abhängigkeit von der Pack-
ungsgeometrie wurden unterschiedliche Ansätze zur Erzeugung der Reaktormodelle
eingesetzt.

Für die Methanoxidation an einem Platinnetzkatalysator wurde eine Einheitszelle
gewählt, die ein Viertel eines Platindrahtes enthält. Zur Simulation der Kohlenstoff-
monoxid Oxidation an einem platinbeschichteten α-Al2O3-Schaummonolithen wurde
der Monolith röntgenmikrotomographisch charackterisiert und die exakte Schaumgeo-
metrie rekonstruiert. Für die Simulation und Optimierung eines Pilotreaktors für die
katalytische Oxidation von n-Butan zu Maleinsäureanhydrid wurde eine Katalysat-
orpackung unter Zuhilfenahme der sogenannten Diskrete-Elemente-Methode (DEM),
durch zufällige Schüttung der Katalysatorkörper, erzeugt.

Die Simulationen wurde in allen Fällen durch die Messung von örtlich aufgelösten
Reaktorprofilen kritisch validiert. Die Untersuchungen fanden unter indutriell relev-
anten Bedingungen statt. Die experientellen Daten erlauben außerdem die Kalibrier-
ung wichtiger Modellparameter mit sehr hoher Genauigkeit und Zuverlässigkeit. Die
vorliegende Arbeit zeigt, dass die durchgeführten detailierten Simulationen in Kombin-
ation mit der experimentellen Messung von Reaktorkonzentrations und Reaktortem-
peraturprofilen, ein außerordentlich nützliches Werkzeug für ein tieferes Verständnis
des Zusammenspiels von Fluiddynamik, Wärme- und Stofftransport und der katalyt-
ischen Reaktion in Festbettreaktoren darstellt. Das so erreichte tiefere Verständnis des
Reaktionsprozesses, stellt einen Schritt in die Richtung einer wissensbasierten Reakt-
orauslegung bzw. -optimierung dar.
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1Introduction

The fixed-bed reactor is historically one of the oldest reactor configurations for per-
forming fluid (gas or liquid) solid reactions in synthetic chemical and petroleum pro-
duction industries [1]. As its name implies, a fixed-bed reactor is arranged so that the
solid particles, which are mostly the catalyst, are held in position while the fluids flow
around them [2]. Due to its fairly simple construction, stability, and controllability,
this reactor type retains its favoured position in industrial practice over other more
advanced and sophisticated reactors.

Substantial progress has been made in chemical engineering to understand the
phenomenological and mechanistic aspects happening inside fixed-bed reactors [3–
8]. Based on this knowledge, mathematical models of varying complexity have been
derived and routinely practised with respect to reactor design, scale-up and process
intensification [2, 9–11]. The performance of an industrial reactor for specific catalytic
reactions is a complex function of the chemistry and transport processes [12]. Without
a comprehensive knowledge of what happens inside the reactor, engineers have to rely
on design by analogy, trial and error approach which is clearly not efficient. Therefore,
numerical simulations preferably based on accessible parameters routing from physical
properties are desired to, for example, find optimal operating parameters for reactors
[13–15]. The main driving force for continuous modeling efforts in chemical engineering
is not only to better design and control the reactor with improved model accuracy, but
also to gain more fundamental and in-depth understanding of the interacting transport
and reaction phenomena inside the fixed-bed reactor.

In order to simulate chemically reacting flows inside a fixed-bed reactor in detail,
three-dimensional Computational Fluid Dynamics (CFD) models are developed in this
work. The first step in a typical CFD simulation is to create the bed geometry. For a
regular and periodic type of packing, one can draw the geometry with known geomet-
rical parameters. Often, one draws only a representative unit-cell type of geometry
due to the periodic nature of such a packing. One example of such a type of fixed-bed
reactor is one packed with metal gauze catalysts. Reactions on catalytic gauzes are
among the oldest processes in the chemical industry, for example, the Ostwald process
and Andrussow process [16–18]. Because the catalytic reactions on the gauzes are so
fast, those processes are often run under external transport limitations, and thus the
reactor performance is dictated by mass and heat transport. Such a gauze reactor for
catalytically assisted methane combustion over platinum is studied in this work and
presented in Chapter 4.

When a packing structure does not have regular and repetitive geometry units,
creating a calculation domain simply by drawing is not possible. For small beds,
one can reconstruct the packing from non-invasive imaging method such as Magnetic
Resonance Imaging (MRI) [19, 20] and X-ray computed microtomographic (µ-CT)
scans [21, 22]. One good packing configuration for conducting µ-CT scans is the open-
cell foam. It has randomized and reticulated pore structure which is difficult to draw
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but can be well captured by the µ-CT [23]. Catalytically foams have been proposed as
alternative porous catalyst carriers for strong exothermic/endothermic reactions [23].
In this work, CFD simulations based on reconstructed structure from µ-CT scans of
CO oxidation on an open-cell foam monolith catalyst is explored and presented in
Chapter 5.

Despite the vast research efforts in foam packing for heterogeneous catalysis, in-
dustrial application of this type of packing is rare [23]. Even nowadays, the most
employed configuration of a fixed-bed reactor is still the well-known random packing
of (catalyst) pellets. The dominating approach to model fixed-bed reactor with such
random packing is the ‘pseudo-homogeneous’ and ‘heterogeneous’ models. In these
models, the geometry of the packing is not resolved but regarded as an effective por-
ous medium [24]. Since the particles are not resolved in those models, packing induced
complex flow patterns cannot be described in detail. Furthermore, the model accuracy
is questionable for fixed-bed reactors with small ratios of reactor diameter D to pellet
diameter d (D/d ratio) due to pronounced confining wall effects [25]. This type of
fixed-bed reactor is of particular interests to this work since many of the industrial
important exothermic and endothermic reactions are conducted in this configurations
[26, 27].

A recent advance in the field of modeling fixed-beds with random packing is the
introduction of discrete-particle resolved three-dimensional CFD simulations by the
pioneering work of Dixon et al. [28–32]. In this modeling approach, shapes and
locations of each particle are modeled and the interstitial velocity field as well as other
physical quantities are resolved. Thus, this approach reflects a more physical profound
basis compared to the aforementioned conventional porous medium approach [33–38].
Many recent publications have also demonstrated encouraging results that this tool
can indeed be applied to better understand the local phenomena [39], to develop
correlations replacing experiments [38, 40], to design and control fixed-bed reactors
[30], to study catalyst deactivation [41], to design catalyst shape [42, 43], as well as to
find optimal operation conditions [44, 45] to various reactions especially for reforming
reactions and exothermic oxidation of small hydrocarbons.

Even though it is rather a straightforward procedure to load pellets into a technical
reactor in real life, creating such a random packing geometry in a simulation is by no
means an easy task. To apply µ-CT on a technical-scale reactor is currently not
feasible and is too costly to be routinely practised [46]. Hence, methods have been
proposed to generate random packings by computer, among them are the Discrete
Element Method (DEM) [26, 47–52] and the Monte Carlo method [36, 53–56]. Once
a stable packing is generated by either method, one can extract the information of
the location and orientation of each pellet and use as an input for CFD simulations.
Obviously, due to the random nature, one obtains rather a numerical representation
of the real packing than an exact copy. As a prerequisite, the computer generated
random packing has to match the experimental packing in terms of bed density and
porosity within statistical bounds [57]. In this work, the discrete element method is
applied. It is widely applied in particle simulations with decent success [26, 58–61].
In order to gain confidence using computer generated random packing from DEM
simulations especially for fixed-bed reactors with small D/d ratios, validation studies
have been carried out and presented in Chapter 6.

The following step after generating a packing is meshing. An accurate, robust
and cost-effective meshing strategy has been a popular research topic in this field
for the past few years and is still to this day. Meshing techniques for the contact
points (lines/areas) between the computer generated packings of both spherical and
non-spherical particles have been advanced from the global shrinking or expansion
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[62] to local modifications by bridging the particles with cylinders [49] or flattening
the particle surface to make gaps [26]. The choice of a meshing strategy is often
linked to the experience one has with a certain CFD program. Systematic analysis
and guidance of the applied meshing strategy to the performance of flow, pressure
drop, void fraction, heat transfer, and reaction simulations are reported by Dixon et
al. [63] using ANSYS Fluent, Eppinger et al. [26] and Wehinger et al. [64] using
STAR-CCM+, Boccardo et al. [65] using OpenFoam and Rebughini et al. [66] using
catalyticFOAM [67]. In this work, the work flow proposed by Eppinger et al. [26] for
STAR-CCM+ users is adopted. To validate the DEM-CFD approach coupled with the
applied meshing strategy, heat transfer studies in a fixed-bed reactor with low D/d
ratio (4 ≤ D/d ≤ 7) for both spherical and Raschig ring packings in moderate flow
conditions and high temperature ranges were conducted. This study is demonstrated
in Chapter 7.

To further improve the confidence of such simulations and achieve widespread use,
even as primary design tool for chemical industrial practice [57], joint efforts from aca-
demia research and industry are needed [51]. N-butane oxidation to maleic anhydride
(MA) was chosen in this work as the studied reaction. It is one of the most important
industrial catalytic oxidation reactions with a high annual worldwide MA production
(2.8 million metric tons in 2015) [68]. Currently, one of the dominant reactor con-
figurations is the multi-tubular fixed-bed reactor cooled by circulating molten salt,
packed with shaped pellets of vanadyl pyrophosphate (VPP) catalyst [69, 70]. Due
to the explosion limitation, the butane inlet composition is typically below 2 % [71].
Since the unconverted n-butane is not recycled at the end of the bed, this process runs
at high conversion levels typically at 80-85 % n-butane conversion [72]. The overall
yield of MA reported is 57-65 % [72], which is unsatisfactory. The high production
rate and growing demand of MA motivate chemists to find higher performance cata-
lysts [73–75], engineers to improve operational conditions [76] or designing new reactor
configurations [77, 78]. In view of the large scale of the process even small improve-
ments (1 %) translate into significant revenue [72, 79]. CFD simulation and profile
measurement of a pilot-scale profile reactor designed and developed for studying n-
butane oxidation under industrial-relevant conditions have been carried out in this
work. Since no lumped transport parameters are used in the CFD model, expensive
experimentation input can be minimized by careful choice of representative experi-
ments. Details of CFD modeling and measurements of a catalytic n-butane oxidation
reactor are presented in Chapter 8.

Ideally and rigorously speaking, intra-particle diffusion limitations should be in-
corporated in the aforementioned CFD simulations for n-butane oxidation by solving
mass balance (diffusion and reaction) inside each catalyst pellet [80]. However, the
computational costs required to simulate a pilot-scale reactor including this aspect is
too high to be realizable at the moment [81]. Hence, the trade-off has been made
to simplify the reactor model while the main focus is paid to the effect of catalyst
pore structure on n-butane oxidation to maleic anhydride in a fixed-bed reactor. Such
numerical study is presented in Chapter 9.

This work is motivated by the scientific intuition for fundamental understanding
of the fixed-bed reactor and, at the same time, is application driven. The aim of
this work is to develop reliable, accurate and affordable models to perform simulations
which facilitate in-depth understanding of the interactions between flow, heat and mass
transport as well as chemistry. Furthermore, those simulations should be developed
into a better tool to help interpret experimental data, to assist reactor design and, to
predict safe operation conditions and, most importantly, to put forward model-based
or knowledge-based optimization of the underlying processes in fixed-bed reactors.
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This work does not only emphasize on model development, but also highlights the
importance of reliable experimental validation. Conventional reactors with a few side
sampling ports cannot achieve similar level of data density as the simulation delivers
and, as a result, no critical comparison can be made. On the other hand, one cannot
avoid the iterative process in the model improvement by comparing experimental data
for fine tuning some model parameters. Consequently, the quantity and quality of
the input experimental data can directly influence the model accuracy [57]. The
spatially resolved profile reactor offers a solution to this problem as it can realize
high resolution sampling of gas phase composition, gas temperature as well as solid
temperature by means of the center sampling capillary [82–85]. Hence, these profiling
techniques have been applied and presented thoroughly in the thesis together with the
modeling efforts. High resolution spatial measurements of species and temperature
profiles inside the reactor combined with particle resolved CFD modeling of chemistry
and flow is a promising approach to understand the physical and chemical processes
inside a catalytic fixed-bed reactor and provide a methodology for knowledge based
optimization of important industrial processes.



2Summary of Results

and Future Perspective

As soon as a new approach like spatially resolved CFD modeling of catalytic fixed-bed
reactors, rapidly and enthusiastically progress, the same level of doubts and criticism
arise [1, 57]. Is it reliable? What are the benefits and, naturally, what are the limita-
tions? This work tries to answer these questions and to put forward this approach to be
a preferred design tool in industry. Three fixed-bed packing configurations: a single
catalytic gauze, a foam monolith coated with catalytic material as well as random
packing of catalyst pellets have been modeled in detail in this work. To demonstrate
the validity and benefits of the applied numerical approach, high resolution profile
measurements have been carried out. Critical judgement of the model performance
has been made by comparing the simulated species and temperature profiles to the
measured ones.

Catalytically assisted methane combustion over a single platinum gauze in a fixed-
bed reactor is studied in this work. Three dimensional numerical reactor simulations
including flow, mass transport, heat transport and microkinetic models for both sur-
face and gas phase chemistry were carried out. Due to symmetry, only 1/4 of the gauze
surface was considered in the calculation domain. Simulated species profiles show good
agreement with the measurements previously carried out by Dr. Heiner Schwarz [86]
in which work the steep spatial gradients in the vicinity of the gauze are resolved at
submillimeter scale. Furthermore, this reactor combines a capillary sampling tech-
nique with a novel fiber-optic Laser-Induced Fluorescence (LIF) Spectroscopy method
for detection and quantification of gas phase OH· radicals serving as indicator species
for gas phase reactions. Full methane conversion was observed experimentally. The
contribution of gas phase reactions to the methane conversion was analyzed by com-
paring simulation results with and without taking gas phase reactions into calculation
to the measured ones. Results show that surface reactions alone account for about
two-thirds of the experimental CH4 conversion. This study provides insight into the
interaction of chemistry and transport processes upstream, at and downstream of the
catalytic gauze. The gradients upstream of the gauze are caused by diffusion while the
gradients downstream of the gauze are a combined effect of diffusion and gas phase
chemistry. Furthermore, this study highlights the interaction of surface and gas phase
reactions by exchange of heat and radicals released from the catalyst surface.

Pore-scale resolved three dimensional CFD simulations based on reconstructed
structure from µ-CT scans of an open-cell foam monolith catalyst have been carried
out in this work. CO oxidation on a Pt coated α-Al2O3 foam monolith is chosen due
to the well-know reaction kinetics [87]. CFD model takes into consideration laminar
flow, chemistry by means of microkinetics, conjugated heat transfer as well as surface
radiation. Meanwhile, high resolution profiles of gas species concentration and solid
temperature in the center line of the reactor were measured by means of capillary
sampling techniques together with a light-collecting optical pyrometer fibre (master
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thesis of Julian Gerdts [88]). To compute the surface reaction rates, a parameter of
Acat/Ageo has to be introduced to account for the Pt coating. This parameter were
screened in the simulations and best fit to the measurement is found with a value of
0.03. Furthermore, the measured solid temperature profile can only be approximated
by the simulation with enforced heat loss through the reactor wall together with radi-
ation heat loss on the foam surfaces. Based on those results, the adiabatic conditions
were not achieved in the measurement. This study demonstrates that the µ-CT based
CFD modeling is a promising modeling approach to reveal how complex the inter-
play between flow, heat generation and heat transport is and how subtle differences
in geometry and flow velocity lead to pronounced non-uniformity in reaction rate and
catalyst temperature. Also, this work illustrates a critical comparison between CFD
simulation results and sub-millimeter resolved species and temperature profiles can
help to identify model deficiencies and experimental artifacts.

The biggest part of this work focuses on the application and validation of the
particle resolved CFD modeling of fixed-bed reactors at small D/d ratios packed with
computer generated random packing by DEM simulations. DEM generated random
packings have been validated by comparing simulated radial porosity profiles to ex-
perimental data and correlations from literature for spherical packings and in-house
measurements (master thesis of Nils Ellenfeld [89]) for Raschig ring packings. High
porosity values are found in the vicinity of the container wall for both packings due to
the wall ordering effects and the stochastic nature of random packings. This method
is found to be physically sound and reliable for reproducing the experimental packings
within stochastic bounds.

After validating the DEM generated random packings, heat transfer studies in a
fixed-bed reactor with low D/d ratio (4 ≤ D/d ≤ 7) for both spherical and Ras-
chig ring packings in moderate flow conditions and high temperature ranges were
conducted. An improved experimental technique for providing continuous high res-
olution radial temperature profiles has been proposed (master thesis of Bahne Sosna
[90]) compared to conventional measurement methods (few discrete data points) in
the literature. DEM-CFD approach has been validated to predict accurately radial
temperature profiles for both packing types at different packing heights and differ-
ent flow rates. The DEM-CFD approach has been found to work particularly well in
cases when the packing can be accurately modeled while systematic errors result if
the packing is not accurately simulated. Both simulation and experiment reveal high
local inhomogeneity of fixed-bed reactors with small D/d ratio especially for ring type
packings which are often used industrially. These packing induced local phenomena
cannot be captured by rotationally symmetric pseudo-homogeneous models employing
effective transport parameters and as a result, three-dimensional CFD simulations are
more accurate.

Simulations and measurements of concentration and temperature profiles for n-
butane oxidation to maleic anhydride were carried out under industrially relevant
temperature-, flow- and pressure conditions in a pilot-scale fixed-bed reactor equipped
with five heating zones. The results demonstrate that particle resolved CFD modeling
of chemistry and flow is a promising approach for knowledge-based optimization of im-
portant catalytic process in industry. Simulations and measurements of concentration
and temperature profiles for n-butane oxidation to maleic anhydride under industrially
relevant temperature-, flow- and pressure conditions in a pilot-scale fixed-bed reactor,
equipped with five heating zones, were carried out. Catalytic chemistry was included
by a kinetic model of intrinsic reaction rates determined in separate measurements
on crushed and sieved catalyst. Transport resistances and packing deviations were
lumped in reaction rate multipliers determined by fitting the model to profiles meas-
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ured at a uniform reactor wall temperature of 370 ◦C.

Simulated temperature-, flow velocity- and butane concentration fields reveal strong
inhomogeneities inside the catalyst bed. A hot-spot develops at 370 ◦C wall tem-
perature. Inside this hot-spot temperature differences of 40 K and more exist on
one and the same pellet with negative impact on maleic anhydride selectivity and
catalyst lifetime. An optimized wall temperature profile was derived by combin-
ing knowledge from the experimental profiles at uniform wall temperature and the
particle resolved CFD results. A gradual increasing temperature with the heating
zones set to Twall,1 = 360 ◦C, Twall,2 = 365 ◦C, Twall,3 = 370 ◦C, Twall,4 = 375 ◦C and
Twall,5 = 380 ◦C was predicted by the model to eliminate the hot-spot and increase
integral maleic anhydride selectivity at constant n-butane conversion. This prediction
was confirmed by experiment. At 80 % n-butane conversion the maleic anhydride se-
lectivity could be improved from 72 % to almost 75 %. Facing the scale of the process,
this improvement translates into significant n-butane savings, reduced COx emissions
and increased revenue.

Another attempt to improve n-butane oxidation to maleic anhydride is to take a
look at the effect of catalyst pore structure on the reactor performance by numerical
simulations. Coupling diffusion and reaction inside each catalyst pellet to the CFD
simulation of technical scale reactor is computationally expensive. Hence, a fixed-
bed reactor was simulated with a two-dimensional heterogeneous model taking into
consideration the radial bed porosity variation. Since vanadyl pyrophosphate catalysts
applied for this process in industrial fixed-bed reactors are bulk catalysts made by
pressing the active powder into a pellet [91], the micro- and macro pore model of
Wakao and Smith [92] was applied to model the diffusion-reaction inside the catalyst
pellet. Simulation results have demonstrated that the reactor performance is sensitive
to the chosen pore structure parameters especially the macro-pore porosity and mean
micro-pore diameter. A bi-modal catalyst pellet with bigger macro-pores and smaller
micro-pores is favored to achieve higher yields of maleic anhydride. This simulation
highlights the potential of improving this process by pore structure optimization.

At the time of this writing, several future aspects can be recommended by the
author taking n-butane oxidation as an example. Firstly, one can further explore
and screen the space for reactor operation parameters based on the provided CFD
models. A potential project is to study systematically the orientation and shape
of the catalyst pellets to the reactor performance. One may improve the product
yield by rational structuring of the packing. Another idea is to investigate stage-wise
dosing of reactants. This can be easily probed in simulations and maybe realizable
experimentally with the side sampling ports in the profile reactor used in this work.
In the long run, it would be a good idea to ‘map’ the local flow, temperature and
concentration field around each catalyst pellet to the chemistry nature of the catalyst
to further investigate the local selectivity. For this purpose, coupling spatially-resolved
catalyst characterization (e.g. Raman) to the profile reactor would be desired.

With continuous efforts in model improvement, numerical algorithm development
together with the advance in computational resources [32, 93, 94], it can be anticipated
that this modeling approach will become routine for both academy and industry in the
near future. Furthermore, by combining this method with molecular modeling and ab
initio calculations, the arrival at the frontier of a priori design of reactors [7] will no
longer be a fantasy.



“We must remember that the most elegant and high-powered math-
ematical analysis based on a model which does not match reality is
worthless for the engineer who must make design predictions.”

Octave Levenspiel [4]

3Theoretical

Background and Methodology

Nowadays, reactor simulation plays a key role in scale-up and process optimizations
as it offers a more cost-effective approach compared to experimentation [57]. This
chapter presents the fundamentals and state-of-the-art simulation methods of the ap-
plied models within the scope of this thesis.

Modeling a fixed-bed reactor is indeed a multi-scale task: from the molecular scale
of the intrinsic kinetics to particle scale of diffusion-reaction inside the pore structures
and finally to the reactor scale with fluid flow, heat and mass transport [7, 9, 95].
Depending on the purpose of the simulation and the system of interest, engineers have
to make wise decision on which level of details the model should cover.

From the reactor model scale standpoint, the simplest and still widely used or
even favoured model is the plug-flow model in which an radially uniform and constant
velocity field is assumed. For modeling wall-cooled or wall-heated reactors, an artificial
wall heat transfer coefficient has been introduced into this conventional approach to
describe the experimental observed temperature ‘jump’ in the near-wall region [96].
The driving force for continuous efforts to extend the basic plug-flow model with more
detailed hydrodynamic effects is the accuracy needed for temperature field predictions,
especially in the radial directions [97]. This model is generally agreed to be insufficient
for reactors with small D/d ratios especially for exothermic and endothermic reactions.
However, a huge library of semi-empirical correlations and practical know-how made
this type of model preferred design tool in industry. Often, up to 20 % error estimation
is added to the model predictions [96, 98].

More advanced models are the ‘pseudo-’ family models which take the radial bed
porosity variations into consideration and employ improved correlations for heat and
mass transfer [99, 100]. The accuracy of the predictions and model performance of this
model type rely on the chosen effective transport parameters for describing dispersion
[101, 102] and heat transfer which are usually presented in form of empirical correla-
tions [24, 103–106]. Those empirical correlations are often derived for certain packing
shapes, D/d ratios and operational conditions and thus are limited in applicability
[107]. Especially for fixed-beds with small D/d ratio (below 10), the non-uniformities
of the packing structure and wall effect challenge the circumferential symmetrical av-
eraged properties used in ‘pseudo-homogeneous’ and ‘heterogeneous’ models [54, 108]
which are historically developed for beds with high D/d ratios. Those local effects call
for the need of continuous model refinement [109, 110] or more advanced modeling
approach. To further develop this modeling approach, more systematic experiments
with respect to a diversity of packings and wide range of operational conditions are
necessary [111]. Even more efforts should be paid to analyse the transport models
under reaction conditions [24, 112].

The alternative way to overcome the uncertainty in the effective parameters is to
resolve the bed structure in detail and compute the three-dimensional interstitial ve-
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locity field inside a fixed-bed reactor by solving the Navier-Stokes equations. Hence,
particle-resolved three-dimensional computational fluid dynamics (CFD) simulations
have been extensively developed for the past twenty years [28]. Many efforts have
been made to put forward the application of this approach as discussed in Chapter
1 [50, 113]. The computer generated random packing of spherical and non-spherical
particles is realized either by Discrete Element Methods (DEM) [26, 49, 51] or Monte-
Carlo methods [114]. Meshing strategies are intensively researched, especially the con-
tact point treatment for preventing cell skewness and enhancing convergence. Dixon
et al. [63] have systematically evaluated the different contact point treatments: global
shrink, overlapping, local flattening (cap) and bridging with respect to the void frac-
tion, pressure drop and heat transfer. Rebughini et al. [66] further investigated the
bridging approach and proposed a meshing protocol for properly describing the sur-
face reactivity in fixed-bed reactors packed randomly with spheres. Simulations are
extended from detailed flow [26] and heat transport [29, 115, 116] to include surface
reactions described by microkinetics [117–119] as well as diffusion and reactions inside
the catalyst particles [39, 120, 121]. Many works have proven the spatially resolved
CFD simulation a great tool for chemical engineers to better understand the local phe-
nomena, design and develop fixed-bed reactors especially for the ones with small D/d
ratios [30]. Figure 3.1 illustrates the hierarchy of the aforementioned models in terms
of the model complexity with respect to the computational efforts required. Clearly,
the more sophisticated the model is, the more computational effort it needs [123].
Based on the experience of the author with commercial codes, a plug-flow model with
macrokinetics converges within a few minutes while the two-dimensional heterogeneous
model takes a couple of hours to converge. For these two types of models, a normal
office computer would be sufficient. For the CFD approach, a computer cluster is gen-
erally required. The computational time can span between days to months depending
on the number of mesh and kinetic model as well as the number of CPUs.

3.1 Heterogeneous model

The main difference between the pseudo-homogeneous and heterogeneous model is
that the heterogeneous model considers explicitly the presence of the catalyst phase.
Therefore, two sets of conservation equations are applied for the interstitial fluid and
the catalyst phase, respectively [124]. Concentration and temperature profiles inside
the catalyst pellets are coupled to the bulk fluid phase via the boundary conditions
applied on the pellet surface. Therefore, the heterogeneous model can be a useful tool
for studying the catalyst scale parameters with respect to the reactor performance. A
schematic drawing of the model is shown in Figure 3.2. The details of this model are
explained in the following sections, examples of the model performance are shown in
Chapter 9.

3.1.1 Particle model

To solve the reaction-diffusion equation inside the catalyst pellet, two models are
available. The simpler one is the ‘pseudo-continuum model’ in which the catalyst
pellet is treated as a continuum described by global parameters: the void fraction ε
and the tortuosity τ . The effective diffusivity is used to describe the transport within
the pores [2]. This model is not very realistic for studies aiming to improve the pore
structures of the catalyst. For a more detailed modeling, pore structure models and
diffusion models are needed. Often used pore structure models in literature are the
micro- and macro pore model of Wakao and Smith [92], the random pore model of
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Figure 3.1: Illustration of the model complexity with respect to computational ef-
forts for three types of fixed-bed models. From left to right: plug-flow model, 2-D
axis-symmetric pseudo-homogeneous model with radial porosity profiles, 3-D particle-
resolved CFD model [122].
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Figure 3.2: Schematic illustration of a two-dimensional heterogeneous model (left),
micro- and macro pore model of Wakao and Smith (right) [92].

Johnson and Stewart [125], and the grain model of Szekeley and Evans [126]. More
recently, a more detailed and realistic three-dimensional pore network model has been
proposed by Rieckmann and Keil [127]. The diffusion fluxes are usually modeled using
the dusty gas model, Maxwell-Stefan model, Wilke or Wilke-Bosanquet models [128].
One may refer to the works of Solsvik and Jakobsen [129] for a detailed summary
of different diffusion models. For catalyst pellets containing a bi-modal pore size
distribution, the micro- and macro pore model of Wakao and Smith [92] with the
Wilke fomular can be a good option for practical reaction engineering calculations
[130].

VPP catalyst pellets for n-butane oxidation to maleic anhydride typically have a
bimodal pore structure, i.e. the micro-porous structure from the chemical synthesis of
the active powder and the macro-porous region between the powders formed by the
pelleting process. Therefore, the micro- and macro pore model of Wakao and Smith
[92, 131] was applied for modeling VPP catalyst pellets in this work (Chapter 9). In
this model the pore structure of the catalyst pellets is described by four parameters:
mean macro-pore diameter dM , mean micro-pore diameter dm, macro-pore porosity
εM , and micro-pore porosity εm as illustrated in Figure 3.2. The specific surface area
(surface per catalyst weight) Sg and pellet density ρpellet are directly related to the
pore structure and can be evaluated as follows [130]:

Sg =
4VM
dM

+
4Vm
dm

(3.1)

ρpellet = ρsolid(1− εtotal), εtotal = εM + εm (3.2)

Combining Eq. 3.1 and 3.2, one obtains:

Sg =
4

ρpellet
(
εM
dM

+
εm
dm

) (3.3)

Both Knudsen diffusion and molecular diffusion are considered in this model [92, 131]
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and the effective diffusivity of each species is expressed as:

Deff = DM · ε2M +
ε2m · (1 + 3εM )

1− εM
Dm (3.4)

1

DM
=

1

DAB
+

1

DK,M
(3.5)

1

Dm
=

1

DAB
+

1

DK,m
(3.6)

where M and m stands for the macro-pore and micro-pore, respectively. The Knudsen
diffusivity is calculated by:

DK,i =
dM,m

3

√
8RT

πMi
(3.7)

The molecular diffusivity is simplified to the binary diffusivity of each component in
nitrogen since air is used as an oxidizer. It is calculated by the Fuller equation as
follows [99]:

DAB

cm2/s
=

0.00143

(
T

K

)1.75
[(

M1

g/mol

)−1
+

(
M2

g/mol

)−1]0.5
p

bar

√
2
[
(
∑
δv1)

1/3 + (
∑
δv2)

1/3
]2 (3.8)

where δv is the so-called diffusion volume listed in Table 3.1.

Table 3.1: Diffusion volumes for the Fuller equation used in this work [99].

Molecule (
∑
δv)

C4H10 86.7

C4H2O3 86.55

O2 16.3

CO2 26.7

CO 18.0

H2O 13.1

N2 18.5

C3H4O2 69.16

C2H4O2 53.26

Air 19.7

For the pore structure study presented in Chapter 9, the VPP catalyst pellet is
assumed to be a full cylinder and the corresponding conservation equations are:
Mass balance:

4

d2
Deff,i

[
∂2ci
∂ζ2

+
1

ζ

∂ci
∂ζ

]
= ρpelletSg

3∑
j=1

νijrj,s, (3.9)

Heat balance:

4

d2
λpellet

[
∂2T

∂ζ2
+

1

ζ

∂T

∂ζ

]
= ρpelletSg

3∑
j=1

−∆Hjrj,s, (3.10)
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where Deff,i is the effective diffusivity of each species, λpellet is the effective thermal
conductivity of the pellet and ζ is the dimensionless radial cylindrical coordinate of
the pellet. In this study, the conservation equations were only solved along the radial
coordinate of the pellet, i.e. concentration and temperature gradient along the height
of the pellet were neglected. This is because in the heterogeneous model, the detailed
particle geometry is not resolved in the calculation domain and thus only one effective
coordinate can be taken for solving pellet equations. Furthermore, the concentration
and temperature gradient between the outer surface of the pellet and the bulk gas were
neglected. Solsvik and Jakobsen have found in their studies [129, 132] that the viscous
flow and pressure drop inside the pellet are very small and can be neglected. Hence,
no convective term and no momentum balance are applied in the pellet equations.
Eq. 3.9 and Eq. 3.10 can be solved using the following boundary conditions:

ζ = 0 :
∂ci
∂ζ

= 0,
∂T

∂ζ
= 0 (3.11)

ζ = 1 : ci = ci,bulk, T = Tbulk (3.12)

3.1.2 Reactor model

A two dimensional axis-symmetric reactor model including mass and heat transfer, as
well as momentum balance taking into consideration of radial porosity profile of the bed
packing, is perhaps the most sophisticated model in the ‘pseudo-’ model family [2]. The
most advanced improvement in this approach is to model the flow with the extended
Brinkman equation [133] including radial porosity profiles and effective viscosity [134].
Mass and heat transport parameters are then correlated with the radially varying
functions of axial flow component and new correlations were developed especially for
heat transfer (effective thermal conductivities in axial and radial direction, wall heat
transfer coefficient) [135]. Neglecting the interfacial gradients (film diffusion), the
governing equations solved for the reactor at steady state are [136]:
Mass balance:

∇ · (−Di∇ci + uci) = −(1− εbed)avDeff,i
2

d

∂ci
∂ζ

(ζ = 1) (3.13)

whereas the dispersion coefficient matrix is expressed as:

Di =

[
Dr,i 0

0 Dax,i

]
(3.14)

Heat balance:

ρfCpfu · ∇T −∇ · (λeff∇T ) = −(1− εbed)avλpellet
2

d

∂T

∂ζ
(ζ = 1) (3.15)

whereas the effective thermal conductivity matrix is expressed as:

λeff =

[
λr 0

0 λax

]
(3.16)

Momentum balance:

µeff
KE

u = ∇ ·
[
−pI +

µeff
εbed

(∇u + (∇u)T )

]
(3.17)
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Continuity equation:
∇ · (ρfu) = 0 (3.18)

Eq. 3.17 is the extended-Brinkman equation which is recommended for the use of
calculating velocity fields in fixed-bed reactors instead of using the conventional plug-
flow assumption [137]. The reactor wall effects on the flow in fixed-bed reactors,
especially with small reactor diameter to particle diameter ratio (D/d), is included in
the Brinkman equation by introducing the radial function of the bed porosity εbed(r).
The radial porosity function used in this work is as follows [24]:

εbed(r) = ε0

(
1 + a · exp

[
−bR− r

dp

])
(3.19)

a =
0.65

ε0
− 1; b = 6.0 (3.20)

The porosity of a cylindrical packing in an infinite bed ε0 according to Zou et al. [138]
equals to 0.32. The inertia resistance in the bed is described by the Ergun hydraulic
permeability KE as [136]:

1

KE
=

1

KD
+
CEρf |u|
K

1/2
D µ

; CE =
1.75√
150ε2bed

(3.21)

The set of effective heat and mass transport parameters were calculated following the
work of Winterberg and Tsotsas et al. [24, 97]:

Dr,i = 1−
√

1− εbed(r)DAB +K1Pem
u(r = 0)

u
f(R− r)DAB (3.22)

Dax,i = 1−
√

1− εbed(r)DAB +
udp
2

(3.23)

λr = λbed +K1Peh
u(r = 0)

u
λff(R− r) (3.24)

λax = λbed +
Pehλf

2
(3.25)

f(R− r) =


(

(R− r)
(K2dp)

)n
if 0 < R− r < K2dp

1 if R− r > K2dp

(3.26)

K1 = 1/6.25 (3.27)

K2 = 0.40 + 0.6exp

(
−Re
230

)
(3.28)

n = 2 (3.29)

The effective thermal conductivity of the fixed-bed without gas flow λbed is calculated
according to the model of Tsotsas and Schlünder [24, 139]. The conservation equations
were solved with the boundary conditions listed in Table 3.2.
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Table 3.2: Boundary conditions applied to the two-dimensional heterogeneous reactor
model

z = 0,∀r : ci = ci,0 T = T0 |~u| = u0

z = lR,∀r :
∂ci
∂z

= 0
∂T

∂z
= 0 p = 1 [atm]

r = 0,∀z :
∂ci
∂r

= 0
∂T

∂r
= 0

∂u

∂r
= 0

r = R,∀z :
∂ci
∂r

= 0 T = Tw u = 0

Figure 3.3: Illustration of the general workflow of the particle-resolved CFD ap-
proach: a) generating packing from DEM simulations; b) creating bed geometry based
on the input from DEM simulations when all the particles are settled; c) meshing the
calculation domains.
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Figure 3.4: Illustration of the normal force component ~Fn and the tangential force
component ~Ft acting on DEM particles upon contacting [140].

3.2 Particle-resolved CFD approach

The general work flow of the particle-resolved CFD approach used in this work can be
summarized into the following steps. Firstly, a random packing is generated using the
discrete element method and the position of each particle center are extracted. For
non-spherical particles, the particle orientation information is also extracted. Secondly,
a calculation domain is created based on the particle position data from the first step.
Thirdly, the calculation domains including the particles and the voids in between are
volume meshed. Lastly, physical models are set and boundary conditions as well as
the initial conditions are specified. Figure 3.3 illustrates the general work flow for a
typical CFD simulation taking the steatite rings as packing example. All steps can
be realized in the commercial package STAR-CCM+ [140]. This methodology is first
proposed by Eppinger et al. [26] and further applied and developed extensively by
Wehinger et al. [64, 81, 117, 118, 141].

3.2.1 Packing generation: Discrete Element Method

Discrete Element Method (DEM) is an explicit numerical method to simulate the
motion behavior of many-body solid system by including interparticle contact forces
into the equations of motion [47, 140]. Originally proposed by Cundall and Stack [48]
for geophysics, DEM has been widely applied to simulate fixed-bed packing as well as
fluidized bed [142]. STAR-CCM+ uses a soft contact model which means the rigid
particles are allowed to overlap upon contacts [140]. These contact forces between
particles are simulated with a variant of the spring-dashpot model in which the spring
accounts for the elastic part of repulsive force while the dashpot accounts for energy
dissipation during collision [140]. One of the contact force model used in this work
is the Hertz-Mindlin model [143, 144]. Taking spherical particles as an example as
shown in Figure 3.4, the contact forces between them are:

~Fcontact = ~Fn + ~Ft (3.30)

where ~Fn is the normal force component and ~Ft is the tangential force component.
The normal force is calculated as [140]

~Fn = −Kndn −Nnvn (3.31)

where Kn is the normal spring stiffness, dn is the overlap in the normal direction, Nn

is normal damping, vn is the normal velocity component of the relative sphere surface
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velocity at the contact point. Kn and Nn are calculated as follows:

Kn =
4

3
Eeq
√
dnReq (3.32)

Nn =
√

(5KnMeq)Nn,damp (3.33)

where the equivalent radius Req is a function of the radii of the spheres A and B, RA
and RB:

Req =
1

1

RA
+

1

RB

(3.34)

The equivalent particle mass is defined as a function of the mass of the spheres A and
B, MA and MB:

Meq =
1

1

MA
+

1

MB

(3.35)

The equivalent Young’s modulus is a function of the Young’s modulus of the spheres
A and B, EA and EB:

Eeq =
1

1− ν2A
EA

+
1− ν2B
EB

(3.36)

where νA and νB are the Poisson’s ratios of sphere A and B. The tangential force is
defined as [140]:

~Ft =

−Ktdt −Ntvt if |Ktdt| < |Kndn|Cfs
|Kndn|Cfsdt
|dt|

otherwise
(3.37)

where Cfs is a static friction coefficient, dt is overlap in the tangential directions
at the contact point, vt is the tangential velocity component of the relative sphere
surface velocity at the contact point, Kt is the tangential spring stiffness, and Nt is
the tangential damping.

Kt = 8Geq
√
dnReq (3.38)

Nt =
√

(5KtMeq)Nt,damp (3.39)

The equivalent shear modulus is calculated as:

Geq =
1

2 (2− νA) (1 + νA)

EA
+

2 (2− νB) (1 + νB)

EB

(3.40)

The normal and tangential damping coefficients are calculated as:

Nn,damp =
−ln (Cn,rest)√
π2 + ln (Cn,rest)

2
(3.41)

Nt,damp =
−ln (Ct,rest)√
π2 + ln (Ct,rest)

2
(3.42)

where Cn,rest and Ct,rest are the normal and tangential coefficients of restitution [140].
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For particle-wall collisions, the wall radius and mass are assumed to be infinite and
thus the equivalent radius and mass are reduced to Req = Rparticle and Meq = Mparticle,
respectively [140].

For cylinder or ring type packings, the linear spring contact model is used which is
the only available model for cylindrical particles in STAR-CCM+ [140]. In this model
the normal and tangential spring constants are defined as:

Kn =
4

3

√
λmaxEeqReq (3.43)

Kt = 8
√
λmaxGeqReq (3.44)

λmax =
δmax
Req

(3.45)

where δmax is the maximum overlap. The normal and tangential damping coefficients
are calculated as:

Nn = 2Nn,damp

√
KNMeq (3.46)

Nt = 2Nt,damp

√
KtMeq (3.47)

3.2.2 Meshing

Mesh to a CFD simulation should be appreciated as the skeleton to a human body.
Without a valid mesh, a numerical simulation cannot run or converge. Not only that,
mesh determines the accuracy and reliability of a CFD simulation. To the best of
our knowledge, choices of the type and size of a mesh are often made as trade-off
between accuracy and computational efforts. Hence, a mesh convergence study is
always required in a CFD simulation to find the maximum possible mesh size based
on which the simulation results do not vary any more.

In this work, the meshing strategy developed by Eppinger et al. [26] is followed.
This meshing strategy is designed specifically for modeling particle-resolved fixed-bed
reactor using STAR-CCM+ [140]. Figure 3.5 shows the details of the applied mesh.
A dense polyhedral volume mesh is used for the main calculation domain including
both fluid and solid regions. This type of mesh is recommended for solving conjugate
heat transfer problems over tetrahedral mesh due to its flexibility to have a higher
number of neighboring cells and a better gradient approximation [140]. As described
in the work of Eppinger et al. [26], a base size of one particle diameter is suggested
for spherical packings. All the mesh properties are set as percentage of this base size.
This strategy simplifies the procedure for mesh independence studies so that one has
only to vary the base size. Two prism mesh layers are set for resolving boundary flows.
The prism layer mesh has the benefit of capturing the flow and temperature field in
the near-wall region with a lesser amount of cells [26]. For simulating the heat transfer
between fluid and solid regions, conformal mesh in the fluid-solid interface is required.

‘Local flattening’ methods [26, 44] are used in order to deal with the contact
point problem for both spheres and rings. This method locally modifies the surface
element when the defined minimal distance between two surfaces is reached. In this
way, meshes with very high skewness are avoided which is beneficial for simulation
convergence. This method creates artificially gaps in-between the contacting particles.
Since the gaps are filled with fluid cells, certain errors for example in the bed void
fraction and pressure drops in the models are introduced. However, this effect is kept
minimal with a fine structured mesh [26]. Extrusions in both the inlet and outlet
boundaries are taken to avoid the influence of the boundary conditions and to help
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Figure 3.5: Illustration of different mesh types applied in this work taking a spherical
packing as example.

with the convergence. As rule of thumb, five particle layers for the inlet extrusion and
more than ten particle layers for the outlet extrusions are suggested [26] .

3.2.3 Fundamental equations

The set of governing equations for modeling a laminar reacting flow through a hetero-
geneous catalytic reactor include the Navier-Stokes equations (conservation of mass
and momentum) and conservation equations of participating species and energy. Since
all the simulations presented in this work were carried out in steady state, the time-
independent version of all the governing equations are introduced in this section. The
equations are formulated in Cartesian coordinates and Einstein convention is adopted
[25].
Conservation of mass:

∂ (ρui)

∂xi
= 0 (3.48)

where ρ is the density, ui is the Cartesian components i of the velocity vector and xi
is the Cartesian coordinates i (i = 1, 2, 3). This equation is often called the continuity
equation [145].
Conservation of momentum:

∂

∂xj
(ρuiuj) +

∂p

∂xi
+
∂τij
∂xj

= 0 (3.49)

τij is the stress tensor and is calculated as:

τij = −µ
(
∂ui
∂xj

+
∂uj
∂xi

)
+

(
2

3
µ− κ

)
δij
∂uk
∂xk

(3.50)

where µ is the dynamic viscosity of the mixture, κ is the bulk viscosity which is set to
zero at low speed of the flow, and δij is the Kronecker delta which is one when i = j,
else zero [146].
Conservation of species i:

∂ (ρujYi)

∂xj
+
∂ji,j
∂xj

−Rhomi = 0, i = 1, ..., Ng (3.51)

where Yi is the mass fraction of species i in the mixture, Ng is the number of gas
phase species and Rhomi is the net rate of production of species i due to homogeneous
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chemical reactions [147] and are calculated as [148]:

Rhomi = Mi

Kg∑
k=1

νikAkT
βkexp

(
−
Ea,k
RT

) Ng∏
j=1

c
ν′jk
j (3.52)

where Kg is the number of elementary gas phase reactions, νik is the stoichiometric
coefficient of species i in reaction k (positive as product and negative as reactant), ν′jk
is the stoichiometric coefficient of species j in reaction k when it is reactant, A is the
pre-exponential factor, β is the temperature coefficient, Ea is the activation energy
and cj is the concentration of species j [148].
The diffusion mass flux ~ji is calculated as:

~ji = −ρDi,m
Yi
Xi
∇Xi (3.53)

In Equation 3.53, Xi is the mole fraction of species i, Di,m is the diffusion coefficient
of species i in the mixture. Di,m can be calculated as mass average of the binary
diffusion coefficient as

Di,m =
1− Yi∑Ng

j 6=i
Xj

Di,j

(3.54)

Binary diffusion coefficient Di,j can be calculated from the Chapman-Enskog equation
as [140]:

Di,j =
2.66 · 10−7 · T 3/2

p ·M1/2
i,j · σ2i,j · Ω(T ∗)

(3.55)

where Mi,j = 2MiMj/(Mi + Mj). σi,j can be calculated by applying the Lorentz-
Berthelot mixing rule to the Lennard-Jones characteristic length of each component
as:

σi,j =
σi + σj

2
(3.56)

the collision integral Ω(T ∗) is a function of reduced temperature T ∗ which is defined
as [140]:

T ∗ =
kBT

εi,j
(3.57)

with kB being the Boltzmann constant. εi,j can be calculated by applying the Lorentz-
Berthelot mixing rule to the Lennard-Jones energy of each component to be:

εi,j =
√
εi · εj (3.58)

Function parameters for Ω(T ∗) are not listed here but are well documented in literature
[149].
Conservation of energy:

∂ (ρujh)

∂xj
− ∂

∂xj

(
λ
∂T

∂xj

)
+

∂

∂xj

Ng∑
i

hiji,j − uj
∂p

∂xj
−

Ng∑
i

hiR
hom
i = 0 (3.59)

where h is the enthalpy of the mixture and is calculated as mass average of the enthalpy
of each species hi via

h =

Ng∑
i

Yihi (3.60)
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The enthalpy of each species hi is a function of the temperature and is calculated as:

hi = hi(Tref ) +

∫ T

Tref

cp,i · dT (3.61)

The specific heat capacity at constant pressure of each species cp,i is computed from
the NASA polynomial functions with the thermodynamic data accompanied with the
reaction micro kinetics. The thermal conductivity of the mixture λ is a function of
the local composition and temperature and can be calculated via the kinetic theory
[149].

It is common practice to model the heat transport in solid catalyst pellet as well,
e.g. for conjugated heat transfer. The energy conservation for solid phase can be
formulated as:

∂

∂xj

(
λ
∂T

∂xj

)
= sh (3.62)

where λ is the thermal conductivity of the solid material and sh in unit of W/m3 is
the heat source due to chemical reactions or radiative heating of the solid [150].
The system of governing equations is closed with the ideal gas law:

p =
ρRT∑Ng

i XiMi

(3.63)

where Mi is the molar mass of species i.

3.2.4 Modeling reaction

On the catalytic surface, heterogeneous catalytic surface reactions take place, which
are coupled with the gas phase stream via a boundary flux. At steady state, the
consumed or produced species have to diffuse to and away from the catalytic surface
as follows [146]:

~n
(
~ji

)
= Rheti (3.64)

where ~n is the outward-pointing unit vector normal to the surface, ~ji is the diffusive
mass flux. Rheti is the heterogeneous surface reaction rate which is given per unit
geometric surface area and can be computed as:

Rheti = η
Acat
Ageo

Miṡi (3.65)

where Acat/Ageo is the ratio of catalytically active area to geometric area, ṡi is the
molar net production rate of species i in unit of mol· m−2s−1. Consequently, the
product of Acat/Ageo and ṡi has now the unit referred to the actual catalytically active
surface area. η is defined as the effectiveness factor which includes the effect of internal
mass transfer resistance if the porous structure of the catalyst pellets are considered
[147].

In general, two categories of kinetic models are available to describe rate of reac-
tions Rheti . One is the macrokinetics which simplifies the complex reaction networks
into few representing (apparent) reaction steps with semi-empirical reaction rate ex-
pressions [151]. The parameters, e.g. rate constant and (apparent) activation energy
are typically obtained from a set of kinetic measurement experiments in a differential
reactor [152]. This type of kinetic model is easy to use and shows decent perform-
ance. However, one has to be careful not to extrapolate the operational conditions
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(p, T and so on) beyond the kinetic measuring boundary [153]. When applying these
kinetic models which are usually derived with respect to the total mass or volume
of catalyst, one shall convert the unit into mol· m−2s−1 using the catalyst density,
specific surface area, and volumetric unit. In Chapter 8, coupling of macrokinetics of
n-butane oxidation to CFD model will be discussed in detail with examples for kinetic
expressions.

The other type of kinetic model is the microkinetics [154] which is a comprehensive
and mechanistic description of sequences of elementary steps occurring on a catalyst
[155]. It includes adsorption and desorption of the participating species as well as
reaction intermediates and surface reactions on the active sites on the catalyst surface
[156, 157]. The rate parameters are obtained from first-principles calculations and from
spectroscopic experiments. This type of models can provide detailed insights into the
reaction mechanism and (in theory) could be extrapolated to a wide range of conditions
[158]. The availability of such a microkinetic model is somewhat limited to model
catalysts which are typically single crystals [159]. The state-of-the-art concept to
model surface reactions using micro-kinetics in CFD is the mean field approximation.
This concept assumes randomly and uniform distributed adsorbates on the catalyst
surface which are described by the surface temperature and surface coverage of each
surface species θi [150]. Under this condition, ṡi in Eq. 3.65 is calculated as:

ṡi =

Ks∑
k=1

νikkfk

Ng+Ns∏
j=1

c
ν′jk
j (3.66)

where Ks is the number of elementary surface reactions including adsorption and
desorption, ci is the species concentration which is in unit of mol/m2 for surface species
and in unit of mol/m3 for the gas phase species, Ns is the total number of adsorbed
species, kfk is the forward reaction coefficient of reaction k which is computed as:

kfk = AkT
βkexp

(
−Eak
RT

) Ns∏
i=1

θµiki exp

(
εikθi
RT

)
(3.67)

with the surface coverage θi defined as:

θi = ciσiΓ
−1 (3.68)

Here, σi is the coordinate number which describes the number of surface sites covered
by species i and Γ is the surface site density in unit of mol/m2. At steady state, the
following condition is fulfilled for all surface species [150]:

∂θi
∂t

=
ṡiσi
Γ

= 0 (3.69)

The two extra coverage parameters, µik and εik, in Eq. 3.67 describe the variation of
the binding states of adsorption as a function of the surface converges [146].

For adsorption steps, the sticking coefficient is often given instead of the rate
constant in the microkinetics from literature. If the rate constant of adsorption steps
are required for the simulation program, one can convert them from sticking coefficients
as follows:

Ak =

(
Si

1− Si/2

)
1

Γτ

√
RT

2πMi
(3.70)

where Si is the initial sticking coefficient, τ is the sum of all stoichiometric coefficients
of the surface reactants.
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3.2.5 Turbulence model

Turbulent flow is characterized as spatial and temporal highly unsteady (chaotic),
fluctuating, diffusive, and dissipative in nature [145]. Rotational flow structures, so
called turbulence eddies which spread a wide range of length scales, are present in a
fluid in a turbulent state [160]. Interactions between eddies at different length scales
promote effective contact between fluid particles and enhance the momentum, heat and
mass transfer rates [12]. Those effects are often desired in industrial fixed-bed reactors
despite the compromise of high pressure drop. Turbulence is indeed a science in its
own right [161] and the discussion here is restricted to the key aspects in engineering
modeling approach.

Flow regimes inside a fixed-bed reactor can be categorized according to the particle
related Reynolds number which is defined as:

Rep =
uin · ρin · dp

η
(3.71)

When Rep is higher than 300, the flow is treated as fully turbulent [25, 33, 162].
The most accurate way to simulate turbulent flow is the so-called Direct Numerical
Simulation (DNS) which solves the Navier-Stokes equations without averaging and
approximation of the variables describing the system [145]. Thus, a history record of
all the flow motions down to the smallest scale is calculated [12]. So far, this method
is too expensive to achieve wide application for flow inside complex geometries and,
as a result, is limited as a research tool for fundamental flow studies [145]. A more
popular approach in engineering to model turbulence is the Reynolds-averaged Navier-
Stokes (RANS) turbulence model. Since this approach does not resolve small-scale
phenomena, it requires less computational efforts. In RANS equations, variables like
velocity component, pressure, energy, and species concentration are decomposed into
their mean values φ̄(xi) and their fluctuating components φ′(xi, t) [140, 145]:

φ(xi, t) = φ̄(xi) + φ′(xi, t) (3.72)

The continuity and momentum equations can be then written with respect to the
mean terms [145]:

∂ (ρūi)

∂xi
= 0 (3.73)

∂

∂xj

(
ρūiūj + ρu′iu

′
j

)
+
∂p̄

∂xi
− ∂τ̄ij
∂xj

= 0 (3.74)

An additional term in form of ρu′iu
′
j appears compared to the original form in Eq. 3.49.

This term is called the Reynolds stress which is a tensor quantity [145]. In order to
solve the set of equations, a turbulence model to approximate the Reynolds stress
tensor in terms of the mean flow quantities is required [140]. One way to do so is to
use the eddy viscosity hypothesis which is based on an analogy between molecular and
turbulent motions [12]. It introduces a turbulent eddy viscosity µt and describes the
Reynold stresses as [145]:

−ρu′iu′j = µt

(
∂ūi
∂xj

+
∂ūj
∂xi

)
− 2

3
ρδijk (3.75)

where k is the turbulent kinetic energy:

k =
1

2
u′iu
′
j (3.76)
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The turbulent viscosity can be related to the characteristic velocity ut and length
scales of turbulence lt. Thus, various turbulence models, especially two-equation mod-
els, are developed to estimate these two aforementioned parameters [12, 163–165]. The
most popular one is the ‘k − ε’ model. In this model turbulent viscosity is related to
the turbulent kinetic energy k and turbulent energy dissipation rate ε:

µt =
Cµρk

2

ε
(3.77)

where Cµ is an empirical coefficient [12]. Two equations are formulated for k and ε
[12]:

∂ (ρūik)

∂xi
=

∂

∂xi

(
µt
σk

∂k

∂xi

)
+G− ρε (3.78)

∂ (ρūiε)

∂xi
=

∂

∂xi

(
µt
σε

∂ε

∂xi

)
+
ε

k
(C1G− C2ρε) (3.79)

G =
1

2
µt

[
∇ū+ (∇ū)T

]2
(3.80)

where σk is a turbulence Prandtl number and its value is approximately unity [145].
The five empirical parameters Cµ, C1, C2, σk, σε in Equations 3.77, 3.78 and 3.80 are
obtained from experiments of simple flows and the values are:

Cµ = 0.09, C1 = 1.44, C2 = 1.92, σk = 1.0, σε = 1.3 (3.81)

The above mentioned transport equations together with the parameters in Eq. 3.81
Complete the so-called ‘standard k−ε’ model [166]. It is known that this model is valid
only for fully turbulence flows and it over-predicts turbulence generation in regions
where the mean flow is highly accelerated [12]. Several attempts have been proposed
to modify this model for specific applications, for example, by introducing damping
functions to some of the coefficients for low-Reynolds number flow conditions [140].

The influence of walls to the turbulent flow is a non-trivial task which brings diffi-
culty to simulate wall-bounded flows [12]. To supplement the wall boundary conditions
and to avoid an unaffordable dense mesh near the wall, ‘wall functions’ are introduced
which are based on experimental findings. Between no-slip conditions at the wall and
free stream flow away from the wall, three layers can be subdivided for the near-wall
region: a viscous sub-layer, a buffer layer and a fully turbulent layer. In the viscous
sub-layer, molecular viscosity dominants and the flow resembles a laminar one. In the
buffer layer, molecular viscosity and turbulence play an equally important role. In the
fully turbulent layer, the turbulence dominants.

The majority of the simulations in this work are carried out at laminar flow condi-
tions. In case the system is turbulent or in the transition flow regime, the ‘Realizable
k − ε’ model with all wall treatment is applied. For the viscous sub-layer and the
fully turbulent layer, velocity and other turbulence quantities can be calculated as
linear function and logarithmic function of the dimensionless distance from the wall,
respectively. For the buffer layer, blended wall functions are used [140]. This turbu-
lence model is an improvement over the ‘standard k − ε’ model due to the addition
of a new transport equation for the turbulent dissipation rate ε and treating Cµ as a
function of mean flow and turbulence properties [140, 167]. The turbulence models,
as discussed above, are semi-empirical in nature since they rely on adjustable parame-
ters from experimental fittings. However, they are so far the most efficient models for
industrial fixed-bed reactor simulations [12].
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Methane Combustion

on a Platinum Gauze

Noble metal gauze catalysts are used in chem-
ical industry for rapid exothermic reactions.
Examples are the ammonia oxidation to nitric
oxide (Ostwald process) [17, 168, 169] and the
ammoxidation of methane to hydrogen cyan-
ide (Andrussow process) [170] both on Pt/Rh
gauzes. Despite their apparent simplicity as
adiabatic furnaces, gauze reactors are highly
complex. In particular, the intricate inter-
play between physical transport processes of
mass, heat, and momentum with reactions at
the gauze surface and possibly reactions in
the gas phase make both experimental and
numerical investigation a highly challenging task. A particular handicap with regard
to gaining mechanistic insight is the high reaction rate of these processes. Catalytic
oxidations on noble metal gauzes typically proceed at milli- to microsecond timescales,
which translates into submillimeter gradients in a flow reactor. The intrinsic kinetics
of these reactions is virtually not accessible by experiments, due to pronounced mass
and heat transport limitations [171].

Due to the corrosive nature and toxicity of compounds like NH3, HCN or NO,
catalytic methane combustion was studied as test reaction.

CH4 + 2O2 → CO2 + 2H2O ∆Hr(298K) = −802 kJmol−1 (4.1)

Concentration profiles for the main species (CH4, O2, CO2, H2O) as well as for minor
species (H2, CO, C2H6, C2H4, C2H2) are measured by means of a capillary sampling
technique. Fiber based Laser Induced Fluorescence spectroscopy is used to measure
quantitative concentration profiles of OH· radicals being an indicator species for gas
phase oxidation reactions. Details of the experiments are given in [86, 172]. Insight into
extent and nature of the interaction between surface and gas phase chemistry, as well as
chemistry and transport is obtained by conducting three-dimensional CFD simulations
of flow coupled with heat and mass transport, as well as detailed heterogeneous and
homogeneous reaction kinetics.

This chapter is adopted from publication: H. Schwarz, Y. Dong and R. Horn, Catalytic Methane
Combustion on a Pt Gauze: Laser-Induced Fluorescence Spectroscopy, Species Profiles, and Simula-
tions, Chemical Engineering & Technology 39 (11) (2016) 2011-2019.
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Figure 4.1: Schematic drawing of the experimental setup. The magnification shows
the fiber-optic probe for LIF measurements positioned inside the sampling capillary
[86].

4.1 Experimental details

The reactor assembly is schematically depicted in Figure 4.1. The platinum gauze
consists of 3600 meshes/cm2 with a wire diameter of 40 µm and is mounted inside
the reactor as shown. The fused-silica flow reactor is heated by an electrical furnace
and operated at a slightly elevated pressure of 1.5 bar. The sampling capillary can
be traversed along the center of the reactor, allowing reactant mixture samples to be
extracted continuously. Placing the capillary by using a stepper motor permits po-
sitioning with micrometer accuracy. The magnification in Figure 4.1 illustrates the
sampling process and shows how the fiber-optic probe for LIF detection is accommod-
ated inside the sampling capillary. The sampling rates are adjusted such that they are
considerably smaller than the total flow rate, assuring that the main flow remains un-
affected by the sampling. Rapid sample extraction and radical removal by collisional
wall quenching [4] inhibit reaction progress inside the sampling capillary and hence
ensure unbiased ex situ sample analysis. The composition analysis was done using a
calibrated mass spectrometer (Pfeiffer Vacuum) and Ar as internal standard. Due to
condensation, water was removed from the sampling stream and was calculated from
the oxygen balance.

In the experiment, the Pt gauze was prepared and activated in a similar manner
as described by de Smet et al. [173]. It was first reduced in a flow of 10 vol %
H2 in Ar while heating the reactor up to 700 ◦C. Then, the catalyst was activated
using a C2H6/O2/Ar 3:2:5 mixture. The actual experiments were conducted with a
CH4/O2 mixture diluted in 80 vol% Ar. The flow rates were 120 mLNmin−1 CH4,
480 mLNmin−1 O2 and 2400 mLNmin−1 Ar, corresponding to an equivalence ratio of
φ=0.5. The furnace temperature was held at 700 ◦C.

The experiments were previously carried out by Dr. Heiner Schwarz and more details of the
measurement are presented in his dissertation [86].
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4.2 Simulation details

A representative geometry of the experimental gauze reactor was used as the compu-
tational domain as shown in Figure 4.2 following the work of de Smet et al. [173] and
Quiceno et al. [148]. Due to symmetry, only 1/4 of the gauze surface was calculated
and periodic boundary conditions were applied for all other surfaces except for the in-
let, outlet and gauze surface. The standard velocity inlet and pressure outlet boundary
conditions were used. Inlet temperature and inlet mass fractions of the species were
specified to match the experiments. The length of the calculation domain extended
from 2 mm upstream to 2 mm downstream the gauze.

Figure 4.2: Illustration of the computation domain of the catalytic gauze reactor
and boundary conditions applied.

All simulations assumed steady state and laminar flow and were conducted by
the commercial CFD code STAR-CCM+ 10.04 [140]. To limit the computational
efforts and reach convergence, the gauze temperature was assumed to be isothermal.
The GRI 3.0 mechanism [174] was used to describe the gas phase chemistry and
a mechanism from Deutschmann et al. [175] was used for describing the methane
oxidation on Pt surfaces. Both mechanisms were imported into STAR-CCM+ 10.04
[140] as CHEMKIN files and the build-in stiff solver DARS was used for handling
the microkinetics. For improving efficiency, the operator splitting algorithm was used,
which decouples the transport equations and the chemical reactions [176].

Figure 4.3: Meshed computation domain of the catalytic gauze reactor.

Due to the complex system and the stiffness caused by the homogeneous and
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heterogeneous reactions, different meshing strategies were applied in the computational
domain. A dense polyhedral mesh was used in the volume around the gauze while
directed mesh were used elsewhere as shown in Figure 4.3. A mesh conformity of 100
% at the interfaces between the two kinds of meshing and the cell quality was verified.
All the mesh parameters were set as percentage of the base size. Table 4.1 lists some
characteristic number of the mesh. The dense polyhedral mesh in the region near the
gauze is the most demanding part considering the small size of the gauze compared
to the whole computational domain. A fine mesh is used in this region due to the
steep gradients around the gauze. Mesh independence study was verified for base size
of 3 · 10−5 m and 2 · 10−5 m. Both sizes gave identical results as shown in Figure 4.4;
therefore, all simulations were carried out with a base size of 3 · 10−5 m.
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Figure 4.4: Mesh independence study. Mesh convergence is achieved at base size of
3 · 10−5.

Table 4.1: Mesh parameters for simulating the gauze reactor.

Base size [m] Total number of cells [-] Number of polyhedral cells [-]

3 · 10−5 84617 29217

2 · 10−5 184029 71829

4.3 Results and discussion

Experimental and simulated species profiles along the centerline of the reactor are
shown in Figure 4.5. A gauze temperature of 1500 K and an inlet temperature of 360
K were used in the simulation. The top plot in Figure 4.5 shows mole fractions of
the reactants and the major products with respect to the left axis and the simulated
temperature profile with respect to the right axis. The bottom plot in Figure 4.5
shows the mole fraction profiles of the minor species on the left axis and the OH·
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Figure 4.5: Simulated profiles (lines) and measured profiles (dots) of the main species
and temperature (top) and the minor species and OH· (bottom) for φ = 0.5, diluted
in 80 % at 1.5 bar and a total flow rate of 3000 mLN/min. Simulations results are
given when surface reactions are considered alone (Surface) and combined with gas
phase reactions (Surface + Gas). The gauze temperature was set to 1500 K and the
inlet temperature to 360 K. The dotted grey lines indicate the location of the gauze.
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number density profile on the right axis. The experimental OH· profile was calculated
by deconvolution of the raw data with the instrumental function [86].

From the experimental data, it is evident that the reaction is anchored at the
gauze located in between the gray dashed lines. CH4 is totally consumed and the
major products are CO2 and H2O. About 1 % CO and 0.1 % H2 are formed in close
proximity to the gauze. Due to diffusion, the experimental H2 profile begins already
2 mm upstream the gauze. The fact that the experimental H2 profile does not extend
downstream the gauze indicates that H2 is consumed by gas phase reactions there,
which are not operative at the low temperatures upstream the gauze. Traces of C2H6,
C2H4 and C2H2 are also observed in the vicinity of the gauze. These C2 products are
another indicator of gas phase methane dimerization at very high temperatures [177].

Figure 4.5 also show the simulated centerline profiles. For the main species, good
agreement between measured and simulated profiles is reached only if both surface
and gas phase chemistry are included in the model. If the gas phase reactions are
omitted from the model, the gradients upstream the gauze do not change but strong
deviations occur downstream the gauze (solid vs. dotted line). This indicates that
the gradients upstream the gauze are a consequence of diffusion, with little or no
gas phase reactions taking place at the low temperatures there. The fact that the
simulated gradients upstream the gauze slightly sharper than the measured gradients
is due to the finite resolution of the sampling process. The gradients downstream
of the gauze are the result of both diffusion and gas phase reactions. At a gauze
temperature of 1500 K, surface reactions alone account for about two-thirds of the
experimental CH4 conversion (dotted line). If gas phase reactions are not included
in the model, the experimentally observed full CH4 conversion cannot be reproduced.
With both surface and gas phase reactions in the model, good agreement between
experiment and simulations is reached for the main species. The occurrence of gas
phase reactions is also confirmed by the predictions of C2 species, which are included
in the gas phase microkinetic model [174] but not in the surface microkinetic model
[175]. The predicted temperature downstream the gauze is higher than the value of
1650 K determined experimentally from the Boltzmann plot [86]. This is mainly due to
the periodic boundary conditions used to constrict the model domain which precludes
radial heat transport towards the colder reactor tube wall.

As shown in Figure 4.5, agreement between measured and simulated profiles is
less good for the minor species. Surface chemistry alone predicts very low amounts of
H2 and OH· radicals which keep constant after the gauze. If gas phase reactions are
included in the model, the measured OH· radical profile is qualitatively reproduced
even though the predicted absolute number density is below the experimental values.
However, this quantitative mismatch should not be overrated taking the uncertainties
of the LIF quantification into account. More important is that the declining concentra-
tion of OH· radicals downstream the gauze is another evidence for gas phase reactions.
A noticeable qualitative disagreement is observed for H2 where experimental and sim-
ulated profiles are nearly mirror images of each other. Whether this is an experimental
artifact or a shortcoming of the microkinetic models cannot be concluded. To address
the question whether the interaction between surface and gas phase chemistry is purely
of thermal nature or also involves gas phase reactions triggered by radicals, e.g. OH·
released from the platinum surface, further simulations were conducted. If gas phase
chemistry alone is included in the model (plots not shown) no reactions are observed at
gauze temperatures of 1300 K and 1500 K but full CH4 conversion is observed at 1700
K. Hence the pure thermal light off temperature of gas phase reactions for the φ=0.5
stoichiometry used is between 1500 K and 1700 K. Figures 4.6 show the results for
1300 K, 1500 K and 1700 K gauze temperature if only surface reactions are included
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in the model.

Even at a gauze temperature of 1700 K, CH4 conversion is not complete after the
gauze. The contact time with the gauze is simply too short. Furthermore, all species
remain at constant concentration after the gauze and the gas stream takes on the
temperature of the gauze. Taking these observations into account and considering
also that full CH4 conversion is reached at already at 1500 K gauze temperature if
both gas and surface chemistry is included in the model, it can be concluded that
radicals desorbing from the catalyst surface must play a role in the reaction network.
The interaction of surface and gas phase chemistry cannot be of pure thermal nature.
Reactive radicals such as OH· must desorb from the platinum surface and trigger rad-
ical chain reactions in the downstream section of the gauze, accounting for additional
CH4 conversion and product formation there. The numerically predicted decline of
OH· radicals after the gauze which is also observed experimentally, directly shows the
involvement of gas phase reactions.

4.4 Conclusions

With the spatial profile technique, it was possible to resolve the steep concentra-
tion gradients in the vicinity of a platinum gauze during catalytically assisted meth-
ane combustion. Quantitative OH· radical profiles could be measured by fiber-based
Laser-Induced Fluorescence spectroscopy. By comparing these experimental data with
numerical simulations including flow, mass and heat transport and microkinetic sur-
face and gas phase chemistry, it is possible to show that the reaction occurs partly at
the platinum surface and partly in the gas phase. The gradients upstream of the gauze
are caused by diffusion while the gradients downstream of the gauze are a combined
effect of diffusion and gas phase chemistry. It can further be concluded that the in-
teraction between surface and gas phase chemistry is not limited to heat transfer only
but also involves the desorption of surface-generated radicals which trigger gas phase
chain reactions. As such, this chapter presents an example of coupled heterogeneous-
homogeneous reactions in high temperature catalysis.
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Modeling of A Foam Monolith

Foam monoliths made from mechanically
stable, chemically inert and temperature res-
istant materials like refractory oxides, ceram-
ics, silicon carbide or metals have attracted
much interest as catalyst support in catalytic
fixed-bed reactors. Due to their high porosity,
foam monoliths generate low pressure drop
even at high gas flow rates. High convection
in the interconnected macro-pores enhances
mass transfer, heat transfer and radial mix-
ing [23, 178–180]. If the foam is made of
materials of high thermal conductivity, heat
transport in the struts of the irregular cell
network increases which can be beneficial for
exothermic reactions suffering from selectiv-
ity loss or hot-spot formation [181]. The in-
trinsic low specific surface area of foam sup-
ports can be increased by a washcoat carrying
finely dispersed catalyst particles [182].

Strong modeling efforts have been made
to understand the physical and chemical pro-
cesses occuring inside fixed-bed reactors with
foam monoliths [183, 184]. Much attention has been paid to hydrodynamics, heat
transport inside the pore network [21, 22, 185] and heat transfer to the reactor wall
[186, 187]. Heat and mass transport correlations have been derived from simulation
data which can be applied for reactor design and development [182, 188–192].

In general, there are two approaches to model the foam structure. The unit cell
approach [193] idealizes a foam monolith by periodic repetition of a representative
unit cell in 3D space (e.g. Kelvin cells) [194]. The other approach is to simulate flow
and transport using the foam geometry reconstructed from X-ray computed micro-
tomography (µ-CT) scans [21, 22]. µ-CT is more costly, but it captures the irregular
and randomized foam structure in high fidelity. µ-CT based CFD simulations deliver
results closer to reality because the foam geometry in the model is the very same as
that in the reactor.

This chapter is adopted from submitted manuscript: Y. Dong, O. Korup, J. Gerdts, R. Horn,
Microtomography-based CFD modeling of a fixed-bed reactor with an open-cell foam monolith and ex-
perimental verification by reactor profile measurements. Submitted to Chemical Engineering Journal,
2018.
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Figure 5.1: Photography of the PANalytical Empyrean interior: X-ray tube, sample
holder (magnified) and GaliPIX3D detector.

In order to gain confidence in µ-CT based CFD simulations, experimental val-
idation is required. High resolution temperature and species concentration profiles
measured through the centerline of foam catalysts offer currently the highest data
point density for model validation [85, 195]. Spatial reactor measurements have also
been used for validating CFD simulations of fixed-bed reactors with random packings
of spherical [141] and non-spherical particles [27]. In those studies, the stochastic
packing geometry is generated by DEM simulations. It represents the packing in the
reactor within statistical bounds but it is not an exact copy of the bed inside the
reactor.

If the packing geometry is reconstructed from µ-CT scans, as demonstrated in the
present work for a foam monolith, the uncertainty in the bed structure is close to
zero. Deviations between model and experiment are reduced to deficits in the kinetic
model of the catalytic reaction, shortcomings in the description of momentum, mass
and heat transport, inaccurate boundary conditions or erroneous experimental data.

In this work, we present, according to our knowledge for the first time, a compar-
ison between temperature and concentration profiles measured through a foam catalyst
under reaction conditions and µ-CT based CFD simulations of these data. We strive
to keep uncertainties in the model as small as possible by choosing CO oxidation on
Pt as a test reaction with well-known microkinetics, by using Pt nanoparticles with
a narrow size distribution on a plain 45 ppi (pore per inch) α-Al2O3 foam monolith
as simple catalyst system and by modeling transport processes and boundary condi-
tions as accurately as possible including conjugated heat transport at the gas-surface
interface and heat transport by radiation inside the foam. Deviations between the
measured and simulated profiles are critically discussed in terms of having their origin
in the experiment or in the model.

5.1 Experimental details

X-ray computed microtomography and reconstruction

The µ-CT system used in this work was the Empyrean research diffractometer from
PANalytical [196]. Even though this instrument is normally used for X-ray diffraction,
it can be operated as tomography setup. In this configuration, shown in Figure 5.1, the
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Figure 5.2: Illustration of the cone-beam µ-CT setup.

Figure 5.3: Side and top view of the CT reconstructed foam monolith.

X-ray tube is oriented line-of-sight to the detector (2θ = 0◦). A molybdenum tube was
used because hard X-rays penetrate solid objects better than soft X-rays, e.g. from a
copper tube. The tube was operated at 30 kV and 10 mA and a zirconium filter was
used to remove the beta-line. The detector, the GaliPIX3D from PANalytical, had a
sensor area of 24.8 mm in width and 30.7 mm in height, pixel dimensions of 60×60
µm and was capable of detecting hard X-rays. The point focus of the X-ray tube was
used with the X-rays being emitted in a cone like fashion from the Mo-anode. The
catalyst foam was mounted on a rotatable sample platform 452 mm from the cone
beam source and 28 mm from the detector (Figure 5.2) [88].

In a typical µ-CT-scan, the catalyst foam was rotated by 360 ◦ in steps of 0.2−2.0 ◦

and a measurement time of 0.5-2 s. After a flat field correction was performed on
each X-ray transmission image, the 3D-structure of the foam was reconstructed in the
software VGStudio MAX 2.2. Figure 5.3 shows side and top views of the reconstructed
foam geometry. The channel in the center of the foam, seen in the view from top,
accommodates the sampling capillary for the profile measurements [85, 195].
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Figure 5.4: Image analysis to determine the average window size (left), bridge size
(middle) and pore size (right).

Figure 5.5: SEM images of the α-Al2O3 foam surface decorated with Pt nanoparticles
at resolutions of 500 µm (left), 10 µm (middle) and 3 µm (right). The red encircled
areas display a reduced density of Pt particles.

Characterization of the catalytic foam monolith

The pore-scale characterization of the 45 ppi α-Al2O3 foam monolith was carried out
based on the CT-reconstructed surface as illustrated in Figure 5.4. Twenty repres-
entative pores and struts were analyzed to determine the average window size, pore
size and bridge size. The results are summarized in Table 5.1. The total porosity was
calculated from the solid volume of the foam monolith and the volume of a cylinder
with same outer diameter and height as the foam (Figure. 5.3).

After all profile measurements on the foam were completed, it was removed from
the reactor and a small part of the front edge was investigated by scanning electron
microscopy (SEM)∗ using the FEI FIB Helios NanoLab G3. SEM images of different

Table 5.1: Morphological parameters of the investigated foam monolith. All param-
eters were evaluated from the CT-reconstructed surface.

Dimension Monolith (length/diameter) 20.1/16.0

Geometric surface area 1512 m2/m3

Pore size 1.35±0.09 mm

Bridge width 0.35±0.09 mm

Window size 0.65±0.09 mm

Porosity 0.73

∗The SEM analysis was done by Dr. -Ing Martin Ritter from the Betriebseinheit Elektronenmik-
roskopie, TUHH
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Figure 5.6: SEM image at 4 µm resolution after image processing. The white dots
are the Pt particles, the α-Al2O3 crystals appear as black background.

resolutions are shown in Figure 5.5. The Pt nanoparticles are evenly distributed
over the α-Al2O3 surface. Even though the reaction heated the foam catalyst to
temperatures above 1500 K, no obvious sintering of the Pt nanoparticles was observed.
As shown in Figure 5.6 and 5.7, the ratio of active Pt surface (Acat) to the geometric
surface of the foam (Ageo) was determined from a SEM image at a resolution of 4
µm. This ratio Acat/Ageo is needed to incorporate the catalytic reactions as flux
boundary condition in the CFD model by means of Eq. 3.65. In a first step the image
analysis software ImageJ [197] was used to distinguish the Pt-particles from the α-
Al2O3 crystals (Figure 5.6). The Pt particles were colored white, the α-Al2O3 crystals
were colored black. From the processed image a size histogram was computed (Figure
5.7). The average particle diameter was determined to be 51 nm. It was assumed that
all Pt nanoparticles were spherical and fully accessible. With this assumption a ratio
Acat/Ageo = 0.4 was obtained. This value is an upper bound because not all Pt atoms
are accessible. The Pt atoms in contact with the alumina surface are not accessible for
the catalytic reaction. Also crevices between the α-Al2O3 crystals (red encircled areas
in Figure 5.5) seem to contain fewer Pt-particles than terraces accounted for in the
image analysis. Therefore, the value of Acat/Ageo was one of several model parameters
that were investigated systematically in Section 5.3.

Profile measurement

The investigated Pt coated 45 ppi α-Al2O3 foam monolith was sandwiched between two
inert, uncoated 80 ppi foam monoliths, wrapped in InteramTM (3MTM) and mounted
in the fused silica reactor tube which had an inner diameter of 18 mm and an outer
diameter of 38 mm (Figure 5.8). The two blank foams, each 12 mm long, reduced
radiative heat losses from the catalyst foam. Gas flow was from bottom to top. Cor-
respondingly and in agreement with earlier nomenclature, the blank foam below the
catalyst was denoted as ‘front heat shield (FHS)’ and the blank foam above the cata-
lyst as ‘back heat shield (BHS)’ respectively [198]. A channel of 1 mm diameter was
drilled through the center of the foam stack in which a sampling capillary of 700 µm
outer diameter and 530 µm inner diameter was inserted. The sampling capillary had
a 100 µm side sampling orifice through which a gas sample could be extracted for
gas chromatographic analysis. For measuring the catalyst temperature at the position
of sampling, a thin pyrometer fiber was inserted into the sampling capillary and tip-
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Figure 5.7: Particle size histogram computed from Figure 5.6.

Table 5.2: Meshing parameters used for simulating reactor packed with foam mono-
lith. The extrusion mesh cells of the inlet and outlet are not counted in the cell
counts.

Base size [mm] Fluid cell counts Solid cell counts

4 914248 299206

2 3630340 1230429

1 13352115 4252033

aligned with the sampling orifice. The tip of this fibre was polished to an angle of ≈
30 ◦ collecting heat radiation from the catalyst and guiding it to a ratio pyrometer.
The reactor tube was wrapped in InteramTM limiting heat losses and providing for
autothermal reactor operation. The reactor tube could be heated by a split furnace
until catalyst light-off occurred. After light-off, the furnace was switched off and the
catalyst operated autothermally.

Experiments were conducted with a stoichiometric CO/O2 mixture diluted in
Ar/He with the following mole fractions CO/O2/Ar/He= 0.133/0.066 /0.736/0.065. A
total inlet volumetric flow rate of 1200 mln/min (at 20 ◦C, 1 bar) was used. Profiles of
gas phase species and catalyst temperature were measured by translating the assembly
of sampling capillary/pyrometer fiber through the foam. A detailed description of the
measuring process has been published earlier [198].

5.2 Simulation details

After reconstruction, the STL file of the reconstructed foam monolith surface shown
in Figure 5.3 was imported into the CFD code STAR-CCM+ 11.04 [140]. The loaded
tessellated surface was checked and repaired to obtain a continuous surface free of
floating ‘islands’ due to the limited resolution of the CT scans. In the second step, the
foam surface was meshed as shown in Figure 5.9. The simulation domain was created
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Figure 5.8: Left: Photography of the catalyst foam sandwiched between front heat
shield below and back heat shield above. Right: Foam stack wrapped in InteramTM in-
side the fused silica reactor tube.

Figure 5.9: Foam monolith with meshed surface: side view (left) and top view (right).
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Figure 5.10: Translational plan section plot of the volume mesh.
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by inserting the foam monolith into a cylindrical container representing the reactor
tube and by placing a thin cylinder in the center hole simulating the sampling capillary.
To keep computational time within bounds, only the catalyst foam was considered in
the model. Front and back heat shield were indirectly considered in form of inlet and
outlet boundary conditions but their geometry was not resolved in the CFD model.
The simulation domain was then volume meshed (Figure 5.10). The mesh strategy
was the same as in a previous paper by the authors [27]. Both, fluid and solid domain
were meshed with a polyhedral mesh while two layers of prism meshes were applied
to all surfaces (foam surface, capillary wall and reactor tube wall). Inlet and outlet
surfaces were extended with a structured cuboid mesh to avoid back flow effects. Mesh
parameters were set as percentage of the base size and mesh convergence was checked
by reducing the base size until the simulated concentration profiles converged (Figure
5.11). Mesh independence was reached at a base size of 2 mm and all simulations
discussed below were done with this base size.

The CFD simulations were set up to mimic the experimental profile measurements
as closely as possible. Laminar flow (Re ≈ 10), conjugated heat transfer between fluid
and catalyst foam, CO oxidation on the foam surface and radiation were included
and solved in STAR-CCM+ 11.04 [140]. Gravitational and external forces, thermal
diffusion and viscous heating were not considered [148]. Uniform inlet velocity, tem-
perature and gas composition were assumed as inlet boundary conditions. A pressure
outlet boundary condition was used at the upper end of the computational domain.
No-slip boundary conditions were assigned to all solid walls (foam surface, capillary
wall, reactor tube wall). The capillary wall was set as adiabatic. Apart from few
simulations where heat losses through the wall were considered the reactor wall was
also considered adiabatic. All simulations were carried out at steady state and the
corresponding governing equations are given in Chapter 3.

In this work, a mechanism from Deutschmann et al. [175] was used for describing
CO oxidation on Pt. The reactions and the kinetic parameters are given in Table
5.3. The mechanism was imported into STAR-CCM+ 11.04 [140] as CHEMKIN files
and the build-in stiff solver DARS was used for handling the microkinetics. In order
to improve efficiency, the operator splitting algorithm was used which decouples the
transport equations and the chemical reactions [176].

Due to the high reaction temperature, thermal radiation was also considered by
employing the surface-to-surface (S2S) radiation model in STAR-CCM+ [140]. This
brings a radiant flux q′rad in W/m2 in the energy equation source term at the solid
boundaries. The gas phase between solid surfaces is non-participating (no absorption,
emission, or scattering of thermal radiation). Radiation properties were treated as
wavelength independent and the emissivity of the foam, the capillary and the reactor
surface were set to 0.9 [199]. At first, STAR-CCM+ [140] calculates view factors by ray
tracing for each pair of surface patches (discretized boundary surfaces). View factors
are defined as ‘fraction of uniform diffuse radiation leaving a surface that directly
reaches another surface’ [200]. From the view factors radiosity and irradiation fields
are calculated on all surfaces. More details on the S2S radiation model can be found
in the user guide of STAR-CCM+ [140] or in the work of Wehinger et al. [141].
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5.3 Results and discussion

Figure 5.12 displays plots of the simulated pressure, velocity, temperature and con-
centration fields of CO, O2 and CO2 inside the foam. At the low flow rates used in the
current study, the pressure drop along the foam is just a few Pascal. There is basically
no radial pressure gradient. The flow field is very inhomogeneous with almost stagnant
flow in windows, in the wake of struts and fast flow in the main channels, close to the
wall and in the vicinity of the sampling capillary. Similar results were obtained for
non-reacting flows by Fan et al. [21].

The temperature field is also very inhomogeneous but much more difficult to ra-
tionalize than the flow field. When the reactant mixture reaches the front of the
foam, the gas temperature rises steeply. The reaction rate in the entrance region
of the foam is high because CO and O2 have their highest concentration there and
the liberated heat increases temperature and reaction rate even further. Interesting
and eye-catching however is the hot-spot that can be seen in the temperature plot
of Figure 5.12, a few mm inside the foam close to the wall on the right side. This
hot-spot forms because the geometry of the foam there is accidentally such that some
unconverted O2 and CO can channel a few millimeters into the foam. In consequence
a gas stream with still rather high concentration of O2 and CO hits a catalyst that
is significantly hotter than the catalyst at the front face of the foam. Because the
reaction rate depends more sensitively on temperature than on concentration, a very
high reaction rate results in a spatially confined area leading to a hot-spot. On the
left side of the temperature plot of Figure 5.12 no hot-spot is seen because there is no
reactant channeling. This shows how complex the interplay between flow, heat gener-
ation and heat transport is and how subtle differences in geometry and flow velocity
lead to pronounced non-uniformity in reaction rate and catalyst temperature. This
challenges the unit cell approach because a regular foam structure would lead to a
regular flow and temperature pattern which is not observed in reality.

With decreasing reactant concentration the reaction rate and the rate of heat
production decrease and become zero once the reactants are fully consumed. Due
to radiative heat losses at the back face of the foam and axial heat transport by
conduction, convection and radiation, the temperature decreases in flow direction.
Temperature gradients in radial direction smoothen out once the reaction comes to
hold because of the adiabatic boundary condition at the reactor wall.

As mentioned in Section 5.1, an initial Acat/Ageo ratio of 0.4 was determined from
the SEM image in Figure 5.6 under the assumption that all Pt particles were spherical
and fully accessible. In reality the particles wet the α-Al2O3 support partly which
results in a lower Acat/Ageo ratio. Also the SEM image in Figure 5.6 might not be
representative of the entire foam because it was taken at the rather cold front edge
of the used foam. In hot areas inside the foam, Pt sintering or even Pt losses could
have occurred, e.g. by vaporization of PtO2. Hence the Acat/Ageo ratio is a parameter
in the simulation and the value of 0.4 can merely be considered as a starting value.
Figure 5.13 shows a screening study of this parameter in a range from 1 to 0.01 by
comparing the experimental and simulated CO profile.

As can be expected, the Acat/Ageo ratio influences the slope of the profiles. The
higher the value, the faster CO is consumed. The decreasing CO concentration in front
of the catalyst foam at z < 0 mm is due to diffusion. Gas phase chemistry was not
considered in the model. Best agreement was found for a value Acat/Ageo = 0.03. This
value is much lower than the initial estimate of 0.4. Whether this is due to wetting
of the Pt particles or Pt losses or whether this is due to erroneous kinetic parameters
cannot be inferred from the present data. Other experimental methods like H2 or CO
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Figure 5.12: Translational cut plane plots of the simulated relative pressure (top
left), velocity (top middle), gas phase temperature (top right), mass fraction of CO
(bottom left), O2 (bottom middle) and CO2 (bottom right).
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Figure 5.13: Effect of the Acat/Ageo ratio on the simulated CO profiles.

chemisorption could be used to determine this value more accurately but the entire
foam did not fit into any available sample cell and destruction of the foam would have
created additional Al2O3 surface biasing the true value. Hence the best fit value of
Acat/Ageo = 0.03 was used in all simulations that follow hereafter.

A comparison of the simulated and measured species and temperature profiles is
displayed in Figure 5.14. The catalytic foam monolith starts at z=0 mm as indicated
by the vertical grey dotted line. The overall agreement between the simulated and
measured species profiles is very good. The experimentally observed rapid conversion
of CO and O2 reaching full conversion at about z=8 mm is confirmed by the model.
Similar good agreement is found for CO2. The observed local deviations between the
simulated profiles and the measured data points are due to the fact that the simulated
trajectory is in all likelihood not the same as the scan line along which the sampling
orifice was translated through the foam. Both the measured and simulated species
profiles depend sensitively on the pore structure along the probed trajectory. In the
current study the experimental scan line was chosen arbitrarily and local deviations are
the natural consequence. The easiest and fastest way to illustrate this is by plotting
simulation trajectories at the same radial coordinate but different azimuthal angles.
Figure 5.15 shows four simulated CO trajectories at 0, π/2, π and 3/2π azimuthal
angle at the outer wall of the sampling capillary. While the overall shape of the CO
profiles is similar, pore structure effects lead to local deviations.

While such random deviations can be minimized by averaging a high number of
simulated and measured trajectories, the simulated and measured temperature profiles
in Figure 5.14 are systematically different. The temperature profile measured with the
pyrometer fiber inside the sampling capillary increases slowly in the front heat shield
from 1502 K at z=-5 mm to a maximum of 1544 K at the entrance of the catalyst
foam (z=0 mm) and falls then steeply to 1005 K at the end of the catalyst foam
(z=20 mm). Because the simulation domain did not include the heat shields, the
simulated temperature profile starts at the entrance of the catalyst foam (z=0 mm)
at 1490 K and rises to 1562 K at z=2.5 mm. The simulated temperature maximum
coincides with the inflection point in the measured and simulated CO and O2 profiles.
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Figure 5.15: Effect of the local pore structure on the simulated species profiles. The
lines P1, P2, P3, P4 are four trajectories taken at 0, π/2, π and 3/2π azimuthal angle
at the same radial coordinate corresponding to the outer wall of the sampling capillary.
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through the reactor wall, thermal conductivity of the solid material) on the simulated
solid surface temperature.

Therefore, the position of the simulated temperature maximum is correct. While the
measured and simulated maximum temperature values are close (1544 K vs. 1562 K
respectively), it is physically impossible, that the temperature maximum occurs right
at the entrance of the catalyst foam because the catalytic reaction is the only heat
source and the maximum temperature occurs at the position of highest reaction rate.
The measured temperature maximum at the entrance of the catalyst foam is therefore
an experimental artifact. The fused silica fiber that is used to collect thermal radiation
and guide it to the pyrometer has a rather flat acceptance angle and looks ahead, in
this case about 2.5 mm. This ‘looking ahead’ phenomenon is well known and was
experimentally and mathematically quantified in earlier publications [198, 203].

Not only the positions of the temperature maxima deviate significantly between
experiment and simulation, the slopes before and after the temperature maximum are
also quite different. Both, the simulated and the measured temperature profiles in
Figure 5.14 decrease after the maximum until the end of the foam. This indicates heat
losses. In a truly adiabatic reactor, the temperature would remain constant if heat
release by exothermic chemistry ceases. In the model, as described in Section 5.2, the
only heat losses occur by radiation at the front and back face of the catalyst foam.
Because the front heat shield was neglected in the simulation to keep the computa-
tion manageable, the radiative boundary in the model is closer to the temperature
maximum than in the experiment and hence the slope of the simulated temperature
profile to the left of the maximum is steeper than that of the measured one. This is
observed and according to expectations. To the right of the maximum the temperature
in the simulated profile decreases less steeply than in the measurement even though
the radiative boundary condition in the model is also closer due to the lacking heat
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shield. This indicates that either the thermal conductivity of the foam material used
in the model is too low or that the adiabatic boundary condition at the reactor wall
is not correct.

To investigate these options, heat transport parameters and thermal boundary
conditions were varied in the model and the simulation results were compared with the
experimental temperature profile. Figure 5.16 summarizes the results. Increasing the
thermal conductivity of the foam from λsolid = 2 W/m/K (orange triangles) to λsolid =
10 W/m/K (grey triangles) has only a small effect on the simulated temperature
profile. The temperature maximum and the slopes go down slightly. This shows that
axial heat conduction in the struts of the foam play a minor role for heat transport.
However, if a heat loss is applied to the reactor wall in the model, it has a strong
influence on the simulated temperature profile. The temperature maximum goes down
and the slopes before and after the maximum become steeper. A heat loss of 20 W
at the wall (brown squares in Figure. 5.16) gives almost perfect agreement in terms
of slope after the maximum but then the temperature maximum itself falls below the
experimental value. If an attempt is made to bring the temperature maximum back
up by turning off radiation losses at the front and back face of the catalyst foam, a
temperature profile far above the measured one results. Even with 30 W heat losses
at the wall, a temperature maximum of almost 2200 K is predicted if radiation losses
are neglected (blue dots Figure 5.16).

The simulation results in Figure 5.16 show how difficult it is to capture the correct
temperature profile in the foam at these high temperatures. Heat losses by radiation
are very important but cannot be properly implemented in the model because the com-
putational costs to also include the heat shields in the modeling domain are currently
still too high. A shortcoming of the experiment is the ill-defined thermal boundary
condition at the wall of the reactor tube. Because the reactor wall was wrapped by
insulation material it was initially considered adiabatic in the model but the simu-
lation results in Figure 5.16 show that there must be wall heat losses on the size of
20 W having a distinct impact on the slope of the temperature profile. Expansion
of the modeling domain to include the heat shields and a more accurate definition
of the thermal boundary conditions in the experiment will be necessary to bring the
simulated and the experimental temperature profile in agreement.

The last question that will be addressed in this work is how it is possible that meas-
ured and simulated species profiles agree within statistical bounds while the measured
and simulated temperature profiles are distinctly different. Two ideas come to mind
which are i) the reaction is film transport limited and hence not very sensitive to the
underlying kinetics and ii) the reaction is kinetically controlled but the rate limiting
step is insensitive to temperature. It will be shown in the following that both effects
are operational. The presence of film transport limitations can already be seen in
Figure 5.16 which compares simulated gas and solid temperature profiles for the cases
radiation + adiabatic wall and no radiation + 30 W losses at the wall (yellow line vs.
orange triangles and green line vs. blue dots respectively). Because heat production
by the exothermic surface reaction is initially much faster than heat transport to the
gas phase, the solid temperature at the entrance of the foam (z=0 mm) is signific-
antly higher than the gas temperature. By going into the foam, the gas temperature
approaches that of the solid and from about 3 mm on they fall on top of each other.

If heat transport limitations are present mass transport limitations can be expected
as well. Figure 5.17 shows a comparison of the surface concentration of CO, O2 and
CO2 to their bulk gas phase concentration values. Due to the large pores of the foam
the surface concentration values have some discontinuities but it can be clearly seen
that in the first 3 mm of the foam the surface concentration values of the reactants CO
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Figure 5.17: Comparison of the species profiles in the gas phase and on the nearest
solid surface.

Table 5.4: Surface and gas compositions extracted from simulations at z-coordinate
of 2 mm.

θCO(s) 0.022 [-]

θCO2(s) 1.11 · 10−7 [-]

θO(s) 0.0035 [-]

θC(s) 6.27 · 10−8 [-]

θPt(s) 0.9745 [-]

cCO 0.375 mol · m−3

cCO2 2.288 mol · m−3

cO2 0.178 mol · m−3

and O2 are much lower and that of CO2 much higher than their gas phase counterparts.
This different concentration values show that diffusion to or from the surface limits the
reaction rate to some extent but not fully. In the latter case the surface concentration
of CO and O2 would be zero. Still, the influence of diffusion reduces the temperature
sensitivity of the reaction rate because the diffusion coefficient of a molecule in the gas
phase is only a weak function of temperature (D ∼ T 1.5).

To identify the rate limiting step in the catalytic cycle given in Table 5.3, a graph-
ical method suggested by M. A. Vannice was applied [204]. At first, surface site
fractions of all species as well as gas phase concentrations were extracted from the
simulation results at a position close to the maximum reaction rate (z=2 mm). The
numerical values are listed in Table 5.4. With this concentration values the local reac-
tion rates of all elementary steps in the microkinetic network were calculated. Figure
5.18 shows a plot of these reaction rates divided by their stoichiometric numbers on a
logarithmic scale. The lowest net rate is that of O2 adsorption which equals the rate
of the surface reaction step because the latter is irreversible. The CO adsorption step
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Figure 5.18: Analysis of the rate limiting step in a reaction sequence by plotting
stoichiometry normalized reaction rates computed from the concentration values listed
in Table 5.4.

and CO2 desorption step are much faster and kinetically irrelevant. To distinguish
whether the O2 adsorption step or the surface reaction step is rate limiting species
profiles were calculated for increasing O2 sticking coefficients and for increasing pre-
exponential factors of the surface reaction step. Figure 5.19 summarizes the results.

If the sticking coefficient of O2 is increased, as shown in the upper plot of Figure
5.19, the profiles become steeper. If the pre-exponential factor of the surface reaction
step is increased, as shown in the lower plot of Figure 5.19, the profiles do not change.
This clearly shows that the adsorption of O2 on the Pt catalyst is the rate limiting
step under the high temperature reaction conditions encountered in the foam. That
O2 adsorption is rate limiting can also be seen by plotting surface site fractions of the
most abundant surface species Pt(s) and CO(s) on the foam surface (Figure. 5.20).
The surface is basically empty. Almost all Pt sites are free because any adsorbing
molecules CO and O2 molecules react immediately to CO2 which desorbs. Only in a
small strip right at the foam inlet where the catalyst surface is convectively cooled by
the incoming gases can a measurable CO(s) coverage exist (∼ 7 %).

With this analysis it becomes clear why the simulated species profiles can fit nicely
to the measured species profiles while the simulated temperature profile is quite dif-
ferent from the measured one. On the one hand the reaction rate is influenced by
film diffusion which reduces the temperature sensitivity already. On the other hand
and more importantly the non-activated O2 adsorption is rate limiting and the only
temperature dependence of this step is given by Equation 3.70 (∼ T 0.5) and hence
even lower than that of diffusion.

5.4 Conclusions

CFD simulations of catalytic reactors become more and more popular because they
are in many aspects superior to conventional pseudo-homogeneous and heterogeneous
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Figure 5.19: Top: Variation of the O2 sticking coefficient (Si) shows that O2 ad-
sorption is the rate limiting step for CO oxidation on Pt at the high temperature
conditions of this study. Bottom: Variation of the pre-exponential factor (A) of the
surface reaction step CO(s) + O(s) → CO2(s) + Pt(s) has no effect on the simulated
profiles. This step is fast and kinetically irrelevant at the conditions of this study.
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Figure 5.20: Illustration of the surface site fraction of the Pt sites (left) and adsorbed
CO(s) species (right).

reactor models. They produce 2D or even 3D concentration-, flow- and temperature
fields which are almost impossible to measure. If coupled with microkinetic reaction
models CFD simulations even allow computing 3D pictures of surface coverages. Meas-
urements are often restricted to what flows into the reactor and what comes out of it
(‘in-out’ data). What happens inside the reactor remains hidden. CFD simulations
of catalytic reactors can provide this much-wanted insight but the question is how
realistic the simulation data are and how to validate them against experiments.

The present work is a critical comparison between CFD simulation results and
sub-millimeter resolved species and temperature profiles measured through a catalytic
foam monolith. Profile data have a much higher information content than conventional
‘in-out’ data and are therefore a much more stringent touchstone for model validation.
CO oxidation on Pt nanoparticles with narrow size distribution supported on an α-
Al2O3 foam was chosen as simple catalytic system with well known microkinetics. To
keep uncertainties in the CFD geometry as small as possible, the structure of the foam
catalyst was resolved by X-ray microtomography. Simulation parameters and bound-
ary conditions were determined as accurately as possible. To validate the simulation
results, concentration and temperature profiles were measured in a dedicated reactor
setup on the very same foam of which the geometry was determined by X-ray tomo-
graphy. To the best of our knowledge, it is the first time that such a comparison is
made. It allows a critical assessment of strengths and weaknesses of both, the model
and the experiment and can serve as basis for a knowledge based design of processes
employing catalytic foams or similar random geometries.

The simulations reveal very inhomogeneous flow, temperature and concentration
fields inside the foam due to the random nature of the foam structure and the complex
interplay between flow, heat transport and heterogeneous chemistry. These local in-
homogeneities challenge the accuracy of the unit cell approach for simulating catalytic
foams which assume a regular structure. µ-CT based CFD simulations are there-
fore more realistic but of course much more expensive and restricted to rather small
samples. By varying the Acat/Ageo ratio, a parameter describing the density of Pt sites
on the foam catalyst, the simulated and measured species profiles could be brought in
close agreement while the simulated and measured catalyst temperature profiles could
not. This at first contradicting result could be rationalized by showing that the reac-
tion rate is partly controlled by film diffusion and kinetically limited by O2 adsorption.
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Both steps are rather insensitive to the catalyst temperature. An Acat/Ageo ratio of
0.03 described the measured species profiles best. This value is much lower than the
value of 0.4 determined by SEM image analysis implying that either the sticking coef-
ficient of O2 is too high in the kinetic model or that the Pt site density is lower than
suggested by SEM image analysis. The latter could be due to the non-accessibility of
the Pt atoms in contact with the α-Al2O3 support, platinum losses under reaction con-
ditions or a reduced particle density in cracks and kinks of the support not captured
by SEM image analysis.

To rationalize the mismatch between simulated and measured catalyst temperature
the contribution of heat transport by conduction and radiation and the occurrence of
heat losses through the reactor wall were explored in a series of simulations. While
heat transport by conduction in the struts of the foam is negligible, radiation and
heat losses through the reactor wall have a strong influence on the temperature profile.
Neglecting radiation in the model leads to unreasonably high temperatures in the foam,
way above what is measured. Considering radiative heat transport and radiative losses
at the front and back face of the foam brings the temperature maximum down to what
is measured but the slopes of the measured and simulated catalyst temperature profiles
differ still substantially. Heat losses through the reactor wall are one cause of that.
Despite thick insulation of the reactor tube about 20 W of heat are lost through the wall
and the initial assumption of an adiabatic wall turned out to be incorrect. The other
cause for the mismatch between simulated and measured catalyst temperature profiles
are the missing heat shields in the model. With the computer hardware available it
was simply not feasible to include them in the computational domain.

In summary it can be said that CFD simulations provide detailed insight into the
chemical and physical processes inside catalytic reactors. No experimental method can
provide comparable data. However, simulation results are only as good as the model
from which they are produced and many parameters and boundary conditions must
be specified in this type of simulations to obtain meaningful results. This requires
sometimes to extent the computational domain beyond the frontiers of the possible.
However computational power is every increasing and it is only a matter of time
before CFD simulations will become the standard design tool in catalytic reaction
engineering.



6Packing Study: DEM

Simulations and Validations

Fixed-bed reactors are typically packed by
dropping particles in a random fashion. Due
to the stochastic nature of the random pack-
ing process, duplicating experimental packing
by computer model is not possible. Instead,
a statistical representation by applying Dis-
crete Element Method (DEM) has gain much
attention since it offer a cost-effective way
to mimic the experimental packing process
closely [61].

In this work, random packings of both
spherical and Raschig ring types of packing in
fixed-bed reactors were modeled in the com-
mercial software STAR-CCM+ [140]. Figure
6.1 illustrates a typical DEM simulation work
flow. Particles were injected from the top of
the reactor with randomized angular velocity and orientation and fall due to gravity.
In order to accelerate the falling process, an initial velocity of 1 m/s was applied to the
particles. Particles may collide with each other and the wall and settle layer by layer.
Constant particle flow is injected to the reactor until the pre-set maximum number
is reached. The packing generation was finished when all the particles were resting
which means all the particles had a nearly zero velocity. In order to gain confidence
of the DEM predictions for fixed-bed reactors with low D/d ratio in which the wall
effects are dominant, radial porosity profiles of simulated packings are compared to
experimental data available in literature and in-house measurement.

6.1 Spherical packings

For spherical packings, DEM simulations were conducted by injecting glass spheres
of 3 mm in diameter into a cylindrical container of 17.88 mm in diameter (D/d ratio
of 5.96) and 21 mm (D/d ratio of 7, used for heat transfer simulation in Chapter
7). The particle-particle and particle-wall interactions were described by the Hertz-

This chapter is adopted from publications: Y. Dong, B. Sosna, O. Korup, F. Rosowski, R. Horn,
Investigation of radial heat transfer in a fixed-bed reactor: CFD simulations and profile measurements,
Chemical Engineering Journal 317 (2017) 204-214. Submitted manuscript: Y. Dong, M. Geske, O.
Korup, N. Ellenfeld, F. Rosowski, R. Horn, What happens in a catalytic fixed-bed reactor for n-butane
oxidation to maleic anhydride? Insights from spatial profile measurements and particle resolved CFD
simulations. Submitted to Chemical Engineering Journal, 2018.
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Figure 6.1: Example illustration of a general work flow in a DEM simulation.

Mindlin model as discussed in Section 3.2.1. The material properties were taken from
the built-in material database from STAR-CCM+ [140] of glass. The radial porosity
profiles were analyzed in the following way: Firstly, the container coordinates r, z, θ
were discretized in 100 points in radial direction r, 200 points in height z and 360 points
in azimuthal direction θ. Secondly, the distance between the coordinate of each point
and the coordinate of the centroid of each sphere was calculated. The sphere centroids
were extracted from the DEM simulations. If the calculated distance is smaller or
equal to the sphere radius, the porosity is set to zero, otherwise the porosity is set to
one. Thirdly, for a given magnitude of the radial coordinate, the porosity values were
averaged over all z and θ values.

The resulting radial profiles are shown in Figure 6.2 and 6.3. Good agreement is
found between our DEM simulated profile and experimental data from Mueller [205]
for a D/d ratio of 5.96. Except for some points in the center of the packing also the
correlation suggested by de Klerk [206] is in good agreement with our DEM porosity
profiles and the experimental data reported by Mueller [205].

The correlation from de Klerk [206] is used to generate porosity profiles for the
D/d = 7 ratio investigated in this work in terms of heat transfer (Chapter 7) for which
no experimental porosity data could be found in the literature. The DEM simulated
porosity profiles were calculated as described above and additionally by analyzing
the volume mesh data (denoted as ‘DEM, mesh’ in Figure 6.3). For the mesh based
analysis, the positions of the centroid of each particle from DEM simulations were
extracted and the packing was reconstructed in the CAD module in a new simula-
tions. Voids between the particles were volume meshed with polyhedral mesh and
‘local flattening’ method [26] as discussed in Section 3.2.2. The meshed bed structure
was then circumferentially sliced at different radial positions and the averaged radial
porosity profiles were obtained as the surface area of the slice divided by the total area
(rectangular surface). An example cut plane is shown in Figure 6.4.

Both analysis methods give almost identical profiles with minor deviations in the
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Figure 6.2: Comparison of a DEM simulated radial porosity profile (solid line) to
experimental data from Mueller [205] (points) and a correlation from de Klerk [206]
(dotted line) at D/d=5.96.
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Figure 6.4: Example cut plane of a spherical packing (left) and a Raschig ring
packing (right) for evaluating the mesh based porosity profiles.

bed center indicating that the meshed structure represents the packing very well and
that the ‘local flattening method’ has only a small effect on the porosity. Also, the
DEM simulated porosity profile for D/d=7 follows closely the periodicity of the corre-
lation from de Klerk [206] with small deviations in amplitude. The deviations increase
towards the center of the packing due to the vanishing ordering effect of the wall
[206]. Another possible cause of deviations is that the DEM simulated packing is not
‘perfectly dense’ in the sense of ‘hammering’ or ‘shaking’ the container as done in a
packing experiment. In the DEM simulations the particles just drop into the container
without any additional measures to densify the packing.

6.2 Raschig ring packings

For modeling Raschig ring packings in DEM simulations, the Raschig rings were ap-
proximated by a full cylinder with the same outer diameter and height as the ring.
Contact forces between particles and particle with walls were modeled by the liner
spring contact model [140]. The mesh based method is used to evaluate the radial
porosity profiles. Unlike for spherical packings, radial porosity profiles for Raschig
rings are scarce and no general agreement has been reached for correlations [24]. Giese
et al. [134] have reported porosity data for glass ring packings (do/di/h = 8/6/8 mm)
in a container with 80 mm diameter (D/d=10). This packing was simulated twice by
DEM with the same parameters and settings.

Comparison with the experimental data reported by Giese et al. [134] is shown
in Figure 6.5. Taking the stochastic nature of the packing process into account, the
agreement between DEM simulation and experiment is fair. The periodicity of the
porosity profile is nicely reproduced with some deviations in absolute values. In the
DEM simulations the particles are dropped from the top of the container at randomized
positions and randomized angular velocity. Perfect agreement of repeated simulations
can therefore not be expected but the ordering effect of the wall leads to very similar
simulation results close to the wall. Towards the center of the bed random fluctuations
of the porosity values from repeated simulations occur.
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Figure 6.5: Comparison of DEM simulated radial porosity profiles (repeated twice)
to experimental data reported by Giese et al. [134] for glass ring packings (do/di/h =
8/6/8 mm) in a cylindrical container with 80 mm diameter (D/d=10).

Since no literature radial porosity data can be found for packings with low D/d
ratio as for industrial reactor for n-butane oxidation, experimental measurement has
been conducted with the VPP catalyst pellets (master thesis from Nils Ellenfeld [89]).
First, packing of an empty tube was studied by filling an empty acrylic glass tube of 21
mm inner diameter with hollow cylinders of the VPP catalyst (Packing 1, not shown).
In a second study, the influence of the central sampling capillary and additional fiber
Bragg gratings for temperature measurements running through the reactor tube at
different radial coordinates was studied (Packing 2). An acrylic glass tube, again of
21 mm inner diameter, was fitted with a concentric acrylic glass tube (do = 3 mm)
simulating the central sampling capillary. Three additional acrylic glass tubes (do =
1 mm) 5.5 mm, 7.5 mm and 9.5 mm away from the center and at an angle of 120
◦ relative to each other were used to simulate the fiber Bragg gratings (Packing 2,
Figure. 6.6). Catalyst pellets were then filled in between these components, both in
the laboratory and by DEM simulation.

Figure 6.7 and Figure 6.8 illustrate how the porosity profiles were then determined.
After filling the acrylic glass tubes with catalyst pellets up to a height of approximately
10 cm, opacified resin was carefully filled in the voids without that air-bubbles were
trapped in the packing. After five to seven days, the resin was completely hardened. In
the next step, the hardened packings were cut into 40 slices, each approximately 2 mm
thick. Each slice was then photographed from bottom and from top. The resulting 80
images were analyzed in the software GIMP [207]. Up to 18 radial positions with a
radial step width of ∆r = 0.5 mm were analyzed as shown in Figure 6.8. By counting
the number of black pixels (solid phase) and white pixels (void), 80 radial porosity
profiles were obtained, which, after averaging, gave a representative radial porosity
profile of the packing [89].

The model parameters used for simulating these two packings are listed in Table
6.1. Even if physical properties required as input for DEM simulations are unknown
or uncertain, e.g. friction coefficients of the catalyst pellets [58, 143], their influence
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Figure 6.6: Illustration of the simulated (left) and experimental (right) packing of
the reactor tube with central sampling capillary and three fiber Bragg gratings for
temperature measurements (Packing 2).

Figure 6.7: Work flow to determine radial porosity profiles: Acrylic glass tube with
catalyst pellets (left). Packing filled with opacified and hardened resin (middle). Sli-
cing of the packing into 40 slices of 2 mm thickness (right).



60 6 Packing Study: DEM Simulations and Validations

Figure 6.8: Image analysis of a photograph of a slice to obtain radial porosity profiles.

Table 6.1: Parameters used in the DEM simulations of VPP catalyst.

Property Wall Particle

Density [kg/m3] 2500 2645

Poission’ ratio [-] 0.235 0.225

Young’s modulus [MPa] 78500 17000

Static friction coefficient [-] 0.2 0.2

Normal restitution coefficient [-] 0.9 0.9

Tangential restitution coefficient [-] 0.5 0.5

Coefficient of rolling resistance 0.002 0.002
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Figure 6.9: Top: Comparisons between simulated (lines) and measured (symbols)
radial porosity profiles of Packing 1 (empty tube). Porosity profiles of four repeated
DEM simulations are plotted to demonstrate the reproducibility and stochastic nature
of the packing process. Bottom: Comparisons between simulated (lines) and measured
(symbols) radial porosity profiles of Packing 2 (tube with central sampling capillary
and three fiber Bragg gratings). Gray dotted lines indicate the positions of the extra
thin tubes simulating three fiber Bragg gratings.
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on the final packing is not too pronounced unless particle-fluid interactions or particle
breakage are goal of the simulation. In fact it becomes common practice to take
these parameters as calibration factors to reproduce the experimental porosity profiles
[49, 58, 61].

The simulated and measured radial porosity profiles of the studied two packings
are plotted in Figure 6.9. The experimental values are displayed as height-averaged
mean values with error bars indicating the fluctuations of the porosity values along
the bed. Simulation values are present as height-averaged values. For Packing 1, four
simulation results are plotted to illustrate the reproducibility of the DEM simulations.
Some difference is observed between the simulations due to the stochastic nature of
the random packing. Similar behaviours are also observed for spherical packings in
our earlier work [27].

The results are as follows. Close to the wall, porosity values are very high, the
simulated porosity profiles agree well with the experimental one, experimental error
bars are small and repeated simulations produce almost identical results. All of this
is due to the ordering effect of the wall. In Packing 1, this wall ordering effect fades
away towards the bed center, the porosity fluctuates around 0.55 and variations in
the experimental data and among repeated simulations become larger. For Packing 2,
the sampling capillary in the center of the reactor tube introduces another wall and
leads to increased porosity values close to it. The disturbances of the thin fiber Bragg
gratings are negligible.

6.3 Conclusions

Computer generated random packings by discrete element method are studied in this
chapter. DEM simulation mimics the experimental filling process by dropping particles
from the top of the container with randomized inject position, angular velocity as well
as initial rotation for non-spherical particles. The packing structures generated from
DEM simulations are verified by comparing the height-averaged radial porosity pro-
files from simulations with experimental data. DEM simulations have been validated
as a reliable tool for generating realistic spherical and ring type packings at various
D/d ratios. Two methods are used to evaluate the radial porosity profile of spherical
packing: analytical and mesh based. Both methods give almost the same result indic-
ating the meshing strategy used in this work has minimized influence on the resulting
bed structure.

High porosity values are found in the vicinity of the container wall for both pack-
ings. This is due to the wall ordering effects which damps away towards the packing
center. Due to the stochastic nature of random packings, DEM simulations with the
same input generate not identical packings. Radial porosity profiles from repetitive
simulations show same profile shape with minor difference towards the center where
wall effect are less pronounced.

Packings of VPP catalyst pellets in an acrylic container with same diameters as
the profile reactor (Chapter 8) have been investigated numerically and experimentally.
In addition, the influence of possible extra sampling instruments to the packing is
also studied. For both scenarios, good agreement has been found between simulated
and measured radial porosity profiles and the influences of extra wall to the packing
are well captured by the DEM simulations. In summary DEM generated packings
reproduce the experimental packings within stochastic bounds. It can be concluded
that packing and meshing are physically sound and can be used for particle resolved
CFD simulations of fixed-bed reactors at small D/d ratios.



“Just because the results are in colour, it doesn’t mean they are right.”

Hugh Stitt et al. [57]

7Heat Transport: CFD

Simulations and Validations

Randomly packed fixed-bed re-
actors with small reactor to
particle diameter (D/d) ratios
are widely used in industrial
practice for exothermic oxida-
tion reactions (e.g. oxidation
of n-butane to maleic anhydride
[72]) or endothermic reforming
reactions due to the enhanced
radial heat transport rate [116].
For those reactors, it is of vital
importance to describe accur-
ately the heat transport proper-
ties and the position of the hot-spot to prevent run-away and deactivation of the
catalyst [208, 209]. Few studies have been carried out to validate CFD simulations of
heat transfer in fixed-bed reactors. Simulations of pure heat conduction in the solid
(no flow) have been proven to be correct [57]. Furthermore, validations of simulations
of convective heat transfer by comparing to experimental results of spherical packings
are reported [29, 114]. More validations at different operation conditions would be
desirable. For non-spherical packings, which are more often employed in industry [30],
no validation of DEM-CFD simulations of fixed-bed heat transfer is reported so far.

Critical validation study requires experimental input in high quality [210]. In previ-
ous studies temperature profiles were measured by inserting individual thermocouples
in the packing at different radial positions [98]. This experimental set up has a few
drawbacks: limitation of the number of the temperature points obtained, conduction
by the metallic sheaths and damage of the thermocouples during experiments [98].
Further improvements in the experimental set up to increase the spatial resolution
and remove the bias in the obtained data would be necessary. Profile measurement
techniques developed by Horn et al. [211] have been applied to obtain sub-millimeter
resolution species and temperature profiles under reaction conditions [85, 198, 212].
Hence, this chapter pursues two objectives: one is to propose an improved experi-
mental technique to provide high quality temperature data. The other is to provide
validations of CFD simulation of heat transfer in a fixed-bed reactor with low D/d
ratio (4 ≤ D/d ≤ 7) for both spherical and Raschig ring packings in moderate flow
conditions and high temperature ranges.

This chapter is adopted from publication: Y. Dong, B. Sosna, O. Korup, F. Rosowski, R. Horn,
Investigation of radial heat transfer in a fixed-bed reactor: CFD simulations and profile measurements,
Chemical Engineering Journal 317 (2017) 204-214.
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Table 7.1: Physical properties of the packing materials used in experiments of meas-
uring radial heat temperature profile.

packing type geometry parameters thermal conductivity

[mm] [W/m/K]

glass spheres d: 3 1.4

steatite rings do/di/h: 6.2/3.5/4.5 2.5

7.1 Experimental details

A pilot-scale fixed-bed reactor of 21 mm inner diameter, with side ports for sampling
in radial direction, was employed. A fused silica capillary (0.7 mm inner and 0.85
mm outer diameter) was placed in the side port. A type K thermocouple (0.5 mm
diameter) was inserted in the capillary and the loose end was fixed on a linear axis
with a stepper motor. This setting allowed the thermocouple to be moved through
the reactor in radial direction with a resolution of 10 µm. With this procedure radial
temperature profiles for two different angular positions were obtained. Figure 7.1
illustrates the experimental set up where the capillary is magnified for illustration
purpose (master thesis of Bahne Sosna [90]).

Synthetic air (mixture of 80 % nitrogen and 20 % oxygen) pre-heated to 60 ◦C
entered the reactor from the top. The reactor wall was heated by electrical heaters
to 400 ◦C. Due to the fixed position of the side sampling port and fast flattening
temperature profiles in the investigated system, only a short bed was packed without
calming section. Two packing materials were used: glass spheres and steatite rings.
The geometry and physical properties are given in Table 7.1. The packing height of
the glass spheres was 3.4 cm and 6.6 cm whereas for steatite rings it was 6.0 cm and
9.4 cm above the sampling position. There was approximately 9.5 cm packing under
the sampling position to avoid the influence of the metal holder and mixing effect
of the gas stream. Measurements with flow rates of 10 and 15 l/min (at STP) were
conducted at steady state.

7.2 Simulation details

The random packings of glass spheres and steatite rings are generated by the discrete
element method. In the DEM simulations, both particle-particle and particle-wall
interactions are considered and described by the Hertz-Mindlin model for glass spheres
and liner spring model for steatite rings (section 3.2.1) [144]. The material properties
are taken from the built-in material database from STAR-CCM+ [140]: glass for the
glass spheres and magnesium oxide for the steatite rings. The particles are injected
randomly from the top of the reactor and fall down due to gravity. The steatite rings
are approximated by a cylinder particle with the same outer diameter and height as
given in Table 7.1. For the injection of the cylinders, randomized angular velocity is
used to mimic the experiment. The DEM simulation is stopped when all the particles
are settled i.e. when the particle velocity is almost zero.

Simulations were set up according to the experiments with the same operation
parameters and packing heights. Hence, both heat transfer in the empty tube and
in the packing was simulated. The influence of the capillary and the packing below
the capillary was not considered in the simulations. The flow is non-isothermal and
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Figure 7.1: Schematic illustration of the experimental set-up of measuring radial heat
temperature profile. The size of the capillary is magnified for illustration purpose.
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Figure 7.2: Illustration of the meshed surface of a ring packing (left) and a spherical
packing (right).

Table 7.2: Meshing parameters used in heat transfer study. The packing height for
glass spheres is 3.4 cm, for steatite rings 6 cm. The extrusion mesh cells of the inlet
and outlet are not counted in the cell counts.

packing type particle counts base size cell counts

[-] [mm] [million]

glass spheres 444 4 4.2

3 11.8

2 29.2

steatite rings 66 4 3.6

3 5.5

2 8.8

standard conservation formulations of momentum, mass and energy were applied [114].
The particle Reynolds numbers are calculated based on the volume equivalent diameter
for the Raschig rings and diameter for spheres [24]. They are in the range of 60-100,
which fall in the transient range between laminar and fully turbulent flow [26]. Hence,
simulations with both a laminar model and the ‘realizable k − ε’ model with ‘all y+
treatment’ were conducted. This model with combined wall treatment is recommended
for both low and high ‘y+’ situations. The physical properties of the fluid were taken
from air and considered as temperature dependent by means of kinetic theory. The
physical properties of the solid phase are given in Table 7.1. The following boundary
conditions were applied: velocity and temperature at the inlet and ambient pressure
at the outlet. ‘No-slip’ boundary conditions were applied at the reactor wall as well
as at the particle surfaces. A fixed value of 400 ◦C was set at the reactor wall. All
simulations were done at steady state and were computed parallel on a computing
cluster.

Mesh independence studies were carried out for a base size of 2-4 mm. Simulated
radial temperature profiles for glass spheres and steatite ring packings are given in
Figure 7.3. For both packings, mesh independence is reached at a base size of 3
mm. Therefore, all simulations were done with a base size of 3 mm. Meshing is the
bottleneck in the whole work flow since it is highly RAM (Random-Access Memory)
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Figure 7.3: Simulated radial temperature profiles at different mesh base size for:
(left) a glass sphere packing with a packing height of 3.4 cm and a volumetric flow
rate of 15 l/min, (right) a steatite ring packing with a packing height of 6.0 cm and a
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Table 7.3: Global bed porosity of glass spheres and steatite ring packings.

packing type experimental value simulation value

[-] [-]

glass spheres 0.38± 0.066 0.46

steatite rings 0.66± 0.009 0.69

demanding. As shown in Table 7.2, refinement from a base size of 4 mm to 3 mm
more than doubles the mesh size for packing of 444 spherical particles. Thus, for
further implementation of a higher number of particles, a trade-off between accuracy
and computational efforts has to be made.

7.3 Results and discussion

In addition to comparing DEM simulated porosity profiles to correlations and exper-
imental data as shown in Chapter 6, the global bed porosity of the packings used in
the present work on heat transfer was measured in a glass tube with the same inner
diameter (21 mm) as the reactor tube shown in Figure 7.1. The results are summar-
ized in Table 7.3. The global porosity of the DEM simulated steatite ring packing
is in good agreement with the measured value. The global porosity of the simulated
glass sphere packing is higher than the measured value. Possibly the rate of dropping
particles into the container is higher in the DEM simulation than in the experiment
resulting in slightly ‘looser’ packings. However, also the experimental error bar for
the glass sphere packing is much higher than for the steatite rings indicating that also
the experimental values are prone to error. Overall the results presented above are
reassuring that the DEM simulations conducted in the present work generate realistic
particle packings for the simulations presented in the following.

Typical velocity- and temperature fields of sphere and steatite ring packings from
the particle-resolved CFD simulations are shown in Figure 7.4 and Figure 7.5, re-
spectively. For both packings, local inhomogeneities in the velocity fields are observed
[213]. Channeling or bypass is found near the wall and in areas where the packing is
loose. At some points, especially in the wake of the particles, the velocity is very low
or the gas is even stagnant. These observations are typical for flow inside fixed-beds
with small D/d ratio [26, 114, 118]. In reactors employing such packings wall effects
are high and the internal flow is far from plug-flow [97]. The local inhomogeneity is
higher for the steatite ring packing due to the low D/d ratio (around 4) and arbitrary
orientation. In Figure 7.5, many local voids with high velocity can be seen, whereas
stagnant zones are visible inside the rings and in places where the packing is more
dense [118].

The temperature field in each packing ‘maps’ the velocity field closely. Lower
temperature spots can be seen where the local velocity is high and vice versa. The
inhomogeneity in the temperature field of a steatite ring packing is much higher than
in a sphere packing. As shown in Figure 7.5, the shape of some individual particles
can even be recognized in the temperature field. In contrast to the almost rotationally
symmetric temperature field in a sphere packing, there is no rotational symmetry in
the temperature field of a steatite ring packing. Hence, it is difficult to reach a high
enough accuracy when applying axis-symmetric two-dimensional models for steatite
ring packings at low D/d ratios. Particle resolved CFD simulations resolve local
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Figure 7.4: Typical velocity field (left) and temperature field (right) of a spherical
packing. The packing height in this example is 6.6 cm.

Figure 7.5: Typical velocity field (left) and temperature field (right) of a ring packing.
The packing height in this example is 6.0 cm.
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Figure 7.6: Simulated pressure drop of glass sphere packings with laminar model
(squares) and k − ε model (points) compared to the Ergun equation (lines).

velocity and temperature inhomogeneities in ring packings much better.

In order to gain confidence of the prediction of the turbulence model with the
wall treatment function used in this work at low particle Reynolds numbers, laminar
simulations were also conducted. The pressure drop along the center line of the bed
is sampled for all packings and flow rates for both glass spheres and steatite rings.

Comparisons of the predicted pressure drop are presented in Figure 7.6 and Figure
7.7. The laminar and the turbulence model give almost identical results, both for the
glass spheres and for the steatite rings. This indicates that in the studied flow regime
(Rep = 60−100), the turbulence effects are very small and that the flow behaves almost
laminar. Also the low values of y+ (< 1) found after initializing the simulations point
in this direction. More important than the choice of the flow model at low Rep numbers
is the packing structure. For sphere packings, up to 350 Pa pressure drop is observed
in good agreement with the Ergun equation based on the simulated global porosity
listed in Table 7.3. For the steatite rings the porosity is higher and the pressure drop
is lower. In contrast to the well established Ergun equation for sphere beds no reliable
correlation exists for ring packings.

Figure 7.8 compares CFD simulations and experimental radial temperature profiles
of glass sphere packings at different bed heights and different inlet volumetric flow
rates. The experimental values are taken as average of the two values measured at the
same radial positions. The original experimental data have a resolution of 10 µm. For
illustration purpose, only data points at every 500 µm are plotted. The simulation
results are evaluated as circumferential average of the fluid temperature at different
radial positions. Simulation results of both the laminar model and the turbulence
‘k − ε’ model are presented. For one set of conditions: packing height of 3.4 cm and
flow rate of 10 l/min, a turbulent ‘k − ω’ simulation was conducted. As can be seen
in Figure 7.8 all three models give very similar radial temperature profiles.

Fair agreement can be found between measurement and simulation, especially for
the packing height of 3.4 cm. Higher deviations can be found for the packing height
of 6.6 cm with a maximum temperature difference of 30 K in the bed center. Similar
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glass sphere packings.
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trends are reported in earlier studies [29, 114]. Both experimental errors and model
deficiencies may contribute to this deviations. In the investigated flow region, con-
duction plays a big role [107]. Because heat is conducted from the tube wall to the
bed center, a higher porosity from the DEM simulation will lead to a systematic un-
derestimation of temperatures inside the packing. This systematic underestimation
is less pronounced at high flow rates because convection becomes the dominant heat
transport mechanism. Another systematic source of error is the meshing, where local
flattening techniques are used for the contact point problem as shown in Figure 7.2.
This artificially creates fluid volume in between the particles which reduces heat con-
duction from the reactor wall to the particles and in between them. Also this effect
results in a systematic lower temperature profile than in reality. A third systematic
error leading to underestimation of heat transport to the bed center is omission of radi-
ation. Radiation becomes important if materials are glowing but because temperatures
are low in this study (Tmax = 400 ◦C) it was omitted here. Including radiation would
introduce a large number of uncertain parameters into the model like emissivities and
would make the computations even more demanding than they already are.

Figure 7.9 shows the comparison of the simulated and measured radial temperature
profiles of the steatite ring packing at different packing heights and inlet volumetric
flow rates. The missing values of the simulation data in the center (r = 0) are due to
the occupancy of the particle while only fluid temperature is sampled. The laminar and
turbulent ‘k−ε’ model predict the same radial temperature profiles at the studied Rep.
For this packing, good agreement is observed between simulations and experiments.

In terms of random errors, the stochastic nature of the packing process has to be
considered. The DEM simulated packing will be different from the experimental bed
and hence the experimental temperature profile will always be slightly different from
the simulated one. To study the influence of the packing simulation on the predicted
temperature profiles, additional simulations were conducted in which physical packing
parameters were varied. Figure 7.10 shows a variation of Young’s modulus for all
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experimental conditions. A low value of Young’s modulus causes a quick dissipation
of kinetic energy and hence a quick settling of the particle bed. For a high value of
Young’s modulus the particle bed takes long to come to rest. As can be seen the effect
of Young’s modulus on the resulting porosity profiles is small and within the stochastic
variation of the packing process itself (Figure 7.10, top). Accordingly, no systematic
effect on the temperature profiles can be observed (Figure 7.10, bottom).

In a further set of simulations shown in Figure 7.11, the static friction coefficient
of the particles was varied. If the particles are modeled with a smooth surface (low
friction coefficient), a globally more dense packing is obtained. If the particles are
modeled with a rough surface (high friction coefficient), a globally less dense packing
results. The difference in global porosity is high enough to cause a systematic influence
on the temperature profiles [61].

Furthermore, the measured profiles represent only one trajectory across the re-
actor while simulation values are circumferential averages. Figure 7.12 (left) shows
an example of the temperature field at the bottom plane section of the glass sphere
packing. The temperature profiles are different in each radial direction. For detailed
analysis, fluid temperature points are sampled in two directions (−x to +x, −y to +y)
and plotted in Figure 7.12 (right) together with the original experimental data. Both
measured and simulated temperature profiles are not exact axis-symmetrical with 5
to 10 K difference at −r and +r. Up to 20 K difference in the simulation results from
different sampling directions can be found. To minimize this random variations in the
experimental data, more measurements at different directions would be required.

As already discussed in Figure 7.5, fixed-bed reactors packed with rings at low
D/d are more inhomogeneous and the temperature profiles do not show axis sym-
metry. This inhomogeneity is illustrated in a radial cut section shown in Figure 7.13.
Compared to the spherical packing shown in Figure 7.12, local fluctuations of the
temperature profile are much more pronounced. The radial fluid temperature profiles
at two directions are sampled and plotted in Figure 7.13 (right). Since only the fluid
temperature is sampled, the line plots have a different span according to the occupancy
of the ring particles. Up to 50 K difference can be observed at certain radial position
e.g. at r= -0.0075 m. In validation studies such local effects must be considered. In
certain cases, the simulation performance may appear poor simply by comparing to
the experimental data from other directions.

The accuracy of the heat transport simulations depends also on the correct model-
ing of the gas properties, in particular at high temperatures. Figure 7.14 compares the
radial temperature profiles with constant gas properties taken at room temperature
and with temperature dependent gas properties calculated by kinetic theory. The pro-
files differ by more than 20 K. Similar results are found for the glass sphere packings.
In previous studies, experiments were done with steam-heated jackets at atmospheric
pressure and were limited to 100 ◦C [98]. At this low temperature range, deviations
due to constant gas properties may not be observable [114]. In higher temperature
ranges, it is recommended to use temperature dependent gas properties. Also the
physical properties of the solid packing material vary with temperature. At steady
state, only the thermal conductivity is relevant. Due to a lack of the temperature
dependent thermal conductivity of the packing materials used in the present work this
could not be studied.

The high inhomogeneity of ring packings cannot be captured by rotationally sym-
metric pseudo-homogeneous models employing effective transport parameters. For
systems similar to the present study, three-dimensional CFD simulations are more
accurate. Ring packings, e.g. Raschig rings, are often used in industry. Tubular fixed-
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Young’s modulus. Top: Porosity profiles. Bottom: Temperature profiles.



7.3 Results and discussion 75

 0.3

 0.4

 0.5

 0.6

 0.7

 0.8

 0.9

 1

 0  1  2  3  4  5  6  7  8  9  10

P
o
ro

s
it
y
 [
−

]

r [mm]

steatite ring

packing 1, static friction coefficient of 0.61
packing 2, static friction coefficient of 0.2

 540

 560

 580

 600

 620

 640

 660

 680

 0  0.002  0.004  0.006  0.008  0.01

T
 [
K

]

r−coordinate [m]

6.0 cm, 10 l/min

6.0 cm, 15 l/min

steatite ring

packing 1, static friction coefficient of 0.61
packing 2, static friction coefficient of 0.2

Figure 7.11: DEM simulations of steatite ring packings with different values of the
static friction coefficient. Top: Porosity profiles. Bottom: Temperature profiles.



76 7 Heat Transport: CFD Simulations and Validations

 520

 540

 560

 580

 600

 620

 640

 660

 680

−0.01 −0.005  0  0.005  0.01

T
 [
K

]

r−coordinate [m]

glass sphere, 6.6 cm, 15 l/min

exp.

sim. y direction sim. x direction

Figure 7.12: Left: temperature field at the bottom plane section of the glass sphere
packing (z = 1.5 mm). Right: comparison of the experimental data with the radial
temperature profiles of glass sphere packing sampled at two directions. Packing height
is 6.6 cm, inlet volumetric flow rate is 15 l/min.

 520

 540

 560

 580

 600

 620

 640

 660

 680

−0.01 −0.005  0  0.005  0.01

T
 [
K

]

r−coordinate [m]

steatite ring, 6.0 cm, 15 l/min

exp.

sim. y direction sim. x direction

Figure 7.13: Left: temperature field at the bottom plane section of the steatite
ring packing (z = 2 mm). Right: comparison of the experimental data with the radial
temperature profiles of steatite ring packing sampled at two directions. Packing height
is 6.0 cm, inlet volumetric flow rate is 15 l/min.



7.4 Conclusions 77

 540

 560

 580

 600

 620

 640

 660

 680

 0  0.002  0.004  0.006  0.008  0.01

T
 [

K
]

r−coordinate [m]

6.0 cm, 10 l/min

temperature dependent
constant

Figure 7.14: Effect of the gas properties on the radial temperature profiles of the
steatite ring packing. Packing height is 6.0 cm, inlet volumetric flow rate is 10 l/min.

bed reactors with low D/d are employed for highly exothermic reactions like catalytic
oxidations (e.g. n-butane oxidation to maleic anhydride). Due to the heat of reac-
tion, local temperature inhomogeneities might even be higher than without chemistry
and the catalyst pellets packed in the same axial position might see very different
thermal environments. Because reaction rates depend exponentially on temperature
the concentration field around a single pellet can be very different. Therefore, spatially
resolved simulations are needed for more accurate predictions.

The critical judgement of the simulation performance is based on the high res-
olution of the experimental points achieved by the profile measurement techniques
[195, 211]. Even though the point density inside the bed is high, the resolution of
temperature points near the reactor wall remains a challenge. In Figures 7.8 and 7.9,
the experimental points in the vicinity of the reactor wall are not presented. This is
due to the difficulty avoiding influence from the ambient air near the side sampling
ports. We believe with further development of profile measurement techniques, more
precise description of heat transport in fixed-bed reactors can be achieved.

7.4 Conclusions

This chapter provides validations of the DEM-CFD approach for simulating heat trans-
fer in a fixed-bed reactor with small D/d ratio at different flow rates and packing
heights. Good agreement is found between the simulated and measured radial tem-
perature profiles of spherical and ring type packings at different packing heights and
flow rates. The DEM-CFD approach works particularly well in cases when the packing
can be accurately modeled like in this work for steatite rings. If the packing is not
accurately simulated like for long sphere packings systematic errors result. The high
resolution of experimental data obtained from spatial profile measurements makes it
possible to critically evaluate the predictions of the simulations. Therefore, the profile
measurement techniques can be a useful tool to provide insight into the reactor and
to deliver high quality data for theoretical developments.
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Both simulation and experiment reveal the local inhomogeneity of fixed-bed re-
actors with small D/d ratio especially for ring type packings which are often used
industrially. Spatially resolved CFD simulations with computer generated packings
are superior to pseudo-homogeneous or heterogeneous models in terms of details and
accuracy. With the ever increasing computational power this type of simulations might
become the industry standard for future reactor modeling.



8N-butane Oxidation to Maleic

Anhydride: CFD Simulations

and Profile Measurements

N-butane oxidation to maleic anhydride (MA,
Eq. 8.1) is an important catalytic oxidation
process. In 2015 the annual worldwide MA
consumption amounted to 2.8 Mio metric
tons [68]. One popular process variant em-
ploys multi-tubular fixed-bed reactors filled
with catalyst pellets of vanadyl pyrophos-
phate (VPP) cooled by circulating molten
salt [69, 70]. The fixed-bed process runs typ-
ically at 80-85 % n-butane conversion achiev-
ing an overall MA yield of about 57-65 %
[72]. This unsatisfactory MA yield motivates
chemists and chemical engineers to improve
reactor and catalyst performance. In view of
the large scale of the process even small im-
provements translate into significant revenue
[72].

C4H10 + 3.5 O2 → C4H2O3 + 4 H2O ∆H◦R,298K = −1240
kJ

mol
(8.1)

Radial heat transfer limitations require rather small reactor tubes for this exo-
thermic reaction (Eq. 8.1). Typical inner diameters are on the order of a few cen-
timeters. Pressure drop determines size and shape of the catalyst pellets. Hollow
cylinders of bulk VPP with an outer diameter of 5-6 mm are often used. Therefore,
industrial catalytic fixed-bed reactors for n-butane oxidation are characterized by small
D/d ratios (ratio of reactor diameter D to pellet diameter d). The random packing of
catalyst pellets in reactor tubes fitting only a few particles across the tube diameter
leads inevitably to pronounced local inhomogeneities. The interactions between flow,
heat and mass transfer and catalytic reactions in such highly inhomogeneous packings
are of particular interest and subject of this work. High resolution spatial measure-
ments of species and temperature inside the reactor combined with particle resolved
CFD modeling of chemistry and flow is a promising approach to understand the phys-
ical and chemical processes inside a catalytic n-butane oxidation reactor and provide
a methodology for knowledge based optimization of this important industrial process.

This chapter is adopted from submitted manuscript: Y. Dong, M. Geske, O. Korup, N. Ellen-
feld, F. Rosowski, R. Horn, What happens in a catalytic fixed-bed reactor for n-butane oxidation to
maleic anhydride? Insights from spatial profile measurements and particle resolved CFD simulations.
Submitted to Chemical Engineering Journal, 2018.
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The conventional way to study catalytic reactions and to test new catalysts in
the laboratory is the ‘in-out’ approach. If concentration and temperature gradients
over the catalyst bed are kept small, it is sufficient to analyze what is flowing in
the reactor and what comes out of the reactor. A thermocouple inside the catalyst
bed delivers a representative temperature value. In pilot scale reactors operating
at industrial conversion levels concentration and temperature gradients are naturally
pronounced. ‘In-out’ species analysis and a single temperature reading from the center
of the fixed-bed are not sufficient to resolve the gradients occurring inside the reactor.
Side sampling ports equipped with thermocouples provide some spatial resolution but
the point density in regions of steep gradients is often insufficient and wall effects
compromise the representativeness of the measured concentration and temperature
values.

In recent years movable capillaries with side sampling orifices have been used to
measure species profiles through laboratory fixed-bed reactors with submillimeter res-
olution [85, 211, 214]. Temperature sensors or spectroscopic fibers placed inside the
capillary provide temperature profiles and spectroscopic information about the cata-
lyst [215]. In the present work this methodology has been taken to pilot-scale for the
first time. A pilot-scale profile reactor was designed and built for studying n-butane
oxidation on vanadyl pyrophosphate (VPP) pellets under industrially relevant condi-
tions. The fixed-bed reactor has the same diameter (D=2.1 cm) as a single tube in
an industrial multi-tubular reactor. VPP pellets of industrial dimensions were used as
catalyst packing. The catalyst bed was 50 cm in height to keep gas flow rates within
bounds.

To interpret the measured species and temperature profiles and to allow for model-
based optimization the reactor was modeled by means of particle-resolved three-
dimensional computational fluid dynamics (CFD) [28]. A particle-resolved CFD model
was chosen over the more common pseudo-homogeneous models because transport cor-
relations in the ‘pseudo-’ model family become inaccurate in fixed-beds at small D/d
ratio (below 10), especially for heat transfer and highly exothermic reactions [24, 98].
Furthermore, pseudo-homogeneous or heterogeneous models are unable to reproduce
spikes and dips observed in the experimental profiles due to the very inhomogeneous
packing [141] and to separate reaction effects from dead zones or bypass flow.

Several factors affect the prediction performance of CFD simulations of fixed-bed
reactors [57]. Besides the computer generated packing and meshing as discussed in
Chapter 6. The most important factor is the kinetic model [9]. Most of the published
CFD simulation of fixed-bed reactor use microkinetics for surface reactions [80, 117,
121]. The model prediction is sensitive to the value of the active site density and
discrepancies between experiment and simulation often result because the active site
density of the used catalyst is different from the value in the microkinetic model. Also
this parameter is often tuned for the simulations to match the measurements [141].

Microkinetic models consisting of sequences of elementary steps are most reliable
for metal catalysts with simple active sites, e.g. single surface atoms or monoatomic
steps, and work best at conditions where the mean field hypothesis applies, e.g. at
high temperatures. This type of kinetic model has been applied in this work for
methane combustion on Pt gauze in Chapter 4 and CO oxidation on Pt loaded foam
catalyst in Chapter 5. For n-butane oxidation on vanadium phosphate catalysts no
reliable microkinetic model exists. Kinetic models comprising power rate laws and
Langmuir-Hinshelwood-Hougen-Watson type rate expressions do exist [216] and seem
more applicable to this rather complex catalytic reaction because catalyst properties
are lumped together in model parameters which are obtained from fitting the model
to kinetic data [217].
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Consequently a kinetic model with experimentally determined parameters was used
in the present work. The kinetic model augments the widely applied reaction scheme
to incorporate acrylic and acetic acid in the network. The kinetic measurements
were done with crashed catalyst in a classic kinetic test reactor and delivered intrinsic
reaction rates with negligible impact of mass and heat transfer. Since the profile meas-
urements were conducted with full-size catalyst pellets, effectiveness factors had to be
introduced into the CFD model to take pore diffusion into consideration [81]. Due to
the unknown pore structure of the industrial catalyst pellet, effectiveness factors were
adjusted in the kinetic model such that for one set of operation conditions (training
set) the predicted temperature and species profiles match the experimental profiles as
closely as possible. The model was then used to predict profiles at different operation
conditions.

This approach worked well and resulted in a model with predictive power suitable
to screen the space for reactor operation parameters that would give a higher maleic
anhydride yield. The wall temperature profile was selected for optimization. N-butane
oxidation in fixed-bed reactors has been reported to suffer from the development of
a hot-spot temperature (max. 60 K) inside the bed [69, 71]. This hot spot shortens
the lifetime of the catalyst and promotes the combustion route to CO2 and CO [76].
By optimizing the wall temperature profile of the reactor hot spot formation could be
avoided and the yield to maleic anhydride could be improved.

8.1 Experimental details

Species and temperature profile measurements were carried out in a in-house developed
pilot-scale fixed-bed profile reactor. A sketch of the operational principle is shown in
Figure 8.1. The reactor tube had an inner diameter of 21 mm and was filled with
hollow cylinders of bulk VPP catalyst to a bed height of 50 cm. The industrial VPP
reference catalyst was synthesized according to Patent [218] via an organic synthesis
route using iso-butanol. A pre-packing (15 cm) of inert Raschig rings was installed
to preheat the feed to the desired temperature before it enters the catalyst section.
The reactor was equipped with five independent electrical heating zones as shown in
Figure 8.1. Each heating zone was 12.5 cm long. The reactor could be operated at
pressures up to 5 bar, was fully automized and could run unattended for extended
periods of time.

The capillary sampling technique used to measure species and temperature profiles
was based on the work of Horn et al. [211] published previously. In brief, a fused silica
capillary with a side sampling orifice runs through the center of the catalyst packing.
A small amount of the reaction mixture is extracted through the side sampling orifice
and sent to a GC for quantitative analysis. A thermocouple inside the sampling
capillary, tip aligned with the side sampling orifice and in direct contact with the
sampled gases, measures the local gas temperature. By means of a stepper motor,
the sampling capillary with the thermocouple inside, can be translated up and down
along the centerline axis of the catalyst bed, allowing for simultaneous measurement
of species concentration and gas temperature profiles.

Quantitative species analysis was accomplished in two gas chromatographs (Agilent
7890 B) operated sequentially reducing the total measurement time for a full profile
to about 7.5 hours. The reactor profiles presented in this work have been measured by
feeding 1 % n-butane and 3 % water vapor in synthetic air to the reactor inlet. The
total volumetric flow rate was 5.7 ln/min and the reactor pressure was 2 bar.
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Figure 8.1: Sketch of the pilot-scale fully automated profile reactor.
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Figure 8.2: Left: Calculation domain and boundary conditions used for particle
resolved CFD simulation. Right: translational plane plot of mesh.
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8.2 Simulation details

A graphic illustration of the calculation domain is shown in Figure 8.2. DEM simula-
tions (cf. Section 6.2) were used to fill the reactor tube of 21 mm inner diameter with
packings of hollow VPP cylinders to a height of 50 cm representing the catalyst bed.
In the center of the tube, a cylinder of 4 mm outer diameter represented the sampling
capillary. Both, the solid region and the fluid region (voids between the particles)
were meshed as shown in Figure 8.2. The pre-packing used in reactor experiments was
not considered in the CFD model. It just provided uniform inlet temperature (Tin)
and inlet velocity (uin) conditions. The inlet temperature was set to the experimental
temperature value measured at the entrance of the catalyst packing. It turned out
that the feed gas had reached the wall temperature at this point. The inlet flow velo-
city was calculated from the set experimental volumetric flow rate (5.7 ln/min), inlet
temperature and inlet pressure. The inlet gas composition (xin) was 1 % n-butane
and 3 % water vapor in air. A pressure boundary condition, set to 2 bar, was used
at the outlet. No-slip boundary conditions were applied at the reactor wall and the
capillary wall. In terms of temperature boundary conditions, the reactor wall was
subdivided into five zones each set to the temperature used experimentally (Figure
8.2, Twall,1...Twall,5).

The particle Reynolds number at the studied operation condition is 52 and hence
the flow is calculated as laminar with standard governing equations given in Section
3.2.3. All the calculations were carried out at steady state in the CFD software
STAR-CCM+ [140]. Since more than 90 % of the gas is air in the studied system, the
molecular diffusivity is simplified to the binary diffusivity of each component in air
calculated by the Fuller equation [99]. The equations and parameters are given in Eq.
3.8 and Table 3.1.

For most species, the specific heat capacity at constant pressure cp,i was computed
from NASA polynomials built-in the thermodynamic database of STAR-CCM+ [140].
For C4H2O3, C3H4O2 and C2H4O2, polynomials are not available and constant values
of 1531 J/(kg·K), 1917 J/(kg·K) and 1933 J/(kg·K) respectively were taken from the
NIST Chemistry WebBook [219]. The thermal conductivity of the mixture λ was
taken as that of air and treated as temperature dependent.

Catalytic reactions were included as boundary conditions at the surface of each
catalyst particle (Eq. 3.65). In steady state the diffusional flux of each species normal
to the surface was set equal to the catalytic consumption or production rate of the
respective species [146] as discussed in Section 3.2.4. To calculate the catalytic con-
sumption/production rate of each species i, the following reactions were considered:

C4H10 + 3.5 O2
r1−→ C4H2O3 + 4 H2O (8.2)

C4H10 + (6.5− 2 φ1) O2
r2−→ 4 φ1 CO + 4 (1− φ1) CO2 + 5 H2O (8.3)

C4H2O3 + (3− 2 φ2) O2
r3−→ 4 φ2 CO + 4 (1− φ2) CO2 + H2O (8.4)

C4H10 + (3.5− 0.5 φ1) O2
r4−→ C3H4O2 + φ1 CO + (1− φ1) CO2 + 3 H2O (8.5)

C3H4O2 + (3− 1.5 φ1) O2
r5−→ 3 φ1 CO + 3 (1− φ1) CO2 + 2 H2O (8.6)

C4H10 + 2.5 O2
r6−→ 2 C2H4O2 + H2O (8.7)

C2H4O2 + (2− φ1) O2
r7−→ 2 φ1 CO + 2 (1− φ1) CO2 + 2 H2O (8.8)

The stoichiometric coefficients φ1 and φ2 were set to values of 0.556 and 0.5 re-
spectively to match the experimentally observed CO/CO2 ratio. Power rate laws were
used to describe the rate of each of the seven reaction steps.
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r1 = k1 · pn1
C4H10

· pn2
O2

(8.9)

r2 = k2 · pn3
C4H10

· pn4
O2

(8.10)

r3 = k3 · pn5
C4H2O3

· pn6
O2

(8.11)

r4 = k4 · pn7
C4H10

· pn8
O2

(8.12)

r5 = k5 · pn9
C3H4O2

· pn10
O2

(8.13)

r6 = k6 · pn11
C4H10

· pn12
O2

(8.14)

r7 = k7 · pn13
C2H4O2

· pn14
O2

(8.15)

kj = Aj · exp
(
−Ea,j
RT

)
(8.16)

Reaction orders, activation energies and pre-exponential factors were determined
by fitting the rate laws to kinetic measurements which were free of transport artifacts
and conducted on crushed and sieved catalyst particles in an isothermal kinetic test
reactor. The kinetic experiments covered a temperature range from 360 - 420 ◦C, a
n-butane fraction from 0.5 - 2 %, an O2 fraction from 15 - 20 % as well as co-feeding
3 % of water vapor. The parameters are given in Table 8.1. Details on the kinetic
experiments and model parameter determination will be published in a forthcoming
paper [220, 221].

Table 8.1: Kinetic parameters for n-butane oxidation to maleic anhydride developed
in house.

A1 14613 Ea,1 81740.5 n1 0.5 n2 0.42

A2 43221 Ea,2 101173 n3 0.34 n4 0.37

A3 4363.3 Ea,3 86342.2 n5 0.5 n6 0.24

A4 1.8441·109 Ea,4 155539 n7 0.83 n8 0.53

A5 1.6959·109 Ea,5 143761 n9 0.68 n10 0.33

A6 2.2077 Ea,6 51545.6 n11 0.63 n12 0.17

A7 852.07 Ea,7 91629.1 n13 0.21 n14 0.11

mol/(kg · s) J/mol - -

To convert the molar reaction rates based on mass of catalyst r1− r7 to consump-
tion/production rates of each species at the surface of each catalyst particle Rheti in
g ·m−2 · s−1, the following equation was used:

Rheti =
7∑
j=1

νijηjrjρcatalyst
Vcatalyst
Scatalyst

Mi (8.17)

Eq. 8.17 takes into account that diffusional resistances might exist in the full catalyst
pellets used in the profile reactor which are absent in the kinetic measurements on
crushed pellets. Hence an internal effectiveness factor ηj is introduced for each reaction
step. To convert reaction rates from unit mass of catalyst to unit surface as needed
in Eq. 3.65 a conversion factor ρcatalyst · Vcatalyst/Scatalyst is introduced. ρcatalyst is
the experimentally determined catalyst density of 1630 kg/m3. The ratio of pellet
volume Vcatalyst to pellet surface Scatalyst was extracted from the mesh. νij is the
stoichiometric coefficient of species i in reaction j and Mi denotes the molar mass of
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Figure 8.3: Velocity field (left), mass fraction of C4H10 (middle) and temperature
field (right) at a uniform reactor wall temperature of 370 ◦C predicted by particle
resolved CFD simulations. The zoomed sections show details around the hot-spot.

species i. The heat generated at each surface element was calculated from

Q = Rheti · hi (8.18)

and released to the gas phase and the solid phase by conduction.

8.3 Results and discussion

Cross sections of typical flow, concentration and temperature fields at a uniform reactor
wall temperature of 370 ◦C are shown in Figure 8.3 for a packing height of 50 cm.
Pronounced local inhomogeneities are observed in the flow field due to the random
arrangement of the catalyst pellets. If the hollow cylinders are oriented perpendicular
to the tube axis, dead zones inside and behind them arise with flow velocities close
to zero. If the hollow cylinders are oriented parallel to the tube axis, the gas flows
through them very quickly. The same holds for gaps in the packing which are often
found near the sampling capillary because the space between capillary and tube wall
fits only one pellet on average. The temperature and the concentration field in the
reactor are very inhomogeneous as well because they result from an interplay between
flow velocity, residence time, exothermic reactions and radial heat transfer. Little
butane conversion happens in gaps and parallely oriented hollow cylinders due to high
flow velocity and short contact time with the catalyst. Zones of low flow velocity, e.g.
in perpendicularly oriented hollow cylinders or in the wake of catalyst particles lead
to high butane conversion. In the first 10 cm of the tube, the velocity field and the
butane mass fraction field are almost a superposition of each other. The high butane
concentration due to channelling and the increasing temperature due to the heat of
reaction lead to a high reaction rate in the upper half of the catalyst bed forming
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Figure 8.4: Zoomed 3D plot of temperature (left) and differential selectivity accord-
ing to Eq. 8.19 (middle) of catalyst pellets in the hot-spot of the reactor forming at a
uniform reactor wall temperature of 370 ◦C. The 3D plot on the right side shows the
differential selectivity along the first 20 cm of the catalyst packing.

a hot-spot. The hot-spot is locally confined with some pellets exceeding 700 K. In
industrial practice, phosphorous compounds are added to the feed to lower catalyst
activity, broaden the temperature profile and extend the lifetime of the catalyst [68].
In the second half of the reactor, concentration and temperature gradients become
smaller due to the decreasing n-butane concentration and heat removal through the
tube wall. Consequently, the catalyst is rather unevenly used in the reactor. Whereas
the first half of the bed accounts for about 2/3 of the butane conversion and suffers from
thermal stress due to hot-spot formation, the second half of the bed accounts for only
1/3 of the butane conversion and operates almost isothermally at wall temperature
level.

Spatial inhomogeneities are not only pronounced on the reactor scale, they are
even pronounced on the pellet scale. Figure 8.4 shows two 3D plots of pellets from
the hot-spot of the reactor forming between 14 cm and 18 cm inside the catalyst bed
if the tube wall temperature is set to 370 ◦C. Figure 8.4 compares the temperature
profile of the pellets with the differential selectivity of n-butane oxidation to maleic
anhydride at the surface of each pellet computed according to Eq. 8.19.

Sd =
RhetC4H2O3

·MC4H10

|RhetC4H10
| ·MC4H2O3

(8.19)

Temperature differences of 40 K or more exist on one and the same pellet. The side
of the pellet pointing inwards has a much higher temperature than the side pointing
towards the tube wall. Because high temperatures lead to low selectivity in maleic
anhydride formation, temperature differences of several ten Kelvin across a pellet
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translate into selectivity differences of several percentage points.

The particle resolved CFD simulations in Figure 8.3 and 8.4 illustrate that conven-
tional pseudo-homogeneous or heterogeneous reactor models would not be able captur-
ing the very inhomogeneous concentration, temperature and velocity field inside this
reactor. Both model families treat the catalyst phase as continuum and are not able
to resolve gradients caused by the discrete nature of the catalyst particles. Particle
resolved reactor simulations reproduce physical reality much better. They would even
allow studying the effect of pellet orientation on pressure drop, hot spot formation,
product selectivity and yield. Unfortunately, particle resolved CFD simulations are
computationally much more expensive than conventional pseudo-homogeneous or het-
erogeneous models. At the time of this writing, the simulations shown in Figure
8.3 and 8.4 took several weeks on a computational cluster to converge. Nevertheless,
computational power is ever increasing and particle resolved reactor simulations might
become routine in the not too distant future. To illustrate their potential, a knowledge
based manipulation of the reactor wall temperature profile will be presented next.

Training Case: Uniform Reactor Wall Temperature

The kinetic model (Eq. 8.2-8.16, Table 9.1) describes intrinsic reaction rates, free
of diffusional resistances. It was measured in a gradient free kinetic test reactor on
crushed and sieved catalyst. Used in the particle resolved CFD simulations as is,
diffusion limitations inside the VPP hollow cylinders would not be accounted for.
Reaction rates would be too high and the model would predict full conversion of n-
butane before the end of the packing. Therefore, reaction rate multipliers (ηi ≤ 1)
were introduced and multiplied with the pre-exponential factors (Ai in Table 9.1) to
decrease the reaction rates. Activation energies and reaction orders were kept constant.

The reactor profiles that were measured with all five heating zones set to 370 ◦C
wall temperature was chosen as ‘training set’ to determine these multipliers. To check
for catalyst deactivation, profile measurements were conducted twice with two months
time on stream in between. Measured and simulated species profiles with the reaction
rate multipliers η1 = 1.0, η2 = 0.8, η3 = 0.6, η4 = 1.0, η5 = 0.6, η6 = 1.0 and η7 = 1.0
are shown in Figure 8.5. These multipliers, lumping besides pore diffusion also effects
of film transport and deviations of the DEM packing from the real packing, gave the
best fit to the measured species profiles. Another systematic difference between the
kinetic measurements leading to Equations 8.2-8.16 and Table 9.1 and data measured
in the pilot scale profile reactor is the CO to CO2 ratio expressed by the parameters
φ1 and φ2. In the kinetic measurements, a CO/CO2 ratio close to 1 was observed
(φ1 = 0.556 and φ2 = 0.5). All profiles measured in the pilot-scale reactor show
a higher CO/CO2 ratio. Similar findings have been reported in [71]. Hence, the
stoichiometric factor φ1 in Equation 8.3, the main source of CO and CO2, was increased
to a value of 0.75 in order to reproduce the measured ratio. Why the CO/CO2 ratio
depends on reactor and catalyst size is not yet clear and requires further investigations.

Another parameter that was determined from the training data set was the thermal
conductivity of the catalyst pellets. The only value reported in the open literature is
0.585 W/m/K [222]. Figure 8.6 shows a screening study on this parameter using a
slightly shorter catalyst bed of 30 cm length to save computational time. If the original
value of 0.585 W/m/K is used, the hot-spot is markedly overpredicted. Best agreement
was found with a value of 1.2 W/m/K which was then used in all simulations discussed
hereafter.

The experimental profiles in Figure 8.5 are very reproducible taking into account
that they were measured with two months time-on-stream in between. The spikes
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Figure 8.5: Measured (points) vs. simulated (lines) species profiles. All five heating
zones were set to 370 ◦C. Simulation results are displayed from two axial trajectories
extracted at the same radial distance from the tube center but opposite azimuthal
angle (solid lines, dotted lines). Profile measurements were repeated twice with two
months time on stream in between (two types of symbols).
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Figure 8.6: Effect of the thermal conductivity of the solid (λsolid) on the simulated
temperature profiles. The experimental temperature profile corresponds to the case
where all five heating zones were set to 370 ◦C.

and dips in the experimental data are real and no scatter. They are caused by the
random orientation of the catalyst pellets in the reactor and the local flow, temperature
and concentration conditions around the sampling orifice. This can be seen best by
analyzing simulation data which are free of experimental scatter. The solid and dotted
lines in Figure 8.5 correspond to two simulated axial species profiles extracted at the
same radial distance from the tube center but opposite azimuthal angles. The spikes
and dips in the simulated profiles are even more pronounced than in the measured
profiles because sampling through the orifice, which had a diameter of 100 µm in this
study, averages over a finite volume smoothing the amplitudes to some extent.

A similar comparison is shown in Figure 8.7 for the temperature profiles. The
simulated temperature profiles are sampled at four axial trajectories around the central
sampling capillary at the same radial distance from the tube center but at four different
azimuthal angles +x = 0,−x = π,+y = π/2,−y = 3/2π. There is a qualitative
agreement among the four simulated temperature profiles in terms of hot-spot position
and slopes before and after the hot-spot. Quantitatively the simulated temperature
profiles differ slightly due to the random orientation of the particles. For example, the
hot-spot temperature varies by up to 18 K among the four simulated profiles shown.

Deviations between simulated and measured profiles are easier spotted if the sim-
ulated profiles are angular averaged as shown in Figure 8.8 for the species profiles.
Systematic deviations from the measurements are found for all species from 350 mm
to 500 mm. This is most likely caused by the slightly over-predicted temperature in
this section (cf. Figure. 8.7) leading to a higher consumption rate of n-butane and a
higher production rate of the reaction products.

Eye-catching different profiles, both measured and simulated, were observed for
the two acids, acetic acid CH3COOH and acrylic acid CH2CH-COOH. Acetic acid is
formed along the entire catalyst bed. Acrylic acid is formed at the same rate as acetic
acid up to about z ≈ 150 mm, the location of the hot-spot. At this point, acrylic acid
formation stops. From 150 mm to about 280 mm the molar flow rate of acrylic acid
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Figure 8.7: Measured (points) vs. simulated (solid and dotted lines) temperature
profiles. All five heating zones were set to 370 ◦C. Simulated temperatures are dis-
played for four axial trajectories extracted at the same radial distance from the tube
center but four different azimuthal angles (+x = 0,−x = π,+y = π/2,−y = 3/2π).

stays almost constant. From 280 mm onwards, the acrylic acid profile goes down until
the end of the catalyst bed at 500 mm. In this zone, the production rate of acrylic
acid is negative.

The molecular details of this different behaviour are not yet clear but the devel-
opment of the two acids is nicely captured by the kinetic model (Eq. 8.2-8.16, Table
9.1). According to this reaction network, the formation rate of CH3COOH is 2 ·r6−r7
and that of CH2CH-COOH is r4 − r5. Figure 8.9 plots these reaction rates along the
bed. The reaction rates producing and consuming acrylic acid, r4 and r5 respectively,
follow the temperature profile closely. This is due to the high values of the activation
energy of these two reactions (Ea,4 = 156 kJ ·mol−1, Ea,5 = 144 kJ ·mol−1). Down-
stream of 300 mm, the value of r4 becomes lower than that of r5 explaining the slow
decrease of the CH2CH-COOH profile. The reaction rates producing and consuming
acetic acid, r6 and r7 respectively, have lower activation energies (Ea,6 = 52 kJ ·mol−1,
Ea,7 = 92 kJ ·mol−1) and are less sensitive to temperature variations. The net forma-
tion rate of acetic acid, 2 · r6 − r7 decreases along the catalyst bed but never becomes
negative. In consequence, the molar flow rate of acetic acid increases monotonously
along the reactor but flattens in slope.

Predictive Case: Staged Reactor Wall Temperature

After ‘training’ the kinetic model to match the measured reactor profiles as closely
as possible at a uniform wall temperature of 370 ◦C, predictions were made for other
reactor wall temperatures and compared with measurements. Because a uniform re-
actor wall temperature of 370 ◦C led to a non-acceptable hot-spot of about 425 ◦C,
the temperature of all five heating zones was lowered to 360 ◦C. The corresponding
temperature and species profiles are provided in Figure 8.11 and Figure 8.10. Agree-
ment between experiment and simulation is still good. The hot-spot temperature in
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Figure 8.8: Angular averaged simulated species profiles (lines) vs. measured species
profiles (symbols). The measured species profiles correspond to two measurements
along the same axial trajectory but with two months time on stream in between. All
five heating zones were set to 370 ◦C.
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Figure 8.9: Angular averaged simulated reaction rates related to acetic acid
CH3COOH and acrylic acid CH2CH-COOH. All five heating zones were set at 370
◦C. The grey dotted line shows the simulated temperature profile for comparison.

the catalyst bed is reduced disproportionately due to the parametric sensitivity of the
system (Tmaxmeas ≈ 397 ◦C, Tmaxsim ≈ 392 ◦C). The reduced temperature in the reactor
lowers the thermal stress on the catalyst which is desirable but it also lowers reaction
rates and leads to reduced maleic anhydride production which is not acceptable from
an industrial point of view. Lowering the reactor wall temperature along the entire
reactor is therefore not an option.

Without knowledge of the concentration and temperature profiles inside the reactor
and without a predictive reactor model time consuming and costly trial and error
campaigns would now be in order to reduce the thermal stress on the catalyst without
compromising maleic anhydride production. With the knowledge from the profile
measurements and with the predictive model, knowledge based reactor optimization
allows reaching this goal faster and cheaper. At 370 ◦C reactor wall temperature the
profiles showed a detrimental hot-spot formation in the first half of the catalyst bed
because high butane concentrations meet hot catalyst particles. As described above
2/3 of the butane was converted under these conditions in the first half of the catalyst
bed while the second half only accounted for 1/3 of the overall butane conversion.
This knowledge implies that an optimum reactor wall temperature profile features
gradually increasing temperatures with lower temperatures and reduced reaction rates
at the reactor inlet and higher temperatures towards the outlet compensating for the
decreasing butane concentration. The predictive reactor model can now be used to
calculate an optimized wall temperature profile according to this general strategy.

To demonstrate this concept, Figure 8.12 shows a side-by-side comparison of exper-
imental and computed reactor profiles for the ‘training’ case of 370 ◦C uniform reactor
wall temperature on the left side and a stagewise increasing wall temperature profile on
the right side. For the staged profile the heating zones 1-5 were set to Twall,1 = 360 ◦C,
Twall,2 = 365 ◦C, Twall,3 = 370 ◦C, Twall,4 = 375 ◦C and Twall,5 = 380 ◦C respectively.
For better comparison of reactor performance, the profiles in Figure 8.12 are plotted as
conversion profiles for n-butane (C4H10) and selectivity profiles for the main products
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Figure 8.10: Angular averaged simulated species profiles (lines) vs. measured species
profiles (symbols). The measured species profiles correspond to two measurements
along the same axial trajectory but with two months time on stream in between. All
five heating zones were set to 360 ◦C. Experiments were repeated twice and indicated
by two types of symbols.
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ing zones were set to 360 ◦C.
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selectivity and temperature profiles. Left: five heating zones are set uniform at 370 ◦C.
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results are circumferentially averaged. The applied reactor wall temperature settings
are show as sketch.
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maleic anhydride (C4H2O3), carbon monoxide (CO) and carbon dioxide (CO2).

In both cases a butane conversion of about 80 % was measured at the end of the
catalyst bed. This conversion level is comparable to industrial reactors. In case of
the stagewise increasing wall temperature profile the butane conversion rate is indeed
reduced in the first half of the catalyst bed and increased in the second half of the
catalyst bed. As intended, this leads to a more uniform temperature profile inside the
catalyst bed without punctual hot-spot formation. The temperature increases almost
linearly from the inlet value of 360 ◦C at 0 mm to 410 ◦C at about 220 mm, staying
constant up to about 380 mm before decreasing to 400 ◦C at the end of the catalyst
bed (500 mm). The differences to the 370 ◦C wall temperature case seem subtle but
an inspection of the selectivity profile shows that not only the thermal stress of the
catalyst is reduced but that also the selectivity to maleic anhydride is increased. This
comes as no surprise because the detrimental influence of high catalyst temperatures on
the maleic anhydride selectivity was already seen in Figure 8.4. While the measured
integral maleic anhydride selectivity is about 72 % for a uniform wall temperature
of 370 ◦C, the stagewise increasing wall temperature profile increases the measured
integral maleic anhydride selectivity to almost 75 %. This increase seems minor but at
a world scale production of 2.8 Mio t it translates into significant savings in n-butane
consumption, reduced COx emissions and increased revenue [79].

8.4 Conclusions

We present for the first time species and temperature profiles inside a pilot-scale
fixed-bed reactor for n-butane oxidation on VPP catalyst pellets under industrially-
relevant temperature-, flow- and pressure conditions. Besides high resolution profiles
for the main species n-butane, oxygen, maleic anhydride, CO and CO2 profiles of
the intermediates/by-products acetic acid (CH3COOH) and acrylic acid (CH2CH-
COOH) were measured. The species and temperature profiles provide insight into the
reaction network and lead to strategies for reactor optimization. For optimization of
the reactor wall temperature profile, the pilot-scale profile reactor was equipped with
five independent heating zones offering the possibility to imprint a temperature profile
onto the reactor wall.

To make predictions of the reactor performance at different operation conditions,
a particle-resolved CFD reactor model was developed. Classical pseudo-homogeneous
or heterogeneous reactor models would not be able to capture the very inhomogeneous
velocity-, temperature- and concentration fields inside the catalyst bed because the
large catalyst pellets inside the narrow reactor tube cannot be approximated as one
continuous phase. The packing structure generated from DEM simulations was found
to be in very good agreement with the experimentally determined porosity profile.
Close to the reactor wall agreement was almost perfect due to the ordering effect of
the wall. In the tube center measured and simulated porosity profiles agreed within
the statistical bounds of the packing process. The influence of the central sampling
capillary on the packing was also well captured by the DEM simulations.

The catalytic reactions inside the catalyst pellets were described by an intrinsic
kinetic model, measured on crushed and sieved catalyst particles in a separate kinetic
setup under conditions free of transport artifacts. Because it was computationally
not possible to solve reaction-diffusion equations in each catalyst pellet on top of the
already very demanding CFD simulations, reaction rate multipliers were introduced in
the kinetic model lumping transport effects and minor deviations between the simu-
lated and the real catalyst packing. These reaction rate multipliers were determined by
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changing them until the best possible agreement with a set of reactor profiles measured
at a uniform reactor wall temperature of 370 ◦C was reached. The trained model was
then used to make predictions for the reactor profiles at other wall temperature condi-
tions and good agreement was found with the corresponding measurements. Particle
resolved CFD reactor modeling suggested a stagewise increasing temperature with in-
crements of 5 ◦C from 360 ◦C to 380 ◦C as close to optimum. When this temperature
profile was imprinted onto the reactor wall, the hot-spot was indeed eliminated, con-
version remained at 80 % and the integral selectivity to maleic anhydride at the end of
the catalyst bed increased from 72 % to almost 75 %. The reduced thermal stress on
the catalyst extends the lifetime of the VPP catalyst and the increasing selectivity to
maleic anhydride at constant n-butane conversion translates into a better use of the
feedstock n-butane, reduced COx emissions and higher revenue.

This work demonstrates the potential of combining spatial reactor measurements
with appropriate reactor modeling to improve even well established catalytic processes.
The oxidation of n-butane to maleic anhydride on vanadyl pyrophosphate was chosen
as test reaction in this work but this approach can be extended to all heterogeneous
catalytic reactions carried out in fixed-bed reactors.



“Catalyst particles have a very complicated pore structure and describ-
ing diffusion from the external surface to the active sites where the
reactions take place is not a simple task.”

Gilbert F. Froment et al.[2]

9Catalyst Pore Structure Study

Most applied vanadyl pyrophosphate (VPP)
catalysts for n-butane oxidation to maleic an-
hydride (MA) in industrial fixed-bed reactors
are bulk catalysts typically made by pressing
the active powder into a pellet with the de-
sired dimensions [91]. The resulting catalyst
pellets therefore have a bimodal pore struc-
ture, i.e. the micro-porous structure from the
chemical synthesis of the active powder and
the macro-porous region between the powder
formed by the pelleting process. Due to diffu-
sion limitation, the global reaction rate of the
catalyst pellet in the reactor can be different
from the intrinsic reaction rate measured for
the active powder [71]. Hence, the real per-
formance of the VPP catalyst pellet in a technical fixed-bed reactor is an overall result
of the chemistry nature of the active component and the pore structure of the pel-
let. Most of current research on n-butane oxidation focus on improving the catalytic
chemistry of the VPP catalyst [72, 223, 224]. New synthesis methods are continuously
proposed to increase the intrinsic activity of the VPP precursors [75, 225]. To the best
of our knowledge, the pore structure optimization of the VPP catalyst for n-butane
oxidation is not explored yet.

Early studies have shown that an optimal pore structure of the catalyst pellet can
be of great importance [226–228]. With the development of experimental techniques,
rational design and synthesis of catalyst pellets with desired pore structure for better
performance is nowadays possible [229, 230]. The effect of the pore structure param-
eters of the VPP catalyst pellet on the reactor performance for n-butane oxidation
in a fixed-bed reactor is investigated in this work by means of detailed mathematical
modelling. If the overall yield of maleic anhydride can be improved by 1 % with alter-
ing the catalyst pore structure, this may open up a new direction for research of this
process.

9.1 Simulation details

A two-dimensional heterogeneous model [2] including mass, heat and momentum bal-
ances in both axial and radial direction were applied to model a fixed-bed reactor. The

This chapter is adopted from publication: Y. Dong, F.J. Keil, O. Korup, F. Rosowski, R. Horn,
Effect of the catalyst pore structure of fixed-bed reactor performance of partial oxidation of n-butane:
A simulation study, Chemical Engineering Science 142 (2016) 299-309.
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three-dimensional reactor was simplified to a two-dimensional rectangular geometry
assuming rotational symmetry. The pseudo-homogeneous and heterogeneous models
have been applied successfully to simulate the n-butane oxidation in fixed-bed reactors
[71, 222, 231–233] and membrane reactors [78, 234, 235]. The micro- and macro pore
model of Wakao and Smith [92, 131] was applied for describing diffusion-reactions in-
side the porous catalyst pellet. Details of the models are described in Section 3.1. All
the simulations were carried out with COMSOL Multiphysics 5.0 R© [236].

For this simulation work, the triangle (three-reaction) network as shown in Figure
9.1 was used which includes the main reaction of n-butane to maleic anhydride, total
oxidation of n-butane to carbon oxides (CO2 and CO) and consecutive MA oxidation
to CO2 and CO [237]. The formation of other by-products such as acetic acid, acrylic
acid, phthalic and methacrylic acids are generally neglected in the reaction model
because of observed low concentrations (lower than 2 %) [78, 234].

Figure 9.1: Triangle reaction network for n-butane oxidation [237].

The stoichiometric equations used were as follows:

C4H10 + 3.5 O2
r1−→ C4H2O3 + 4 H2O ∆H◦R,298K = −1240 kJ/mol (9.1)

C4H10 + 5.5 O2
r2−→ 2 CO2 + 2 CO + 5 H2O ∆H◦R,298K = −2092 kJ/mol (9.2)

C4H2O3 + 2 O2
r3−→ 2 CO2 + 2 CO + H2O ∆H◦R,298K = −852 kJ/mol (9.3)

The intrinsic rate expressions and kinetic parameters were taken from Guettel et al.
[233], and the parameters are given in Table 9.1:

kj = Aj · exp
(
−Ea,j
RT

)
(9.4)

r1 =
k1pC4H10

p0.5O2

1 +K1pC4H10
+K2pH2O

(9.5)

r2 =
k2pC4H10

p0.5O2

1 +K1pC4H10
+K2pH2O

(9.6)

r3 =
k3pC4H2O3

p0.25O2

1 +K1pC4H10
+K2pH2O

(9.7)

Since the aim of the present simulation is to investigate the effect of the pore struc-
ture of the catalyst pellet on the reactor performance, the above mentioned reaction
rates rj which are in units of mol/(kgcat· s) were converted to the surface area based
reaction rate rj,s which is in units of mol/ (m2· s) with assumed active surface per
catalyst mass Sg of 6.7 ·105 m2/kg.

The shape of the catalyst pellet studied in the present paper is cylindrical (d =
h = 3 mm) and physical parameters of the catalyst were adapted from Guettel et al.
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Table 9.1: Kinetic parameters for partial oxidation of n-butane taken from Guettel
et al. [233]

Parameter Value Unit

A1 1.28 mol/ (s · kgcat · Pa1.5)

A2 15.1 mol/ (s · kgcat · Pa1.5)

A3 0.26 mol/ (s · kgcat · Pa1.25)

Ea,1 114 kJ / mol

Ea,2 132 kJ / mol

Ea,3 97 kJ / mol

K1 6.8 ·10−4 1/Pa

K2 5.8 ·10−4 1/Pa

Table 9.2: Properties of the catalyst pellet [222, 233].

Property Symbol Value Unit

Mean macro pore diameter dM 100 nm

Mean micro pore diameter dm 1 nm

Total porosity εtotal 0.5 -

Macro pore porosity εM 0 - 0.5 -

Micro pore porosity εm 0 - 0.5 -

Density of the solid ρsolid 3000 kg/m3

Thermal conductivity of the pellet λpellet 0.585 W/(m·K)

[233]. Due to the limited published information on the available pore structure of this
catalyst, parameters dM , dm, εM were estimated. The estimated physical properties
for the reference case are listed in Table 9.2.

9.2 Results and discussion

In the first part of this section, the obtained reactor profiles and pellet profiles sim-
ulated are discussed. A reference case was defined with the pellet pore structure
parameters set to: εM = εm = 0.25, dM = 100 nm, dm = 1 nm. The operational
parameters of the reactor are summarized in Table 9.3.

Figure 9.2 shows the typical velocity field and temperature profile inside the fixed-
bed reactor simulated with the heterogeneous model. The flow field predicted by the
extended Brinkmann equation together with the radial porosity profile and Ergun
correlation shows maximum values in the near-wall region and zero value at the wall
[78]. This is caused by the high porosity of the random packing in the vicinity of the
wall and no-slip boundary condition applied at the wall. Detailed flow calculations,
instead of using conventional plug-flow assumption, are important in this study due
to the strong interconnection between the flow and the heat and mass transport. This
coupling is described by the ‘λr model’ of Winterberg and Tsotsas [97] applied in this
work. For a strong exothermic reaction in wall-cooled fixed-bed reactors with low
D/d ratio, the accurate prediction of the hot spot temperature is of vital importance
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Table 9.3: Operational parameters applied in a two-dimensional heterogeneous model
to simulate n-butane oxidation in a fixed-bed reactor.

Parameter Symbol Value Unit

Reactor length lR 0.5 m

Reactor diameter dR 21 mm

Inlet temperature T0 673.15 K

Reactor wall temperature Tw 673.15 K

Inlet molar fraction of C4H10 yC4H10,0
0.02 -

Inlet molar fraction of O2 yO2,0
0.2 -

Inlet molar fraction of H2O yH2O,0
0.03 -

Gas hourly space velocity GHSV 2000 h−1

Figure 9.2: Example illustration of the predicted velocity field (left), temperature
profile (right) of a 2-D heterogeneous model incorporated with radial porosity profile
and exothermic reactions.
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Figure 9.3: Predicted concentration profile for C4H10 (left) and C4H2O3 (right) of
the reference case.

[208]. This is the reason why a two-dimensional model is necessary to follow the
pronounced radial temperature profile and capture the exact location and magnitude
of the hot spot. The accuracy of the ‘pseudo-’ family model is heavily dependent on the
reliability of the effective transport parameters especially for the radial heat transport
[98]. A wrongly calculated temperature profile affects the concentration profile via the
exponential term in the reaction kinetics. Also, the hot spot temperature is a critical
value to check while evaluating the results owing to varying pore structure parameters.
A too high hot spot temperature is not only dangerous for the operation (run-away),
but also has negative effect on the selectivity and life-time of the catalyst [234].

Figure 9.3 shows the simulated concentration profiles of C4H10 and C4H2O3 for
the reference case. Concentration of C4H10 decreases while C4H2O3 increase along the
axial direction with reactions proceed along the reactor. No large radial concentration
gradients are observed for both species concentration profiles. The slightly higher
concentrations of C4H10 and C4H2O3 near the wall compared to the center are caused
by lower temperature and higher flow rate near the wall.

The heterogeneous model calculates the source term at each point of the reactor
from the pellet mass balance. Therefore, one can plot the profiles inside the pellets
at every point (r and z coordinate) in the reactor. For illustration purposes, five
sampling points at position 1 (r = 0 m, z = 0.1 m), position 2 (r = 0 m, z = 0.25
m), position 3 (r = 0 m, z = 0.4 m), position 4 (r = 5.25 · 10−3 m, z = 0.1 m)
and position 5 (r = 10.5 · 10−3 m, z = 0.1 m) were taken. Figure 9.4 shows the
concentration profiles of selected species and temperature profile inside the pellet at
the five sampling points in the reactor. All species participating in the reaction show
intra-particle concentration gradients. The temperature gradients are negligible. This
behaviour can also be found in literature [2]. The concentration gradient indicates
the presence of diffusion-reaction interplay with the pore structure chosen for the
reference case. By comparing the concentration plots in position 1,2,3 which are at
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Figure 9.4: Concentration profiles of C4H10 (left top), C4H2O3 (right top), CO2

(left bottom) and temperature profile (right bottom) inside the pellet at five sampling
positions in the reactor. Position 1: r = 0 m, z = 0.1 m; Position 2: r = 0 m, z = 0.25
m; Position 3: r = 0 m, z = 0.4 m; Position 4: r = 5.25 · 10−3 m, z = 0.1 m; Position
5: r = 10.5 · 10−3 m, z = 0.1 m.

different axial positions but same radial position, one can see that the concentration
profiles inside the pellet change considerably along the reactor. With the progress of
reaction, the concentration gradient is flattened as expected. The flattened profiles
along the reactor are a sign for the decreasing reaction rates along the bed due to
lower concentration of the reactants and decreasing temperature along the bed.

If the entire reactor for n-butane oxidation is packed with the same catalyst ma-
terial, one can image that the catalysts in the lower part of the bed are not used as
efficiently as at the bed inlet [72]. From an economic point of view, a more structured
catalyst packing where catalysts with different kinetics are packed at different sec-
tions of the reactor may be a good approach [233]. Position 1,4,5 are taken from the
same axial coordinate but different radial coordinate. One can observe rather different
concentration profiles inside the pellet. Position 1 is almost in the hot-spot region as
one can see in the temperature plot and that may explain the higher concentration
gradient with higher reaction rates. Figure 9.3 and Figure 9.4 show that the catalyst
pellet located in different sections of the reactor may experience different conditions
(concentration of the reactants and temperature). It is possible that these catalysts
are chemically different from each other especially on the surface in accordance to
the exposed conditions. In future work, incorporation of the surface dynamics in the
model can be an insightful refinement of the model.

In total, there are four pore structure parameters in the model of Wakao and Smith
[92] which can be varied or optimized. In the presented study, only three parameters
were studied since the total porosity of the catalyst pellet was kept fixed to 0.5. By
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Figure 9.5: Effect of the macro-pore porosity εM on the simulated fixed-bed reactor
performance for n-butane oxidation.

fixing the total porosity, the pellet density and bed density were kept unchanged with
varying distribution of the macro and micro pores porosity in the pellets. The following
question is addressed in this work: Which pore structure of the catalyst pellet is more
efficient for a given mass of active catalyst and fixed pellet shape. All simulations were
carried out at the same operational conditions as for the reference case.

Firstly, the macro-pore porosity εM was varied from 0 to 0.5 while the macro and
micro-pore diameters were kept to the values of the reference case. Figure 9.5 shows
the simulated reactor performance, i.e the overall conversion, selectivity and yield at
the outlet of the fixed-bed. These were calculated as integral average at the outlet:

Conversion =
NC4H10,in

−NC4H10

NC4H10,in
, (9.8)

Selectivity =
NC4H2O3

NC4H10,in
−NC4H10

, (9.9)

Y ield = Conversion · Selectivity, (9.10)

where the NC4H10
stands for the molar flux of C4H10 in unit of mol ·m−2·s−1. The

hot spot temperature was evaluated as the maximum temperature in the calculation
domain.

With increasing fraction of macro-pores in the catalyst pellet, conversion of n-
butane first increases and experiences a maximum when εM = 0.2. Then, the con-
version drops and reaches the lowest value at the upper limit when all the pores are
macro-pores. The selectivity increases gradually with increasing εM except for the
case when εM = 0.5. For industry, yield is important as n-butane is not recycled. As
one can see in Figure 9.5, the yield has similar shape as the conversion with respect
to εM but the maximum is slight shifted to εM = 0.25 which is also the reference case
used in this work. The hot spot temperature follows the same trend as the conversion
due to the reaction progress. The highest hot spot temperature for εM = 0.2 is 36 K
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Figure 9.8: Effect of the macro-pore porosity εM on the integrated average reaction
rates ri of the pellet located at position 1.

higher than the inlet temperature. This temperature rise is still within the tolerance
temperature rise (Max. 60 K in literature) [233]. The resulting reactor performance
indicates that catalysts with bimodal pore structure can out-perform those with only
micro-pores or only macro-pores being the two limiting cases. The optimal distribution
of the macro- and micro- pores in the presented study is achieved when εM = 0.25 if
the maximum yield is the concerned criteria. This optimum is a compromise between
the high reactive surface mostly created by the micro-pores, and high diffusion rate
facilitated by the macro-pores (transport pores).

Figure 9.6 illustrates the specific surface Sg and the effective diffusivity of selected
species Deff,i as function of εM . The specific surface area decreases linear with εM and
the diffusivity increases quadratically with εM . Both trends can be mathematically
explained by Eq. 3.1 and Eq. 3.4. The interplay between diffusion and reaction was
already found a few decades ago [130]. The question is how much the yield can be
improved by tuning the pore-structure of the catalyst pellet. In the presented study,
even with slight modification, from εM = 0.3 to εM = 0.25, 1% of yield improvement
can be achieved which is of industrial interest [72] due to high production capacity
of MA. These results clearly demonstrate that the role of the pore structure of the
catalyst can be as important as the improvement of the catalyst. Eventhough the
presented values are based on estimated values of pore structure, the trend observed
from the calculations will be conserved in reality. Another message from Figure 9.5
is that a not optimised fraction of macro-pores from the pelleting process can make a
poor-performance catalyst even though the active ingredients are not altered.

In order to better understand the influence of the pore structure parameter εM
on the pellet scale, the concentration profiles of C4H10 and C4H2O3 inside the pellet
located at position 1 are plotted in Figure 9.7. When εM is lower than 0.1, very steep
concentration gradient of C4H10 can be observed. This is a clear indication of the
diffusion limitation that barely any reactant molecules can enter the interior active
surface. After introducing the macro-pores, for example εM = 0.1, the inner parts of
the catalyst pellet become accessible. When εM < 0.1, the concentration profile of
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Figure 9.9: Effect of the macro-pore diameter dM on the simulated fixed-bed reactor
performance for n-butane oxidation.

C4H2O3 first increases gradually due to the higher concentration of C4H10 and thus
higher reaction rates. The maximum found around ζ = 0.80 is likely because of the
accumulation of the C4H2O3 molecules when the diffusion rate is still low compared
to the reaction. With increasing fraction of the macro-pores inside the pellet, the
concentration profiles for both species flatten out. It is not only because of the faster
diffusion of the reactants inwards and products outwards of the pore, but also because
of the loss of reaction sites due to the reduced specific surface. Above εM = 0.3, the
catalyst performance is limited by the reduction of the active surfaces.

Integral averages of the reaction rates inside the pellet at position 1 were evalu-
ated and depicted in Figure 9.8. Reaction rates r1 and r2 show the same trend with
respect to εM . This is expected from the kinetic expressions in Eq. 9.5 and 9.6. The
decomposition reaction rate r3 shows a different behaviour as a function of εM . It
seems that the influence of accelerated diffusion rate on r3 is less pronounced than the
reduction of the surface area as one can see from the slope of the increasing part (r1,
r2) compared to the decreasing part (r3). This means the diffusion-reaction balance
has a different effect on each individual reaction. With that it is possible to not only
promote conversion, but also the selectivity by changing the pore structure. From the
presented results, the key is to find the ‘right’ pore structure where the main reaction
rate r1 is high enough and the undesired consecutive reaction rate r3 is rather low.
The optimal value for εM is 0.25, the same value as observed for the reactor scale.
At this point, one can deduce that the fractions of macro- and micro-pores inside the
catalyst pellet have effects on both the concentration profiles and reaction kinetics on
the pellet scale and on the reactor scale. In addition to catalyst synthesis, optimizing
the pellet pore structure offers the possibility to improve industrial maleic anhydride
synthesis.

The other two parameters studied in this work were the macro-pore diameter dM
and micro-pore diameter dm. Simulations with independent variation of dM and dm
were carried out while the fraction of the macro- and micro-porosity (εM = εm = 0.25)
were fixed. From the presented results above, εM = 0.25 is the optimal value for dM
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Figure 9.10: Effect of the micro-pore diameter dm on the simulated fixed-bed reactor
performance for n-butane oxidation.

= 100 nm and dm = 1 nm. In the following section, the main goal is to investigate if
further improvement is possible by tuning the pore size. Figure 9.9 shows the overall
conversion, selectivity, yield and hot spot temperature with respect to the macro-pore
diameter. Both conversion and selectivity increase with increasing macro-pore dia-
meter slightly. The overall yield of the product is improved, e.g. by 3% by increasing
dM from 100 nm to 200 nm. The increase of the overall reactor performance can be ex-
plained by the acceleration of the diffusion rate since the Knudsen diffusivity increases
linearly with the pore diameters. On the other hand, the specific area for reaction
decreases with increasing dM but to a less significant extent than the promotion of the
diffusion. However, the hot spot temperature increases further with increasing con-
version and eventually will lead to destruction of the catalyst. Therefore, a maximum
of 200 nm of the macro-pore diameter can be suggested for this case.

The influence of micro-pore diameter dm on the overall reactor performance is
shown in Figure 9.10. The conversion of n-butane decreases rapidly with increasing
dm. Even though the selectivity increases slightly, the overall yield of the product
decreases with increasing dm. The decrease of conversion is a consequence of the de-
creasing specific area with decreasing dm. Since the micro-pore diameter is in the
denominator for calculating the specific area, a reduced value of dm will lead to much
higher surface area and thus an enhanced reaction rate. Whilst, the diffusivity de-
creases with decreasing dm. The decrease of the selectivity is probably because the
parallel and consecutive reactions are both enhanced with higher surface area and
slower diffusion. Again, taking into account the hot-spot temperature, a minimum
value of 0.8 nm can be suggested for the micro-pore diameter based on the presented
results.

The results of the reactor performance in regard to the changing pore diameters
reveal that the ‘bi-modal’ catalyst with larger transport pores (higher value of dM ) and
higher surface area (lower values of dm) are preferred for the given kinetics. Similar
results can be found in the work of Hegedus [130] even though the reactions studied
were totally different. In order to check the generality of the obtained results, the
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kinetic parameters (ai) are changed artificially to a ‘better’ catalyst and the simulations
were repeated. Similar behaviour can be found for the reactor performance with
respect to the pore structure parameters. In the case of the modified kinetics, the
optimal value for εM is 0.2. The same values are found for dM and dm with highest
yield within the limited values calculated. With this, it is possible to say that pore
structure optimization can be a general strategy for improving the efficiency of the
catalyst as well as the processes. The optimal structure can be different with different
reaction kinetics or process parameters.

One may observe that the reactor performance is more sensitive to εM and dm than
dM at the given conditions. Since the micro-pore diameter is formed during synthesis
the active powder, tuning this parameter is rather difficult. The pore structure of the
macro-pores may be manipulated by pore-templating e.g. by embedding of polymeric
micro-spheres into the pellet as suggested by Hegedus [130]. For example, the macro-
porosity and macro-pore diameter maybe tuned by the portion and size of the template
added. Carreon and Guliants [238] have synthesized macroporous VPP catalyst by
employing monodisperse polystyrene spheres arrays as a template. They reported
better performance of the macroporous VPP catalyst compared to the conventional
organic VPP catalyst. The authors attribute the better performance to the high
surface area and active phase of the precursor [239].

9.3 Conclusions

N-butane oxidation to maleic anhydride in a fixed-bed reactor has been simulated
with a detailed two-dimensional heterogeneous model. The diffusion-reaction balances
inside the pellet were solved with the help of the micro- and macro pore model of
Wakao and Smith [92, 131] considering both Knudsen and molecular diffusion in the
micro and macro pore regions. Effects of the pore structure parameters εM , dM and
dm on the performance of the reactor were highlighted. With the overall yield of
maleic anhydride as target object, catalyst pellets with bi-modality, bigger macro-
pore and smaller micro-pore are favoured from the simulation results. The optimal
values of the pore structure parameters correspond to the given operation condition
and kinetics used in this work. The model parameters could be adjusted according to
experimental inputs when translated to other systems. Rational design and synthesis
of VPP catalyst with desirable pore structure may offer a new strategy to improve
this process.
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novel open-source work-flow for the simulation of packed-bed reactors, Chemical
Engineering Journal 279 (2015) 809–820.

[66] S. Rebughini, A. Cuoci, M. Maestri, Handling contact points in reactive CFD
simulations of heterogeneous catalytic fixed bed reactors, Chemical Engineering
Science 141 (2016) 240–249.

[67] M. Maestri, A. Cuoci, Coupling CFD with detailed microkinetic modeling in
heterogeneous catalysis, Chemical Engineering Science 96 (2013) 106–117.

[68] G. Mestl, D. Lesser, T. Turek, Optimum Performance of Vanadyl Pyrophosphate
Catalysts, Topics in Catalysis 59 (17-18) (2016) 1533–1544.

[69] S. A. Schunk, Oxyfunctionalization of Alkanes, in: Handbook of Heterogeneous
Catalysis, Wiley-VCH Verlag GmbH & Co. KGaA, Weinheim, Germany, 2008,
pp. 3400–3425.

[70] V. Guliants, J. Benziger, S. Sundaresan, I. Wachs, Molecular structure-reactivity
relationships in n-butane oxidation over bulk VPO and supported vanadia cata-
lysts: Lessons for molecular engineering of new selective catalysts for alkane
oxidation, in: Studies in Surface Science and Catalysis, Vol. 130, Elsevier, 2000,
pp. 1721–1726.



Bibliography 115

[71] R. K. Sharma, D. L. Cresswell, E. J. Newson, Kinetics and fixed-bed reactor
modeling of butane oxidation to maleic anhydride, AIChE Journal 37 (1) (1991)
39–47.
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Abbreviations

µ-CT computed microtomography

BHS back heat shield

CFD computational fluid dynamics

D/d ratio of reactor diameter D to pel-
let diameter d

DEM discrete element method

DNS direct numerical simulation

FHS front heat shield

LIF laser-induced fluorescence

MA maleic anhydride

MRI magnetic resonance imaging

PPI pore per inch

RANS Reynolds-averaged Navier-Stokes

VPP vanadyl pyrophosphate

Greek letters

φ̄′ fluctuating value of variable [vari-
ous]

φ̄ mean value of variable [various]

β temperature exponent [-]

δv diffusion volume [-]

δij Kronecker delta [-]

δmax maximum overlap [m]

η effectiveness factor [-]

Γ surface site density [mol/m2]

κ bulk viscosity [Pa·s]
λ thermal conductivity [W/(m·K)]

λbed effective stagnant bed thermal con-
ductivity [W/(m·K)]

µ dynamic viscosity [Pa·s]
µt turbulent energy [J]

ν′jk stoichiometric coefficient of species
j in reaction k when it is reactant
[-]

νik stoichiometric coefficient of species
i in reaction k [-]

Ω(T ∗) collision integral

ρ density [kg/m3]

σ Lennard-Jones characteristic
length [Å]

σ coordinate number [-]

σk turbulence Prandtl number [-]

τ sum of all stoichiometric coefficient
of the surface reactants [-]

τ tortuosity [-]

τij stress tensor [N]

θ surface coverage [-]

ε Lennard-Jones energy [J]

ε turbulent energy dissipation rate
[J/(kg·s)]

ε void fraction [-]

ε0 infinite bed porosity [-]

εM macro-pore porosity [-]

εm micro-pore porosity [-]

εbed bed porosity [-]

εtotal total pore porosity [-]

ζ dimensionless radial cylindrical co-
ordinate of the pellet [-]

Latin letters

∆H◦R,298K reaction enthalpy at standard
condition [J/mol]

ṡi molar net production rate of spe-
cies i [mol/m2· s]

u velocity field [m/s]

ν Poisson’s ratios [-]
~F force [N]

A pre-exponential factor (variable]

av specific surface area [1/m]

Acat/Ageo ratio of catalytically active area
to geometric area [-]

CE Ergun parameter [-]

ci species concentration [mol/m3 or
mol/m2]

cp specific heat capacity [J/(kg·K)]
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Cµ,C1,C2,σε empirical coefficient in the
standard k − ε model [-]

Cfs static friction coefficient [-]

Crest coefficient of restitution [-]

D reactor diameter ([m]

d diameter of the cylinder [m]

d overlap [m]

d particle diameter [m]

dM macro-pore diameter [m]

dm micro-pore diameter [m]

Dr radial dispersion coefficient [m2/s]

DAB binary diffusivity [m2/s]

Dax axial dispersion coefficient [m2/s]

Deff effective diffusivity [m2/s]

Di,j binary diffusion coefficient [m2/s]

Di,m diffusion coefficient of species i in
the mixture [m2/s]

DK Knudsen diffusivity [m2/s]

DM,m diffusivity in macro and micro
pores [m2/s]

E Young’s modulus [N/m2]

Ea activation energy [J/mol]

G shear modulus [N·s/m]

h height of the cylindrical pellet [m]

h specific enthalpy [J/kg]

ji diffusion mass flux [kg/(m2· s)]

K kinetic parameter [1/Pa]

K spring stiffness [N/m]

k reaction rate constant (variable]

k turbulent kinetic energy [J]

K1 slope parameter [-]

K2 damping parameter [-]

kB Boltzmann constant [m2kg/(s2·
K)]

KD darcy hydraulic permeability [m2]

KE Ergun hydraulic permeability [m2]

Ks number of elementary surface reac-
tions [-]

lR Reactor length [m]

Mi molar mass of species i [kg/mol]

MA,MB mass of sphere A and B [kg]

N damping [N·s/m]

n exponent of damping function [-]

Ng number of gas phase species [-]

Ni molar flux [mol/(m2·s)]
Ns number of adsorbed species [-]

Ndamp damping coefficient [-]

p pressure [Pa]

Peh Péclet numbe for heat transfer
udpCpfρf/λf [-]

Pem molecular Péclet number udp/DAB

[-]

q′rad radiant flux [W/m2]

R ideal gas constant [J/(K·mol)]

R radius [m]

R reactor radius [m]

Rheti heterogeneous surface reaction rate
[kg/(m2·s)]

Rhomi homogeneous reactions rate
[kg/(m3·s)]

rj reaction rate [mol/(kgcat·s)]
rs reaction rate [mol/(m2·s)]
Re Reynolds number ρfudp/µ [-]

Sg specific area per catalyst mass
[m2/kg]

sh heat source [W/m3]

Si initial sticking coefficient [-]

T absolute temperature [K]

T ∗ reduced temperature [-]

u superficial velocity [m/s]

v velocity components of the relative
sphere surface velocity at the con-
tact point [m/s]

VM macro-pore volume [m3/kg]

Vm micro-pore volume [m3/kg]

Xi molar fraction of species i [-]

xi Cartesian coordinate [m]

Yi mass fraction of species i [-]

yi molar fraction [-]

Subscript

ax axial direction, cylindrical coordin-
ate

bulk bulk gas phase

eff effective

eq equivalent

f fluid

i gas species

M macro-pore

m micro-pore

n normal component

p particle

r radial direction, cylindrical co-
ordinate

t tangential component
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