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1 Abstract

The spatial profile measurement technique was applied for the first time to a liq-
uid phase reaction to study the selective oxidation of propylene to propylene oxide
with hydrogen peroxide over Titanium Silicalite-1 catalyst, also known as (HP-
PO) process. Two spatial profile reactors based on the minimal invasive capillary
sampling technique were design, constructed and brought into operation for this
work. Both reactors are able to measure spatially resolved concentration and tem-
perature profiles at industrially relevant conditions, that is 40°C and 20-35 bar
pressure, with propylene entirely in liquid phase. A compact profile reactor was
used to perform kinetics studies. The reaction was carried with different contact
times LHSV = 3.0, 6.0 and 12.0 [h−1] respectively, achieving high conversion and
selectivity. The experimental data while transitioning towards steady state shows
that the catalyst undergoes an induction/activation period in which the target
reaction of formation of propylene oxide progressively is being catalyzed. An av-
erage of 24 hours was required to reach a stable final concentration of propylene
oxide with a carbon closure of less than 10%, at this point the reaction was con-
sidered in steady state. The spatially resolved concentration profiles of the main
epoxidation reaction follows an pseudo-zeroth-order behavior. Several DFT stud-
ies reported that the rate determining step in the epoxidation reaction sequence
is the adsorption dissociation of hydrogen peroxide on the Ti site of the catalyst.
In this sense, when the concentration of hydrogen peroxide molecules far exceeds
the number of available Ti sites on the surface of the catalyst the epoxidation rate
will be limited by the maximal speed at which Ti sites can adsorb and dissociate
hydrogen peroxide molecules, leading to the observed pseudo-zeroth-order behav-
ior. In contrast to the main epoxidation reaction, the side products concentration
profiles exhibit a typical non-linear trend. As primary side products of reaction
1-methoxy-2-propanol, 2-methoxy-1-propanol and propylene glycol were quanti-
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fied. Also hydroxacetone and methoxyacetone from the reaction of 1-methoxy-2-
propanol, 2-methoxy-1-propanol and propylene glycol with hydrogen peroxide were
detected as secondary side products. Formic acid, methylformate, dipropyleneg-
lycol methylether isomers and dipropyleneglycol isomers were detected in trace
amounts. Quantitative data for the formation of hydroxyacetone is provided for
the first time.
The experimental concentration profiles were simulated using an axial 1D-pseudo-
homogeneous dispersion model with two kinetic models reported in the scientific
literature. It was found that the models from the literature cannot predict accu-
rately the spatially resolved concentration profiles measured in this work. This
might be explained by the fact that these models are based on the assumption
that the rate determining step is the propylene reaction with the Ti • OOH active
specie on the surface of the catalyst. Additionally, a kinetic model based on an
Eley-Rideal mechanism in which the rate determining step is the dissociative ad-
sorption of hydrogen peroxide on the Ti site to form the Ti • OOH active specie is
proposed. Upon linearization, the derived model shows a correlation of R2 = 0.99
and R2 = 0.98 with the linearized form of the experimental differential rate. The
small deviation from linearity is attributed to the variation of the model param-
eters with the local temperature. Statistical analysis of the models in this work
shows that the derived Eley-Rideal mechanism has the highest correlation with
the concentration gradients measured within the catalyst bed.
A pilot scale reactor with a internal diameter comparable to those in technical
scale (HP-PO) reactors was implemented to compare two approaches under same
reaction conditions. On one hand, the reactor was packed with catalyst extru-
dates with dimensions similar to those implemented in industrial applications.
Alternatively, a potential solution for process intensification was explored. In this
case, the reactor was packed with additively manufactured catalyst-coated open
cell structures as substitute approach for the conventional randomly packed bed
reactor. By comparing the two approaches at same specific flow and conversion
a reduction of the local temperature from 45.5°C to 42.5°C was observed for the
randomly packed bed and the open cell structures respectively. Additionally, an
increase of the selectivity toward propylene oxide of about 18% and of the yield
of reaction of about 13% was measured. Nevertheless, these improvements cannot
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be attributed conclusively to the enhanced thermal transport properties of the
open cell structures due to a flattening of the concentration profile after 30 mm
of catalyst bed. From the experimental data is not possible to conclude that the
improvements in terms of selectivity and yield would have remained the same if
the reaction would have proceeded undisturbed throughout the whole length of
the catalytic bed. Even though questions still remain, these results may provide a
basis for further investigation on the application of periodic open cells structures as
alternative packing for fixed bed reactors, most particularly on kinetically limited
reaction systems.
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2 Introduction

Catalysis plays a fundamental role in the modern world and is a key factor in
developing sustainable chemical and biochemical processes. These materials en-
able the efficient utilization of limited natural resources by increasing the rate of
reaction, decreasing the rate of unwanted side products and reducing the waste
generation. Their importance is reflected by the fact that 35 % of the world GDP
is influenced by some type of catalyst [1]. In the particular case of the chemical in-
dustry, 85 % of the chemical products are produced by heterogeneous catalysis [2].
For applications that use solid catalysts, fixed bed reactors are often preferred in
the industry. In this type of reactors catalyst particles are arranged randomly
and held in position while the fluid phase flows around them. Due to the sim-
ple constructions with no moving parts, flexible and stable temperature control
this type of reactors are used in a wide range of applications and reactions condi-
tions. In contrast to homogeneous catalyst, where the active site is well defined,
catalytic processes taking place on heterogeneous catalyst are often more compli-
cated. This is because the nature of the active site is usually not well defined. For
this reason, research and development of new processes in heterogeneous catalysis
is challenging and often trial and error based approach are used. Moreover, these
challenges are enhanced by the fact that reactions are often performed at elevated
pressures, temperatures and with hazardous chemicals increasing the difficulty of
measuring inside of the reactor to obtain reliable kinetic data. For this reason,
most experimental reactors rely on inlet and outlet measurements while their in-
terior remains as a black box. The reactor is often operated in differential mode
(small conversion) and as isothermal as possible to allow assignment of the mea-
sured rates to the inlet concentration and temperature values. To obtain kinetic
data and explore the reaction network, the contact time or a proportional quantity
such as the mass of the catalyst divided by the inlet flow rate has to be varied

1



2 Introduction

systematically which underlines extensive experimental work. In this sense, tradi-
tional approaches such as integral or differential experimental fixed bed reactor can
provide only a limited amount of information about the spatiotemporal evolution
of the reaction throughout the catalytic bed. In consequence, a complete under-
standing of the overall reaction process cannot be obtained by these inlet-outlet
measurements techniques and models derived from such experiments may have a
narrow range of applicability. For this reason, new trends are emerging in the
catalysis community to develop techniques suitable to probe a solid catalyst under
working conditions [3], [4] [5], [6], [7], [8], [9], [10]. One of these new trends is the
measurement of spatially resolved profiles within catalytic reactors, in particular
in fixed-bed reactors, which are characterized by pronounced spatial gradients in
almost all process variables. The term spatially resolved profiles refers to the mea-
surement of kinetically relevant variables within the reactor catalyst bed such as
molar concentration of species or molar flow rates (Ci(z), ni(z)) and temperature
in the fluid phase (Tf(z)) as a function of the spatial coordinate (z). The spatial
sampling principle is based on the movement of a thin sampling capillary along the
axis of a reactor that continuously transfers a representative sample of the actual
position (z) to an analytical device for analysis. The most robust and widely ap-
plied technique to measure spatial profiles inside catalytic fixed-bed reactors is the
minimally invasive capillary sampling technique. This technique was developed
independently and in different embodiments by various groups [7], [8], [9]. The
spatial profile technique by Horn et.al [4], [11], [12] uses a closed capillary design
with a side sampling orifice. This design provides the sampling capillary enhanced
mechanical stability which opens a wide spectrum of applications in heterogeneous
catalysis, most specifically, in the measurement of spatially resolved kinetic and
spectroscopic profiles in packed bed reactors. So far, the minimally invasive cap-
illary sampling technique was restricted to heterogeneously catalyzed gas phase
reaction.
The measurements presented in this work demonstrate for the first time the appli-
cation of the minimal invasive spatial sampling technique to study a heterogeneous
catalytic liquid phase reactions. The reaction studied in this work is the selective
oxidation of propylene to propylene oxide with hydrogen peroxide on Titanium
Silicalite-1 catalyst. Two different scales reactors are used in this work. A com-
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mercially available compact profile reactor was used to study the reaction under
safe conditions due to the small reacting volume and with low consumption of
chemicals. In this case, the catalyst used are splits from sieved catalyst extrudates.
Two models from the scientific literature were used to simulate the experimental
data. Additionally, a new model based on a Eley-Rideal mechanism in which the
rate determining step is the dissociative adsorption of hydrogen peroxide on the Ti
site to form an Ti • OOH active specie(s) is proposed. A statistical analysis was
performed to asses quantitatively the degree of correlation of the different models
in this work with respect to the concentration gradients measured experimentally
within the catalyst bed. The second reactor is a state of the art pilot scale profile
reactor with an internal diameter comparable to the diameter used in technical
scale applications. Two different reactors systems were compared in this case. On
one hand, the pilot scale profile reactor was filled with catalyst extrudates with a
size similar to those used in industrial applications conforming a randomly packed
bed. Additionally, the reactor was packed with a structured bed constituted by ad-
ditively manufactured catalyst-coated open cell structures. Both approaches were
compared in terms of temperature, selectivity and yield under the same specific
flow and conversion.
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3.1 Industrial production of propylene oxide
Epoxides are a highly reactant chemical group due to the oxiranic ring present
in their structures. This ring can be easily open in the right conditions to give a
wide variety of chemical products. For this reason, epoxides are used as starting
material to produce a huge scope of products such as polyesters resins, surfac-
tants, polyurethane and lubricants. The two most important epoxides are ethy-
lene oxide and Propylene oxide (PO). In 2010, the PO worldwide production was
approximately 7.5 Mtons/year [13]. The applications of PO are the productions of
polyether polyols (65%) which are used for the production of polyurethane foams,
the production of propylene glycol (30%) and propylene glycol ethers (4%) [14].
Currently, ethylene oxide can be obtain in a gas phase oxidation with atmospheric
oxygen over Ag/SiO2 catalyst with high selectivity and conversions. In contrast,
the direct gas phase epoxidation of Propylene (Pr) to PO in industrial scale has
still not been developed. Due to issues regarding the catalytic stability, deac-
tivation with time on stream, among others drawbacks this process is far from
industrial standards. For this reason, alternative production methods for the syn-
thesis of PO have been developed. The most widely commercialized production
processes shown in Figure 3.1 are the dehydrochlorination of chlorohydrin largely
used by DOW Chemicals, the hydro-peroxide processes (PO-MTBE, PO-SM) de-
veloped by Halcon Corp, the cumene-hydro-peroxide process (PO-CH) developed
by Sumitomo Chemicals Ltd, and the hydrogen peroxide-propylene oxide (HP-
PO) developed by DOW Chemicals-BASF and Evonik/Thyssenkrupp Industrial
Solutions AG.
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Figure 3.1: Reactions of the industrially relevant production processes for propylene
oxide. Adopted from [15]

The majority of PO is currently produced by the chlorohydrin route first de-
scribed by Wurtz et.al [16] in 1859. This process is performed in two steps. In the
first step the intermediate hydrochlorous acid (HOCl) is formed by the reaction of
water and gaseous chlorine. This intermediate reacts with Pr to form two propylene
chlorohydrines, 2-chloro-1-propanol and 1-chloro-2-propanol respectively. As side
products of reaction 1,2-dichloropropane and dichloro-dipropyl ether are formed.
This reaction is usually performed in a bubble column reactor at 1.5 bar and 50°C.
The two isomers are formed with a selectivity of 90-95%. The propylene chlorohy-
drines are subsequently dehydrochlorinated in a second step by calcium hydroxide
or sodium hydroxide to form the target product PO. Beside PO, 2.1 tons of CaCl2

and 0.1 tons of 1,2-dichloropropane and dichloro-dipropyl ether are obtained per
ton of PO. This constitutes the main disadvantage of this process, since CaCl2

solutions have low commercial value. When sodium hydroxide is used as base
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for the dehydrochlorination the NaCl2 formed can be use for the production of
Cl2 by electrolysis. This step reduces the salt load of the process waste water,
but needs additional power and purification steps which increases the investment.
Moreover, chlorine in aqueous solution, HCl and propylene chlorohydrine are ex-
tremely corrosive and the construction materials must be selected very carefully
which underlines a high initial investment. Because of the disposal problems of
the brine and chlorohydrin by-products and their environmental impact no new
plant using this process are built [14], [17].
Others industrial processes for the production of PO can be divided into coproduct-
producing processes such as propylene oxide-styrene monomer (PO-SM) and propy-
lene oxide-methyl tert-butyl ether (PO-MTBE) respectively, and coproducts-free
routes such as propylene oxide-cumene hydroperoxide (PO-CH) and propylene
oxide-hydrogen peroxide (HP-PO). The (PO-SM) [18], (PO-MTBE) [19] and (PO-
CH) [20] routes are based on the peroxidation of an alkane to an alkyl-hydroperoxide
which reacts with Pr to produce PO and an alcohol using either homogeneous tung-
sten, molybdenum, vanadium catalyst or titanium based heterogeneous catalyst.
In the case of the (PO-SM) process, the hydroperoxide is formed by the reaction of
ethylbenzene with air at 146°C and 2 bar to form a mixture of 12-14% mass of ethyl-
benzene hydroperoxide in ethylbenzene. Then, the peroxide solution is mixed with
Pr and homogeneous molybdenum catalyst [21], [22] or a titanium based heteroge-
neous catalyst [23], [24], [25] to produce PO. The epoxidation is performed at 100°C
and 35 bar. The effluents of the epoxidation reactor are mainly constituted by PO,
α-phenylethanol, acetonephenone, unreacted Pr and other organic impurities. The
remaining α-phenylethanol, acetophenone mixture is fed to a dehydration reactor
at 270°C and 0.35 bar with an alumina catalyst and triphenylmethane as solvent
to form styrene with 98% selectivity. Both α-phenylethanol and acetophenone are
the main byproducts of the process. The coproduct styrene can be commercialized
for the production of styrene based polymers with a wide range of applications. In
the (PO-MTBE) process, the hydroperoxide precursor is isobutane which reacts
with oxygen to form tert-butyl-hydroperoxide [26]. This liquid phase reaction is
usually preformed at 120-140°C and 25-35 bar. The isobutane conversion is usu-
ally about 48% at a selectivity of 50% towards the hydroperoxide. The products
of reaction are constituted by tert-butyl hydroperoxide, tert-butyl alcohol from

6



3 Theory

the decomposition of the alkyl-hydroperoxide and smaller amounts of aldehydes
and ketones. In a second step, the epoxidation reaction takes place by mixing
the aforementioned mixture with a homogeneous catalyst (usually molybdenum
salt) and Pr using toluene as solvent. This liquid phase reaction is performed at
about 110°C and 40 bar pressure with a selectivity towards PO of about 80%. The
conversion of Pr reaches about 9% per cycle from which about 98% is converted
to PO. The tert-butyl alcohol is recovered and dehydrated to isobutane and then
converted to methyl tert-butyl ether (MTBE) which is usually commercialized as
fuel additive. In general, the (PO-SM) and (PO-MTBE) processes produce less
waste than the chlorohydrine process and have the advantage of being chlorine
free. A characteristic of these routes is the production of a coproduct in a fixed
ratio, usually 2-4 times the amount of PO produced. The challenge using the co-
product technologies is to achieve a high PO selectivity and to have a competitive
market for the coproduct.
Due to the mentioned drawbacks of the (PO-SM) and (PO-MTBE) processes,
extensive research was performed to develop a coproduct free route for the pro-
duction of PO. In this sense, the (PO-CH) process operated by Sumitomo Chem-
icals [20], [27] has two distinctive characteristics. The first one, is that cumene is
easier to hydroperoxidate and is more stable than styrene or isobutane hydroperox-
ide. The second one, is that no coproducts are produced since the cumene alcohol
formed in the epoxidation reaction can be hydrogenated back to cumene. This
process involves several reactions steps. In a first step, cumene reacts with air at
80°C and 42 bar to produce a solution of 25% mass of cumene hydroperoxide in
cumene [28]. In a second step, the epoxidation reaction takes place by the reac-
tion of cumene hydroperoxide with Pr. This reaction is catalyzed by a mesoporous
titanium silicate catalyst [29]. The outlet stream of the reactor is constituted by
PO, dimethylphenylmethanol, acetophenone, unreacted Pr, and other organics.
The dimethylphenylmethanol can be converted back to cumene by dehydration
to methylstyrene on activated alumina followed by hydrogenation to cumene over
palladium or copper based catalyst. The dehydration to methylstyrene and hy-
drogenation to cumene can be performed by packing one catalyst after the other
in a single fixed bed reactor at 14 bar and 205°C [30]. Two plant were constructed
using this technology one in 2003 in Chiba, Japan by Sumitomo with a capacity
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of 200 kt/year and other in Saudi Arabia in 2009 by joint venture of Sumitomo
and Saudi Aramco with the same capacity.

3.1.1 Future trends in the propylene oxide production

Despite the progress made in the PO production, a direct, sustainable and en-
vironmentally friendly single-step synthesis by direct epoxidation of Pr to PO is
still not available. While ethylene oxide can be produced by direct epoxidation
of ethylene using molecular oxygen over Ag/αAl2O3 catalyst with high conver-
sion and selectivity, the analog process for the production of PO still has not
been developed. Attempts to implement an Ag/αAl2O3 catalyst for the epoxi-
dation of PO resulted in low conversion and selectivity. The unique character-
istic of silver in the epoxidation of ethylene is found in its ability to dissocia-
tively adsorb oxygen [31]. For propylene, the direct abstraction of a H atom by
one of the dissociated oxygen atoms on the surface of the catalyst is more fa-
vorable than that for ethylene, because propylene is able to produce an allyllic
intermediate. The reaction step shown in Figure 3.2 in which the epoxide pre-
cursor can react with the neighboring dissociated oxygen atom cannot happen
with ethylene, because it has no γ-H atoms. This allyllic intermediate results in
a lower energy barrier which can partly explain the lower epoxidation selectiv-
ity [14]. For this reason, acrolein instead of PO is preferentially formed during
oxidation of propylene on silver catalyst. Alternatively, a wide range of catalytic
systems both for liquid and gas phase direct epoxidation of Pr had been inves-
tigated. For the liquid phase direct epoxidation, soluble/insoluble molybdenum,
tungsten, vanadium based catalyst [14] and molten salts such as LiNO3, NaNO3

and KNO3 [32] have been used. For the direct gas phase epoxidation, both pro-
moted Ag catalyst [33], [34], [35], [36], [37], [38], [39], [40] and Cu based cata-
lyst [41], [42], [43], [44], [45] have been gaining significant attention. In all fore
mentioned cases the catalyst performance in terms of stability, conversion and se-
lectivity are far from industrial standards. So far the most promising route for a
direct epoxdation of Pr to PO is the production of PO over nanometer Au catalyst
in presence of both H2 and O2. This catalyst first developed by Haruta et.al [46] in
1998, showed that by supporting gold nanoparticles smaller than 4 nm on a titania
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Figure 3.2: Reaction scheme for the epoxidation and total oxidation reaction pathways
for Pr and ethylene over silver catalyst. Taken from [53]

oxide support a selectivity toward PO of upto 99 % can be obtained. Nevertheless
this promising performance in terms of selectivity, the catalyst suffers from low Pr
conversion of 1-2 %, deactivation of the catalyst with time on stream of few hours
and lack of reproducibility of the catalytic performance [47]. A significant advance
in this catalytic system is the implementation of microporous TS-1 with low Ti
loadings as support. Delgass showed in a serie of publications that by combining
highly disperse Ti and small Au nanoparticles synthesized by deposition precipi-
tation method on TS-1, the catalyst reproducibility and stability can be enhanced
achieving stable production for more than 45 hours [48], [49], [50], [51]. With the
Au/TS-1 catalyst the Pr conversion was further improved to 8.8 % with a selectiv-
ity of 81 % at a reaction temperature of 200 °C. This led to the highest reported
PO formation rate for standard reaction conditions of 1 atm, 200 °C and a feed
composition of 10/10/10/70 O2/H2/Pr/Ar of 160 [g h−1 kg−1

cat] [52]. Despite these
improvements in performance, stability and reproducibility, current catalysts are
still not economically competitive. Moreover, a crucial point for industrial appli-
cations is that the operation mode of the reactor is not clear due to the dangers
of handling O2/H2 mixtures in a technical scale reactor.
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3.2 The hydrogen peroxide-propylene oxide process
(HP-PO)

Despite the effort made, a industrial scale direct synthesis route for PO with
molecular oxygen is still not available. Through time, alternatives to develop
a simpler, more efficient and environmentally friendlier PO synthesis route have
been explored to overcome the drawbacks of the coproducts dependence of the
(PO-SM)/(PO-MTBE) routes and the complexity and high energy demand of the
(PO-CH) process. In this sense, the development of the epoxidation of Pr to PO
by HP also know as (HP-PO) process has been a significant step forward. For this
reason this process was awarded with the Green Chemistry award in 2010 by the US
Environmental Protection Agency EPA [54]. Because of the high cost of the HP as
oxidant the process economy is viable only if HP is produced in-situ. A strategy
to overcome this limitation is to integrate both HP and PO production plants.
Currently, most of HP is produced using the anthrahydroquinone autoxidation
process [55], [56] which produces a diluted solution of HP in water and MeOH.
The cost-saving feature of the (HP-PO) process is that the HP plant adducts
can be used directly in the epoxidation of Pr without significant separation steps,
which reduces the energy and transportation costs. Although is possible to use
catalysts such as molybdenum oxide or tungsten oxide to epoxidize Pr with HP,
these catalyst are sensitive to the presence of water which is usually present in
HP solutions [57], [58]. Homogeneous catalyst are not widely used for this process
because of the additional separation costs. The direct integration of both HP and
PO production processes is enabled by the TS-1 catalyst, which is able to epoxidize
Pr in an aqueous solution of HP at mild conditions without catalyst deactivation.
In the following sections the details of the (HP-PO) process will be highlighted.

3.2.1 Hydrogen peroxide-propylene oxide process (HP-PO) in
the industry

The (HP-PO) process was developed independently by Evonik/Thyssenkrupp In-
dustrial Solutions AG [15] and BASF/Dow Chemicals [59], [13]. Both technologies
are similar being the most significant difference the type of reactor used for the
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Figure 3.3: BASF/DOW HP-PO process simplified flow chart

epoxidation. The patented process by BASF and DOW uses a tubular fixed bed
reactor with intermediate product separation [60], while Evonik/Thyssenkrupp
carries the epoxidation in a patented plate bundle reactor for efficient heat re-
moval [61]. A simplified flow diagram of the patented process by BASF and DOW
is shown in Figure 3.3. The HP for the epoxidation is supplied by Slovay [13].
The epoxidation reaction is carried out at 40-60°C and 30 bar in a 2 step tubular
fixed bed reactor with intermediate PO removal achieving full HP and Pr conver-
sion [62], [13]. After reaction, the off gases are removed in Figure 3.3 (1) and the
adducts of reaction are separated by 4 distillation columns in Figure 3.3 (2)-(4),
the Methanol (MeOH) is recovered in Figure 3.3 (4) an recycled back. In 2008
BASF/DOW/Solvay inaugurated a 300 kton/year in Antwerp, Belgium using this
technology.
A simplified flow diagram of the process by Evonik/Thyssenkrupp Industrial Solu-
tion AG is shown in Figure 3.4. The HP for the epoxidation is supplied by Evonik
which is one of the world leading producers of HP [56]. In this case, the reaction
is carried at 40-60°C and 20-30 bar in a patented plate bundle reactor [61]. After
reaction, the adducts are expanded in a flash unit in Figure 3.4 (1) to separate
the Pr from the liquid phase. Both Pr and MeOH are recovered and recycled back
Figure 3.4 in (2) and (6) respectively. The product PO is purified in Figure 3.4
(5) with 99.9% purity. In 2008 Evonik/Tyssenkrupp built the first plant using
the (HP-PO) technology in Ulsan, Korea with a capacity of 100 kton/year [15].
After these two first (HP-PO) plants in Ulsan Korea by Evonik/Tyssenkrupp and
Antwerp, Belgium by BASF/Dow Chemicals/Slovay further sites in Saudi Arabia,
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Figure 3.4: Evonik/Thyssenkrupp HP-PO process simplified flow chart

Thailand and China were announced which underlines the potential and interest
on this new technology [15].

3.2.2 Titanium silicalite-1 catalyst

TS-1 is a transition metal substituted zeolite first synthesized by Taramasso et.al
[63] by hydrothermal method of mixed alkoxides. The crystallization gel is ob-
tained by the controlled hydrolysis of teraethyl orthotitanate (TEOT) Ti(OC2H5)4

and tertaethyl orthosilicate (TEOS) Si(OC2H5)4 using tetrapropylammonium hy-
droxide (TPAOH) as template. This mixture of alkoxides result in a zeolite were
tetrahedral [SiO4] are substituted by [TiO4] units in the MFI framework [64]. The
amount of titanium which can be inserted into the framework is limited to about 3
wt% TiO2. The TS-1 MFI structure shows a three dimensional system of channels
shown in Figure 3.5 of 0.5-0.6 nm that constitute the zeolite micropores. Several
reviews about the synthesis, characterization and catalytic activity of the TS-1
catalyst are available in the scientific literature [65], [66], [67], [68].
The typical surface area and pore volume reported in literature are 420-450 [m2 g−1]
and 0.18-0.26 [cm3 g−1] respectively [63], [69]. To confirm the presence of Ti(IV)
in the zeolite framework, the TS-1 catalyst is typically characterized by IR, XRD
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Figure 3.5: TS-1 structure, Si(grey) and Ti(black) tetrahedral connected via oxygen
bridges (white) (taken from [64])

and UV-vis spectroscopy. The FT-IR spectra shows an absorption band at about
970 [cm−1] that is not present in the spectrum of either pure silicalites or titanium
oxide [63], [70], this band is assigned to the asymmetric stretching mode of Si-O-
Ti units and indicates the incorporation of Ti into the MFI framework [71]. The
UV-vis spectra shows an absorption band near 215 nm which indicates the pres-
ence of tetrahedral Ti species while the absence of other peaks indicates that other
phases of Ti such as amorphous, rutile or anatase are not present [72]. The XRD
pattern of TS-1 catalyst shows an enhancement of the peaks at 24.4° and 29.3°
when compared with the pattern of Silicalite-1 which indicates the incorporation
of the Ti atoms in the MFI framework and the change from monoclinic symmetry
of Silicalite-1 to a orthorhombic symmetry of Titanium Silicalite-1 [63], [73].

There are several publications and patents regarding the deactivation and re-
generation of the TS-1 catalyst [74], [75], [76], [77], [78], [79]. The general agreed
deactivation mechanism occurs by reduction of the available surface area due to
blocking of the pores by the formation of oligomers within the narrow catalyst
channels [80], [81]. It was experimentally observed, that the deactivation of the
catalyst increases along the reactor axial coordinate reaching its maximum at the
outlet of the reactor, where the concentration of side products is the highest [77].
Additionally, Wang et.al [78] performed a long term study to measure the catalytic
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stability, deactivation and regeneration of TS-1 and derived an expression for the
loss of activity based on the kinetic data.
The most used technique for the regeneration of the TS-1 catalyst is amthermal
treatment with either diluted HP solutions at temperatures below 100 °C or with
MeOH at 140-204 °C. An almost complete recovery of the surface area of the cata-
lyst by treatment with diluted solutions of HP has been reported by both Degussa
(currently Evonik) and Wang [79] [82].

3.2.3 Kinetics of the HP-PO reaction

In the liquid phase selective oxidation shown in Equation 3.1 Pr is oxidized by HP
to PO on TS-1 with high selectivity (90-95%) at 40°C and at enough pressure to
keep the Pr entirely in liquid phase (usually 30 bar) using MeOH as solvent. The
only coproduct is water, what makes this reaction environmentally benign.

(3.1)

While several side products shown in Equation 3.2 have been reported for this
reaction only 1-methoxy-2-propanol, 2-methoxy-1-propanol and propylene glycol
(hereafter 1-MPOL, 2-MPOL and PG respectively) have been properly quanti-
fied [83], [84], [85], [86]. These side products can further react with PO to form
oligomers by increasingly reacting with PO. The formation of side products lowers
the overall yield of reaction and deactivates the catalyst. These high molecular
weight oligomers cannot diffuse through the narrow pores of the catalyst block-
ing them and decreasing the available surface area for the reaction [80], [81], [79].
Also the reactions of MeOH with HP to formic acid and methylformate shown in
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Equation 3.3 have been reported by BASF without quantitative data [87].

(3.2)

Methlyformate has a similar boiling point than PO which underlines a problem in
the downstream purification steps. Also the decomposition of HP is a safety issue
in industrial plant since Pr and oxygen can form explosive mixtures.

(3.3)

Only limited number of publications about the kinetics of the liquid phase se-
lective oxidation of Pr to PO with HP over TS-1 can be found in the scientific
literature. A summary of the available publications and their main parameters
is shown in Table 3.1. Most publications focus on the main epoxidation reaction
and do not provide rate law expression for the formation of side products. In all
cases, the studies performed the reaction at conditions far from the one used in
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industrial scale applications. In technical scale reactors both BASF/DOW and
Evonik/Thyssenkrupp perform the epoxidation at pressures higher than 15 bar,
condition at which Pr is in liquid phase [13], [15] which raises the question if these
studies are representative of an industrial scale reactor.

Reference Pressure
[bar]

Pr phase Reactor type Considered
Reactions

Solvent Considered
Models

1. [69] 0.7-7 Gas Batch Main Methanol L-H and
E-R

2. [88] —– —– Batch Main and
Side

Isopropanol E-R

3. [89] 1-6 Gas Batch Main Isopropanol L-H and
E-R

4. [90] 2-6 Gas Fixed bed Main Methanol L-H and
E-R

5. [83] 3-5 Gas Batch Main and
Side

Methanol E-R

6. [91] 18-30 Liquid Fixed bed Main Methanol E-R

7. [84] 5-7 Gas Fixed bed Main and
Side

Methanol E-R

Table 3.1: List of relevant publications about HPPO kinetics E-R= Eley-Rideal, L-H=
Langmuir-Hinshelwood

Several kinetic models have been tested for this reaction shown in Figure 3.6
and Figure 3.7. All derived models so far are based on the assumption that the
rate determining step in the epoxidation reaction sequence is the reaction of Pr
with the Ti-hydroperoxy active specie on the surface of the catalyst. Both Chad-
wick et.al [69] and Wang et.al [90] study the epoxidation reaction using as solvent
MeOH in a batch and fixed bed reactors respectively at low pressure with Pr in gas
phase. Based on different hypothesized reaction mechanism both tested an Eley-
Rideal mechanism with HP being adsorbed on the surface of the catalyst and Pr
reacting from the fluid phase and a Langmuir-Hinshelwood mechanism considering
both single and dual active sites. on one hand, the model of Chadwick included
the competitive adsorption of MeOH and the allowance for the enhancement of

16



3 Theory

Pr solubility depending on the water to MeOH ratio of the media. On the other
hand, the model of Wang considered that the epoxidation reaction took place on
TS-1 with adsorbed MeOH do to its high concentration and the competitive ad-
sorption of PO in the derived rate law. Both studies excluded the adsorption of
water due to the hydrophobicity of the TS-1 catalyst. After statistical analysis
of the experimental data both publications arrived to different results. The study
of Chadwick concluded that the best agreement was obtained with a dual site
Langmuir-Hinshelwood mechanism, whereas Wang reported a better agreement
with an Eley-Rideal mechanism with adsorbed HP and Pr reacting from the free
phase. Additionally, Clerici et.al [80] observed that the reaction approximates
zeroth-order behavior for high HP concentrations. Other publications studied the
epoxidation reaction using as solvent isopropanol [88], [89] which is not the solvent
used in industrial applications. The type of solvent used has an impact on the
catalytic activity of the TS-1 catalyst [92], [89], [93], [94], therefore the results
measured in isopropanol as media are not representative of an industrial scale pro-
cess.
So far, only two publication provided rate law expression for the main epoxidation
reaction and the formation of side products using as solvent MeOH. Both publi-
cations are based on an Eley-Rideal mechanism with Pr reacting from the fluid
phase. Di serio et.al [83] studied the decomposition of HP, the main epoxidation
reaction and the ring opening reactions in two batch reactors at pressures between
3-5 bar and 40°C with the catalyst shaped in to microspheres by spray-drying
technique and suspended in the reactive mixture. In the case of Sulimov et.al [84],
the epoxidation reaction was carried in a 15 mm diameter and 250 mm long fixed
bed reactor at 30-60°C and 5-7 bar pressure. In this case, the catalyst powder
was shaped into 2 mm diameter and 5 mm length extrudates using as binder alu-
minum 5,6-oxynitride. The reaction network considered in each publication and
the derived rate laws are shown in Figure 3.8 and Table 3.2 respectively. In the
case of the kinetic model derived by Di Serio, two different active sites have been
considered. The first kind of active sites are the non-framework titanium open
sites Ti(SiO)3OH and silanol groups Si-OH, also called "defective sites", which
can catalyze the ring opening reactions of PO and form side products. The re-
action rates of the defective sites are expressed by the reaction rates rd1 , rd2 , rd3
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and rd4 respectively. The second type of active sites are the framework Ti(SiO)4

"effective sites" (or closed sites), which upon HP adsorption can catalyze not only
the main epoxidation reaction but the ring opening reactions of PO as well. The
reactions on the Ti effective sites are expressed by the rates r1(TS-1), r∗d1(TS-1),
r∗d2(TS-1), r∗d3(TS-1), r∗d4(TS-1). Also the competitive adsorption of PO, Pr and
water on the Ti effective sites are considered. The isomers of methoxypropanol
1-MPOL and 2-MPOL were measured as a single component which is the sum
of both, this component is referred as methoxypropanol (hereafter MPOL). Ad-
ditionally further reactions of MPOL with PO to form di-methoxypropanol and
oligomers were considered.
In the publication by Sulimov, no distinction between the different active species on
the catalyst surface has been made and the rates r1, r2, r3, r4, r5 have been derived
assuming the catalyst surface homogeneous. Both isomers of methoxypropanol
are measured separately and rate laws for each one of them were derived. The
competitive adsorption of water and Pr on the Ti effective sites are considered
negligible. Both publications arrive to similar results for the main epoxidation
reaction in terms of activation energy which is about 4, 50e4 [J mol−1]. A straight
forward comparison for the side products formation is not possible due the differ-
ent mechanism of reaction assumed in each publication. While Di Serio proposed
that side reactions on the Ti effective sites are promoted by the reaction of sur-
face species formed by the adsorption of PO on Ti • OOH species, in the case of
Sulimov, side reactions are promoted by surface species formed by the adsorption
of PO on Ti • CH3OH species. This can be reflected by the fact that the side
products rate laws derived by Sulimov does not include the adsorption constant
and concentration of HP.
A comprehensive publication that provides kinetic data and derived rate law ex-
pressions for the main epoxidation reaction and the formation of side products
under industrial conditions with Pr in liquid phase still has not been published.
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Figure 3.6: Eley-Rideal mechanisms (left) HP adsorbed, Pr free. (right) Pr adsorbed, HP
free
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Figure 3.7: Langmuir-Hinshelwood mechanisms (left) HP and Pr adsorbed on a single
active site. (right) HP and Pr adsorbed on different active sites
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a) b)

Figure 3.8: Reaction network and chemical species considered by a) Di Serio [83] b)
Sulimov [84]

3.2.4 Reaction mechanism of the (HP-PO) reaction

Both in the scientific literature and the patent library only the mechanism for the
main reaction of the (HP-PO) process has been studied. Through the years, sig-
nificant effort has been made to measure and identify the detailed structure of the
intermediates involved in the epoxidation reactions with HP over TS-1 catalyst.
There is general agreement that the key factor for the epoxidation is the adsorp-
tion of HP on the Ti center forming a Ti-peroxo complex that reacts with Pr to
form PO and water. Nevertheless, the nature and structure of these intermediates
is still under debate.
The first insight into the structure of the Ti sites on the TS-1 catalyst was provided
by Boccuti et.al [95]. By combining both IR and UV-vis reflectance spectroscopy
was observed that the Ti sites are constituted by tetrahedral [TiO4] units while
previously proposed titanyl structures were unlikely [96]. In 1992 Clerici et.al [97]
proposed the involvement of tetrahedral Ti(SiO)4 framework units as active sites
for the epoxidation reaction with HP on TS-1. Based on 17O-, 18O-labeled water
MAS NMR and IR spectra was shown that the key factor for the epoxidation
reaction is the reversible splitting of one Ti-OSi bond by HP with the resulting
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Table 3.2: Kinetic models by Sulimov and Di Serio

1. Model by Sulimov [84]

r1 =
k1KH2O2 [H2O2] [C3H6] ρbed

1 + KH2O2 [H2O2] + KC3H6O [C3H6O]

r2 =
k2KC3H6O [C3H6O] [H2O] ρbed

1 + KH2O2 [H2O2] + KC3H6O [C3H6O]

r3 =
k3KC3H6O [C3H6O] [CH3OH] ρbed

1 + KH2O2 [H2O2] + KC3H6O [C3H6O]

r4 =
k4KC3H6O [C3H6O] [CH3OH] ρbed

1 + KH2O2 [H2O2] + KC3H6O [C3H6O]

r5 =
k5KH2O2 [H2O2] ρbed

1 + KH2O2 [H2O2] + KC3H6O [C3H6O]

a. Van ’t Hoff equation for adsorption constants

Ki = Ki° ∗ exp

(
Hi

R∗T

)
2. Model by Di Serio [83]

a. Reactions in Ti-OOH sites

r1 =
k1Kads1 [H2O2] [C3H6] ρbed

1 + Kads1 [H2O2] + Kads2 [C3H6] + Kads3 [H2O] + Kads4 [C3H6O]

rd1∗ =
kd1∗ Kads1 [H2O2] [C3H6O] [CH3OH] ρbed

1 + Kads1 [H2O2] + Kads2 [C3H6] + Kads3 [H2O] + Kads4 [C3H6O]

rd2∗ =
kd2∗ Kads1 [H2O2] [C3H6O] [MP OL] ρbed

1 + Kads1 [H2O2] + Kads2 [C3H6] + Kads3 [H2O] + Kads4 [C3H6O]

rd3∗ =
kd4∗ Kads1 [H2O2] [C3H6O] [H2O] ρbed

1 + Kads1 [H2O2] + Kads2 [C3H6] + Kads3 [H2O] + Kads4 [C3H6O]

rd4∗ =
kd4∗ Kads1 [H2O2] [C3H6O] [Oligom] ρbed

1 + Kads1 [H2O2] + Kads2 [C3H6] + Kads3 [H2O] + Kads4 [C3H6O]

b. Reactions in Ti-OH and Si-OH sites

rd1 = kd1 [C3H6O] [CH3OH] ρbed

rd2 = kd2 [C3H6O] [MP OL] ρbed

rd3 = kd3 [C3H6O] [H2O] ρbed

rd4 = kd4 [C3H6O] [Oligom] ρbed

rd = kd [H2O2] ρbed

c. Modified Arrhenius equation with Tref = 313.15 K

ki = kiref
∗ exp

(
Ei
R

∗
[(

1
Tref

)
−
(

1
T

)])
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formation of a Ti • OOH specie and the coadsorption of one alcohol or water
molecule stabilizing the hydroperoxide through a five-membered ring shown in
Figure 3.10 a). The epoxidation step takes place when the peroxy oxygen vecinal
to the Ti attacks the double bond of Pr forming PO and a molecule of water. The
catalytic cycle is completed with the desorption of the epoxide and the subsequent
adsorption of HP on the tetrahedral Ti(SiO)4 framework units to form again a
Ti • OOH specie. The activity of the TS-1 was observed to be solvent dependent
due to the role of the protic molecule in stabilizing the five-membered ring. Steric
crowding inside the 0.5-0.6 nm pores of the TS-1 catalyst is dependent on the size
of the solvent molecule which increases with the nature of the R-OH molecule used
as media. Being MeOH the smallest alcohol molecule available, it is more likely
to reach the Ti center and stabilize the five-membered ring were the epoxidation
reaction takes place which results in a higher catalytic activity when compared
with other solvents [92], [89], [93], [94]. Further investigation showed that when
TS-1 catalyst is exposed to water, one Si − O − Ti bridge will be hydrolyzed
and defective species Ti(SiO)3OH will dominate the catalyst surface on hydrous
conditions [98], [99], [100]. Based on this, defective Ti(SiO)3OH species were pro-
posed as the actual catalytic sites [101], [64], [102].
In contrast to IR spectroscopy, when using UV-vis Raman spectroscopy there is
no characterization problem caused by the presence of H2O which is typically
present in HP solutions. If the Raman experiment is performed using a exciting
wavelength coincident or near to the wavelength of an electronic adsorption of the
sample, such as a transition metal atom, a resonance effect can be achieve. Un-
der these circumstances, the vibrational features of the immediate vicinity of the
absorbing atom can be enhanced several orders of magnitude. This is particularly
useful in the case of the TS-1 catalyst due to the high dilution of Ti centers into
the MFI framework which is typically less than 3% [63]. By implementing this
technique Bordiga et.al [103] in 2003, measured the resonance effect of the Ti cen-
ter of the TS-1/H2O/H2O2 system. Upon interaction with H2O/H2O2 TS-1 shows
an electronic adsorption at 385 nm due to the ligand to metal charge transfer be-
tween a neighbor oxygen to the central Ti atom. By using a exciting wavelength
of 442 nm near the wavelength of the electronic adsorption a strong new band
at 618 cm-1 shown in Figure 3.9 was observed. This band is attributed to the
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Raman enhanced vibrational mode of the Ti(O)2 ring which constitutes further
experimental evidence for the formation of a Ti • OOH complex.

Figure 3.9: Resonance effect on the Ti-peroxo complex in a the TS-1/H2O/H2O2 system
taken from [103]: (Top) UV-vis diffusive reflectance spectroscopy spectra showing the

electronic adsorption of the sample at 385 nm do to the ligand to metal charge transfer.
(Bottom) Raman spectra measured with a 442 nm laser line before and after interaction

with H2O/H2O2, doted and solid lines respectively

Later on in 2012 Xiong et.al [101] supported by UV-vis Raman spectroscopy and
DFT simulations, reported that rather than a five-membered ring a six-coordinated
Ti•OOH center shown in Figure 3.10 b) is responsible for the epoxidation reaction.
Additionally, 3 types of defective Ti(SiO)3OH sites shown on Figure 3.11 were
proposed as Ti species in which Ti • OOH species can be formed. In the TS-
1/HP/H2O/CH3OH Raman spectra a new band at 836 cm-1 was assigned to the
O-O stretching of the 6-coordinated Ti•OOH (η2) intermediates. By continuously
flowing Pr through the reaction cell, a direct consistency between the intensity of
the band at 836 cm-1 and the concentration of produced PO measured by GC was
observed. The spectra of adsorbed Pr was not observed when HP was dropped on
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the TS-1 sample in advance. This may be because water and peroxo species on
the surface of the catalyst prevents the adsorption of Pr. Another possibility, is
that Pr is adsorbed on the 6-coordinated Ti • OOH species but reacts very fast.
Therefore, the concentration adsorbed Pr on the surface of the catalyst is very low
and cannot be detected by Raman Spectroscopy. The five-membered ring proposed
by Clerici was not detected in this work. Additionally, several density functional
theory (DFT) studies have shown that the reaction occurs via a sequential pathway
in which HP dissociatively adsorbs forming a hydroperoxy intermediate and a
molecule of water that remains coordinated forming a Ti • OOH • H2O active
complex. Then, weakly adsorbed Pr reacts via proximal oxygen abstraction as
shown in Figure 3.12. The computational calculations showed that the formation
of the hydroperoxo intermediate Ti • OOH • H2O by the adsorption/dissociation
of HP is the rate determining step of the mechanism [104], [105], [106], [107].
Most recently in 2020, Gordon et.al [107] supported by H2

17O2 labeled solid state
NMR and DFT simulations proposed that di-nuclear Ti sites shown in Figure 3.10
c) are more active and selective for the epoxidation of Pr than Ti(IV) isolated
atoms in the framework of TS-1. This work does not claim that isolated Ti sites are
not effective in the selective oxidation of Pr but rather emphasizes that di-nuclear
Ti sites have superior performance and should be prepared by novel synthesis
strategies. Even though there is general agreement that the active site for the
epoxidation of Pr over TS-1 is formed by the adsorption of HP on a Ti center,
the details of this intermediate is still under debate. Moreover, these studies are
often performed far from industrial conditions. A detailed mechanistic study that
includes experimental data about the intermediates formed not only for the main
epoxidation reaction but also by the side reaction under industrial conditions is
still not available in the literature.
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a) b) c)

Figure 3.10: a) Five membered ring active site proposed by Clerici et. al. [97] b)
6-coordinated active site proposed by Xiong et. al. [108] c) Di-nuclear active site proposed

by Gordon et. al. [107]

a) b) c)

Figure 3.11: Three defective active sites proposed by Xiong et. al. [108]. a) Defective site
from hydration of perfect tetrahedral Ti(SiO)4, b) Defective site located in a Si vacancy c)

Defective site located on the surface of the catalyst

Figure 3.12: DFT stepwise mechanistic scheme of Pr epoxidation on tripodal (1I) site of
TS-1 catalyst. Taken from [106]

.
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3.2.5 Effects of reaction conditions: solvent, temperature and
pressure

There is a general agreement that the protic solvent plays an important role in
the stabilization of the Ti • OOH active specie, which explains the dependence
of the catalytic activity on the media used. Several researches have shown that
the best solvent is MeOH which has an effect in both epoxidation rate and PO
selectivity [89], [93], [94], [92]. This can be explain by steric crowding inside the
0.5-0.6 nm pores of the TS-1 catalyst. Being MeOH the smallest alcohol molecule
available, it is more likely to reach the Ti center and stabilize the active Ti•OOH

specie. On Figure 3.13 the influence of different reaction media in the epoxidation
is shown.
The temperature of reaction has to be carefully controlled since it has an impact on
the HP conversion and PO selectivity. In the range of 30-50°C the HP conversion
increases 1.3 times whereas PO selectivity decreases from 99% to 96% [69], [80].
An increase in the temperature increases the rate of formation of side products
and in consequence decreases the selectivity of PO. Degussa (currently Evonik
AG) reported the formation of hot spots inside of their packed bed reactor, the
rate of heat generation is such that is not possible to operate the reaction under
isothermal conditions on this type of reactor [109]. Also the reaction pressure
has an impact on the reaction rate. On one hand, a high pressure increases the
solubility of gaseous Pr in the reaction media. On the other hand, further increase
causes the liquefaction of Pr. Therefore, the reaction system comprises either a gas-
liquid-solid phase, liquid-solid phase or liquid-liquid-solid phase system depending
on the concentration of Pr in the mixture. Upon liquefaction the point at which
a secondary liquid phase is formed is given by the composition of the mixture as
shown in the liquid-liquid equilibrium ternary diagram for the Pr/MeOH/Water
mixture in Figure 3.14. The liquefaction pressure of Pr at 40 °C is 16 bar, therefore,
HP-PO commercial processes usually operate at pressure higher than 16 bar and
in a liquid-liquid-solid regime to ensure that the reactive phase is always saturated
with Pr [13], [15].
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Figure 3.13: Influence of different
reaction media on the epoxidation of

Pr (taken from [92]) Figure 3.14: LLE diagram for the
Pr-MeOH-Water mixture at 40°C

(taken from [110])

3.3 Periodic Open Cell Structures (POCs)
An optimal design of a catalytic reactor considers the coupling between reaction
kinetics and transport properties at both macro and micro scales. For applications
that use solid catalysts fixed bed reactors are often preferred in the industry. In
this reactor configuration, transport properties are controlled by the flow rate, pel-
lets shape and the tube-to-particle size ratio. In this sense randomly packed bed
features point-to-point contacts between each other or with the reactor wall, more-
over, the materials often applied as catalyst support such α-alumina, γ-alumina,
silica, titania and carbon have low thermal conductivity. To avoid losses of ac-
tivity, selectivity and possible thermal runaway the reactors are operated at high
specific mass flow rates to enhance the convective heat transfer [111]. This has
an impact in both the pressure drop and the reactor design since longer tubes
are needed to reach a significant conversion in kinetically limited processes. As
alternative, catalyst beds are diluted with thermally conductive inert material to
reduce the thermal load by diluting the active phase. In the specific case of the
industrial scale epoxidation of Pr with HP over TS-1 catalyst both BASF/DOW
and Evonik/Thyssenkrupp developed different technical solution to overcome the
losses of activity and selectivity due to the formation of hotspots inside the cat-
alyst bed. In the case of BASF/DOW, the epoxidation reaction is carried in a
2 step tubular fixed bed reactor with intermediate PO removal [62], [13], while
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Evonik/Tyssenkrupp performs the reaction in a patented plate bundle reactor for
efficient heat removal [61].
As a potential solution for process intensification structured reactors have been
proposed due to the possibility of tailoring the transport properties of the catalytic
reactor [112], [113]. Typical structured reactors are open-foam cells, honeycombs
monoliths and most recently Periodic open cell structures. The characteristics and
properties of these types of structured reactors are summarized in Figure 3.15.

Figure 3.15: Comparison of different packed reactors and their properties taken
from [114]

Additively manufactured POCs represent a new class of structured catalyst bed
that can be designed with an almost unlimited range of different geometries when
combined with computer design (CAD) and modern additive manufacturing meth-
ods (3D printing). Several parameters can be optimized for a particular applica-
tion, namely, unit cell type, strut diameter ds, cell length lc, window diameter dw

and strut length ls as shown in Figure 3.16. These parameters defines the volume-
specific surface area and the external porosity of the structured POCs catalyst
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bed. POCs exhibit interesting heat transfer and hydrodynamic properties com-
pared with conventional packed catalyst beds [114], [115]. Ambrosetti et.al [116]
showed that at low superficial mass velocities POCs made of highly conductive
materials can offer a more effective heat transport when compared with randomly
packed beds. This improvement on the heat transport shown on Figure 3.16 can
be explained by the fact that at low superficial mass fluxes (G)[kg m−2 s−1], heat
conduction dominates over heat convection, and therefore the enhanced thermal
conductivity of the POCs and its interconnected matrix is able to provide an effec-
tive heat transport from the center of the reactor towards the cooled wall even at
low superficial mass velocities. This feature is of particular importance in kineti-
cally limited processes, since POCs offers the possibility of operating the reactor at
low specific mass flow rates while still providing enough heat transfer to minimize
losses of activity, selectivity, possible thermal runaways and reducing the reactor
footprint.
Empirical correlations for assessing the thermal performance of POCs are avail-

a) b)

Figure 3.16: a)Comparison of the overall heat transfer coefficient of a diamond POCS
and a randomly packed bed. b) Diamond unit cell with important geometric properties
strut diameter ds, cell length lc, window diameter dw, and strut length ls. Figures taken

from [116]

able in the literature, these correlations are based on the assumption that the
macroscopic properties of the structure are determined by those of a representa-
tive unit cell. Then, the thermal properties of the POCs are lumped in a effective
thermal conductivity term as shown in Equation 3.4.
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Λr = λ0 + λrad + λd (3.4)

Where (Λr) is the effective radial thermal conductivity and (λ0), (λrad), (λd) are
the stagnant, radiative and dispersive thermal conductivities of the POCs. Radi-
ation can be neglected for low temperature applications, therefore is not further
discussed in this work. The stagnant thermal conductivity (λ0) accounts for the
contribution without fluid flow and depends strongly on the thermal conductiv-
ity of the solid material, the solid fraction and the material distribution along
the strut. Bianchi et. al [115] reported that besides the obvious contribution of
the solid fraction on the stagnant thermal conductivity, no significant effect was
observed upon changing the geometry of the unit cell or the strut cross section.
In this sense, the best thermal heat transfer performance was observed in cells
that feature struts with constant cross section. Based on this observation Bianchi
proposed a correlation shown in Equation 3.5 to estimate the maximal effective
thermal conductivity that can be achieved at a given solid fraction for an ideal
unit cell.

λ0 = 1 − εT

τ
λS τ = (0.36 + [0.64(1 − εT )])−1 (3.5)

Where (λS) is the thermal conductivity of the POCs material, (εT ) is the total
porosity and (τ) is the heat tortuous path through the cellular structure. The
porosity can be estimated experimentally by standard pycnometry or analytically
by the Klumpp equation [117], as shown in Equation 3.6.

εT = 1 −
3π

4 φ + KN

(φ + 1)3 KN = 3
4π −

√
2 φ = lw

ds

− 1 (3.6)

Where (lw) is the cell window length and (ds) is the strut diameter. The mor-
phology of the cell has an impact in the dispersive thermal conductivity (λd),
nevertheless it as been found that this term has only limited influence on the
resulting effective thermal conductivity (Λr) specially for highly conductive mate-
rials, and for this reason it has not been extensively investigated. Most publica-
tions proposed a linear dependency with the flow, mostly correlated by the Peclet
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number [118], [119], [120]:
λd

λf

= Pex

Kr

Where (x) represents a characteristic length and (Kr) is the radial dispersion
coefficient which vary depending on the correlation used. Additionally, it has been
found that the degree of coupling between the POCs and the wall of the reactor
can have a significant role in assessing the heat transfer performance of a cellular
structure. It has been reported 100% wall coupling can increase the heat transport
by 3.5 fold when compared with an uncoupled structure [114]. Unfortunately, the
determination of the wall heat transfer coefficient is associated with a high degree
of uncertainty and correlations from the literature can have a broad range of error
up to 40%. Correlations from the literature are based on a Nusselt-Reynolds
approach [120], [121], [122], [123].

αwx

λf

= Nuw,0 + Nuw,conv = A + B Rec
x

Where the (Nuw,0) is the stagnant contribution which accounts for the conduction
in the gap between structure and wall and (Nuw,conv) is the dynamic contribution
which describes the convective transport expressed as a function of the Reynolds
number from which the characteristic length (x) depends on the correlation used
for the estimation.
Due to these interesting properties, applications of POCs have been recently re-
ported for the process intensification of NO oxidation [124] and for COx methana-
tion [125], [126]. Additionally in the case of gas-liquid reactions, additively manu-
factured periodic open cells offer the opportunity of not only enhancing the heat
transport but also of locally influencing the gas holdup and bubble distribution by
locally tailoring the cell geometry [127], [128].

3.4 Spatial profile reactors
Several types of experimental reactor such as batch, semi-batch, continuous stirred
tank reactors and plug flow reactor have been implemented for the measurement
of catalytic reactions [129]. The rates are determined by measuring the changes of
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concentration of chemical species or conversion, as a function of a property related
to the amount of catalyst for a given set of reaction conditions (T,P) as shown in
Equation 3.7.

Rj,x =
(

1
νiQ

)
dni

dt
(3.7)

In the case of heterogeneous solid catalyst the amount Q is typically the mass of
catalyst which is related to the volume of the reactor by the bulk density of the
catalyst.
In a typical experimental test, a well measured mass of catalyst is loaded into the
reactor with controlled internal conditions of pressure and temperature (P0, T0).
The reactants are mixed and fed to the reactor (Ci,0, V̇ = ∑

V̇i,0) where they are
transformed into products. Then, the effluents of the reactor are measured by an
analytical method to determine the change in concentration (Pout, Tout, Ci,out, ˙Vout =∑

V̇i,out) of the chemical species. Typically, the reactor is operated in differential
mode with conversion lower than 5% , which allows the assumption that the rate
of reaction is constant. Isothermal behavior is assumed (T0 = Tout) to allow the
assignment of the measured rates to the inlet concentrations. Differential condi-
tions at high conversion can be achieve by implementing an integral reactor to
achieve the desired conversion followed by a differential reactor. To investigate
the reaction network the contact time τ = Vcat

V̇
has to be varied systematically

which underlines and extensive amount of experimental work. Then, species con-
sumption (Ri), production, reaction rates (rj), reactants conversions (Xi), product
selectivities (Sk,i)and yields (Yk,i) can be calculated from the difference between
inlet and outlet variables.

rj = ṅi,out−ṅi,0
mcat

Xi = ṅi,o−ṅk,out

ṅi,0

Ri = ∑j=m
j=1 νi,jrj Sk,i = ṅk,0−ṅk,out

ṅi,0−ṅi,out

νi

νk

Yk,i = XiSk,i
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Figure 3.17: Differential and Integral experimental fixed bed reactors

The variables (Ri), (rj), (Xi), (Sk,i) and (Yk,i) depend on the values measured at
the outlet and inlet of the reactor. In the case of the differential reactor, the gra-
dients inside the reactor are considered negligible and the environment is assumed
to be homogeneous across the catalyst bed. The drawback of this approach is that
low conversions are not representative of the true operating conditions of an indus-
trial application. Consequently, kinetic relationships derived from differential data
can have limited applicability in broader applications outside the narrow range of
analysis. In the case of an integral reactors, the concentration of reactants and
products change significantly between the inlet and outlet of the reactor. In this
case, the reaction rate changes across the length of the catalytic bed, and in conse-
quence it is not possible to assign the measured reaction rate to the inlet variables.
Moreover, the structure of the catalyst is modified by the local chemical potential
of the reaction environment which changes widely across the reactor length. This
local changes cannot be measured by inlet-outlet experimental approaches.
In experimental fixed bed reactors, time dependent changes of concentrations and
temperature are translated into spatial variables. Under steady state conditions
axial gradients provide information about the mechanism of reaction without the
need of expensive isotopes typically used on transient experiments [130], [131],
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[132]. The measurements of a spatially resolved profile is defined as the deter-
mination of kinetically relevant variables within the catalyst bed such as molar
concentration of species or molar flow rates (Ci(z)), (ni(z)) and temperature in
the fluid phase (Tf(z)) as a function of the spatial coordinate (z). For the mea-
surement of spatially resolved profiles within a reactor several approaches have
been developed. The principle is based on the continuous movement of a thin
sampling capillary along the axis of the reactor. This capillary continuously trans-
fers a sample of the current position to an analytical device for analysis. The
most robust and widely applied technique to measure spatial profiles inside cat-
alytic fixed-bed reactors is the minimally invasive capillary sampling technique.
This technique was developed independently and in different embodiments by var-
ious groups [7], [8], [9]. A comprehensive review of the evolution, as well the
advantageous capabilities of spatially resolved techniques for the characterization
of heterogeneously catalyzed reactions was published by Morgan et.al [133]. The
spatially resolved capillary-inlet mass spectroscopy system (SpaciMS) shown in
Figure 3.18 developed by Partridge et.al [7], [8] was used to resolve spatial pro-
files of chemical species and temperature in straight channels monoliths. In the
Paul Scherrer Institute Bosco and Vogel [9] measured spatially resolved profiles
of the CO methanation in a catalytic plate reactor with optical access shown in
Figure 3.19. In contrast to the fore mentioned applications, the minimal invasive
spatial sampling technique by Horn et.al [12], [4] uses a closed capillary design
with a side sampling orifice. This design provides the sampling capillary enhanced
mechanical stability, which opens a wide spectrum of applications in heteroge-
neous catalysis, most specifically in the measurement of spatially resolved kinetic
and spectroscopic gradients in packed bed reactors where an open ended capillary
would bend or break due to friction with the catalyst particles. A illustration of
the measurement principle by Horn is shown in Figure 3.20. The sampling system
is constituted by a sampling capillary (typically OD=0.8 mm) with a side orifice
of 50-100 µm. A sample of the flow running continuously through the catalyst
bed can be taken through the side orifice by applying a difference of pressure.
Usually, the amount of sample is about 5-10% of the total flow to avoid disturbing
the flow inside the reactor. The sample flow can be continuously directed to an
analytical device, typically a Gas Chromatograph or a Mass Spectrometer for local
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Figure 3.18: Sketch of SpaciMS
Instrument (taken from [8]) Figure 3.19: Picture of opened

channel reactor with catalyst
plate(taken from [9])

identification and quantification of chemical species. For the measurement of the
fluid phase temperature, a thermocouple (usually 250-500 µm) is inserted inside
the capillary and tip aligned with the sampling orifice. In this way it is possible
to measure both the local concentration of species (Ci(z)) and temperature (T (z))
at the position were the orifice is located. Optionally, a pyrometer or a optical
fiber can be used to measure either the temperature of the solid phase (Ts(z)) in
case of high temperature reactions or spectroscopic information of surface species
(Is(z)) [12], [11]. Then, the sampling probe is translated along the axial coor-
dinate (z) by a high precision step motor. Spatially resolved concentration and
temperature profiles can be constructed by measuring at multiple positions along
the reactor coordinate. Then, the conversion (Xz), selectivity (Sz) and differential
rate

(
rmcat

jz

)
as a function of the coordinate (z) can be calculated as follows:

Xz = [Ci]0 − [Ci]z
[Ci]0

× 100%

Sk
z = [Ck]0 − [Ck]z

[Ci]0 − [Ci]z
νi

νk

x100%

rmcat
jz

= 1
νij

U0

(
Cijz+∆z

− Cijz

)
∆z

1
ρbed

Where (rmcat
j,z ) is the mass based differential reaction rate of the reaction j at the

position (z) in [mol kg−1 s−1], νij is the stoichiometric coefficient of the specie
i in the reaction j, Cijz is the concentration of the specie i in the reaction j at
the coordinate (z) in [mol m−3], (U0) is superficial flow velocity in [m s−1] and
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Figure 3.20: Spatial sampling principle by Horn: (Left) Magnified view of sampling
arrangement for measurement of local concentration and temperature. (Center) Sectional
view of a experimental spatial fixed bed reactor. (Right) Spatially resolved concentration

and temperature profile.

(ρbed) is the bulk density of the catalyst bed in [kg m−3]. The accuracy of the
analytical method applied to measure the concentration of chemical species can
have a big impact when calculating the differential rate of reaction. In this case,
the concentration profiles can be smoothed to compensate for small variation on
the concentration profiles, a typical method used is the Savitzky-Golay method.
Since its development, the minimally invasive capillary sampling technique was
applied to study several gas phase reactions such as methane catalytic partial
oxidation on rhodium and platinum coated foam catalyst [134], [135], methane
oxidative coupling in the gas phase [136] and oxidative dehydrogenation of ethane
to ethylene on a supported molybdenum oxide catalyst [3]. So far, the minimal
invasive spatial sampling technique has been restricted to gas phase heterogeneous
catalytic reactions.
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Figure 3.21: Steps in heterogeneous catalytic reaction

3.5 Measurements in experimental fixed bed
reactors

Accurately performed measurements are crucial for kinetic studies on heteroge-
neous catalysis. There are several steps involved during a catalytic reaction on
the surface of a solid shown in Figure 3.21. If any of these steps is slower than
the surface reaction, the measured data can lead to inaccurate results. In conse-
quence, to accurately measure kinetic data is important to verify that the system
is free of heat and/or mass transport limitations. In order to reach the surface, the
reactants in the bulk fluid phase must first diffuse through a stagnant boundary
layer surrounding the catalyst particle [137]. When the mass transfer through this
stagnant boundary layer becomes slower than the surface reaction, the measured
rate will be masked by the film diffusion rate. Analogously, the same effect can
be observed due to heat transfer limitations when the conduction of heat through
the film is slower than the production/consumption of heat on the catalyst sur-
face [138], [139]. External mass limitation can be analytically estimated by using
the Mears criteria, which relates the measured reaction rate with the rate of trans-
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port by diffusion in the bulk fluid:

Mears criteria for external mass transfer limitations
−Robsrpn

kcCb

= measured reaction rate
rate at bulk fluid conditions ≤ 0.15

Where Robs[mol m−3 s−1] is the measured initial reaction rate, rp [m] is the radius
of the catalyst particle, n is the reaction order, kc[m s−1] is the mass transfer
coefficient and Cs[mol m−3] is the concentration at the surface of the catalyst.
Also external mass transfer limitations can be experimentally assessed as shown
in Figure 3.22. In the presence of external mass transfer limitations the measured
rate is dependent on the thickness of the stagnant boundary layer surrounding
the catalyst particles. As the superficial velocity of the bulk fluid increases, the
thickness of the boundary layer decreases until a point in which the rate of diffusion
through the stagnant boundary layer becomes negligible compared to the rate of
surface reaction. Under these conditions, the conversion for a given residence
time becomes independent of the superficial velocity of the bulk fluid. Therefore,
the test to evaluate external mass transfer limitations consist in measuring the
conversion at a constant space time as a function of the volumetric flow. If the
measured conversion is constant over a range of flow rates, it can be concluded
that the effect of external mass transfer limitations are negligible [129].

Figure 3.22: Experimental test for external mass transfer limitations
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Analogously, external heat transport limitations can be evaluated by the Mears
criteria for heat transport [140]:

Mears criteria for external heat transfer limitations
|∆Hr|Robsrp

hTb

≤ 0.15TbR

Ea

Where ∆Hr[Jmol−1] is the enthalpy of reaction, h[W m−1°K−1] is the heat transfer
coefficient, Tb [°K] is the bulk temperature of the fluid, R[J mol−1 °K−1] is the gas
constant and Ea[J mol−1] is the activation energy of the reaction.
Usually, solid catalyst are porous materials that provide a high surface area per
unit of mass. Most of the active sites in which the surface reaction occurs are
located within the pore network of the material. Therefore, the diffusion of the
reactant in the pore system of the catalyst has an influence on the measured rate.
Internal heat and mass transport limitations can be assessed by evaluating the
conversion achieved at constant space time and catalyst mass as a function of the
catalyst particle size as shown in Figure 3.23. If the conversion decreases as the
particle size increases it can be concluded that internal mass transport limitations
are present.

Figure 3.23: Experiment test for internal mass transfer limitations

For analytical determination of internal mass transport limitations the Weisz-
Prater criteria can be calculated [141]. This dimensionless number compares the
measured rate of reaction with the rate of pore diffusion. The rate of pore diffusion
depends on the concentration of reactants at the surface of the catalyst which is
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difficult to measure experimentally. Therefore, this criteria is usually calculated
once external mass transfer limitations are excluded, since under these conditions
the bulk and surface concentrations can be considered equal.

Weisz-Prater criteria for internal mass transfer limitations
Robsr

2
p

CsDeff

≤ 0.3

Where Deff [m2 s−1] is the effective diffusion coefficient inside the pore structure of
the catalyst particle. The effective diffusion coefficient can be calculated knowing
the porosity and tortuosity of the catalyst particle. The porosity of many solid
catalyst falls in the range of 0.3-0.7 and the tortuosity between 2-7, when informa-
tion about the catalyst is not available a porosity of 0.5 and a tortuosity of 3 are
often used as estimations [142]. Analogously, the predominance of intra-particle
temperature gradients can be evaluated by the Anderson criteria [140]:

Anderson criteria for internal mass transfer limitations
|∆Hr|Robsr

2
p

λTs

≤ 0.75TsR

Ea

Where Ts [°K] is the temperature at the surface of the catalyst. Under the condi-
tions in which external heat transport limitations can be considered negligible the
surface temperature of the catalyst can be considered approximately equal to the
bulk temperature of the fluid surrounding the catalyst particle.
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4.1 List of chemicals used

Chemical Supplier Purity CAS Nr. Art. Nr.

Hydrogen Peroxide Evonik AG 20-60 % wt 772-84-1 —–

Methanol Merk Technical grade 67-56-1 8222839025

Propylene Westfalen Propen 3.7 115-071 G332126

Methyl Tert Butyl Ether Merck Emsure for analysis 1634-04-4 1018491000

1-Methoxy-2-Propanol Alfa Aesar >99 % 107-98-2 29094980

2-Methoxy-1-Propanol TH Geyer 95 % 1589-47-5 11969317

Propylene Glycol Sigma Aldrich >99 % 57-65-6 134366-1L

Hydroxyacetone Sigma Aldrich 90 % 116-09-6 138185-500G

Propylene Oxide Merck >99 % 75-56-9 8070271000

TS-1 catalyst ACS Materials Type A 12173-28-3 —–

Lavasil CA413 PNM AkzoNobel 39,98 % SiO2 —– 8019216

Table 4.1: List of Chemicals used

4.2 TS-1/SiO2 catalyst preparation and
characterization

TS-1 powder was bought from ACS Materials (390 [m2 g−1], Si/Ti≥25, type=A,
particle size=0.3-0.5 µm).The extrusion process employed on this work is based
on the generation of a homogeneous paste comprised by the catalyst powder, an
inorganic support and organic binder [143]. The inorganic catalyst support pro-
vides the suitable physical strength, while the organic binder provides the required
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plasticity for the extrusion process. As inorganic support precipitated silica Siper-
nat 310 (700 [m2 g−1], particle size=8.5 µm, pH=6) was used, others commonly
used inorganic supports such as alumina oxide are known to increase the acidity
of the catalyst, and thereby the rate of ring opening reactions [144]. As organic
binder methyl-cellulose (3500−5600×10−3[Pas] 2% water at 20°C) was used. The
homogeneous paste was prepared in a ratio of 55/35/10 wt% (catalyst/inorganic
binder/organic binder) and mixed with enough water to achieve the desired plas-
ticity. Then, the paste was extruded and cut to 3 mm diameter and 3-5 mm length
pieces. The extrudate pieces were calcinated at 500 °C with a low temperature
ramp to avoid breakage while removing water and organic content. The calcina-
tion temperature is such that no phase transition or alteration of the catalytic
activity occurs [145]. A total 134 grams of catalyst extrudates were prepared. A
fraction of the prepared extrudates were crushed to splits and sieved to be able to
pack the catalyst in the compact profile reactor CPR. To determine the upper and
lower limit of the sieving process the Bodenstein criteria was used. In this sense,
if Bo > 80 the deviations from ideal plug flow are small and the reactor can be
regarded as a cascade of N CSTRs.

N = Bo

2 = Pem,ax

2
l

dp

(liquids, Rep<100)

The maximal length of catalyst bed is L = 60 mm resulting in a particle size of
dp < 375 µm. Therefore, the particles were sieved between 300 µm and 400 µm.
Both catalyst pellets and catalyst split used in the pilot scale (HP-PO) reactor
and CPR are shown in Figure 4.1.
Standard powder X-ray diffraction (XRD) measurements for qualitative phase
composition analysis were conducted using an Empyrean diffractometer from Malvern
Panalytical. XRD patterns were recorded over a 2θ range from 10° to 35°using the
Kα-lines of copper and a PIXcel1D detector HighScore Plus software and reference
patterns from the ICDD database were used for qualitative phase analysis. To de-
termine the surface area by physisorption of nitrogen at 77 K a Quantachrome
autosorb IQ 2 (Anton Paar GmbH, Graz, Austria) was used. To asses the mor-
phology of the catalyst powder, extrudates and splits were analyze by a Zeiss
Supra 55 VP FEG-SEM with Variable Pressure Mode (VP-Mode). The FTIR
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Figure 4.1: TS-1/SiO2 pellets and TS-1/SiO2 splits

spectrum of the catalyst was recorded between 400 and 4400 cm-1 in transmission
mode (KBr disk method) on a Vertex70 spectrometer equipped with a KBr beam-
splitter and a DTGS detector (Bruker, Billerica, USA) by adding 128 scans at a
nominal resolution of 2 cm-1.

4.3 Periodic Open Cells Coating Procedure
The catalyst coating procedure was based on dip-coating the POCs in a mixture
of commercial TS-1 catalyst powder suspended in a solution of colloidal silica to
form a uniform catalyst layer on the surface of the structures. Removal of the fluid
phase, by for example drying, allows the silanol groups on the surface of the silica
particles to react with each other by condensation as shown in Figure 4.3. This
condensation reaction, causes the solution to form a continuous matrix of cova-
lently bonded particles entrapping the suspended TS-1 catalyst particles within.
Further drying forms a xerogel consisting of a porous amorphous silica structure.
The device used to dip-coat the structures with reproducible speeds is shown in
Figure 4.2 a) and b). The POCs shown in Figure 4.2 c) consisted in a 100 [mm]
length cubic periodic structure, with a overall diameter of 17 [mm], a cell length
lc of 5 [mm], a strut diameter of 0.6 [mm] and a central channel of 1.7 [mm]
to accommodate the sampling capillary . The commercial Lavasil CA413 PNM
colloidal silica solution used to suspend the catalyst powder was provided by Ak-
zoNobel (ρ = 1.286[g cm−3], SiO2 = 39.98 %wt, NH3 = 0.163 %wt, pH = 9.1,
µ = 9.8[mPa s]). The coating mixture consisted in 75% colloidal silica solution
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and 25% suspended catalyst powder.

a) b) c)

Figure 4.2: a) and b) POCs dip-coating device, c) Periodic open cell structure POCs.
Taken from [146]

Figure 4.3: Condensation reaction of silanol groups on the surface of silica particles

Upon dipping, the extraction speed can affect the thickness of the coating [147].
In this case, the dipping velocity was set to 3 [mm s−1], while the extraction
velocity was 1 [mm s−1]. After each dip-coating cycle, the structures were dried at
50°C followed by a final calcination step at 350°C for 2 hours to remove the water
and NH3 content. Under the assumption that the coating mixture was perfectly
mixed and homogeneous, the final dried solid composition is calculated to be 45%
wt catalyst to 55 % wt dried colloidal silica.
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4.4 Analytical Methods
To analyze the organic products of reaction an in-line modified Gas Chromato-
graph Agilent 7890B equipped with two flame ionization detector (FID), two mi-
cropacked columns 10% RTX-Stabilwax DIATO-WNAW 80/100 (Restek, 2 m x1.0
mm ID x 1/16" OD ), a RT-Q-Bond column (Restek, 30 m x 0.32 mm ID and 1µm
film) and a Stabilwax Column (Restek, 30 m x 0.32 mm ID and 1 µm film) were
used. This analytical device is able analyze samples at reaction conditions, that
is 20-30 bar pressure, with Pr entirely in liquid phase. In Figure 4.6 a diagram of
the Gas Chromatograph with ON/OFF positions of the switching valves is shown.
The calibration of the Gas Chromatograph was done using the internal standard
method. This method is based on a reference compound called Internal standard
(IS), in this case Methyl tert butyl ether (MTBE). The response of the component
(i) is proportional to the response of the reference standard.

Ai

[i] = Ri
AIS

[IS] ; [i] = 1
Ri

Ai
[IS]
AIS

; [i]
[IS] = 1

Ri

Ai

AIS

Where (Ai) is the area of measured peak of component i, ([i]) the concentration of
component i in [mol l−1], (Ri) the response factor of component i, (AIS) the area
of measured peak of the internal standard and ([IS]) the concentration of internal
standard in [mol l−1]. For the identification of the side products of reaction by
GC/MS Screeining an Agilent Gas Chromatograph 6890N coupled with a Mass
Spectrometer MSD 5975 was used. The concentration of HP was measured using
potentiometric titration with Cerium (IV) Sulfate in an Titration Unit TitroLine
7000 from SI Analytics. Cerium (IV) Sulfate solutions are remarkably stable over
prolonged periods of time without appreciable change in concentration [148] and
are suitable for samples that contain organic compounds [149].

Ce(SO4) + H2O ⇀↽ Ce2(SO4) + H2SO4 + O2

H2O2 ⇀↽ O2 + 2H+ + 2e− E0
ox = −682mV

2Ce4+(SO4)2 + +2H+ + 2e− ⇀↽ Ce2(SO4)3 + H2SO4 E0
red = +1440mV
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Figure 4.4: Typical sigmoidal titration curve and its first derivative as a function of
titrant volume

In this reaction the Cerium (IV) Sulfate oxidizes the HP to form Cerium (III)
Sulfate, sulphuric acid and oxygen. The amount of titrant that reacted with the
amount of HP present in the sample can be determined by the end point of the
titration. The end point can be determined by the inflexion point on the titration
curve or by calculating the change in potential per unit volume of titrant ∆E/∆V

(first derivative). A plot of the first derivative yields a curve with a maximum
which corresponds to the inflection point and the end point of the titration as
shown in Figure 4.4. Optionally, the second derivative can be calculated for more
accuracy. Then, from the stoichiometry of the Equation 4.1 the concentration of
HP in the sample taken at the position (z) can be calculated as follows:

[H2O2]z = (Xend − Xblank) · [Ce (IV )]
2 · W sample · 1

ρsample

Where [H2O2]z is the concentration of HP in the sample taken at the position (z)
in [mol l−1], Xend the consumed volume of standard titrant solution by analyte
sample in [ml], Xblank the consumed volume of standard titrant solution by blank
sample in [ml], [Ce(IV )] the concentration of standard titrant in [mol l−1], Wsample

the mass of sample in [g] and ρsample the density of the sample in [g ml−1].
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Figure 4.5: Potentiometric Titration Unit TitroLine 7000 SI Analytics

4.5 Modeling of fixed bed reactors
Due to the complex physical and chemical phenomena taking place in packed bed
reactors, their exact description is either impossible or leads to very complex math-
ematical models. To reduce the computational demand required in the simulation
of chemical reactors, is often desired to simplify the model in order to eliminate
any unnecessary mechanisms and equations that are not essential to the overall
performance of the process. The proper model should be simple but still contain
sufficient representation of the essential mechanisms involved. In consequence, the
type of model has to be selected taking in consideration the features and properties
of the system under analysis. The different mathematical models used to simulate
fixed be reactor are summarized in Figure 4.7.

One dimensional pseudo homogeneous models are often used when intra/ex-
ternal particle heat and mass transfer limitations can be consider negligible and
only gradients on the axial direction are expected. In contrast, heterogeneous
models are used when significant temperature and concentration gradients are ex-
pected between the phases. When a deviations from ideal flow are expected due
to molecular diffusion, eddy diffusion or nonuniform distribution of the flow axial
dispersion models are often implemented to describe the system. Two dimen-
sional models are used when significant concentration and temperature gradients
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Figure 4.6: (Up) GC Diagram OFF Positions. Outside GC (Blue), red (Valve box), grey
(Oven). (Down) GC injection valves arrangement
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Figure 4.7: Classification of classical continuum models

are expected on the radial direction. Alternatively, computational fluid dynamics
(CFD) simulation may be used to model in detail the flow fields within the fixed
bed reactor for low tube-to-particle diameter ratio where channeling effects are
expected [150]. Typically, measurements in experimental fixed bed reactors are
conducted in the absence of internal and external transport limitations to ensure
that the rate being measured is the surface reaction on the catalyst. Additionally,
lab-scale reactors have typically small internal diameters which reduces the possi-
bility of temperature and concentration gradients in the radial direction. In this
case, 1-dimensional pseudo homogeneous models are sufficient and can be used in-
stead of 2-dimensional heterogeneous models, if both the interfacial concentration
gradients and the interfacial temperature gradients are small. Due to the very low
specific flow rates used in this work required to achieve high conversion, deviations
from the ideal plug flow behavior are expected. To determine if axial dispersion
should be included in the model the Bodenstein criterion can be used:

N = Bo

2 = Pem,ax

2
l

dp

(liquids, Rep<100)

If Bo > 80, the deviations from ideal plug flow are small and the reactor can
be regarded as a cascade of N CSTRs. In contrast, if Bo < 80 deviations from
plug flow are expected and the 1D-pseudo-homogeneous model should include
axial dispersion. The governing equations of an axial 1D-pseudo-homogeneous
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dispersion model are shown in the following set of equations:

Mass Balance

us
dCi

dz
− εDax

d2Ci

dz2 +
j=m∑
j=1

aijρbrj = 0

Energy Balance

Cpρlus
∂T

∂z
− λax

∂2T

∂z2 +
j=m∑
j=1

aijrj∆Hrj = 4Uext

dR

(Twall − T )

Momentum Balance
P0 − PL

L
= 150µus

d2
p

(1 − ε)2

ε3 + 7
4

ρlu
2
s

dp

(1 − ε)
ε3

The particle dispersion coefficient for mass transfer (Dax) can be determined graph-
ically as a function of the Reynolds particle number based on the work of Wilhelm
et. al shown in Figure 4.8. Alternatively, a wide range of correlations for the
effective radial diffusivity [151], [152], [153], [154] and for the axial mass dispersion
coefficient [155], [156], [157] in packed beds are available in the literature. Then,
the reactor scale dispersion coefficient can be obtained by multiplying the obtained
(Dax) with the (L/dp) ratio of the catalyst bed.
The dispersion coefficient for heat transport (Λax) can be calculated following the

work of Winterberg and Tsotsas et.al. [159].

Λax

λf

= λbed

λf

+ Peax,h

Kax

Kax = 2

Peax,h = u0ρfCpfdp

λf

Where (λf ) is the heat conductivity of the fluid and (λbed) is the heat conductiv-
ity of the packed bed without fluid flow both in [W m−1 K−1]. For high reactor
tube-to-particle diameter ratios it has been shown that the bed porosity (ε) os-
cillates between 0.36 and 0.42 and for practical purposes can be approximated to
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Figure 4.8: Axial and Radial Peclet numbers as a function of the particle Reynolds
number for packed beds, take from [158]

a constant value of 0.4 [160], [161]. The thermal conductivity of the packed bed
without flow (λbed), can be calculated by the following set of equation based on
the the model of Zehner/Bauer/Schloender take from [162]. Because the reaction
studied in this work is a low temperature liquid phase reaction, the contribution
of the secondary parameters of the model can be neglected.

kbed = 1 −
√

1 − ε +
√

1 − εkc kbed = λbed

λf

(4.1)

kc = 2
N

(
B

N2
kp − 1

kp

ln kp

B
− B + 1

2 − B − 1
N

)

N = 1 − B

kp

B = 1.25
(1 − ε

ε

) 10
9

kp = λp

λf

Where (λp) is the heat conductivity of the catalyst particles in [W m−1 K−1]. The
fluid-particle heat transfer can be calculated by the work of Gnielinski [163]. The
coefficient can be estimated by implementing a form factor fa and a Nusselt number
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equation that applies for a flow over a single catalyst particle.

Nu = faNup

Nup = 2 +
√

Nu2
lam + Nu2

turb

Nulam = 0.664
√

Reε
3√

Pr

Nuturb = 0.037Re0.8
ε Pr

1 + 2.443Re−0.1
ε (Pr

2
3 − 1)

Nu = αfds

λf

Reε = U0ds

µf

Pr = µfCp

k

ds =
√

Ap

π

Where (αf ) is the fluid-particle heat transfer coefficient in [W m−2 K−1], (ds) is
the diameter of a sphere of the same area as that of a catalyst particle in [m], (λf )
is the conductivity of the fluid in [W m−1 K−1], U0 is the superficial velocity in
[m s−1], (µf ) is the fluid viscosity in [kg m−1 s−1] and (Cp) is the liquid heat capac-
ity in [J kg−1 K−1]. In this case, the catalyst splits are assumed to approximate
a cylindrical shape, therefore the form factor is fa = 1, 6. The physical properties
of the fluid are evaluated at the inlet temperature. In the reaction studied in this
work the term related to turbulent flow can be neglected, since the reactor is op-
erated under laminar regime. The diffusion coefficients for the chemicals species
through the bulk solvent MeOH can be estimated by the Wilke-Chang equation for
diffusion in liquids [164]. In the case of diffusion in liquids, molecules are tightly
packed together when compare to gases, and they are more likely to collide with
each other than with the pore walls. In consequence, Knudsen diffusion is not
considered relevant in liquid phase reactions [165]. The system of partial differen-
tial equations was solved in the software COMSOL Multiphysics 5.5 by the finite
element method [166]. Due to the low specific flow rate required to achieve high
conversion and the fact that pre and post reactions zones were packed with an
inert material (quartz wool), it is assumed that axial dispersion occurs not only
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in the reaction zone but also in the pre and post reaction zones of the simulation
domain. Then, the Dirichlet boundary conditions were used to solve the system
of differential equation.

z = 0, ∀r Ci = Ci,0 T = T0

z = L, ∀r ∂Ci

∂z
= 0 ∂T

∂z
= 0

Table 4.2: Boundary conditions of axial 1D pseudo-homogenous dispersion model

4.6 Profile data fitting
Several previous publications have shown that the minimal invasive spatial sam-
pling technique can provide a significant amount of kinetic data which can be used
to validate kinetic models. This technique has been used in combination with nu-
merical simulations to study methane partial oxidation on rhodium [134] and on
platinum [135], dry reforming of methane combined with particle resolved CFD
simulation [167], methane combustion on a platinum gauze [168], CO oxidation
on Pt nanoparticles supported on an α − Al2O3 foam monolith combined with
microtomography-based CFD [169] and n-butane oxidation to maleic anhydride
on vanadyl pyrophosphate catalyst pellets [170]. For validation of kinetic mod-
els the usual approach is to fit the model to the experimental data followed by
a qualitative and quantitative analysis of the model correlation with the experi-
mental data. The fitting of the model can be done by either linear or non-linear
regression depending on the complexity of the derived rate law. Linear regression
has the particular advantage that no initial values are required for the regression.
However, non-linear regression is available in several simulation softwares and is
increasingly being used as standard method. Taking as example a Langmuir-
Hinshelwood model for a irreversible surface reaction:

A + B
catalyst−−−−→ AB
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The derived rate law is:

ra = krKaKb [A] [B]
(1 + Ka [A] + Kb [B])

The model parameters are kr = kr,0e
−Er
RT , Ka = Ka,0e

∆Ha
RT and Kb = Kb,0e

∆Hb
RT .

Then, the sum of squares of differences between the proposed kinetic model and
experimentally observed values can be defined as:

f(p) = minp||ra,calc (p, [A]k,calc, [B]k,calc) − ra,data ([A]data, [B]data)|| =

minp

k∑
k=1

[ra,calc (p, [A]k,calc, [B]k,calc) − ra,data ([A]data, [B]data)]2 (4.2)

Where the parameters vector p = (kr,0, Ka,0, Kb,0, Er, ∆Ha, ∆Hb) contains the con-
trol variables. The objective of a non-linear regression, is to find a set of control
variables for the vector (p) which minimize the difference in Equation 4.2 for the k
number of experimental data points. There are several numerical method to solve
non-linear least square problems, such as the Nelder-Mead Simplex algorithm,
conjugate gradients algorithm, newton methods, etc [171], [172]. The optimiza-
tion module of the software COMSOL Multiphysics uses the Levenberg-Marquardt
algorithm in Equation 4.3 to solve this type of iterative numerical problems. This
algorithm combines the Gradient Decent in Equation 4.5 and Newton method in
Equation 4.4 in a single equation.

pn+1 = pn −
[
∇2g(p) + λI

]−1
∇g(p) (4.3)

when λ → 0 ;
[
∇2f(pn) + λI

]−1
→
(
∇2f(p)

)−1

fp+1 = pn −
(
∇2f(pn)

)−1
∇f(pn) (4.4)

when λ → ∞ ;
[
∇2f(pn) + λI

]−1
→ (λI)−1 = 1

λ
I = µI

pn+1 = pn − µ∇f(pn) (4.5)
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The method convergence depends on the initial values of the control variables
contained in the vector (p). For the validation of a existing kinetic model from
the scientific literature the kinetic parameters of the model can be used as ini-
tial guess for the vector (p) to solve least squares minimization problem. In the
case of validation of a proposed kinetic model the initial values for the vector (p),
namely the activation energies, frequency factors and adsorption constants have to
be first determined experimentally or can be taken from the available literature.
Typically, the reactions activation energies and frequency factors can be obtained
by measuring the initial reactions rate at different temperatures of reaction and
constructing an Arrhenius plot. The adsorption constants can be estimated by
thermodynamic calculation. This approach is used for relatively simple system
of reacting gases at lower pressure. For complex mixtures far from ideal condi-
tions thermodynamic calculations becomes increasingly difficult. In this case, the
adsorption constant can be experimentally determined by systematically varying
the initial concentration of reactants/products and plotting the dependence of the
initial reaction rate on said concentration [173], [137], [174].
To preform a quantitative statistical analysis, the variance and the FC − test are
typically used to discriminate between different proposed models:

n∑
i=1

S2
i =

∑n
i=1 (Ci,exp − Ci,model)2

n − p

FCi
=

∑n

i=1(Ci,exp−Ci,model)2−
∑ne

i=1(Ci,exp−C̄i,exp)2

n−p−ne+1∑ne
i=1(Ci,exp−C̄i,exp)2

ne−1

n∑
i=1

FCi
<>

n∑
i=1

F (n − p − ne + 1, ne − 1, 1 − α)

Where (Ci,exp) is the experimental concentration, (Ci,model) is the concentration of
the chemical species i calculated by the model, (C̄i,exp) is the mean of the experi-
mental concentration in [mol l−1], (n) is the number of experimental data points in
the concentration profile, (p) is the number of parameters of the model, (ne) is the
number of repetitions per experimental data point and (α) is the significance level
of the F-test. Since several species profiles are simulated simultaneously in this
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work, the overall summatory of the variance (∑n
i=1 S2

i ) and FC − V alue (∑n
i=1 FCi

)
for each experimental profile against its respective simulated value are used as
statistical criteria.
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In this chapter, the first application of the minimal invasive capillary spatial sam-
pling technique to study a liquid phase reaction is presented. The results on
Section 5.6, Section 5.7, Section 5.9 and Section 5.10 have been previously pub-
lished in the Industrial & Engineering Chemistry Research Journal [175] and are
extended with complementary results and measurements. The construction of the
CPR experimental setup in Section 5.1.2 and the determination of products of
reaction and mass balance of the reaction system in Section 5.4 were part from
a previous work [176]. The experiments performed in the pilot scale spatial pro-
file reactor in Section 5.11 have been conducted by Philip Wosiek and have been
published in his master thesis [146].

5.1 Liquid phase spatial profile reactors
For the measurement of spatially resolved profiles of the Pr selective oxidation
to PO with HP over TS-1 catalyst two liquid phase spatial profile reactor were
designed, built, and brought into operation as part of this work. A pilot scale
spatial profile reactor with a internal diameter comparable to a single tube in
a technical scale (HP-PO) reactor was implemented to study the reaction with
catalyst extrudates with dimension similar to those used in industrial applications.
Additionally, the reactor was packed with additively manufactured catalyst-coated
open cell structures as substitute approach for the conventional randomly packed
bed reactor. A compact profile reactor (CPR) provided by Reacnostics GmbH was
integrated in parallel to the pilot scale profile reactor. The compact reactor allows
to perform kinetics studies of the reaction with low consumption of chemicals and
safe operation due to the small reacting volume. A simplified flow diagram of the
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Figure 5.1: Simplified flow diagram of experimental setup

experimental setup is shown in Figure 5.1. In the following section the details of
both state of the art experimental spatial profile reactors will be highlighted.

5.1.1 Pilot scale spatial profile reactor

The pilot scale profile reactor shown in Figure 5.2 (left) is a 18 mm ID, 22 OD
mm and 1000 mm length jacket tube in which 3 mm diameter and 5 mm length
catalyst extrudates are packed. The reaction temperature is controlled by cooling
water circulating through the jacket of the reactor using a recirculation chiller set
to the reaction temperature of 40 °C. Alternatively, the cooling jacket feed can be
automatically changed by a set of magnetic valves to a secondary source of cooling
water 25 °C colder. The secondary cooling system is used to quench the rate of
reaction avoiding any potential thermal runaway. The pressure of the reactor is
controlled by a back pressure regulator BPR-1 which sets the reaction pressure to
e.g: 25-30 bar. Additionally, to avoid any increase of pressure beyond the tolerance
of the equipments, relief valves and rupture discs were assembled in both bottom
and top flanges of the reactor.
Through the central axis of the reactor runs a sampling PEEK tubing (1.6 mm
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OD (1/16"), 0.8 mm ID) with a side sampling orifice of 200 µm. A 0.5 mm
thermocouple type K, tip aligned with the orifice sits inside the sampling tubing.
The sampling tubing is assembled on a high precision step motor which changes
the position of the sampling orifice/thermocouple relative to the catalyst bed.
The sampling line is sealed by a sealing system specially designed for this purpose
shown in Figure 5.2 (middle). The developed sealing concept is based on a front
plug and a back ferrule made of two materials with different hardness, in this
application silicon rubber and teflon (PTFE). When the nut of the fitting is tighten
the back ferrule is pushed against the softer front plug deforming it in the horizontal
direction. The deformation of the front plug seals the sampling capillary with
enough tightness to hold the reaction pressure (e.g: 30 bar) but still allowing the
movement of the sampling system in the axial direction. The reactor is mounted in
a ventilated rack to avoid any accumulation of flammable/explosive chemicals such
as Pr. The main characteristics of the pilot scale liquid phase spatial reactor are
summarized in Table 5.1 while the actual experimental setup in the experimental
hall of the Hamburg University of Technology is shown in Figure 5.2 (right).
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Table 5.1: Main Characteristics of pilot scale (HP-PO) reactor

HPPO reactor Value

Dimensions 18x22x1000 [mm] (IDxODxL)

Max. Pressure 57.2 [bar]

Temp. range -10 to 80 [°C]

Material Stainless Steel: 1.4404

Range of Residence Time (LHSV) 0.5-3.5 [h−1]

Manufacturer Halmosi GmbH

Additional features Value Supplier (Art.Nr.)

Relief valves 24.51.5 [bar] Ham-let group
(H900HPSSL1/4B)

Rupture discs 40-45 [bar] Wehberg safety (11-1726-00)

Recirculating chiller Cooling cap. 250 [W] at 20 °C Fisher Scientific (Accel 250 LC
123 26 323)

Aux. cooling 18 [°C] -

Step motor Sub millimeter spatial resolution,
1000 [mm]

Festo (EGC-80-1000-BS-10P-KF-
0H-ML-GV)

Note: residence time range is calculated based on the max/min ranges of MFC-2, a 500 [mm] bed and with ρfeed= .875 g
ml

Figure 5.2: (left) Scheme of the pilot scale liquid phase profile reactor (middle) Sectional
cut of the spatial sealing concept (right) Pilot scale profile reactor
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Figure 5.3: (left) Compact profile reactor (right) Feed modules

5.1.2 Compact profile reactor (CPR)

The CPR provided by Reacnostics GmbH was assembled next to the (HP-PO)
pilot scale profile reactor. The compact reactor shown in Figure 5.3 is a 180 mm
long quartz tube with 6 mm OD and 4 mm ID in which the catalyst splits are
packed. The tube sits in a heating block with two heating cartridges that regulate
the temperature of reaction. Through the central axis of the tube, runs a sampling
capillary (0.75 mm OD, 0.5 mm ID) with a side-sampling orifice of 75 µm. A 0.25
mm thermocouple, tip-aligned with the orifice sits inside the sampling capillary.
Both the sampling capillary and the thermocouple are fixed in space while a high
precision step motor translates the reactor tube-heating block assembly in the axial
direction (z). This axial movement changes the sampling position by moving the
catalyst bed relative to the fixed spatial coordinate of the sampling orifice. The
pressure of the reactor is controlled by a back pressure regulator BPR-1 usually
set to the reaction pressure 20-30 bar. The main characteristics of the compact
profile reactor are summarized in Table 5.2.
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Table 5.2: Main Characteristics of CPR reactor

CPR reactor Value

Dimensions 4x6x180 [mm] (IDxODxL)

Max. Pressure 25 [bar]

Temp. range 25 to 500 [°C]

Max. catalyst bed 60 [mm]

Range of Residence Time (LHSV) 0.29-29 [h−1]

Manufacturer Reacnostics GmbH

Note: residence time range is calculated based on the max/min ranges of MFC-3, a 40 [mm] bed and with ρfeed= .875 g
ml

5.1.3 Dosing system and sampling

The chemicals dosing system is constituted by 3 feed modules, MFC-1, MFC-2
and MFC-3 and a pump module shown in Figure 5.4 a), b), c) and d) respectively.
Pr in a dual valve gas cylinder is pressurized to reaction pressure by means of an
inert gas piston injected in the head space of the gas bottle. The liquid port of the
dual valve is connected directly to the module MFC-1 shown in the Figure 5.4 a).
A Equilibar back pressure regulator able to handle both gas and liquids is used
as pilot valve for the mass flow controller due to the presence of small traces of
dissolved inert gas in the liquid media.
A mixture of MeOH/HP/IS with the desired concentration was pressurized to
reaction pressure by a HPLC Knauer pump Azura P4.1S located in the pump
module shown in Figure 5.4 d). The overflow of the pump is released by a relief
valve set to desire pressure. The high pressure side of the relief valve is connected
to the module MFC-2 shown in Figure 5.4 b) which doses a fraction of the overall
pump output flow to the process. The excess flow of the pump is relief through
the low pressure side of the relief valve against ambient pressure and recycled back
to the HPLC bottle.
The module MFC-3 shown in Figure 5.4 c) is used when experiments are carried
in the CPR. Both MFC-1 and MFC-2 flows are set to achieve a desired inlet
composition. Then, the overall flow of mixed MeOH/HP/IS and Pr is directed to
the module MFC-3. A small fraction of the overall flow is dosed to the CPR by
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the MFC-3 to obtain the desired contact time in the CPR, while the excess flow
is expanded in a flash unit and disposed. The pressure of the feed to the module
MFC-3 is regulated by a back pressure regulator BPR-2.
The sampling in both reactor is achieved by a small pressure difference between the
reactor and the sampling line which leads a fraction of the flow (usually below 10%
of the total flow) continuously through the analytic system. The pressure drop in
the sampling line is controlled by an additional back pressure regulator BPR-3.
The sample flow is continuously monitored by a mass flow meter MFM-1. All
sampling lines are 400 µm ID to minimize dead volumes. The sampling proceeds
from the outlet of the reactor and is moved progressively towards the inlet. The
pressure in the sampling line is kept always well above 17 bar to ensure that the
Pr remains entirely in the liquid phase. After chromatographic analysis, the liquid
sample is expanded in a small vessel and the liquid is collected for determination
of the HP concentration by Potentiometric Titration with Cerium (IV) Sulfate
and the identification of side products by GC/MS screening. In the case of the
CPR, the HP concentration is determined at the inlet and outlet of the catalytic
bed while the middle points are calculated by stoichiometry. After reaction the
unconverted Pr, HP, products of reaction and spatial sample are expanded in
a flash unit against atmospheric pressure. The off-gas is treated in a catalytic
afterburner while the liquids are collected and disposed.

5.2 Catalyst Characterization
In Figure 5.5 a) the diffraction patterns of the catalyst TS-1/SiO2 is shown. The
peaks at 24.4° and 29.3° show the incorporation of the Ti atoms into the MFI
framework and the change from monoclinic symmetry of Silicalite-1 to an or-
thorhombic symmetry of Titanium Silicalite-1 [63,69]. In Figure 5.5 b) the FT-IR
spectrum of the TS-1 catalyst powder is shown. The band at 960 cm-1 is related
to the incorporation of Ti into the framework and has been assigned to the asym-
metric stretching of the [TiO4] units [70]. The BET analysis of the adsorption
isotherms shows that the surface area of the pure catalyst powder is 422 m2/g, the
surface area of the pure inorganic SiO2 support is 623 m2/g and the TS-1/SiO2

catalyst splits is 451 m2/g. The slightly higher surface area of the catalyst splits
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Table 5.3: Main Characteristics of feed modules

MFC-1 Module Value Supplier (Art.Nr.)

Cori-Flow mass flow controller 1-50 [ g
h

] Bronkhorst
(ML120V00-RAD-11-0-S)

Control valve (reference gas) 40 - 17,35 [bar] (back-fore
pressure)

Bronkhorst (C2I-IIU-11-K)

Equilibar 51.7 [bar] , 175 [°C] (max P,T) Pressure control solutions
(LF1SNN12B-

NSMP750T175G10VVB)

Dosing fluid Liquefied Pr -

MFC-2 Module Value Supplier (Art.Nr.)

Cori-Flow mass flow controller 8-400 [ g
h

] Bronkhorst
(ML120V00-RAD-11-0-S)

Control valve (reference gas) 40 - 17,35 [bar] (back-fore
pressure)

Bronkhorst (C2I-IIU-11-K)

Dosing fluid Mixture MeOH/HP/IS -

MFC-3 Module Value Supplier (Art.Nr.)

Cori-Flow mass flow controller 0.125-12.5 [ g
h

] Bronkhorst
(ML120V00-RAD-C1-0-S)

Control valve (reference gas) 40 - 17,35 [bar] (back-fore
pressure)

Bronkhorst (C2I-IIU-1C-K)

Dosing fluid Mixture MeOH/HP/IS/Pr -

Pump Module Value Supplier (Art.Nr.)

HPLC Pump 0-10 [ ml
min

] Knauer (Azura P 4.1S)

MFM-1 Module Value Supplier (Art.Nr.)

Cori-Flow mass flow meter 0.05-5.0 [ g
h

] Bronkhorst
(ML120V00-RAD-CC-0-S)

Dosing fluid Spatial sample -
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a) b)

c) d)

Figure 5.4: 3D model of MFC-1, MFC-2, MFC-3 and pump modules

relative to the pure catalyst powder is attributed to the higher surface area of the
support. In Figure 5.6 a), b), c) SEM images of the catalyst extrudates, pure TS-1
particles and catalyst splits are respectively shown.

5.3 POC Coating
In Figure 5.7 and Figure 5.8 the POCs dip coating cycles followed by a drying step
at 50°C are shown. A total of 6 coating cycles were performed (3 coatings per side).
The weight of the POCs were measured before and after coating/drying to be able
to determine the mass of the deposited layer. Upon calcination only a wight loss
of 2%-3% was measured. Under the assumption that the ratio of catalyst powder
to colloidal silica of the prepared coating solution remained constant during the
dip-coating procedure the amount of catalyst loading was calculated. The results
of the dip-coating procedure are summarized in Table 5.4.
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a) b)

Figure 5.5: a) TS-1/SiO2 catalyst diffraction pattern, b) FT-IR spectrum of the TS-1
catalyst powder

a) b) c)

Figure 5.6: SEM images of a) Catalyst pellet b) TS-1 agglomerated particles c) Catalyst
splits

Figure 5.7: Dip coating cycles 1 to 3. Taken from [146]
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Figure 5.8: Dip coating cycles 4 to 6. Taken from [146]

Table 5.4: Results of dip-coating procedures. Taken from [146]

Total weight POCs [g] Coated layer weight [g] Catalyst loading [g]

POC-1 17,85 9,13 4,1

POC-2 20,46 11,77 5,3

5.4 Determination of products of reaction, mass
balance

For the determination of the products of reaction, a experimental run was per-
formed on the pilot scale spatial profile reactor with the parameters highlighted
in Table 5.5. This reactor allows to perform the reaction with long contact times
(e.g: LHSV≈0.7 h-1). The aim is to intentionally promote the side reaction of PO
to acquire information about the reaction network and products formed. During
the experiment samples of the reactor effluents were taken at different times and
analyzed by GC/MS screening. An example GC chromatogram with the identified
peaks via MS-screening is shown in Figure 5.9.
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Table 5.5: List of parameters of experiment GC/MS

Exper-
iment

T,P
[°C,
bar]

[Pr] [HP] LHSV
[h−1]

mcat

[g], (L
mm)

mMFC-1
[g/h]

mMFC-2
[g/h]

mMFC-3
[g/h]

Feed
wt%

SS [h]

GC/MS 40, 30 0.6 2.0 0.7 33
(400)

2 64 - 73/24/3 12

Feed composition in (MeOH/HP/Pr) [wt%]. SS= Steady state

Figure 5.9: GC/MS data, taken from [176]

The acquired data in Figure 5.9 from the Agilent Gas Chromatograph 6890N in
combination with the Mass Spectrometer MSD 5975 shows that the side products
of reaction are (1) methoxyacetone, (2) 1-methoxy-2-propanol, (3) 2-methoxy-1-
propanol, (4) hydroxyacetone and (10) propylene glycol. Also in lower amount (7)
formic acid, (5) methylformate, (6, 8, 9) dipropyleneglycol methylether isomers and
(11) dipropyleneglycol isomers were detected. Based on the GC-MS screening data,
the main peaks seen in the chromatograph data, the availability of chemicals and
the reactions network previously reported in the scientific literature the following
reactions were considered to perform a mass balance of the system.

68



5 Results and Discussion

Eq. 5.1: Considered Reactions for Mass Balance

In this case, a new reaction for the formation of HA was added (reaction r5).
This reaction is not reported in the scientific literature, but is one of the secondary
side products detected by our GC/MS screening. Based on this proposed reaction
system, the following stoichiometric analysis was done:

ν ij · ξ̇jv = ∆[Ci] =

r1 r2 r3 r4 r5 r6



Pr −1 0 0 0 0 0

HP −1 0 0 0 −1 −1

PO 1 −1 −1 −1 0 0

1-MPOL 0 1 0 0 0 0

2-MPOL 0 0 1 0 0 0

PG 0 0 0 1 −1 0

HA 0 0 0 0 1 0

H2O 1 0 0 −1 2 1

O2 0 0 0 0 0 1/2

MeOH 0 −1 −1 0 0 0

·





ξ̇v1

ξ̇v2

ξ̇v3

ξ̇v4

ξ̇v5

ξ̇v6

=





∆[P r]

∆[HP ]

∆[P O]

∆[1MP OL]

∆[2MP OL]

∆[P G]

∆[HA]

∆[H2O]

∆[O2]

∆[MeOH]

Where j = reactions 1 to 6, i = chemical species 1 to 10, νij = stoichiometric
coefficient matrix of component i in reaction j, ξ̇jv = volume based extent of
reaction of reaction j = ξ̇j

V̇
in [mol l−1], ξ̇j = ∆ṅi

νij
in [mol s−1] is the extent of

reaction, ∆ [Ci] = change in molar concentration of component i = ṅ
V̇

in [mol l−1],
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V̇ = volumetric flow in [l s−1] and ṅi = is the molar flow of component i in
[mol s−1]. The concentration change of every chemical species can be calculated
based on the extent of the reactions in which they are involved

∆[P r]=−ξ̇v1

∆[HP ]=−ξ̇v1−ξ̇v5−ξ̇v6

∆[P O]=ξ̇v1−ξ̇v2−ξ̇v3−ξ̇v4

∆[1MP OL]=ξ̇v2

∆[2MP OL]=ξ̇v3

∆[P G]=ξ̇v4−ξ̇v5

∆[HA]=ξ̇v5

∆[H2O]=ξ̇v1−ξ̇v4+2ξ̇v5+ξ̇v6

∆[MeOH]=−ξ̇v2−ξ̇v3

And the extent of reaction of each of the considered reactions are:

ξ̇v1=−∆[P r]

ξ̇v2=∆[1MP OL]

ξ̇v3=∆[2MP OL]

ξ̇v4=∆[P G]+∆[HA]

ξ̇v5=∆[HA]

ξ̇v6=−∆[HP ]+∆[P r]−∆[HA]
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If the reactions considered are enough to describe the process, then the following
conditions should be fulfilled:

ESM ·∆[i]≈0

Pr HP PO 1-MPOL 2-MPOL PG HA H2O O2 MeOH


C 3 0 3 4 4 3 3 0 0 1

H 6 2 6 10 10 8 6 2 0 4

O 0 2 1 2 2 2 2 1 2 1

·





∆[P r]

∆[HP ]

∆[P O]

∆[1MP OL]

∆[2MP OL]

∆[P G]

∆[HA]

∆[H2O]

∆[O2]

∆[MeOH]

≈




0

0

0

Then, the carbon balance at each measured position as percentage of the total
moles of carbon atoms fed to the reactor can be calculated as follows:

%Carbon balancez = ∆Carbonz

Carbon0
× 100

This percentage gives an estimation of how near is the calculated carbon balance
at the coordinate (z) from closure and is used as criterion for determining the
validity of the experiments and analytical methods.

71



5 Results and Discussion

Table 5.6: Main parameters of experimental runs

Exper-
iment

T,P
[°C,
bar]

[Pr] [HP] LHSV
[h−1]

mcat
[g], (L
[mm])

mMFC-1
[g/h]

mMFC-2
[g/h]

mMFC-3
[g/h]

Feed
wt%

SS [h]

Ext.
Lim.

40, 20 0.6 0.3 3.0 0.19
(42)

1.6 48 1.2 93/4/3 18.0

Fresh
Cat.

40, 20 0.6 2.0 3.0 0.15
(37)

2 64 1.1 73/24/3 75.5

CPR-1 40, 20 0.6 2.0 3.0 0.15
(37)

2 64 1.1 73/24/3 22.3

CPR-2 40, 20 0.6 2.0 6.0 0.15
(34)

2 64 2.1 73/24/3 18.0

CPR-3 40, 20 0.6 2.0 12.0 0.15
(35)

1.5 48 4.35 73/24/3 28.3

Feed composition in (MeOH/HP/Pr) [wt%]. SS= Steady state

5.5 Experimental measurements in compact profile
reactor (CPR)

In Figure 5.10 a) a typical packing in a CPR is shown. For liquid phase reactions,
the flow is fed from bottom to top to avoid channeling of the liquid which provides a
uniform flooding of the reactor. The back shield length is usually longer to provide
a pre-mixing and pre-heating of the chemicals until the reaction temperature. The
front shield is used to compact the catalyst bed and fix it in position. The total
effective measuring range of the CPR is 60 [mm]. The reactor coordinate z = 0
corresponds to the start of the catalyst bed, while negative coordinates corresponds
to the back shield. The set of experimental runs and their relevant experimental
parameters are summarized in Table 5.6. In all experiments shown in this work,
the feed composition is such that the reaction is conducted on a single liquid phase
regime as shown in Figure 5.10 b).
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a) b)

Figure 5.10: a) CPR Reactor geometry and b) Typical operation point of experimental
runs.

5.6 Experimental determination of external mass
transfer limitations

To experimentally determine if the measurements are free of film transport limi-
tations that may dominate over the reaction rate, the volumetric flow was system-
atically varied while maintaining the space time constant. The main parameters
of the experiment are shown in Table 5.6 for the Ext. Lim. experimental run.
In a conventional fixed bed reactor, varying the volumetric flow while keeping the
space time constant requires a systematic change of the catalyst mass. Therefore,
the experimental determination of external mass transfer limitations requires sev-
eral experimental runs, one per each bed length. In contrast to the conventional
approach, in a spatial profile reactor this kind of experiment can be performed in
a single measurement. The length of the reactor can be systematically changed
by simply moving the sampling position to a different coordinate of the reactor.
Then, the volumetric flow can be modified accordingly to maintain a constant
space time. The procedure of this experimental run is highlighted in Figure 5.11.
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Figure 5.11: Mass Transfer limitation experiment, 3 hours between each measurement

For the measurement of HP via potentiometric titration at least 500 µl of sample
are required. The small specific flow rate required to achieve the necessary contact
time restricts the measurement of HP concentration to positions at which the
sampling orifice is located for a long period of time, namely the inlet and outlet
of the reactor. In contrast, measuring Pr concentration via gas chromatography
requires a smaller sample volume. For this reason, in this experiment Pr was
fed to the reactor in stoichiometric excess with respect to HP which allowed fast
monitoring of the conversion with minimal sample amount as the volumetric flow
was systematically varied.
In Figure 5.12 a) the conversion of Pr and HP as a function of the volumetric flow
at constant space time of LHSV = 3.0 [h−1] is shown. Between each measured
point a total of 3 hours was waited for the stabilization of the reaction to the newly
set volumetric flow. Both the conversion of Pr and HP shown in Figure 5.12 a)
remained relatively constant for the whole extent of volumetric flows investigated
in the experiment. Because the conversion is independent of the superficial velocity
of the bulk fluid it is concluded that the external mass transport limitations under
the experimental conditions can be considered negligible. In Figure 5.12 b) the
concentration of the species involved in the main epoxidation reaction are shown.
It can be observed that both the concentration of Pr and HP remained constant.
A different behavior can be observed in the case of PO, in which its concentration
decreases as the superficial velocity decreases. This can be explained by the fact
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that the rate of side products formation increases with the temperature of reaction.
The heat transport coefficient inside of the reactor depends on the superficial
velocity of the bulk fluid, in consequence a decrease of the superficial velocity
underlines a worsening of the heat transport and an increase of the temperature.

a) b)

Figure 5.12: Experimental data Ext. Lim.. a) HP conversion (XHP ), Pr conversion
(XP r) and PO selectivity (S) , b) Main products concentrations. Measured at constant

space time LHSV = 3 [h-1], 40°C and 20 bar pressure

The analytical evaluation of the criteria for external/internal heat and mass
transport limitations as well deviations from ideal plug flow behavior are provided
in the Appendix Section 7.1.

5.7 Determination of steady state
At the beginning of each experimental run the products distribution at the outlet
of the catalyst bed was continuously monitored to determine at which point the
reaction can be considered in steady state. In Figure 5.13 the Pr conversion (X),
PO selectivity (S), the carbon balance closure and the products distribution as
a function of time for a fresh catalyst sample are shown while the experimental
parameters can be found in Table 5.6 Fresh Cat.. From the data, it can be ob-
served that the catalyst undergoes an induction or activation period for a extent
75 [h]. In Figure 5.13 a) it can be observed that during the whole extent of this
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period, the carbon molar flow measured at the outlet of the reactor is not equal
to the carbon molar flow being fed to the reactor leading to a discrepancy in the
carbon balance closure that reaches a minimum of 20 % after about 75 [h]. In
other words, while the amount of fed carbon atoms from Pr are being completely
converted there is no direct measurement of products of reaction that contain said
converted carbon atoms at the outlet of the reactor. This may suggest that the
moles of carbon being fed to the reactor are being accumulated in the system in
the form of side products entrapped within the catalyst pore system. It is possible
to estimate the mass accumulated in the system for the extent of the experiment
by calculating the difference between the fed mass flow rate and the mass flow at
the outlet of the catalyst bed (∆ṁ[g h−1] = ṁoutlet − ṁinlet) as a function of the
induction/activation time and integrating it over time as shown in Figure 5.17 a).
For the experimental run Fresh Cat. this amount corresponds to about 1.08 [g] in
the time interval of 75 [h] that takes the carbon balance closure to reach 20 %. The
average mass of catalyst used during the experiments is about 0.15 [g]. The esti-
mated amount of 1.08 [g] is about 7.2 times larger than the total mass of catalyst
used in this experiment, therefore a filling of the pores by products of reaction as
only underlying mechanism to explain the observed phenomena is unlikely. Never-
theless, the reported pore volume of the TS-1 catalyst is 0.42 [cm3 g−1] [86], which
implies that for the mass of catalyst used in this experiment about 0.063 [cm3] of
free volume in the pores is available for products of reaction to be accumulated.
The product of reaction with the highest density is PG being 1.04 [g cm−3]. Hence,
the amount of mass of PG that could be accumulated in the pore volume of the
catalyst is about 0.065 [g]. In consequence, this explanation cannot fully elucidate
the mechanism during the induction/activation period. Another possibility is that
during the observed induction/activation period, products are formed that cannot
be measured by the analytical system used in these experiments e.g: oligomers
from PG and MPOL with high boiling point. The inlet of the GC system used
on this study can reach a maximal temperature of 220 °C, which means that if
there is any product of reaction in the analyte mixture with a boiling point higher
than 220 °C, said product cannot be vaporize before being injected into the GC
columns. Most likely, the observed behavior for the fresh catalyst sample can be
attributed to both the accumulation of products of reaction in the pores of the
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catalyst and the formation of products that cannot be measured by the analytical
system used in this work.
In Figure 5.13 b) the products distribution during the induction/activation pe-
riod is shown. The side products of reaction 1-MPOL, 2-MPOL, PG reach their
maximal concentration after about 5 [h] of reaction time and then slowly start to
decrease during the remaining time of the experiment. In particular, the observed
discontinuities on the concentration of 2-MPOL can be attributed to the fact that
the peak of this product is near the tail of the solvent peak making its quantifica-
tion difficult. The retention time difference between these two peaks was extended
for the following measurements in this study. In contrast to the concentrations
of side products, the concentration of the main product PO increases slowly and
steadily. After about 65 [h] of reaction time, the rate of increase of concentra-
tion of PO starts to slow down and becomes asymptotic to a maximum value of
[PO] = 0.42[mol l−1]. This slow increase on the PO concentration may suggest
that, during this induction/activation period the fresh catalyst sample slowly and
progressively starts to catalyze the target reaction. The selectivity (S) and the
carbon balance closure strongly depend on the PO concentration, and for this
reason, these two parameters exhibit the same trend as for PO. Due to the fact
that after 75 [h] of reaction time the carbon balance closure did not reached an
acceptable value of less than 10 % the experiment was suspended.
An interesting behavior is observed once the catalyst undergoes a long induc-
tion/activation period, or in simple words when the catalyst sample is not fresh
and was previously in contact with the reactive mixture. In Figure 5.14, Fig-
ure 5.15, Figure 5.16 the Pr conversion (X), PO selectivity (S), the carbon balance
closure and the products distribution as a function of time for the experimental
runs CPR-1, CPR-2 and CPR-3 are shown. The relevant parameters for these
experimental runs can be found on Table 5.6 under the same name respectively.
For these experimental runs the same catalyst than for Fresh Cat. was used. From
the data, it can be observed that once the catalyst has been subjected to a long
induction/activation period of 75 [h], the successive measurements CPR-1, CPR-2
and CPR-3 require in average approximately 24 hours for the carbon balance clo-
sure to reach an acceptable value of less than 10%. Nonetheless, the mechanism
is the same and the difference of mass between the inlet and outlet of the reactor
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shown in Figure 5.17 a), b) and Figure 5.18 a), b) cannot be fully explained solely
by an accumulation mechanism in the pores of the catalyst. The fact that catalyst
samples previously exposed to the reaction mixture exhibited a significant shorter
induction/activation time may suggest that the catalyst requires a pretreatment
before performing the reaction. The exact mechanism of this induction/activation
period remains unclear and requires further experimental investigation.
Previously reported required time to reach steady state was about 2 hours [90]
or 5-7 reactor volumes [110]. In our study the reaction was considered in steady
state when the carbon balance closure was equal or below 10 %, which required
about 24 hours of reaction time for a catalyst sample previously in contact with
the reactive mixture.
The mechanism observed during the induction/activation period is not fully under-
stood and requires further experimental data. Most likely, the observed behavior
can be attributed to both contributions of accumulation of products of reaction in
the pores of the catalyst and the formation of products that cannot be measured
by the analytical system used in this work.

a) b)

Figure 5.13: Transition towards steady state for Fresh Cat.: Pr conversion (X), PO
selectivity (S), carbon balance closure and products distribution. Measured at 40°C and 20

bar pressure. Note: main products Pr and PO in [mol l−1] (left axis), side products
1-MPOL, 2-MPOL, PG and HA in [mmol l−1] (right axis).
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a) b)

Figure 5.14: Transition towards steady state for CPR-1: Pr conversion (X), PO
selectivity (S), carbon balance closure and products distribution. Measured at 40°C and 20

bar pressure. Note: main products Pr and PO in [mol l−1] (left axis), side products
1-MPOL, 2-MPOL, PG and HA in [mmol l−1] (right axis).

a) b)

Figure 5.15: Transition towards steady state for CPR-2: Pr conversion (X), PO
selectivity (S), carbon balance closure and products distribution. Measured at 40°C and 20

bar pressure. Note: main products Pr and PO in [mol l−1] (left axis), side products
1-MPOL, 2-MPOL, PG and HA in [mmol l−1] (right axis).
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a) b)

Figure 5.16: Transition towards steady state for CPR-3: Pr conversion (X), PO
selectivity (S), carbon balance closure and products distribution. Measured at 40°C and 20

bar pressure. Note: main products Pr and PO in [mol l−1] (left axis), side products
1-MPOL, 2-MPOL, PG and HA in [mmol l−1] (right axis).

a) b)

Figure 5.17: Difference between outlet and inlet mass flow rates ∆ṁ = ṁoutlet − ṁinlet

as a function of time during the transition towards steady state. a) Fresh Cat, b) CPR-1.
Measured at 40°C and 20 bar pressure.
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a) b)

Figure 5.18: Difference between outlet and inlet mass flow rates ∆ṁ = ṁoutlet − ṁinlet

as a function of time during the transition towards steady state. a) CPR-2, b) CPR-3.
Measured at 40°C and 20 bar pressure.

5.8 Spatially resolved concentration profiles
After the criterion for the steady state was reached, the spatially resolved concen-
tration profiles of the experimental runs CPR-1, CPR-2 and CPR-3 were measured.
These experimental runs were measured at the same reaction conditions, while sys-
tematically varying the space time from LHSV = 3.0[h−1], LHSV = 6.0[h−1] and
LHSV = 12.0[h−1] respectively.
In Figure 5.19 and Figure 5.20 the data for experimental runs CPR-1 and CPR-2
is shown. In both cases, the concentration profile for the main epoxidation re-
action shows that Pr is completely consumed while HP is about 32% converted
with a selectivity towards PO of 86 % and 88 % for CPR-1 and CPR-2 respec-
tively. The loss of selectivity as the contact time increases from LHSV = 6.0[h−1]
to LHSV = 3.0[h−1] can be attributed to a longer contact time of PO with the
surface of the catalyst were can undergo ring opening reactions and to an increase
on the local temperature due the reduction of the superficial flow velocity. In
both cases the predominant side product is PG. In Figure 5.21 the measured data
for CPR-3 at LHSV = 12.0[h−1] is shown. In this case Pr reaches about 63 %
conversion while HP is about 17 % converted with a PO selectivity of 86 %. The
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predominant side products in this case are the isomers of MPOL.
An interesting observation is that in all cases a pseudo-zeroth-order behavior of
the main epoxidation reaction is observed. Several DFT simulations have found
that the rate determining step in the Pr epoxidation is the adsorption and succes-
sive dissociation of HP on Ti(SiO)3OH sites [104–107]. Clerici in 1991 observed
that the reaction approximates a zeroth-order behavior for high HP concentra-
tions [80]. As pointed out by Taramasso in 1983, the amount of Ti atoms that
can be inserted in the framework of the catalyst is limited to 3 %wt TiO2 [63].
Additionally, not all Ti sites are accessible by the chemicals which means that the
amount of molecules of HP and Pr far exceed the number of available Ti sites. If
the reaction rate is given by the dissociative adsorption of HP and the concentra-
tion of HP molecules far exceed the number of available Ti sites on the surface of
the catalyst, the epoxidation rate will be limited by the maximal speed at which
available Ti sites can adsorb and dissociate HP molecules, which can explain the
observed pseudo-zeroth-order behavior. Moreover, it is interesting to notice that
the slope of the pseudo-zeroth-order reaction remains constant independently of
the local concentration of PO. In this sense, the change in the rate of reaction
occurs only at the end of the catalyst bed when Pr approaches total consumption.
This observation may indicate that, under the conditions in which the experiments
were performed, the competitive adsorption of PO does not play a significant role
in the epoxidation rate. Regarding the formation of side products it can be seen
in Figure 5.19 b) for CPR-1 and Figure 5.20 b) for CPR-2 that in the first 5-15
[mm] of the catalyst bed the initial rate of formation is faster for the species 1-
MPOL and 2-MPOL. As the reaction progress there is a switch and PG starts
to be formed predominantly. In the case of Figure 5.21 b) for CPR-3, the side
products concentrations are so low that this behavior could not be measured. Pre-
vious publications reported that the predominant side products are 1-MPOL and
2-MPOL [84], [83].
In Figure 5.19 d) for CPR-1, Figure 5.20 d) for CPR-2 and Figure 5.21 d) for
CPR-3 the carbon balance closure as a function of the coordinate (z) is shown. It
can be observed that for the experimental run CPR-1 the carbon balance closure
is well below 10 %, and remains more or less constant for the whole length of
the reactor. In contrast, for CPR-2 and CPR-3 the carbon balance closure is also
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below 10% but increases toward the outlet of the catalyst bed. This increase in
the carbon balance closure can be attributed to a small leakage on the sample
injection valves of the analytical device used in this study, possibly after the ex-
perimental measurement CPR-1. Through this leakage a small flow of sample at
reaction pressure can flow continuously to the low pressure side of the analytical
device. In this case, low boilers such as Pr and PO can be easily removed by
the flow of hot carrier gas continuously purging the loops, but higher boilers such
as PG, the isomers of MPOL and oligomers may be retained for a longer period
of time before being purged leading to the observed behavior. For CPR-2 and
CPR-3 the carbon balance closure decreases for coordinates near the start of the
catalyst bed. At these coordinates the concentration of side products such as PG,
the isomers of MPOL and oligomers are at their lowest value. The TS-1 catalyst
powder bought for this study has an average particle size of 0.3 − 0.5 µm. The
leakage was most likely caused by small catalyst particles scratching the surface
of the sample injection valves. Suspended catalyst particles can be caused by the
abrasive movement of the sampling capillary against the catalyst bed, which can
cause small catalyst particles to detach from the support. These small particles
are transported by the sampling flow and can damage downstream devices or clog
the sampling capillary stopping the experiment. In this sense, it was found that it
is necessary to use a quartz liner between the sampling capillary and the catalyst
bed to avoid contact between both, the sampling capillary and the catalyst bed,
during the movement of the spatial sampling system.
In all cases the selectivity remained more or less constant throughout the catalyst
bed and has been extrapolated back for coordinates corresponding to the begin-
ning of the reactor as shown by the dashed lines in the plots c) in Figure 5.19 for
CPR-1, Figure 5.20 for CPR-2 and Figure 5.21 for CPR-3 respectively. As shown
in the reaction network in Equation 3.2, the formation of side products are consec-
utive reactions to the formation of PO. In this sense, PO has to be first produced
in order for the consecutive reactions to take place, therefore for coordinates near
to the start of the catalytic bed a selectivity of 100% is expected. Nevertheless, the
calculated selectivity from the analytical data tends to have lower values. This can
be attributed to two factors. The first factor is the dispersion of the concentrations
in axial direction due to the low specific flow rate. The second factor is the com-
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plexity of the analyte mixture. The chemical species present in the mixture have
a wide range of vapor pressures, being the most volatile compound Pr with 1158
kPa and the least volatile PG with 0.017 kPa at 25°C. The sample loops from the
modified GC Agilent 7890B have a venting system that allows cleaning of the loops
with hot carrier gas between measurements to avoid sample cross contamination.
It was observed that less volatile components such as PG remained in the loops
in trace amounts for a long period of time until they are completely purged out
of the system. Due to the difference in volatility of the different chemical species
and the fact that the sampling starts from the outlet of the bed and moves pro-
gressively towards the inlet, these trace amounts are carried over to coordinates
corresponding to the beginning of the bed, which results in a lower selectivity.
The Pr epoxidation with HP is an exothermic reaction. Degussa (today Evonik
AG) reported that it is not possible to work under isothermal conditions in a jack-
eted packed bed reactor and hotspots are formed inside the bed, thus increasing
the rate of side product formation. [109]. In the experimental runs CPR-1, CPR-2
and CPR-3, no appreciable changes in the temperature along the reactor central
axis were measured. This can be attributed to the conduction of heat through
the stainless steel sampling capillary, which can flatten the temperature profile
by providing an additional surface from which heat can be transported out of the
system. To enable the measurement of spatially resolved temperature profiles, the
material of the sampling capillary should be substituted by a material with low
thermal conductivity such as fused silica.
Additionally, during the experimental runs liquid samples where taken at differ-
ent reaction times for analysis via GC/MS screening. The data shows as primary
side products of 1-MPOL, 2-MPOL and PG, and as secondary products HA and
MA. The formation of HA and MA can be attributed to the reaction of both
methoxypropanol isomers MPOL and PG with HP. Also formic acid, methylfor-
mate, dipropyleneglycol methylether isomers and dipropyleneglycol isomers were
detected in trace amounts.
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a) b)

c) d)

Figure 5.19: Experimental data CPR-1: a) Main epoxidation reaction concentration
profile, b) Side reactions concentration profiles, c) PO selectivity (S) and Pr conversion

(X), d) Carbon balance closure as a function of coordinate (z). Measured at 40°C and 20
bar pressure. Note: Triangle data point: interpolated data, square data point: measured

data.
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a) b)

c) d)

Figure 5.20: Experimental data CPR-2: a) Main epoxidation reaction concentration
profile, b) Side reactions concentration profiles, c) PO selectivity (S) and Pr conversion

(X), d) Carbon balance closure as a function of coordinate (z). Measured at 40°C and 20
bar pressure. Note: Triangle data point: interpolated data, square data point: measured

data.
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a) b)

c) d)

Figure 5.21: Experimental data CPR-3: a) Main epoxidation reaction concentration
profile, b) Side reactions concentration profiles, c) PO selectivity (S) and Pr conversion (X)
, d) Carbon balance closure as a function of coordinate (z). Measured at 40°C and 20 bar
pressure. Note: Triangle data point: interpolated data, square data point: measured data.

5.9 Validation of kinetic models from literature
As shown in Table 3.1 only a limited number of publication regarding the kinetics
of the Pr epoxidation with HP over TS-1 catalyst are available in the scientific lit-
erature. From this limited number of publication only two of them developed rate
law equations not only for the main epoxidation reaction but for the side reactions
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as well [83], [84]. In all cases the studies performed the reaction at conditions far
from the ones used in industrial scale applications. In the industry, both BAS-
F/DOW and Evonik/Thyssenkrupp perform the epoxidation reaction in fixed bed
reactors with extruded TS-1 catalyst at pressures higher than 15 bar with Pr in
liquid phase [13], [15] which rises the question if these studies are representative of
a industrial scale (HP-PO) reactor. To asses this question, the two fore mentioned
studies were used to simulate and fit the experimental measurement CPR-1. Then,
the results are used to compare qualitatively the models correlation with the ex-
perimental concentration profiles. The parameters of both models can be found in
the Appendix section Table 7.3 and Table 7.4, respectively.
The calculation of the Bodenstein criterion to determine if axial dispersion should
be included in the reactor model can be found in the Appendix Section 7.1. In
Figure 5.22 a) the concentration profile of the main epoxidation reaction simulated
with the model from Di Serio [83] is shown. It can be observed that the model is
not able to capture the pseudo-zeroth-order behavior of the concentration profile
of the main reaction, but is able to predict the final values of HP, Pr and PO at
the outlet of the catalytic bed. In the case of the side products in Figure 5.22 b)
it is possible to see that the model is able to follow the shape of the concentration
curves of PG and MPOL and their final concentrations. The predicted amount of
di-methoxypropanol and oligomers are negligible, which also matches our experi-
mental data as these chemicals species are detectable via GC-MS screening, but
in trace amount. In the case of the kinetic model from Sulimov [84], it can be ob-
served in Figure 5.23 a) that the model is able to partially follow the overall trend
of the main epoxidation reaction but both simulated final concentrations of Pr
and PO underestimate the final values of the measured concentration profiles. In
the case of the side product formation there is a mismatch between the simulated
profiles and the experimental data in terms of overall trend and final concentra-
tion, as can be seen in Figure 5.23 b). By comparing both fitted main epoxidation
reaction profiles, Figure 5.22 a) and Figure 5.23 a) respectively, there is an evident
qualitative difference between both models. While Di Serio model predicts a steep
gradient in the first 10 [mm] of the bed, reaching total conversion of Pr, the model
of Sulimov predicts a less steep gradients similar to the ones measured experimen-
tally. Nonetheless, both models are not able to predict the pseudo-zeroth-order
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behavior. This might be explain by the fact that both models assume that the
surface reaction of Pr with Ti • OOH active specie is the rate determining step.
Several DFT studies have shown that the rate determining step of the reaction
sequence is the adsorption and dissociation of HP to form an Ti • OOH active
specie [107], [105], [106], [104]. For the same reaction conditions the model of
Di Serio predicts an initial epoxidation reaction rate of about 10 [mol m−3 s−1]
whereas the model of Sulimov initial reaction rate is about 2.2 [mol m−3 s−1].
The experimentally measured reaction rate for the main epoxidation reaction is
approximately 1.02 [mol m−3 s−1].
Regarding the side products formation, the model of Di Serio can predict better
the experimental profiles than the model of Sulimov, as can be seen in Figure 5.22
b) and Figure 5.23 b) respectively. The two models proposed different mechanism
for the side products formation. Di Serio proposed that side reactions on the Ti
closed sites are promoted by the reaction of surface species formed by the adsorp-
tion of PO on Ti•OOH species or Ti•OOH •C3H6O, but in the case of Sulimov,
side reactions are promoted by surface species formed by the adsorption of PO on
Ti•CH3OH species or Ti•CH3OH •C3H6O. This can be observed in the derived
rate laws equations for the side products of both models shown in Table 3.2. While
the side products rate laws from the Di Serio model are dependent on the adsorp-
tion and local concentration of HP, the side products rate laws from Sulimov are
independent of these parameters.
Both models predict the formation of a hot spot inside of the catalytic bed. While
the model of Di Serio predicts a maximal temperature of about 60°C, Sulimov
maximal temperature in the catalytic bed reaches about 50°C. An interesting ob-
servation is that in both cases the temperature starts to increase before the start
of the catalytic bed, which is indicated by the vertical dashed lines. This can be
attributed to contribution of the axial dispersion in the temperature profile. In
both cases the simulated selectivity does not reach 100% for coordinates before the
catalytic bed. For the numerical simulation the initial concentration of products
of reaction were set to a very small value, but nonetheless distinct from zero, to
avoid problems while solving the system of differential equations. This numerical
artifice leads to a lower simulated selectivity near the entrance of the catalyst bed.
In our experiments, the decomposition of HP was found to be negligible. The
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measured concentration of HP at the outlet of the reactor matched the calcu-
lated concentration of HP by stoichiometry using the experimentally measured
concentration of Pr and HA. In other words, the concentration changes of HP as a
function of the reactor coordinate are due manly to the main epoxidation reaction
and the formation of HA. Neither of the two models derived a rate law for the
formation of HA.
The decomposition of HP by each model can be estimated indirectly with the
oxygen simulated concentration profile. In the case of the model of Di Serio, the
formation of oxygen follows the measured profile of HA, as can be seen in Fig-
ure 5.22 b) . This is due to the fact that the Levenberg-Marquardt algorithm
tries to minimize the error between the HP experimental concentration and the
model. The model does not include other sources that consume HP apart from the
main epoxidation reaction and the decomposition of HP. Once the main reaction
has reached its final value determined by the profiles of Pr and PO the algorithm
further minimizes the difference of experimental and simulated HP profiles by in-
creasing the rate of decomposition of HP in such a manner that the final value
matches with the experimental data. In the case of the Sulimov model a similar
behavior can be observed. In the Figure 5.23 a) both Pr and PO final concen-
trations are underestimated by the model, but in the case of HP the final value
predicted by the model matches the experimental value. In Figure 5.23 b) it can
be seen that in this case the amount of oxygen formed is higher than the predicted
amount of oxygen by the model of Di Serio. This is because the algorithm has
to compensate not only the consumption of HP by formation of HA, but also the
underestimation of the main epoxidation reaction. Therefore, in both models the
oxygen concentration profiles are a consequence of the algorithm trying to min-
imize the difference between the model and the experimental HP concentration
profile and attributing said difference to the only source of consumption of HP
beside the main epoxidation reaction, which is the decomposition reaction. The
determination and quantification of HA and MA is important from the safety point
of view. These species consume HP, and therefore not quantifying their concen-
tration can lead to an erroneous estimation of the extent of decomposition of HP.
An accurate estimation of the decomposition of HP under reaction conditions is
important for industrial applications due to the fact that oxygen can form explo-
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sive mixtures with Pr.
For the simulated profiles the model of Sulimov has better qualitative agreement
with the experimentally measured concentration profiles of the main epoxidation
reaction. This model was used to simulate the whole range of residence times
investigated in this study. The results are shown in Figure 5.24 and Figure 5.25.

a) b) c)

Figure 5.22: Simulated concentration, temperature, Pr conversion (X) and PO selectivity
(S) profiles for data set CPR-1 by Di Serio [83]. Note: Numerical simulation (solid lines).

Experimental data (squares with error bars).

a) b) c)

Figure 5.23: Simulated concentration, temperature, Pr conversion (X) and PO selectivity
(S) profiles for data set CPR-1 by Sulimov [84]. Note: Numerical simulation (solid lines).

Experimental data (squares with error bars).
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a) b) c)

Figure 5.24: Simulated concentration, temperature, Pr conversion (X) and PO selectivity
(S) profiles for data set CPR-2 by Sulimov [84]. Note: Numerical simulation (solid lines).

Experimental data (squares with error bars).

a) b) c)

Figure 5.25: Simulated concentration, temperature, Pr conversion (X) and PO selectivity
(S) profiles for data set CPR-3 by Sulimov [84]. Note: Numerical simulation (solid lines).

Experimental data (squares with error bars).

5.10 Development of kinetic model
The measured spatially resolved profiles shown in Figure 5.19, Figure 5.20 and
Figure 5.21 exhibit a pseudo-zeroth-order behavior. Previous models have been
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developed based on the assumption that the rate determining step in the epox-
idation reaction sequence is the reaction of Pr with the Ti • OOH active specie
in the surface of the catalyst. Several DFT simulations have shown that the rate
determining step in the epoxidation of Pr with HP is the dissociative adsorption
of HP on a Ti(SiO)3OH site forming an Ti(SiO)3OOH •H2O active specie and a
molecule of water that remains coordinated to the Ti atom [107], [105], [106], [104].
Additionally, Clerici et.al [80] observed experimentally that the epoxidation reac-
tion approximates a pseudo-zeroth-order behavior for high HP concentrations. The
maximal amount of Ti atoms that can be inserted into the catalyst framework is
limited to about 3%wt TiO2 [63], from which not all Ti sites are accessible by
the molecules of HP and Pr. In this sense, the amount of molecules of reagents
far exceed the number of accessible Ti sites. Under these conditions, if the rate
determining step is the dissociative adsorption of HP to form an Ti • OOH • H2O

active site, the rate will limited by the maximal speed at which Ti(SiO)3 • OH

site(s) can adsorb and dissociate HP molecules leading to the measured pseudo-
zeroth-order behavior. Based on the experimental data and the aforementioned
observations, an additional model is proposed. The main assumptions are:

1. Bordiga et.al [177] pointed out that water molecules are responsible for the hydrol-
ysis of one Si-O-Ti bridge in the perfect tetrahedral Ti(SiO)4 units. Additionally,
both experiments [97], [98], [178] and QM/MM studies [64], [102] have shown that
when TS-1 is exposed to water one Ti-O-Si bridge will be hydrolyzed and defective
Ti moieties will dominate in hydrous conditions. Therefore when water is present
in the reaction mixture, the dominant Ti surface species are hydrated Ti defective
sites or Ti(SiO)3OH.

2. MeOH is the media, therefore there are no Ti(SiO)3OH free sites, all sites can be
assumed to have MeOH coordinated on them. Sites with MeOH adsorbed on them
are denoted as Ti∗(SiO)3OH. Then, Ti(SiO)3OH ≈ 0.

3. The rate determining step is the adsorption/dissociation of HP on Ti∗(SiO)3OH

units forming a Ti∗(SiO)3OOH • H2O active species and a molecule of water
that remains coordinated to the Ti atom [107], [105], [106], [104]. This step is
considered to be an irreversible chemisorption.
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4. Pr is weakly adsorbed on the Ti∗(SiO)3OOH•H2O site and reacts very fast. Xiong
et al. [101] did not detect the Raman spectra of adsorbed Pr when the catalyst sam-
ple was previously treated with HP. In contrast, the spectra of physisorbed Pr was
recorded successfully on untreated TS-1 samples. This may indicate that the life
time of the reaction intermediate Ti(SiO)3OOH •C3H6 •H2O is short and cannot
be detected by Raman spectroscopy. Therefore, the formation of this intermediate
can be considered kinetically irrelevant and the reaction can be assumed to follow
an Eley-Rideal mechanism, then Ti∗(SiO3)OOH • C3H6 • H2O ≈ 0. Moreover, if
the catalyst is previously treated with HP solutions, then Ti∗(SiO)3OH•C3H6 ≈ 0.

5. If Pr reacts weakly adsorbed, then PO will be also weakly adsorbed and desorbs
easily. Thus, Ti∗(SiO)3OH • C3H6O • H2O ≈ 0.

6. The experimentally measured slope of the pseudo-zeroth-order epoxidation reac-
tion remains constant independently of the local concentration of PO as can be
observed in Figure 5.19 a), Figure 5.20 a) and Figure 5.21 a). This observation
may indicate that under the conditions in which the experiments were performed,
the competitive adsorption of PO does not play a significant role in the epoxi-
dation rate. Therefore, the competitive adsorption of PO can be neglected and
Ti∗(SiO)3OH • C3H6O ≈ 0.

7. The co-solvent water does not inhibit the catalytic activity of the TS-1 catalyst
and plays a fundamental role on the hydration of the tetrahedral Ti(SiO)4 units
forming Ti(SiO)3OH species [98], [99], [100]. Therefore, Ti∗(SiO)3OH • H2O ≈
0.

Based on these assumptions the mechanism shown on Table 5.7 is proposed. From
this proposed reaction mechanism it is possible to derive a rate law equation for
each reaction involved. The balance of surface species expressed as surface cover-
ages is:

1 = θT i(SiO)3OH + θT i∗(SiO)3OH + θT i∗(SiO)3OOH•H2O + θT i∗(SiO)3OOH•C3H6•H2O

+θT i∗(SiO)3OH•C3H6O•H2O + θT i∗(SiO)3OH•C3H6 + θT i∗(SiO)3OH•H2O + θT i∗(SiO)3OH•C3H6O

The balance can be simplified by assuming that there are no Ti(SiO)3OH free
sites and all sites have MeOH coordinated on them, therefore Ti(SiO)3OH ≈ 0.
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Table 5.7: Proposed reaction mechanism

1. T i(SiO)3OH + CH3OH
K1−−⇀↽−− Ti∗(SiO)3OH

2. T i∗(SiO)3OH + H2O2
k2−→ Ti∗(SiO)3OOH • H2O

3. T i∗(SiO)3OOH • H2O + C3H6
k3−→ Ti∗(SiO)3OH • C3H6O • H2O

4. T i∗(SiO)3OH • C3H6O • H2O + H2O
k4−→ Ti∗(SiO)3OH + C3H8O2 + H2O

5. T i∗(SiO)3OH • C3H6O • H2O + CH3OH
k5−→ Ti∗(SiO)3OH + 1 − C4H10O2 + H2O

6. T i∗(SiO)3OH • C3H6O • H2O + CH3OH
k6−→ Ti∗(SiO)3OH + 2 − C4H10O2 + H2O

7. T i∗(SiO)3OH • C3H6O • H2O
K′−

7−−→ Ti∗(SiO)3OH + C3H6O + H2O

8. T i∗(SiO)3OOH • H2O
k8−→ Ti∗(SiO)3OH + H2O + 1

2O2

9. T i∗(SiO)3OH + H2O
K9−−⇀↽−− Ti∗(SiO)3OH • H2O

10. T i∗(SiO)3OH + C3H6
K10−−⇀↽−− Ti∗(SiO)3OH • C3H6

11. T i∗(SiO)3OH + C3H6O
K11−−⇀↽−− Ti∗(SiO)3OH • C3H6O

Additionally, Pr is weakly adsorbed on the active site and reacts very fast, thus the
formation of the surface specie Ti∗(SiO)3OOH•C3H6•H2O is kinetically irrelevant
and an Eley-Rideal mechanism can be assumed, therefore Ti∗(SiO)3OOH •C3H6 •
H2O ≈ 0. The catalyst is previously treated with HP before the introduction
of Pr into the reaction mixture, thus Ti∗(SiO)3OH • C3H6 ≈ 0. If Pr reacts
weakly adsorbed, then PO will be also weakly adsorbed and desorbs easily, thus
Ti∗(SiO)3OH • C3H6O • H2O ≈ 0. The slope of the epoxidation pseudo-zeroth-
order reaction is independent of the local PO concentration, this may suggest that
the competitive adsorption of PO has a negligible effect on the epoxidation rate,
therefore Ti∗(SiO)3OH •C3H6O ≈ 0. Lastly, the co-solvent water does not inhibit
the catalytic activity of the TS-1 catalyst and participates on the formation of
Ti(SiO)3OH hydrated species. Therefore, Ti∗(SiO)3OH • H2O ≈ 0. With these
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assumptions the balance of surface species can be reduced to:

1 = θT i∗(SiO)3OH + θT i∗(SiO)3OOH•H2O

θT i∗(SiO)3OOH•H2O = 1 − θT i∗(SiO)3OH

θT i∗(SiO)3OH = 1 − θT i∗(SiO)3OOH•H2O

The reactor is operated under steady state conditions, therefore the surface cov-
erage of chemical species at a certain position in the catalyst bed is independent
of time. Then, the system of differential equations can be transformed into a
algebraic system which can be solved analytically as follows:

dθT i∗(SiO)3OOH•H2O

dt
≈ 0

k2θT i∗(SiO)3OH [H2O2] − k3θT i∗(SiO)3OOH•H2O[C3H6] ≈ 0

k2θT i∗(SiO)3OH [H2O2] − k3[C3H6]
(
1 − θT i∗(SiO)3OH

)
≈ 0

k2θT i∗(SiO)3OH [H2O2] − k3[C3H6] + k3θT i∗(SiO)3OH [C3H6] ≈ 0

k3[C3H6] = k2θT i∗(SiO)3OH [H2O2] + k3θT i∗(SiO)3OH [C3H6]

k3[C3H6] = θT i∗(SiO)3OH (k2[H2O2] + k3[C3H6])

θT i∗(SiO)3OH = k3[C3H6]
(k2[H2O2] + k3[C3H6])

θT i∗(SiO)3OOH•H2O = k2[H2O2]
(k2[H2O2] + k3[C3H6])

dθT i∗(SiO)3OH•C3H6O•H2O

dt ≈ 0

k3θT i∗(SiO)3OOH•H2O[C3H6] − K ′−
7 θT i∗(SiO)3OH•C3H6O•H2O − k4θT i∗(SiO)3OH•C3H6O•H2O[H2O]

− k5θT i∗(SiO)3OH•C3H6O•H2O[CH3OH] − k6θT i∗(SiO)3OH•C3H6O•H2O[CH3OH] ≈ 0

k3θT i∗(SiO)3OOH•H2O[C3H6] =

θT i∗(SiO)3OH•C3H6O•H2O(K ′−
7 + k4[H2O] + k5[CH3OH] + k6[CH3OH])

Since MeOH and water are the solvent and co-solvent their concentration is high
and can be regarded as a constant values. Then, these concentrations can be
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incorporated into the side reactions rate constants.

k3θT i∗(SiO)3OOH•H2O[C3H6] = θT i∗(SiO)3OH•C3H6O•H2O(K ′−
7 + k′

4 + k′
5 + k′

6)

k3θT i∗(SiO)3OOH•H2O[C3H6] = θT i∗(SiO)3OH•C3H6O•H2O K−1
7

θT i∗(SiO)3OH•C3H6O•H2O = K7k2k3[H2O2][C3H6]
(k2[H2O2] + k3[C3H6])

Where K7 = 1/(K ′−
7 + k′

4 + k′
5 + k′

6). Then, by assuming that the rate determining
step for the main epoxidation reaction is the adsorption/dissociation of HP on
Ti∗(SiO)3OH species, while for the ring opening reaction it is the surface reaction,
each rate can be written as follows:

r2 = k2θT i∗(SiO)3OH [H2O2] −→ r2 = k2k3[H2O2][C3H6]
(k2[H2O2] + k3[C3H6])

r4 = k4θT i∗(SiO)3OH•C3H6O•H2O[H2O] −→ r4 = K7k4k2k3[H2O2][C3H6][H2O]
(k2[H2O2] + k3[C3H6])

r5 = k5θT i∗(SiO)3OH•C3H6O•H2O[CH3OH] −→ r5 = K7k5k2k3[H2O2][C3H6][CH3OH]
(k2[H2O2] + k3[C3H6])

r6 = k6θT i∗(SiO)3OH•C3H6O•H2O[CH3OH] −→ r6 = K7k6k2k3[H2O2][C3H6][CH3OH]
(k2[H2O2] + k3[C3H6])

r8 = k8θT i∗(SiO)3OOH•H2O −→ r8 = k8k2[H2O2]
(k2[H2O2] + k3[C3H6])

The derived rate law equation for the main epoxidation reaction (r2) can be lin-
earized as follows:

[C3H6]
r2

= 1
k2

[C3H6]
[H2O2]

+ 1
k3

Additionally, the side reactions (r4), (r5) and (r6) can be linearized according to:

[C3H6]
rn

= 1
K7k2k

′
n

[C3H6]
[H2O2]

+ 1
K7k3k

′
n

Where (k′
n) can be equal to (k′

4 = k4 [H2O]), (k′
5 = k5 [CH3OH]) or (k′

6 =
k6 [CH3OH]) depending on the side reaction rate being linearized. The rate of
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decomposition of HP (r8) can be also linearized as follows:

1
r8

= k3
k8k2

[C3H6]
[H2O2]

+ 1
k8k2

If in fact, the derived equation is able to describe the experimental data for the
main epoxidation reaction, a plot of the measured [C3H6]/r2 as a function of
[C3H6]/[H2O2] should give a straight line with a slope equal to the inverse of
the adsorption/dissociation constant of HP (1/k2) and intersection with the y-
axis equal to the reciprocal of the rate constant of the reaction of Pr with the
Ti∗(SiO)3OH •OOH •H2O active specie (1/k3). For the calculation of the exper-
imental differential rates the data was smoothed with the Savitzky-Golay method
with a polynomial order of two.
As can be observed in Figure 5.26 a) and b) the plots of the experimental data of
the linearized main epoxidation reaction ([C3H6]/r2 = f([C3H6]/[H2O2])) follows
a straight line with a R2 = 0.99 and R2 = 0.98, respectively. The small deviation
from linear behavior of the experimental differential rate can be explain by the fact
that the parameters (k2) and (k3) are not truly constant values, as adsorption and
reaction constants depend also on the local temperature. In the plotted range of
[Pr]/[HP ] from 0.3-0 temperature is most likely increasing due to the exothermic
epoxidation reaction, thus causing variation in the fore mentioned parameters.

a) b)

Figure 5.26: Experimental [C3H6]/r2 as a function of [C3H6]/[H2O2] a) CPR-1, b)
CPR-2
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A stronger deviation from linearity is observed in the case of the side reactions
(r4), (r5) and (r6) when plotted according to their linearized form as shown Fig-
ure 5.27 for the measurement CPR-1. It has been reported that the rate of side
production formation strongly depends on the reactor temperature, in this sense
the deviation can be attributed to the strong dependence of the parameters (K7),
(k′

4), (k′
5) and (k′

6) with the local temperature. Due to this, the linearization of
the side reactions yields broad error ranges or inconsistent physical units (negative
values). Nonetheless, the rates (r4) and (r5) exhibit a higher degree of linearity
(R2 = 0.84, R2 = 0.71) than (r6) (R2 = 0.19). This may suggest that the parame-
ter (k′

6) related to the formation of 2-MPOL depends much stronger on the local
temperature than (k′

4) and (k′
5).

Figure 5.27: Experimental [C3H6]/rn as a function of [C3H6]/[H2O2] for (r4), (r5) and
(r6)

In the case of the HP decomposition rate (r8), no significant extent of decomposi-
tion of HP has been measured in the experiments performed in this work, therefore
the pre-exponential factor and the activation energy for (k8) were adopted directly
from the model of Sulimov.
From the linearized rate laws it is possible to derive the dimensional units of the
model parameters with k2 − k6[m3 kg−1 s−1], K7[kg s mol−1] and k8[mol kg−1 s−1].
The values obtained from the linear fit of the experimental differential reaction rate
(r2) and the parameters obtained by Sulimov et al. [84] for (k4), (k5), (k6) and (k8)
were used as initial guess for a minimization of the sum of squares of differences
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between the experimental data and the values predicted by the model. As can be
observed in Figure 5.28 a), d) and g) the derived Eley-Rideal model shows a linear
trend in agreement with the experimentally measured pseudo-zeroth-order behav-
ior of the main epoxidation reaction. In the case of the ring opening reactions in
Figure 5.28 b), e) and h) the model is able to estimate the final value and shape of
the profiles for high concentration of side products. Nonetheless, for low concen-
tration of side products at the beginning of the catalyst bed, the model is not able
to fully capture the non-linear trend. These non-linear trends can be attributed to
pronounced temperature variations within the first 10-15 mm of the reactor. As
discussed in Section 5.8, temperature profiles could not be measured due to the
conduction of heat through the stainless steel sampling capillary, in this sense the
simulated temperature profiles requires experimental validation. Nonetheless, the
simulated temperature profile within the catalyst bed shows a sharp increase of
the temperature in the first half of the reactor. Temperature dependent param-
eters such activation energies and adsorption enthalpies were adopted from the
model of Sulimov, which may explain the small deviations of the side products
concentration for this section of the catalyst bed. In this sense, these parameters
should be experimentally determined by acquiring further temperature dependent
experimental data.

The pseudo-zeroth-order behavior of the model for high concentration of reagents
can be explained by analyzing the derived rate law for the main epoxidation re-
action which exhibit two limiting behaviors. When the reaction starts the con-
centration of Pr is high and the surface reaction is much faster than the adsorp-
tion/dissociation of HP (k3[C3H6] >>> k2[H2O2]). Under these conditions the
rate approximates the rate of adsorption/dissociation of HP.

r2 = k2k3[H2O2][C3H6]
(k2[H2O2] + k3[C3H6])

k3[C3H6]>>>k2[H2O2]−−−−−−−−−−−−−→

r2 = k2[H2O2]�����k3[C3H6]
�����k3[C3H6] → r2 = k2[H2O2]

This is consistent with the DFT studies that showed that the rate determining step
of the reaction mechanism is the formation an Ti(SiO)3 • OOH • H2O interme-
diate by the HP adsorption and subsequent dissociation. Thus, if the experiment
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a) b) c)

d) e) f)

g) h) i)

Figure 5.28: Derived Eley-Rideal model and experimental data CPR-1 (top row) a), b),
c). CPR-2 (center row) d), e), f). CPR-3 (bottom row) g), h), i). Concentration,
temperature, Pr conversion (X) and PO selectivity (S) profiles. Note: Numerical

simulation (solid lines), Experimental data (squares with error bars).
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is conducted with a concentration of HP and Pr that far exceeds the amount of
available Ti(SiO)3 • OH sites on the surface of the catalyst, the reaction rate will
be limited to the maximal speed at which these sites can adsorb and dissociate
HP molecules, which can explain the zeroth-order behavior reported by Clerici at
high HP concentration [80]. As the reaction progresses, Pr is consumed and the
surface reaction becomes slower, then the rate is governed by the surface reaction
of Pr with the Ti∗(SiO)3OH •OOH •H2O active specie until Pr is fully consumed.

r2 = k2k3[H2O2][C3H6]
(k2[H2O2] + k3[C3H6])

k3[C3H6]<<<k2[H2O2]−−−−−−−−−−−−−→

r2 = �����
k2[H2O2]k3[C3H6]

�����
k2[H2O2] → r2 = k3[C3H6]

Additionally, the selectivity towards PO can be expressed as a quotient of reaction
rates as follows:

SP O
z = moles PO

total moles Pr reacted → SP O
z = r2 − r4 − r5 − r6

r2

SP O
z = 1 − K7k4[H2O] − K7k5[CH3OH] − K7k6[CH3OH]

SP O
z = 1 − K7k

′
4 − K7k

′
5 − K7k

′
6 = 1 − K7 (k′

4 + k′
5 + k′

6) ≈ constant

In this sense, the selectivity of the reaction at the coordinate (z) depends on
the side products rate constants and the (K7) factor leading to a approximately
constant selectivity that fits the experimental data shown in Figure 5.28 c), f) and
i). For reactor coordinates near the entrance of the reactor both simulated and
experimental selectivities diverge. This deviation is attributed to the complexity of
the analyte mixture. Traces amounts of low volatile products remain in the sample
loops of the Gas Chromatograph, resulting in a lower selectivity near the start of
the catalyst bed. This interaction between the analyte mixture and the analytical
device cannot be modeled by the derived E-R model leading to the observed small
deviation.
The models in this work were compared quantitatively by calculating the sum of
the variance and FC values between the experimental data and the value predicted
by the model for each measured chemical species profile.
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Parameter E-R Sulimov Di Serio∑n

i=1 S2
i = 0.0215 0.1594 1.1077∑n

i=1 FCi
= 44.51 194.03 646.15∑n

i=1 Fcritical(n − p − ne + 1, ne − 1, 1 − α) = 116.1

Table 5.8: Statistical comparison of models for CPR-1

Table 5.9: Parameters derived Eley-Rideal model

Parameter Value Units Parameter Value Units

k°2 (1, 6 ±
0, 05)x10−9

[
m3

(kg∗s)

]
H°∗

2 (18, 71 ±
0, 86)x103

[
J

mol

]
k°3 (6, 64 ±

1, 04)x102

[
m3

(kg∗s)

]
E∗

3 (45, 03 ±
3, 15)x103

[
J

mol

]
k°4 (7, 48 ±

0, 608)x105

[
m3

(kg∗s)

]
E∗

4 (60, 59 ±
4, 54)x103

[
J

mol

]
k°5 (3, 1 ±

0, 53)x105

[
m3

(kg∗s)

]
E∗

4 (63, 45 ±
5, 65)x103

[
J

mol

]
k°6 (2, 3 ±

0, 56)x105

[
m3

(kg∗s)

]
E∗

6 (62, 97 ±
5, 86)x103

[
J

mol

]
K°7 (3, 5 ±

0, 34)x10−5

[ (kg∗s)
mol

]
H°∗

7 (20, 48 ±
1, 07)x103

[
J

mol

]
k°8 (4, 3±0, 4)x101

[
m3

(kg∗s)

]
E∗

8 (49, 81 ±
3, 44)x103

[
J

mol

]
∗ Adopted from Sulimov [84]

The results of the statistical analysis of the different kinetic models in this
work shown in Table 5.8 shows that the derived Eley-Rideal model has the lowest
deviation with the experimental data. Moreover, the F-test at a significance level
of 0.05 showed that the derived model describes adequately the experimental data.
The parameters of the derived E-R model and their values are shown on Table 5.9.
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Table 5.10: List of parameters of experiments HPPO-1 and POC-1

Exper-
iment

T,P
[°C,
bar]

[Pr] [HP] LHSV
[h−1]

mcat
[g], (L
mm)

mMFC-1
[g/h]

mMFC-2
[g/h]

mMFC-3
[g/h]

Feed
wt%

SS [h]

HPPO-
1

40, 30 0.6 2.0 2.0 16.5
(200)

2.6 84 - 73/24/3 ≈24

POC-1 40, 30 0.6 2.0 2.0 9.4
(200)1

2.6 84 - 73/24/3 ≈24

Feed composition in (MeOH/HP/Pr) [wt%]. 1 Total mass and length of POC-1+POC-2

5.11 Measurements in (HP-PO) pilot scale reactor
In Figure 5.29 a typical packing geometry in the (HP-PO) pilot scale spatial pro-
file reactor is shown. The set of experimental runs performed in this reactor and
their relevant experimental parameters are summarized in Table 5.10. For liquid
phase reactions the flow is fed from bottom to top to avoid channeling of the liq-
uid, which provides an uniform flooding of the reactor. A pre-packing uncoated
POC was used as catalyst chair and static mixer to provide pre mixing/heating
of the chemicals before the reaction zone. For the experimental run HPPO-1 the
reaction zone consisted in a conventional randomly packed catalyst bed while for
POC-1 the reaction zone is a structured bed constituted by two catalyst coated
POCs packed on top of each other. A post-packing uncoated POC was used as
post-reaction zone to provide a defined end to the reaction and stabilize the po-
sition of the catalyst particles. A thin layer of silica wool was used to thermally
isolate the reaction zone from the pre and post-packing uncoated POCs and to
avoid small fragments of catalyst particle to fall in the pre-mixing/heating zone.
The reactor coordinate z = 0 corresponds to the start of the catalyst bed while
negative coordinates corresponds to the pre-packing uncoated POC.
The experiments were carried under the same reaction conditions to be able to

compare the heat transport performance of the conventional randomly packed bed
against the structured POCs packed bed at same specific flow rate and extent of
Pr conversion. Due to increasing issues regarding leakages in the analytic system
only the main epoxidation reaction was measured.
In Figure 5.30 a) and c) the concentration of chemical species for the main epoxi-

dation reaction while reaching for steady state is shown. In this case, the stability
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Figure 5.29: HPPO Reactor geometry

of the concentration of PO as a function of time was used as criterion for assuming
steady state. This is due to the fact that the side products of reaction could not be
measured, and in consequence the carbon balance closure could not be calculated.
From the data it can be observed that the concentration of PO remained more or
less constant during the time interval considered. This can be attributed to two
assumption. The first assumption is that the reaction reached steady state, and
therefore the concentration changes are independent of time. The second assump-
tion is that the catalyst is going through a slow induction/activation period as
observed in previous experiments (for example on Fresh Cat. experimental run).
If the induction period is mass dependent, then the reaction on the pilot scale
reactor might take longer to reach steady state. To determine which of these two
assumptions is correct, further experiments on the behavior of the reaction while
reaching for steady state in the pilot scale spatial profile reactor should be con-
ducted.
The heat transport performance of both approaches can be compared by evaluat-

ing the temperature profile at the same level of Pr conversion. The concentration
and temperature profiles are shown Figure 5.30 b) and d) while the dotted vertical
line indicates the reactor coordinate (z) at which 72% Pr conversion is reached.
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a) b)

c) d)

Figure 5.30: Transition towards steady state conventional bed a) (HPPO-1) and c)
(POC-01), Concentration and temperature profile conventional bed b) (HPPO-1) and

structured POCs bed c) (POC-1). Data measured at 40°C and 30 bar pressure
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From the experimental data can be observed a reduction of the local temperature
from about 46°C in the case of the conventional randomly packed catalyst bed to
42°C in the case of the structured POCs bed. Additionally, the two approaches
can be compared in terms of selectivity (S) and yield (Y) at the same conversion
level by the experimental data shown in Figure 5.31 a) and b). For a Pr conver-
sion of 72% the selectivity and yield of the extrudates bed were about 29% and
21% respectively, whereas in the case of the structured bed were 47% and 34%.
Therefore according to measured data, there is an improvement of the selectivity
towards PO of 18% while the yield was increased by 13%.
Especially at low flow rates, POCs outperform randomly packed beds regarding
their heat transfer efficiency. This is because for low Reynolds values (laminar
regime), heat conduction dominates over heat convection. In this sense, POCs
offer a considerable contribution to the conductive heat transport due to their
highly conductive material and their interconnected matrix. To assess the flow
regime under the experimental conditions the reactor scale Reynolds number is
calculated:

Re = U0 ρfeed dR

µfeed

= 2.78e − 4[m s−1] 859[kg m−3] 0.018[m]
4.42e − 4[Pa s] = 8.27

Both MeOH and water are the solvent and co-solvent, therefore both the (µfeed)
and (λfeed) were evaluated assuming a 80/20 wt% mixture of these chemical
species. The feed density (ρfeed = 859 [kg m−3]) was experimentally measured by
the spatial sample mass flow meter MFM-1. Due to the fact that the experiments
were carried at low specific flow rates to achieve the target LHSV = 2.0[h−1],
the resulting flow regime is highly laminar. Therefore under these conditions, the
convective influence on the heat transfer becomes negligible and heat conduction
in the reactor plays a fundamental role. In consequence, to estimate the heat
transport efficiency of the POCs with respect to the randomly packed catalyst bed
the thermal conductivity of both approaches can be compared.
The heat conductivity of the catalyst packed bed without flow (λbed) can be cal-
culated according to Equation 4.1 by assuming that the bed porosity (ε) is con-
stant and approximately 0.4. The conductivity of the catalyst particles (λp =
1.4 [W m−1 K−1]) was assumed to be equal to the conductivity of amorphous silica
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nanoparticles, these assumptions resulted in a catalyst packed bed thermal con-
ductivity of (λbed = 0.67 [W m−1 K−1]). In the case of the thermal conductivity of
the POCs, it can be estimated by the stagnant conductivity (λ0) in Equation 3.5,
whereas the dispersive (λd) and the radiative (λrad) terms can be considered neg-
ligible under the experimental conditions. In this case, the POCs are made of
stainless steel 1.4404 with a thermal conductivity (λs = 16[W m−1 K−1]). From
the relevant geometrical parameters of the POCs a total porosity (εT = 0.85) was
calculated from Equation 3.6 and a tortuous path of (τ = 2.2), which resulted
in a stagnant conductivity (λ0 = 1.06 [W m−1 K−1]). Therefore by comparing
the conductive terms of both approaches, the POCs have a 1.58 times higher
thermal conductivity with respect to the conventional catalyst packed bed. This
improvement on the thermal conductivity can explain the reduction on the local
temperature measured experimentally.

a) b)

Figure 5.31: Pr conversion (X), PO selectivity (S) and yield (Y) for conventional profiles
for a) Conventional bed (HPPO-1), b) Structured POCs bed (POC-1). Data measured at

40°C and 30 bar pressure

The concentration profiles for both experiments exhibit a different behavior. In
the case of the concentration profile of HPPO-1 shown in Figure 5.30 b), the con-
centration of Pr decreases gradually along the reaction zone reaching about total
conversion, while PO increases progressively reaching a maximal concentration of
0.2 [mol l−1]. In the case of the concentration profile of POC-1 shown in Figure 5.30
d), both Pr and PO reached their final concentration of about 0.2 [mol l−1] and
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0.21 [mol l−1] respectively at about z= 30 [mm] and remained constant for the rest
of the catalyst bed. This flattening of the concentration profile would suggest that
the reaction stopped, but this is not supported by the temperature profile which
shows that heat is still being generated. A feasible explanation is a channeling
effect occurring inside the reaction zone. As can be observed at the reactor coor-
dinate z = 100[mm], there is a slight increase of Pr concentration. This reactor
coordinate corresponds exactly to the superposition point of both coated POCs
used as structured catalyst. This may suggest that the flow in the reactor is flow-
ing preferentially through the annular space between the POCs and the reactor
wall. The underlying mechanism that caused the flattening of the concentration
profile is not fully understood and its elucidation requires further experimental
data. Due to the fact that in the experiment with the structured POCs the re-
action stopped for most of the length of the catalyst bed, the improvements with
respect to the conventional randomly packed bed in terms of PO selectivity (S)
and reaction yield (Y) measured on this work cannot be conclusively attributed
to the enhanced heat transport performance of the POCs and requires further in-
vestigation. From the experimental data is not possible to determine what would
have happened to the PO selectivity (S) and the yield (Y) if this phenomenon
would not have been present throughout the whole extent of the structured bed.
Even though questions still remain, these improvements in terms of selectivity and
yield are quite significant and may provide a basis for further investigation on the
application of periodic open cells structures as alternative packing for fixed bed
reactors, most particularly on kinetically limited reaction systems.
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This thesis shows for the first time that is possible to measure spatially resolved
kinetic data in a heterogeneous catalytic liquid phase reaction under industrially
relevant conditions by applying the minimally invasive capillary sampling tech-
nique. The reaction studied in this work is the selective liquid phase oxidation
of propylene to propylene oxide with hydrogen peroxide over Titanium Silicalite-1
catalyst. Two spatial profile reactors were successfully design, built and brought
into operation for the experiments conducted in this thesis. A compact spatial
profile reactor was used to conduct kinetic measurements and study the reaction
under safe conditions due to the small reacting volume. A pilot scale profile re-
actor with an internal diameter similar to that of a single tube in industrial scale
(HP-PO) reactors was used to compare two different approaches, namely a con-
ventional randomly packed catalyst bed and a structured packed bed prepared by
additively manufactured catalyst-coated open cell structures. While most kinetic
studies available in the literature performed the reaction far from industrial con-
ditions, the results presented in this work were obtained with reaction conditions
similar to those used on industrial scale reactors, that is with pressure high enough
to keep propylene entirely in liquid phase.
The measurements performed in the compact profile reactor shows that the cat-
alyst initially undergoes an induction/activation period before reaching steady
state. During this period, the concentration of propylene oxide progressively in-
creases and the carbon balance closure slowly decreases. On average it was found
that 24 hours of reaction time were required for the propylene oxide to reach an sta-
ble concentration and the carbon balance closure to decrease below an acceptable
threshold of 10%. As feasible explanations for the observed phenomena two mech-
anism were proposed. On one hand, it is known that propylene oxide can form high
molecular weight oligomers by reacting with the side products of reaction. These
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high molecular weight side products can accumulate in the pores of the catalyst
leading to the observed difference in the closure of the carbon balance during the
transition period. Nevertheless, it was found that this mechanism cannot solely
account for the total difference of mass during the transition period towards steady
state. As additional explanation, a limitation on the analytical methods applied
in this work was proposed. The maximal inlet temperature of the Gas Chromato-
graph used in this work is 220 °C, therefore oligomers with high boiling point may
not be in gas phase as they are injected to the columns of the device and for this
reason cannot be correctly measured. Most likely, both proposed mechanism may
take place simultaneously. Additionally, it was observed that after a first long
induction/activation period subsequent measurements exhibit a shorter activation
time. For a fresh catalyst sample, 75 hours were required for the carbon balance
closure to reach less than 20 %, while for subsequent measurements with the same
catalyst sample took on average 24 hours to reach values below the threshold of
10%. The point at which the carbon balance closure reached less than 10 % was
used as criterion to define when the reaction reached steady state. The evidence
that subsequent measurements required a significant shorter induction/activation
time may suggest that the catalyst requires a chemical treatment with, e.g: hy-
drogen peroxide/water/methanol solutions, before performing the reaction. The
underlying mechanism of this induction/activation period is not fully understood
and requires further investigation.
The spatially resolved concentration profiles of the main epoxidation reaction fol-
lows a pseudo-zeroth-order behavior. Several DFT simulations have found that the
rate determining step in the propylene epoxidation is the adsorption and succes-
sive dissociation of hydrogen peroxide on Ti(SiO)3OH sites forming a Ti-peroxo
active specie and a molecule of water. If the reaction rate is given by the dissocia-
tive adsorption of hydrogen peroxide and the concentration of hydrogen peroxide
molecules far exceeds the number of available Ti sites on the surface of the catalyst
the epoxidation rate will limited to the maximial rate at which Ti(SiO)3OH sites
can adsorb and dissociate hydrogen peroxide molecules, leading to the observed
pseudo-zeroth-order behavior. In contrast to the main reaction, side reactions
exhibit a typical nonlinear trend. Propylene gylcol was measured as dominant
side product. Additionally, the presence of hydroxyacetone and methoxyacetone
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was detected by GC/MS screening data. These species were not previously re-
ported in the literature. Moreover, hydroxyacetone and methoxyacetone are likely
to be formed by the reaction of propylene glycol and methoxypropanol with hy-
drogen peroxide. The extent of hydrogen peroxide decomposition is considered
a safety hazard in technical scale reactors since oxygen and propylene can form
explosive mixtures, therefore the accurate quantification of species that consume
hydrogen peroxide may be needed to asses accurately the extent of decomposition
of hydrogen peroxide within the reactor. Quantitative data for the formation of
hydroxyacetone was provided for the first time in this work.
Due to leakages in the gas chromatograph used in this work further kinetic data
could not be measured. Most likely, the leakage was caused by small catalyst parti-
cles suspended in the spatial sample flow that scratched the surface of a sampling
valve. Suspended particles can be caused by the direct movement of the sam-
pling capillary against the catalyst bed which can cause small catalyst particles
to detach from the support. These small particles can both damage downstream
devices and clog the side sampling orifice of the capillary stopping the experiment.
In this sense, it was found that it is necessary to use a quartz liner between the
sampling capillary and the catalyst bed to avoid contact between both during the
movement of the spatial sampling system. In this regard, special consideration
should be taken in the selection of protective component for analytical devices
such as in-line filters when dealing with liquid phase reactions and small particles
such as the Titanium Silicalite-1 catalyst. Additionally, it was observed that using
a stainless steel sampling capillary provides an additional surface from which the
heat of reaction can be transported out of the system, thus flattening the tem-
perature profile. To enable the measurement of temperature profiles, the material
of the sampling capillary should be substituted by a material with low thermal
conductivity such as fused silica.
The acquired kinetic data in this work was used to validate two of the most relevant
kinetic model in the scientific literature by simulation using an axial 1D-pseudo-
homogeneous dispersion model. It was found that the models could not describe
accurately the measured concentration gradients. This might be explain by the
fact that both models are based on the assumption that the surface reaction of
propylene with Ti•OOH active specie is the rate determining step. Additionally, a
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new model based on an Eley-Rideal reaction mechanism in which hydrogen perox-
ide dissociatively adsorbs on a Ti(IV) site forming a Ti•OOH •H2O active specie
and propylene reacts weakly adsorbed to form propylene oxide was proposed. The
rate determining step of the derived rate law equation for the epoxidation reac-
tion is the dissociative adsorption of hydrogen peroxide on Ti(IV) species which
is in agreement with the relevant DFT studies in the literature. The experimental
differential rate shows a linear trend with R2 = 0.99 and R2 = 0.98 when plotted
according to the linearized form of the derived rate law for the main epoxidation
reaction. The small deviation from linearity of the experimental differential rate
can be explain by the fact that the parameters of the main epoxidation reaction
are not truly constant values, as hydrogen peroxide adsorption/dissociation and
epoxidation reaction constants depend also on the local temperature. Statistical
analysis showed that the proposed Eley-Rideal model has the lowest standard de-
viation and FC value from the different kinetic models evaluated in this work.
For the fitting of the proposed model to the experimental data the main reaction
pre-exponential factor and the hydrogen peroxide adsorption/dissociation constant
were determined experimentally, while other kinetic parameters were taken from
the model of Sulimov [84]. It was observed that the proposed model is not able to
fully capture the non-linear trends of the side products concentration profiles in
the first 10-15 mm of the catalyst bed, where pronounced temperature variations
occur. These deviations with respect to the experimental data suggest that the
model parameters require further optimization. An improvement in the accuracy of
the model can be achieved by an experimental determination of all kinetic param-
eters, namely the reaction pre-exponential factors, activation energies, adsorption
constant and adsorption enthalpies. For this, a systematic study of the reaction
dependence on the temperature and the initial concentration of chemical species
should be conducted. Moreover, the minimal invasive sampling technique can be
integrated with different spectroscopic methods such a Raman spectroscopy. Both
Xiong [101] and Bordiga [103] showed that the Titanium Silicalite-1 catalyst ex-
hibit a resonance feature which allows the enhancement of the Raman signal by
several order of magnitude. In this sense, the integration of a systematic study of
the reaction parameters combined with a direct spectroscopic measurement of the
surface intermediates while performing the reaction under industrial conditions
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in the developed spatial experimental setups, has the potential of providing un-
precedented insights into the reaction mechanism and would constitute the most
comprehensive study on this industrially relevant reaction so far.
A pilot scale profile reactor was used to compare the performance of a struc-
tured packed bed prepared by additively manufactured catalyst-coated open cell
structures against a conventional randomly packed bed under the same reaction
conditions and conversion. At a propylene conversion of 72% a reduction of the
local temperature from 46°C to 42°C was observed for the randomly packed bed
and the open cell structures respectively. Additionally, an increase of the selectiv-
ity toward propylene oxide of about 18% and of the yield of reaction of about 13%
was measured. Nevertheless, these improvements with respect to the conventional
randomly packed bed cannot be attributed conclusively to the enhanced thermal
transport properties of the open cell structures. Due to increasing problems with
leakages in the analytical device used in this work only the main epoxidation reac-
tion could be measured. For this reason, the carbon balance closure could not be
calculated and the experimental data was measured by assuming that the reaction
reached steady state once the concentration of propylene oxide remained stable
for about 5 hours. In this sense, the experimental data might have been obtained
while the catalyst in the pilot scale reactor was undergoing an induction/activa-
tion transition period similar to the one observed in the compact reactor. Future
measurements should be performed measuring all products of reaction. The point
at which the steady state is reached in the pilot scale profile reactor should be
studied by continuously monitoring the species concentration at the outlet of the
reactor and plotting the carbon balance closure as a function of time. Addition-
ally, the concentration profiles of the bed constituted by catalyst-coated open cell
structures showed an abnormal behavior. At the reactor coordinate z=30 [mm] the
reaction seems to stop and the concentration of chemical species remained constant
for the remaining length of the catalyst bed. This flattening of the concentration
profile would suggest that the reaction stopped, but this is not supported by the
temperature profile which shows that heat is still being generated. A feasible ex-
planation is a channeling effect causing the chemical species to flow preferentially
through the annular space between the catalyst-coated open cells and the reactor
wall. From the experimental data is not possible to determine if the improvements
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in terms of propylene oxide selectivity and reaction yield would have remained if
the reaction would had proceeded without flattening of the concentration profile.
In this sense, further investigation to explain this abnormal behavior should be
conducted. Even though the results are not conclusive, the measured improve-
ments in terms of selectivity and yield are quite significant and may provide a
basis for further investigation on the application of periodic open cells structures
as alternative packing for fixed bed reactors, most particularly on kinetically lim-
ited reaction systems.
In conclusion, the minimal invasive sampling technique was successfully applied in
both a compact and a pilot scale profile reactors which underlines the robustness
and versatility of this technique. Moreover, it was shown that this measurement
principle can provide a significant amount of kinetic data which can be used to
validate kinetic models from literature and develop models that can accurately
describe the concentration gradients inside of the catalyst bed. This measurement
principle can be integrated with several spectroscopic methods, which allows to
probe structure and reactivity of the catalyst as a function of the local process
conditions inside the reactor. These insights into the chemical and physical pro-
cesses occurring inside of the reactor under real industrial conditions can be used
as basis to substitute trial and error approaches with a knowledge based design of
the catalytic process.
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7 Appendix

7.1 Evaluation of transport limitations and
dispersion

All parameters used for the evaluation of transport limitation are given in Ta-
ble 7.1, while the results of the calculation can be found in Table 7.2

Mears [129]: External mass transport limitation

The mass transfer coefficient was calculated with the correlation provided in the
work of Freek Kapteijn and Jacob A. Moulijn for liquids flowing through packed
beds with 0.0016 < Rep < 55 [129]. The diffusion coefficients for the chemicals
species through the bulk solvent were calculated by the Wilke-Chang equation for
diffusion in liquids [164]. External mass transport limitation was evaluated both
experimentally and analytically. The experimental evaluation of external mass
transport limitations can be found in the main body of the thesis.

robsrpn

kcCb

< 0.15

(robs): volume based observed reaction rate in [mol m−3 s−1]
(rp): catalyst particle radius in [m]
(n): reaction order [−]
kc: mass transfer coefficient [m2 s−1]
Cb: bulk concentration of Pr [mol m−3]
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Weisz-Prater [141]: Internal mass transport limitation

After the exclusion of external mass transfer limitations it can be assumed that
the surface concentration of propylene (Cs) is equal to the bulk fluid concentration
(Cb)

Robsr
2
p

CsDeff

≤ 0.3

Deff = εpDC3H6

τ

Cs: surface concentration of Pr [mol m−3]
Deff : effective diffusion coefficient of Pr [m2 s−1]
DC3H6 : diffusion coefficient of Pr [m2 s−1]
εp: catalyst porosity [−]
τ : catalyst tortuosity [−]

Mears [140]: External heat transport limitation

Potential heat transfer limitations were evaluated by assuming that only the main
reaction, the selective oxidation of propylene to propylene oxide contributes to
heat formation in the system. Activation energy was adopted from the previously
developed model by Sulimov [84] . The heat transfer coefficient was estimated
according to literature [162].

|∆Hr| Robsrp

hTb

≤ 0.15TbR

Ea

(∆Hr): heat of reaction in [J mol−1]
(h): heat transport coefficient [W m−2 K−1]
(Tb): temperature of the bulk fluid [K]
(Ea): reaction activation energy [J mol−1]
(R): Universal gas constant [J mol−1 K−1]
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Anderson [140]: Internal heat transport limitation

After the exclusion of external mass transfer limitations it can be assumed that
the surface temperature of the catalyst (Ts) is equal to the bulk fluid temperature
(Tb)

|∆Hr|Robsr
2
p

λTb

≤ 0.75TbR

Ea

(λ): catalyst thermal conductivity [W m−1 K−1]
(Ts): temperature at the surface of the catalyst [K]

Axial dispersion at reactor scale

If Bo > 80, the deviations from ideal plug flow are small and the reactor can be
regarded as a cascade of N CSTRs.

N = Bo

2 = Pem,ax

2
l

dp

(liquids, Rep<100)
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Table 7.1: Overview of parameters applied for the evaluation of transport limitations at
reactor scale

Parameter Description Value Units

robs volume based observed
reaction rate

1, 02 [mol m−3 s−1]

rp catalyst particle radius 1, 88 × 10−4 [m]

n reaction order 1 [−]

kc mass transfer coefficient 3, 8 × 10−5 [m s−1]

Cs = Cb surface and bulk concentration 650 [mol m−3]

Deff effective diffusion coefficient 5.8 × 10−10 [m2 s−1]

DC3H6 effective diffusion coefficient 3.52 × 10−9 [m2 s−1]

εp catalyst porosity 0.5 [−]

τ catalyst tortuosity 3 [−]

∆Hr heat of reaction −151, 09 × 103 [J mol−1]

h heat transport coefficient 324.2 [W m−2 K−1]

Ts = Tb surface and bulk temperatures 313.15 [K]

Ea activation energy 46.5 × 103 [J mol−1]

R universal gas constant 8, 314 [J mol−1 K−1]

λ catalyst thermal conductivity 1, 4 [W m−1 K−1]

Pem,ax particle axial Peclet number 0, 5 [−]

l bed length 60 × 10−3 [m]

119



7 Appendix

Table 7.2: Overview of dimensionless criterion evaluated to test for the significance of
external/internal mass and heat transfer limitations as well as axial dispersion at reactor

scale

Criterion Calculated Value Limit

External mass limitation Mears 0, 0077 < 0, 15

Internal mass limitation Weisz-Prater 0, 094 ≤ 0, 3

External heat limitation Mears 2, 84 × 10−4 < 8, 4−3

Internal heat limitation Anderson 1, 23 × 10−5 < 4, 1−2

Axial Dispersion Bodenstein 70, 6 > 80

7.2 Kinetic parameters used for numerical
simulations

Table 7.3: Sulimov model parameters [84]

Parameter Value Units Parameter Value Units

k1° 3.64x102
[

l
(g∗s)

]
E1 4.50x104

[
J

mol

]
k2° 1.31x102

[
l

(g∗s)

]
E2 6.06x104

[
J

mol

]
k3° 2.35x102

[
l

(g∗s)

]
E3 6.35x104

[
J

mol

]
k4° 2.66x102

[
l

(g∗s)

]
E4 6.30x104

[
J

mol

]
k5° 4.96x102

[
l

(g∗s)

]
E5 4.98x104

[
J

mol

]
b°H2O2 5.00x10−4

[
l

mol

]
Q°H2O2 1.87x104

[
J

mol

]
b°C3H6O 1.83x10−3

[
l

mol

]
Q°C3H6O 2.05x104

[
J

mol

]
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Table 7.4: Di Serio model parameters [83]

Parameter Value Units Parameter Value Units

k1ref∗ 4.97x10−1
[

l
(g∗s)

]
E1 4.56x104

[
J

mol

]
kd1ref∗ 1.97x10−3

[
l2

(g∗mol∗s)

]
Ed1∗ 1.06x105

[
J

mol

]
kd2ref∗ 5.18x10−6

[
l2

(g∗mol∗s)

]
Ed2∗ 1.26x105

[
J

mol

]
kd3ref∗ 7.33x10−4

[
l2

(g∗mol∗s)

]
Ed3∗ 1.47x105

[
J

mol

]
kd4ref∗ 5.18x10−6

[
l2

(g∗mol∗s)

]
Ed4∗ 1.26x105

[
J

mol

]
kd1ref

1.58x10−7
[

l2

(g∗mol∗s)

]
Ed1 4.48x104

[
J

mol

]
kd2ref

1.01x10−7
[

l2

(g∗mol∗s)

]
Ed2 1.42x105

[
J

mol

]
kd3ref

1.90x10−7
[

l2

(g∗mol∗s)

]
Ed3 6.69x104

[
J

mol

]
kd4ref

1.01x10−7
[

l2

(g∗mol∗s)

]
Ed4 1.42x105

[
J

mol

]
kdref

4.08x10−7
[

l
(g∗s)

]
Ed 8.16x104

[
J

mol

]
Kads1 3.47x10−3

[
l

mol

]
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