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Abstract

Abstract

The need for alternative water sources due to water stress or changes in raw water qualities for
use as drinking water often requires more advanced treatment techniques than currently in use.
Thus, there is a demand for resource and energy efficient processes, with high process stability
and reliability. Within this work the potential of Layer-by-Layer (LbL) modified hollow fiber
ultrafiltration (UF) membranes was examined as one option in terms of ion rejection, rejection
of dissolved organics, molecular weight cut-off (MWCO), fouling, and mechanical and process
stability. Furthermore, a model was derived to differentiate between predominant
polyelectrolyte (PE) build up during modification in terms of pore vs layer dominating PE
multilayer formation. The results also identified the PE layering location as another crucial
factor during membrane modification.

Filtration in lab scale as well as pilot scale results in water works achieved high rejection rates
for divalent ions (> 90 % for sulfate and magnesium, and > 80 % for calcium). However, some
external parameters were investigated which influenced the resulting ion rejection. As shown
in lab scale, high ionic strength in the feed solutions led to swelling of the PE structure, resulting
in a change of separation characteristics. Nevertheless, swelling was highly dependent on the
present type of ions and respective concentration. Model supported results clearly identified
concentration polarization (CP) through the laminar boundary layer as dominating factor for
the removal efficiency for sulfate as a model substance for divalent ions. Besides crossflow
velocity and resulting laminar boundary layer thickness, model results showed a severe
influence of CP dependent on membrane length. This underscores the importance of additional
experiments beyond the lab to pilot scale on industrial length modules.

Further investigations in lab scale showed that the modification of the membranes resulted in
an MWCO in the lower range of NF membranes, providing high removal rates of dissolved
organic substances. SAC2ss removal rates of > 90% and TOC removal of > 80 % could be
achieved even in Dead End operation for solutions containing natural organic matter (NOM).
Fouling and removal rates were dependent on the NOM composition and their molecular weight
distribution. Hereby, the solution containing a higher share of larger molecules reached higher
rejection, while impact of fouling was lower. It is attributed to the deposition of foulants on top
of the membrane surface instead of internally within the modified membrane structure.

Membranes could successfully withstand the stress of hydraulic backwash (hydr. BW), though
it was limited to a maximum hydr. BW flux of 50 L/(m?2 h). Combined with the good chemical
stability, it would allow the implementation of a regular CEB, which was highly efficient for
the removal of NOM foulants off the membrane surface.

Overall, the LbL modification of hollow fiber UF membranes was successful on lab scale and
on industrial scale membranes and could be operated successfully for several months in two
different waterworks. The modified membranes combined exceptionally high NOM removal
rates with the possibility for high divalent ion rejection and the stability of regular mechanical
and chemical cleaning. Thus, LbL modified hollow fiber UF membranes did show a great
potential for treatment of waters with high contents of dissolved organics and particle loads.







Kurzdarstellung

Kurzdarstellung

Die Veranderungen der Wasserqualitdt von Rohwassern zur Trinkwassernutzung erzeugt eine
Nachfrage nach ressourcen- und energieeffizienten Aufbereitungsmoglichkeiten, welche eine
hohe Prozessstabilitat und Qualitatssicherheit gewahrleisten. Im Rahmen dieser Arbeit wurden
Layer-by-Layer (LbL) modifizierte Hohlfaser-Ultrafiltrationsmembranen (UF) entwickelt.
Weiterhin wurde das Potential der Membranen als mogliches Aufbereitungsverfahren in Bezug
auf lonenrickhalt, Ruckhalt geloster organischer Substanzen, Trenngrenze (MWCO), Fouling,
sowie mechanischer und Prozessstabilitdt untersucht. Dariiber hinaus wurde ein Modell
entwickelt, um zwischen poren- vs. schichtdominierendem Polyelektrolytaufbau wéhrend der
Modifikation zu unterscheiden. Ergebnisse identifizieren die PE- Schichtformation als einen
weiteren entscheidenden Faktor wahrend der Membranmodifikation.

Bei Filtrationen im Labor- sowie Pilotmalistab in Wasserwerken konnten hohe Ruckhalteraten
fur zweiwertige lonen (> 90 % fur Sulfat und Magnesium und > 80 % fiir Calcium) erzielt
werden. Jedoch wurden Prozessparameter identifiziert und weiterfiihrend untersucht, die den
resultierenden lonenriickhalt beeinflussten. Eine hohe lonenstarke im Feed flhrte zu einem
Schwellen der PE-Struktur, was in einer Anderung der Trenneigenschaften resultierte. Dies war
jedoch stark abhdngig von der Art der vorhandenen lonen und deren Konzentration.
Modellgestitzte Ergebnisse identifizierten Konzentrationspolarisation (CP) durch die laminare
Grenzschicht als dominierenden Faktor fir die Riickhalteeigenschaften der Membran. Neben
der aus der Stromungsgeschwindigkeit resultierenden laminaren Grenzschichtdicke zeigten
Ergebnisse zudem den starken Einfluss der Membranlange auf die resultierende CP. Dies
verdeutlicht eine Notwendigkeit zusatzlicher Experimente tber den LabormaRstab hinaus.

Weitere Untersuchungen im Labormalistab zeigten, dass durch die Modifikation der
Membranen ein MWCO im unteren Bereich von Nanofiltrationsmembranen erreicht werden
konnte. Dies resultierte in hohen Entfernungsraten von geldsten natirlichen Substanzen
(NOM). SAC2s4-Entfernung von > 90 % und TOC-Entfernung von > 80 % konnten sogar im
Deadend-Betrieb erreicht werden. Dabei kam es zu hdheren Rickhalten und niedrigeren
Foulingraten bei einem héheren Anteil groRerer Molekiile.

Die Membranen blieben bis zu einem Ruckspilflux von 50 L/(m2 h) hinsichtlich ihres
Trennverhaltens stabil. In Verbindung mit der guten chemischen Stabilitat wirde dies die
Implementierung einer chemisch unterstiitzten Ruckspilung erméglichen, die eine hohe
Effizienz bei der Entfernung von NOM-Fouling von der Membranoberflache hatte.

Insgesamt konnten Hohlfaser-UF-Membranen im Labormalistab und in industriellem Malstab
erfolgreich mit der LbL-Technik modifiziert und mehrere Monate lang in zwei verschiedenen
Wasserwerken  betrieben  werden. Die modifizierten Membranen kombinierten
aulergewohnlich hohe NOM-Entfernungsraten mit der Mdoglichkeit eines hohen Rickhalts
zweiwertiger lonen und der Stabilitat einer regelmélligen mechanischen und chemischen
Reinigung. Somit zeigen LbL-modifizierte Hohlfaser-UF-Membranen ein groRes Potenzial fir
die Behandlung von Wassern mit hohem Gehalt an geltsten organischen Substanzen und
Partikeln.
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Background and motivation

1 Background and motivation

Access to clean and safe water is recognized as a human right by the United Nations. However,
in 2017, still 29 % of the world’s population lacked access to safely managed drinking water [1].
While the lack of access is a problem rather limited to rural areas [2], major challenges have
also been posed for water suppliers in areas with existing and safe water management.
Especially in cities, population growth led to an increase in water demand. Weather-related
droughts or extreme events even further aggravate the spatial mismatch of availability and
accessibility of fresh water resources [3,4]. Comparatively easy solutions, like adapting the
existing water management system and the use of new raw water sources with adequate water
quality are often limited. Thus, utilities might have to use resources with lower water quality,
for example with high concentrations of specific ions, dissolved and undissolved organics, such
as natural organic matter (NOM) or micro pollutants, or further contaminants. Such cases often
require the adaption of treatment technologies to meet drinking water regulations. These
technologies are usually more elaborate in terms of energy and chemical consumption than
already existing water treatment technologies [2,5].

Pressure driven membrane processes can be one solution, targeting various substances with
different pore sizes and membrane structures [6]. Among them, nanofiltration (NF) is most
appropriate for the removal of dissolved substances [7—9], with high removal efficiency even
for substances as divalent ions [6,10]. However, due to their module configuration (flat sheet
membranes in spiral wound configuration), they are prone to feed channel blockage and
membrane fouling and thus, require good feed water quality from the start [11]. In addition,
they are not stable against mechanical cleaning and hence, require the use of chemicals for
cleaning or fouling prevention [12,13].

With the Layer-by-Layer (LbL) method, membranes can be modified by adding a
polyelectrolyte (PE) separation layer on the membrane surface, altering the separation
characteristics. With the technique, the separation characteristics of porous membranes can be
shifted to the range of NF membranes [14-18]. As the PE multilayer formation is a self-
assembly mechanism, the modification set up is rather simple, as active membrane surfaces just
need to be brought into contact with the PE solutions [19]. This allows the preparation of
membranes with NF characteristics in different geometries and configurations. Thus, it might
bear the opportunity to combine the separation efficiency of NF membranes with the option of
periodically cleaning with hydraulic backwash (hydr. BW) and to reduce the use of required
chemicals and water quality [19,20].

One part of this work presents a theoretical model for the determination of the PE layering
location during modification as to whether adsorption takes place within or above the
membrane pores. It additionally shows the impact of the interplay of PE molecular weight
(MW) and membrane pore size.

This work furthermore characterizes the performance of modified membranes in terms of
rejection of dissolved substances (divalent ions, monovalent ions, and natural organic matter
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(NOM)). Hereby, ion-dependent swelling effects were investigated when the PE multilayer
(PEM) membranes were in contact with different ion solutions at different ionic strengths.
Moreover, the impact of concentration polarization is addressed and related to crossflow
velocity and membrane length, as well as hydraulic and chemical backwash stability was
examined.

After the optimization of the coating, the modification process was adapted to pilot scale
modules. These membrane modules were operated in an automatically controlled pilot plant in
two waterworks over several months to evaluate their long-term performance.

14



Theoretical background

2 Theoretical background

2.1 Terminology in pressure driven membrane filtration

Membranes are barriers that selectively reject certain substances, whereas others can pass
through. The desired selectivity of these membranes is dependent on their material properties.
Although different driving forces such as chemical potential or an external electrical field are
available, pressure driven membrane processes are the most frequently used method in water
treatment. To properly understand the pressure driven membrane filtration processes, different
required terms are introduced and described in the following. In addition, Figure 1 gives a basic
visualization of a membrane separation process.

Raw water: The raw water is the solution that is to be treated partially or fully during the
filtration process and enters the inflow of the overall filtration plant.

Feed: The feed is the solution, which enters the membrane module on the side of the active
surface of the membrane and is separated during the membrane filtration process. It
can either contain only raw water or the raw water is mixed with a retentate volume
flow if recirculation is implemented.

Permeate: The permeate describes the treated solution which is collected after permeation
through the membrane. Depending on the nature of the membrane and the
characteristics of filtration, some substances of the feed solution are rejected by the
membrane, whereas others can pass and are collected with the permeate volume flow.

Retentate: Rejected substances accumulate on the feed side of the membrane, leading to an
increased concentration. The solution, where these impermeable substances
accumulate is called retentate or concentrate.

TMP: In pressure driven membrane processes, the TMP (transmembrane pressure) is the
driving force for the permeation of water through the membrane. It describes the
pressure gradient across the membrane from the feed (ps) and retentate (p,..) to the

permeate (p,,) side:

pf + Pret _ (1)

TMP = ~— Dy

Osmotic pressure: Due to the separation of substances during the membrane filtration process,
a concentration difference of these substances on two sides of the semipermeable
membrane occurs, which leads to a chemical potential difference. This chemical
potential is called the osmotic pressure (Ap,sm)- If N0 external driving force is applied,
water permeates to the higher concentrated side — the feed side of the process — trying
to dilute and compensate for the chemical potential. Therefore, this osmotic pressure
counteracts against the applied TMP [21].
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Flux:  The flux (J) is the flow rate through the membrane from the feed to the permeate side
in relation to the active membrane area:

Aact (2)

J

Permeability: Permeability (k) describes the flux in relation to the pressure required. The higher
the permeability, the lesser the pressure to be applied for the filtration process.
Therefore, it relates to the specific energy required for the filtration process [21].

J

k=P Apoern

@)

Rejection: The rejection (R) describes the efficiency of a membrane to retain certain substances.
The observed or also called bulk rejection (R,,,) relates the permeate to the feed
quality and is calculated using the ratio of permeate concentration (c,) and feed
concentration (cf) [21]:

Rops = <1 - C_p) (4)

The membrane or internal rejection (R;,,;) is the maximum rejection a membrane can
achieve, and related the permeate quality to the feed quality at the membrane surface
(c;m) (more detailed in section 2.7) [21]:

R, =[1-" 5
int_< _?> ()

MWCO: The MWCO (molecular weight cut-off) defines the molecular weight of the smallest
uncharged substance with a rejection of 90 % by the membrane. Molecules with a
molecular weight above the MWCO are rejected to more than 90 % by the membrane.
It indirectly gives information about the membrane pore size.
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Figure 1: Scheme of a membrane separation process

2.2 Pressure driven membranes in water treatment

Pressure driven membranes are the majority of applied membranes for drinking water
treatment. Hereby, membranes with different structures and pore sizes can be selectively used
for the removal of undesired target substances. In general, there are four main pressure driven
membrane processes, namely reverse osmosis (RO), nanofiltration (NF) or low pressure
reversed osmosis (LPRO), ultrafiltration (UF), and microfiltration (MF) [11].

When classifying the four membrane processes according to their morphology, it is referred to
the structure of the dominant layer for separation, known as the active layer of the membrane.
On the one hand, the active layer can be a denser layer on top of a porous support structure
(asymmetrical or anisotropic structure) [22], consisting of the same material (homogeneous
membranes) or different materials (composite membranes) [23]. On the other hand, membranes
can be symmetrical membranes, where the structure is consistent throughout the whole
membrane thickness [11]. Figure 2 schematically shows the cross-section of the different
structures.

PESSER L=
e o) G e

Figure 2: Scheme of an asymmetrical homogenous (left), asymmetrical composite (middle), and symmetrical
(right) membrane structure

A second classification is based on the pore size and with it, the separation mechanism of the
active membrane layer. The so-called dense membranes include RO, which has close to no
pores on the active membrane separation layer. The rejection principle is described by the
solution-diffusion approach, assuming that solvent and solutes diffuse through the non-porous
active layer [24]. While salt transport is dependent on the concentration gradient and diffusion
coefficient, water transport is dependent on the interplay of applied pressure and chemical
potential difference, resulting in the osmotic pressure (equation 3) [23]. Thus, dependent on the
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water flux, RO membranes reach a high separation efficiency even for small dissolved
compounds, for example, monovalent ions [21].

UF and MF have a porous surface structure, where the main separation effect is based on steric
retention [22]. These membrane processes are generally designed for the separation of particles
like bacteria, viruses, and agglomerates, but also some macromolecules [25]. As salt is not
rejected, the osmotic pressure can be neglected. The flux is either correlated to the membrane
permeability (equation 3) or assumed to be proportional to the transmembrane pressure TM P
and the hydraulic resistance R; of the process according to Darcy’s law [26]:

B TMP
NR;

w (6)
NF or LPRO are membranes in the intermediate area, where different separation effects of size
exclusion, electrostatic effects, and solution diffusion mechanisms play a combined role
[22,27]. Thus, these membranes can also reject substances in the intermediate size, such as
dissolved organics or divalent ions [28].

Porous membranes can also be classified as low pressure membrane systems, whereas dense
membranes are classified as high pressure membrane systems [21]. An overview of typical
applied pressures, applications, and structural parameters is listed in Table 1.

2.3 Membrane properties

In addition to the main separation mechanisms, membrane properties influence the separation
behavior and filtration characteristics. The most common properties are MWCO, zeta potential,
and hydrophilicity, measured as contact angle.

As briefly explained in section 2.1, the MWCO can be correlated to the hydrodynamic
molecular diameter (dy in nm) and gives therefore, also information on the maximum pore size
of the membrane (according to Crittenden (2012)) [11]:

dy = 0.11- MWC 004 )

As a range of different membranes with different MWCO are commercially available, a suitable
membrane can be considered dependent on the target solutions and separation task.

However, water constituents are often charged and not ideally round. Therefore, additional
membrane properties than the MWCO have to be taken into account when considering the
rejection behavior and mechanism — amongst them are zeta potential and contact angle.

The zeta potential gives information on the surface charge of membranes in aqueous
solutions [29]. Thus, the zeta potential of the membrane can influence the separation behavior
due to electrostatic repulsion of the same charges [10]. For dense layers, the repulsion effect
between membrane and substances, like ions, leads to higher achieved rejection rates due to the
apparent Donnan exclusion principle [6,30]. Moreover, the zeta potential can influence fouling
behavior, which is further explained in section 2.6 [31,32].
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The contact angle provides information about the hydrophilicity of the membrane. Hereby, a
smaller contact angle refers to a higher hydrophilicity [33]. During membrane filtration for
water treatment, higher hydrophilicity is generally desired as it leads to higher permeability and
reduced organic fouling (section 2.5) due to reduced interaction between water constituents and
membrane surface [34].

2.4 Geometry of membrane modules

The geometry of membrane modules can be realized in different shapes and configurations.
Porous membranes are often realized as tubular or hollow fiber membranes [11]. These
membrane shapes consist of one or several capillaries within one fiber (Figure 3) and are usually
operated inside-out, where the feed enters through the capillaries and permeate is collected on
the outside of the fiber [23]. Dense membranes are mostly realized as flat sheet membranes,
arranged in spiral wound modules (Figure 3) [21]. Hereby, two membrane sheets are placed
onto one another with the active membrane layers facing each other. To allow flow channels
between the surfaces of the membranes, meshed structures, namely spacers are placed between
the sheets; both, on the feed and permeate side of the membranes [35]. Besides creating space
for the feed and permeate to flow, the feed spacers also induce turbulences on the membrane
surface, influencing flow development and hydrodynamic conditions [21,35].

Support structure Spacer permeate side _ 7 Membrane

Spacer feed side \

Capillaries = Retentate
X \C / ,1 R = Feed
A\ J etentate _/
Feed )\ | . — (5
e ~NO) / . — N
J Permeate Permeate

Figure 3: Schematic illustration of a multi-capillary hollow fiber (left), and a spiral wound flat sheet
membrane (right)

2.5 Modes of operation

Generally, the membrane filtration process can be operated in two different ways. One is the
Dead End (DE) mode, where the whole feed solution passes through the membrane (Figure 4,
left). The DE mode is usually used for porous membranes [21]. During operation, rejected
particles accumulate on the membrane surface, leading to a build-up of a filter cake [27]. The
formation of that cake layer affects the membrane process performance, as it acts as an
additional barrier for water, leading to an increase of required TMP for the process or a decrease
in flux [36]. Additionally, especially in porous systems, the separation efficiency of the
membranes may be influenced, as the additional fouling layer can also act as a separation barrier
for substances [37]. This can lead to a shift in the overall pore size and MWCO of the
membrane.
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The other way to operate the membrane process is using the crossflow (CF) mode (Figure 4,
right). Hereby, the feed flows parallel to the membrane surface with a certain velocity. Part of
the feed permeates through the membrane (permeate), whereas a different part of the feed leaves
the membrane module as retentate. The retentate solution contains the rejected substances and
therefore, is higher concentrated than the feed solution [27]. During filtration, depending on the
flow conditions, rejected substances are transported from the membrane surface back into the
feed core stream. Therefore, during CF operation, the build-up of a cake layer is lesser
compared to DE [27]. But consequently, there is a continuous stream of brine, which has to be
discharged and dealt with [38]. This mode of operation is predominant in dense membrane
processes, with a high rejection for dissolved substances [21]. Because rejected substances are
partially or even mostly transported back into the core feed stream, there is an increase in
concentration in the feed solution towards the end of the process [23].

e 0% Feed (g 9.0, 0 o o® Retentate
Cake layer { R0 220805, 2e '.;- o’;:._
| I Membrane ——F—— l
, @ .| . . @
e ° °
Permeate Permeate

Figure 4: Operation mode in Dead-End (left) and crossflow (right)

2.6 Membrane fouling and cleaning strategies

During both operation modes, fouling occurs due to the accumulation of rejected particles or
dissolved substances at the membrane surface. Consequently, they accumulate either within the
porous membrane structure (internal fouling) or on top of the active membrane surface (external
fouling) [39]. During the operation of porous membranes, mainly four different fouling models
have been developed to describe the location where fouling occurs, (1) standard pore blocking,
(I1) complete pore blocking, (I1) intermediate pore blocking, and (IV) cake filtration [40]. The
standard blocking model assumes that foulants accumulate within the porous structure of the
membrane, gradually decreasing the pore diameter (Figure 5 A) [40]. Complete pore blocking
refers to the complete blockage of pores when foulants accumulate on the membrane surface
(Figure 5 B). These pores are no longer available for filtration [41]. Intermediate pore blocking
describes a similar process to complete blocking, where pores are completely blocked by
foulants. Contrary to complete blocking, foulants also accumulate on top of each other, thus,
not necessarily blocking open pores (Figure 5 C) [41]. Cake filtration refers to a uniform cake
layer build-up on top of the membrane surface throughout the whole active membrane area
(Figure 5 D) [41].
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’.. ..I

Figure 5: Scheme of the fouling mechanisms with A) standard blocking, B) complete pore blocking,
C) intermediate pore blocking, and D) cake filtration; adapted from [40]

Fouling can further be classified according to the foulant substances, such as particle, organic,
and inorganic fouling [42], as well as bacteria-induced biofouling.

On porous membranes, fouling usually leads to a flux reduction due to a decrease in pore
diameter. Dependent on the foulant size and structure, initial pore blocking is most often
followed by a cake layer build-up with more particles precipitating, subsequently leading to an
increase in hydraulic resistance [42,43]. Due to the feed spacers in spiral wound modules for
dense membranes, the size of the feed flow channel is defined. Therefore, in these processes,
colloids and particles also bear the risk of blocking the feed channel, leading to hydraulic
pressure loss along the membrane module length [38,46]. Because of that pretreatment for
waters with enhanced concentrations require pretreatment before being able to be filtered with
dense membranes.

Organic fouling is mostly caused by natural organic matter (NOM), which includes all organic
substances occurring in natural water bodies other than living organisms and of man-made
origin [47]. NOM consists of substances with different molecular weights, functional groups,
and therefore a variety of chemical, physical, and structural properties [34,48]. Thus,
interactions between NOM and membranes are versatile [49]. Overall, NOM fouling may lead
to permeability loss, as well as changes in surface properties [34,50].

During dense membrane filtration, the fouling cake layer itself is not necessarily the reason for
flux decline [44], but it can lead to cake enhanced osmotic pressure [45]. Hereby, the film
hinders back-diffusion of salts from the membrane surface to the feed bulk solution, leads to
increased osmotic pressure at the membrane surface; and also may lead to a decrease in
rejection performance [45].

Overall, fouling is associated with the applied flux during filtration. The concept of critical flux
describes that below a certain flux, no fouling is observed during filtration [51], whereas the
threshold flux describes the flux which differentiates between low fouling and high fouling
operation [52].

As dense membranes show high rejections for certain ions, the concentration increases in the
feed solution over the membrane module length. During this increase, salts can reach their
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saturation index (SI) > 1, which indicates supersaturation and eventually leads to
precipitation [27]. Hereby, salt crystals form either in solution (homogeneous) or at the
membrane surface (heterogeneous), which is referred to as scaling [53]. Crystals forming
directly on the membrane surface decrease the active membrane area leading to an overall
permeability decline. When forming within the bulk solution, formed crystals can either also
deposit at the membrane surface or partially block the feed channel, leading to an increase in
hydraulic pressure loss along the membrane module, and increase the specific energy demand.

So, to maintain a desired process performance, membranes have to be cleaned when certain
criteria, such as TMP, flux, or pressure drop along the membrane module are reached [54]. Due
to the geometry of the membrane modules, hollow fiber membranes can usually be
mechanically cleaned by hydraulic backwash (hydr. BW) [55]. Hereby, the flux of the
membrane is reversed, so that the water flow direction is from the permeate to the feed side of
the membrane [56]. Due to the flow rate, accumulated substances on the active membrane
surface are removed and can be discharged [27]. Besides other factors, the efficiency of
backwash is mainly dependent on the type of fouling and foulants, mechanical stress induced
by the backwash flux, and different membrane properties, such as pore size, zeta potential, and
contact angle [57]. To enhance the efficiency of the hyd. BW, chemicals like acidic, caustic,
oxidizing, or enzymatic solutions, can be added during the process (CEB: chemical enhanced
backwash) [57]. These chemicals are chosen based on the type of fouling substances and the
tolerance of the membrane material [58].

Because they are not mechanically stable enough, the rather simple cleaning process of hydr.
BW, as well as CEB, cannot be applied for flat sheet membranes, which make up most of the
high pressure membrane configurations [27]. Thus, chemicals are required for cleaning these
membranes, for a so-called cleaning in place (CIP). Therefore, different solutions like acidic,
caustic, or special membrane cleaning solutions, are recirculated through the feed channel of
the membrane, often with an adjusted, increased temperature [59]. The efficiency of the
chemical cleaning process is dependent on the solutions, scalants, or organic deposits [13]. One
way to prevent scaling is the use of antiscalants (AS) [60]. These are substances that can be
dosed into the feed solution and which inhibit or at least delay the nucleation or subsequent
scale formation [53]. However, during drinking water production, it must be ensured that the
added substances do not occur in the permeate and therefore, distributed drinking water.
Additionally, the disposal of AS might be problematic, dependent on its constituents and
concentration [60]. Overall, these dense flat sheet composite membranes generally require the
use of chemicals for either periodical cleaning or scaling prevention, to ensure a stable
operation.

Table 1 summarizes typical membrane characteristics, fields of application, and typical module
configurations.
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Table 1: Overview of pressure driven membrane processes; typical filtration parameters, configurations,
and removal targets [11,22,23]

MF UF NF RO
Pore size 0.05 - 10 pm 1-50 nm <2nm <1nm - none
Typical membrane flux 30-170 L/(m? h) 1-50 L/(m? h)
TMP < 2 bar <5 bhar 5— 15 bar 15 — 100 bar
Common module Hollow fiber Flat sheet
configuration
Spacer No Yes
Prefer'red Dead-End Crossflow
operation mode
Common cleaning method Hydr. BW /
/ fouling mitigation CEB CIP / AS dosage
Particles / Bacteria / DOC/
Target substances Suspended Viruses / Divalentions/  Monovalent ions
solids Small colloids | Trace substances
2.7 Concentration polarization

Another phenomenon influencing the filtration process is concentration polarization (CP). In
general, CP describes the increase in concentration at the membrane surface due to the
accumulation of rejected substances [11]. During crossflow filtration in laminar flow, a laminar
boundary layer develops on the membrane surface. The water flow through the membrane leads
to convective transport of substances towards and partially through the membrane. Rejected
substances accumulate at the membrane surface, which leads to a higher concentration at the
membrane surface (c,,,) compared to the feed core stream (c¢). This concentration gradient leads
to a diffusive back transport of the substances from the membrane surface into the feed core
stream. As the transport of water to the membrane is much higher than the diffusive transport
away from the membrane surface, a concentration gradient develops throughout the boundary
layer . This ratio of the concentration at the membrane surface and the concentration in the feed
bulk stream is referred to as concentration polarization (CP). The thickness of the laminar
boundary layer (65,), which directly affects the extent of CP, is dependent on different factors
like flux, crossflow velocity, feed channel geometry and length, fixtures, or rejection efficiency
[11,21,23,27,61]. Figure 6 schematically visualizes CP during laminar crossflow filtration.

During pressure driven membrane processes, minimizing CP is desired as a high concentration
of substances generally leads to higher concentrations in the permeate, and higher osmotic
pressure, which acts as a force that counteracts the applied pressure during filtration [21].
Additionally, high CP can lead to higher risks of scaling as there is a higher risk of
oversaturation of salts right at the membrane surface [53].
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Figure 6: Schematic illustration of concentration polarization (CP) on the feed side of the membrane;
neglecting absorption on the feed side, as well as desorption and CP on the permeate side, adapted from
[11,21,23]

As described earlier, feed spacers are used in flat sheet modules to overcome severe CP [62] by
promoting mixing and leading to a convective back transport of substances from the membrane
surface into the feed core stream [63]. Though special spacers are not widely used for hollow
fibers and are still under development, initial results have been achieved by implementing
fixtures into the feed channels or shaping the membrane surface to enhance feed side mixing
effects [64-68].

To calculate CP in laminar flow conditions, first, the laminar boundary layer thickness has to
be calculated using the dimensionless Reynolds, Sherwood, and Schmidt numbers (equations
in section 7.2). Furthermore, the membrane rejection has to be estimated. In this work, this
rejection is referred to as internal membrane rejection (R;,:, equation 5) and describes the
maximum possible rejection of the membrane. It is assumed as a fixed membrane characteristic.

Combining the mass balance at the membrane surface with the internal rejection, the flux during
filtration, and the laminar boundary layer thickness, the CP can be calculated as [61]:

cp = m_ ef 8)

C Jw
! Rine + (1- Rint) -ebB

With: B: Mass transfer coefficient
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2.8 Layer-by-Layer modification technique

Among other applications, the LbL technique is increasingly used for the modification of
membranes in water treatment. Hereby, it has become an efficient method to selectively
influence the filtration behavior of membranes to adapt desired properties, such as the
selectivity of the membrane or better fouling control and membrane cleaning [15,19,69-71].
Thus, it can be a powerful tool to combine the selectivity of NF with the mechanical and
chemical stability of UF membranes.

The LbL technique with the targeted use of polyelectrolytes (PE) was first methodically
described by Decher et al. in early 1990 and has gained increasing interest in several research
fields, among others in drug delivery for medical use, packaging, optical films, energy, or
membranes [19,72]. The technique allows the fabrication of ultrathin films in the range of
nanometer thickness on different substrates. The film can be applied nearly regardless of the
geometry and structure of the substrate, and therefore, allows selective control over the surface
properties [73].

To apply the desired film onto the substrate, the regarded substrate is alternatingly exposed to
either ions or ionized polymers with functional groups along the molecule backbone. These are
typically polyanions or polycations in solution [19,73]. Due to electrostatic interaction and the
release of counterions into the coating solution, these polymers adsorb onto the existing
surface [74]. The exposure of the substrate to each ionic solution is generally followed by a
rinsing step with water before it is exposed to the other ionic solution [73]. Repeating the
exposure leads to a successive build-up of the PEM on the substrate (Figure 7).
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Figure 7: Schematic illustration of the LbL deposition procedure

Different factors can play a role to control the multilayer build-up of the film and influence the
resulting properties. Previous to this work, the modification parameters were optimized in terms
of PE pair, ionic strength, PE molecular weight (MW), contact time, and number of double
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layers [75]. However, understanding the already investigated parameters during modification
might help in the further understanding of phenomena occurring during operation.

Dependent on the type of PE system applied the growth behavior, resulting film thickness and
properties like zeta potential, rejection for different ions, and permeability can show significant
differences. For example, some PE, referred to as weak PE, dissociate in water depending on
the pH value, so that the charge density and the thickness per layer of these molecules vary [76—
78]. The PE system of poly(diallyldimethylammonium chloride) (PDADMAC) and
poly(sodium 4-styrenesulfonate) (PSS) is widely studied, which is also the PE system used in
this work. They are strong PEs and therefore, are considered to be independent of the pH of the
coating solution [79-81].

Furthermore, the outermost PE layer itself, which comes in contact with the feed solution during
filtration, is a major factor influencing the properties of the resulting membrane. Depending on
that PE, zeta-potential [14,81-83], film thickness, water mobility [84], membrane density and
swelling degree [80,85], and hydrophilicity [16] can vary. For example, the zeta potential
switches from negative to positive values when PDADMAC is applied as outermost layer onto
PSS [86]. As the PE can partially move throughout the film and PDADMAC has higher
mobility [84], the zeta potential shifts to more positive or less negative values with an increasing
number of DL [14,86]. Additionally, the difference per DL is generally less pronounced [14].
These changes in PEM conformation result in changes in the filtrations characteristics, like
permeability or rejection for certain substances [14,80,83,85].

Another major influence on the film properties is the ionic strength of the PE coating solution.
When the background concentration in the PE solution is low, similar charges along the PE
backbone arrange at a maximal distance from each other, leading to a rather straight and flat
configuration of the polymers. When the background ionic strength of the PE solution is high,
repulsion between the charged functional groups is reduced and the PE can arrange in a rather
coiled formation [87,88]. This effect in solution also influences the build-up of the film. If the
ionic strength is low, the major electrostatic interaction is between the different PE (intrinsic
charge compensation), while at high ionic strength, the interaction between the PE and
counterions in solution (extrinsic charge compensation) increases (Figure 8) [88,89]. Higher
intrinsic charge compensation generally results in denser, less thick PEM, whereas extrinsic
charge compensation increases PEM thickness and adsorbed mass, but also leads to a higher
amount of void water within the structure [74,88-90]
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Figure 8: Scheme of intrinsic and extrinsic charge compensation in the PEM film with polycations in red
and polyanions in blue (water molecules are neglected); intrinsic charge compensation between the PE is
exemplary and indicated by the dotted ellipses and extrinsic charge compensation between PE and
counterions in solution is indicated by the solid ellipses; formation at low ionic strength (left) and high ionic
strength (right); adapted from [89]

Besides the ionic strength of the coating solution, the type of added salt ions also plays a role
during LbL film formation. Several studies have shown that depending on the ions present in
the PE solution and their properties, the adsorbed PE mass, growth rate, and the resulting film
thickness can vary [91-93]. These findings are generally associated with the interaction of the
ions with the PE chains, resulting in varying degrees of overcompensation of intrinsic charges
by those ions. Thus, also here, the structure of the PEM and with it the filtration behavior,
depends highly on the degree of intrinsic and extrinsic charge compensation.

Additionally, the PE MW and length of the PE chain can play a role in the resulting film
properties and behavior [94,95]. However, these are less investigated in former studies.

It is also not yet fully understood where the layering and PEM formation takes place during
porous membrane modification. The build-up is generally distinguished into 2 categories, pore
dominated vs. layer dominated film growth. During the pore dominated film growth, PE adsorb
within the porous structure, successively decreasing the pore diameter. During layer dominated
growth, the PEM build-up takes place on top of the membrane surface, where the film increases
in thickness with each DL.

Polyelectrolyte

~ <D multilayer W

——— Membrane —

Figure 9: Scheme for pore dominated (left) vs. layer dominated (right) PEM formation [96]
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Overall, it can be stated that there are a variety of possible parameters which can influence the
build-up, resulting properties and performance of the PE film. When carefully taken into
consideration, these parameters might be used and adapted to create films with desired
properties for certain applications [97].
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3 Materials and Methods

If not further specified, used chemicals and software is listed respectively in Table S 2 and
Table S 3 in the supplementary information.

3.1 Membranes and modification

As porous membrane, Multibore® membranes (inge GmbH / DuPont, Greifenberg, Germany)
was used. The membrane is made of polyethersulfone (PES) and consists of seven capillaries
in one fiber with a capillary diameter of 0.9 mm, arranged in a honeycomb structure (Figure
10 D). If not specifically assigned, membranes with a pore size of approximately 20 nm
(~100 kDa, manufacturer’s data [98]) were used. Although membranes are typically operated
at TMPs of 0.1 — 1.5 bar, they withstand a hydraulic pressure of > 12 bar before bursting [98].

Three different membrane modules were used in this work. First, single fiber modules with a
length of approximately 30 cm were used (active membrane surface approximately 60 cm?).
These membranes were potted into either only a pipe at the beginning and end of the fiber or a
permeate collection tube with one permeate outlet (Figure 10 A). Both membranes are referred
to as lab scale modules. Furthermore, segmented membrane modules were tested. For this, one
hollow fiber membrane was potted into a permeate collection tube, which was segmented into
four segments, with a length of 30 cm each. Thus, the flow pattern within the capillaries was
not disturbed, while permeate was separately collected along the membrane (Figure 10 B).
Moreover, a larger membrane module was tested, consisting of 15 fibers in one permeate
collection tube (Figure 10 C), with a length of 1.5 m, which is the manufacturer’s commercially
available length. This led to an overall active membrane surface of approximately 0.45 m2.
These modules are referred to as pilot scale modules.

A Potting B

Potting Membrane fiber
Membrane fiber
- g 4 % 5 Y
Permeate outlets PVC collection tube
C D
Membrane fibers § P

RN = ~ R 4

o &%«5 \ \; \ o) \ > y
€85s | ]| ) ) ‘._u. < {
&g @/ )]\ B - -

ee’ S Tt ——— .

. Permeate outlet PVC collection tube
Potting

Figure 10: Schematic drawings of the different membrane modules; A) lab scale modules, B) segmented
modules, C) pilot scale modules, and D) photo of the multibore® membranes
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The widely studied PE pair of PDADMAC / PSS was used as polycations and polyanions
respectively. Both substances were dissolved and diluted to a concentration of 1 g/L.
Additionally, the background ion concentration was adjusted to 0.1 M NaCl.

Lab scale membrane modules were PE coated using the Nanocoater 3-800 (Surflay Nanotec
GmbH, Berlin, Germany). The Nanocoater 3-8000 is an automated flow controller, which was
connected to pressurized coating solutions and DI water on one side and to the membrane on
the other side (Figure 11 A). Because the unmodified PES membranes have a negative zeta
potential [14], capillaries were first rinsed with PDADMAC solution, with a subsequent contact
time of 5 min, where no additional pressure was applied. The contact time allowed PE to adsorb
onto the membrane surface. Membranes were rinsed again with the same solution and same
contact time, to ensure complete possible surface adsorption. After the second contact time,
capillaries were rinsed with DI water and the cycle was repeated using PSS solution. One cycle
of membrane coating with PDADMAC and PSS combined is referred to as one double layer
(DL).

Pilot and segmented membrane modules were coated using a self-built coating unit. Pressurized
PE solutions were connected to a valve circuit, which was connected to the membrane module.
The module was arranged vertically and filled up to an overflow reservoir to ensure that the
whole membrane surface was covered and no gas bubbles remained in the capillaries. The
permeate outlet of the modules was also connected to the valve outlet, to level the hydrostatic
pressure within the capillaries and to prevent filtration of PE solution. Before repeating the
coating step, the membranes were emptied. Overall, the general procedure (contact time,
number of rinsing, etc.) was conducted in the same way as during the lab scale modification
process.
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Figure 11: Schematic illustration coating set up for A) lab scale and B) segmented and pilot scale membrane
modules
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3.2 Analytics

Rejection determination (R): Rejection was determined either using measured conductivity
or ion chromatography. When conductivity (Cond 3110, WTW GmbH, Weilheim, Germany)
was measured in a concentration range up to 400 mg SO4%/L, the rejection was directly

Cond.p
Cond.f

calculated as Ryps = (1 — ) - 100 % (9). For higher concentrations, a calibration curve

was created and rejections were based on respective concentrations, using equation 4.
Furthermore, conductivity measurement was only applied when single salt solutions (MgSOsa,
CaS0a) were used.

If specified and for multiple salt solutions, concentrations were determined using the Eco IC
(Deutsche METROHM GmbH & Co. KG, Filderstadt, Germany) with a Metrosep A Supp 5 —
150/4.0 column, conductivity detection (LF Detektor 1), as well as UV detection (944
Professional UV/VIS detector vario 1) at a wavelength of 205 nm. A mixture of 3.2 mmol
Na2CO3 and 1 mmol NaHCOs was used as eluent. With this setup, F-, CI-, Br, NOs", PO4%,
SO4% could be determined in a calibration range, which is listed in Table S 4. If required,
samples were diluted accordingly.

Liquid chromatography with OC and UV detection (LC-OCD-UVD): The size distribution
of organic compounds was analyzed using liquid chromatography with organic and UV
detection (LC-OCD-UVD, DOC-Labor GmbH, Karlsruhe, Germany) with an HW-50S column.
Samples were generally prefiltered over 0.45 um and, if necessary, diluted to a concentration
of < 5 mg C/L. The analytical device was periodically calibrated according to the
manufacturer’s recommendation using potassium hydrogen phthalate standards and humic
substance standards supplied by the International Humic Substances Society (IHSS). Setup and
further information are described by Huber et al. (2011) [99].

Dissolved organic carbon (DOC) measurement: The total DOC was determined using the
TOC-L and TOC-V (Shimadzu Corp., Kyoto, Japan). Before analysis, samples were filtered
over 0.45 pum, or smaller during experiments, and diluted, if required, to a concentration of
<2 mg C/L or < 10 mg C/L, dependent on the device. Analysis was carried out in triplicates.
Calibration was conducted monthly using potassium hydrogen phthalate standard solutions.

Spectral absorption coefficient (SAC): The SAC was determined at two wavelengths,
A =254 nm (SACzs4) and A = 436 nm (SACuass) using the DR 5000tv UV-Vis Spectrophotometer
(Hach Lange GmbH, Dusseldorf, Germany). Samples were filtered over 0.45 um and measured
in a 5 cm quartz glass cuvette.

Molecular_weight cut-off (MWCO): The MWCO was determined using a mixture of
Polyethylene glycols with different MW. First, each PEG was analyzed separately using the
LC-OCD, to relate each MW to a certain elution time. Then, a mixture of different MW was
created and also analyzed. As elution times can vary depending on the column and its age, the
elution times were related from 0-1. Hereby, O corresponds to the first elution time, where the
mixed feed solution reaches a total signal height of 0.5, whereas 1 corresponds to the last elution
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time, where the signal exceeded a signal height of 0.5. An analysis of the single PEG peak
maxima together with the PEG mixed solution is displayed in Figure S 1 A. The occurrence of
the single MW PEG could then be related to a certain relative elution time (Figure S 1 B). As
feed and permeate solutions were measured directly after each other, the same relative elution
time was adopted for both measurements. Furthermore, the signal intensity was related to the
maximum signal height of the respective feed solution. To determine the MWCO, the relative
elution time with a rejection of 90 % was related to the PEG MW.

Zeta potential: Zeta potential was used to evaluate the surface charge of the membranes. It
was measured using the Surpass (Anton Paar GmbH, Graz, Austria). The ionic strength was set
to 1 mmol/L using KCI. The zeta potential was determined in a pH range of approximately 3 to
9. The pH was first set using KOH and step-wise adjusted by adding 0.05 mmol HCI/L.
Membranes were characterized using the streaming potential measurement at 200 mbar. An
average value of 4 measurements is displayed for each value and respective pH. A detailed
description of the principles and procedure of the zeta potential streaming potential analysis is
provided by Luxbacher (2014) [100].

Scanning electron microscopy (SEM) and Energy Dispersive X-ray (EDX) analysis: SEM
IS an imaging technique with high resolution even for high magnification, which can be
combined with EDX, an element analysis technique. It was performed using the Zeiss Supra 55
VP (Carl Zeiss Microscopy Deutschland GmbH, Oberkochen, Germany). For SEM, the
acceleration voltage varied between 5 and 10 kV and the aperture size between 7.5 and 30 pm.
EDX analysis was performed during SEM at an acceleration voltage of 10 kV and aperture of
20 pm using an 80 mm?silicon drift detector. Samples were evaluated using the EDX analysis
software AZtec (Oxford Instruments PLC, Abingdon, United Kingdom). Samples were cut,
dried in the oven at 105 °C and mounted onto SEM sample holders. The surfaces of the samples
were then sputtered with 9 nm gold using the SCD 050 (BalTec AG, Pfaffikon, Switzerland).

3.3 Filtration setup

Membranes were tested in two different filtration setups. The filtration plant for lab scale and
segmented modules is schematically presented in Figure 12. The solution was pumped into the
membrane module from the feed container. Permeate was collected in one beaker, or four
separate beakers for the segmented module, and the respective flux was measured
gravimetrically. During CF experiments, the retentate was recirculated back into the feed tank.
Thus, the feed tank volume was chosen to be big enough so that a possible concentration
increase from withdrawing the permeate was minimal. Furthermore, pressure was measured in
the feed and retentate, while conductivity was recorded in the feed and permeate. The
temperature was measured in the feed, while CF velocity was determined from retentate volume
flow measurement. The amount of retentate and WCF resulted from the set CF velocity. To
determine the rejection, samples were either taken from both the feed and permeate tank and
further analyzed, or rejection was calculated from the feed and permeate conductivity
measurement. Additionally, a pressurized vessel was connected to the permeate of the
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membrane for hydr. BW. BW water was collected at the module outlet, where the flow was
again gravimetrically determined.
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Figure 12: Scheme of the lab scale filtration plant ; Cond: Conductivity measurement, T1: Temperature
measurement, PI: Pressure measurement, FIC: Volume flow measurement

A second, fully automated plant was self-designed and built by Bremer Anlagen GmbH
(Bremen, Germany). It was used for experiments in pilot scale and in the waterworks (WW),
which is schematically shown in Figure 13. The plant consists of two identical streets, which
could be operated parallel with different operational parameters (constant flux or TMP, WCF,
and crossflow (CF) velocity), or different membrane modules. To set a desired flow velocity, a
recirculation loop was implemented. Thus, raw water was first pumped into the system and
mixed with part of the retentate. The mixed water entered the membrane module as feed
solution. A share of the water permeated through the membrane and volume flow was measured
continuously. The TMP was adapted according to the desired flux or TMP by the raw water
pump. The share of the retentate, which was not recirculated was discarded. For this, a
regulation valve allowed for setting a desired overall WCF. Additionally, different parameters
were continuously measured and recorded, such as pressure (feed, retentate, permeate), flow
rates (raw, recirculation, permeate, retentate), temperature (feed), and conductivity (raw, feed,
permeate).

Furthermore, a hydr. BW pump was implemented, to allow frequent backwashing at a desired
BW flux, as well as AS dosage in the raw water flow.
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Figure 13: Scheme of the pilot scale plant ; T.Raw/T.P: Raw water / permeate tank, P.Raw1/2: Raw water
pump, P.Recl/2: Recirculation pump, V.Retl/2: Regulation valve retentate, S.Rawl/2: Raw water
sampling, S.F1/2: Feed sampling, S.Retl/2: Retentate sampling, S.P1/2: Permeate sampling, Cond.:
Conductivity measurement, FIC: Volume flow rate measurement, PIl: Pressure measurement, TI:
Temperature measurement

3.4 Filtration procedure

lon rejection: To determine the divalent ion rejection, MgSQO4 solutions were used, typically
with a concentration of 1.04 mmol/L, which corresponds to a concentration of 100 mg SO4*/L.
The rather low concentration diminished the effects of osmotic pressure (i.e. A, o5, < 0.1 bar at
0.2 m/s CF velocity) on the flux and thus, the permeability of the membranes. Varying MgSQOa4
concentrations are specified in the respective section.

MWCO determination: To determine the MWCO, the plant and membranes were first
thoroughly rinsed with the respective solution, without filtration. Then, filtration was done in
CF (1 m/s, Re ~900), at a flux of 35 L/(m2 h), and WCF < 10 % with a PEG solution containing
a feed mixture of PEG with different molecular weight (200, 300, 400, 600, 1500 and 6000 Da,
¢t =5 mg total C/L). After process conditions stabilized, 20 mL of the permeate was discarded,
before samples (approximately 20 mL) were collected directly in the analysis vials, sealed, and
further analyzed using LC-OCD.

Pore vs. layer dominated PEM formation: To evaluate and distinguish between the pore vs.
layer dominated growth regime, first, the permeability and MgSQOs rejection of the membranes
was determined. Then membranes were coated with one DL for small or 1 single layer for big
MW PE. Permeability and MgSOas rejection were again determined and the procedure was
repeated for several PE layers.
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Swelling behavior: To determine the influence of ions in the surrounding solution, membrane
filtration was performed with either 1.04 mM MgSOs solution or with the PEG mixture in CF
(1 m/s, Re ~900), at a flux of 37 L/(m2 h), and WCF < 10 %. For MgSQ4, samples were taken
after a minimum of 90 min filtration time and permeability and rejection were determined. For
the PEG mixture, the procedure was according to the MWCO determination. Analyses were
related to relative elution times as described in section 3.4.

After sampling, membranes were rinsed with DI water, to remove remaining solution.
Capillaries were then shortly rinsed with the respective immersion solution (NaCl, Na;SOa,
MgClz, or MgSOgs) before the membrane was stored in it for at least 36 h. Following this,
membranes were rinsed and shortly filtered with DI water, before it was filtered again with
MgSOs / PEG solution to evaluate changes in the membrane rejection behavior. The overall
procedure was then repeated with the next higher ionic strength. Analyzed ionic strength, as
well as resulting concentrations of the immersion solutions are listed in Table S 7.

Concentration polarization: To determine the influence of CP on the membrane performance,
filtrations were carried out at a flux of 35 L/(m2 h), WCF < 10 %, and at different CF velocities.
First, the plant was rinsed with the respective solution (1.04 mM MgSO4 or PEG mixed
solution). Then, the CF velocity and flux were set as desired. The filtration was interrupted
shortly to ensure the collapse of possible flow patterns, before restarting the filtration. Permeate
and retentate were recirculated for 90 min to ensure fully developed flow conditions before
samples were taken to determine the flux and permeability. Rejection was either determined
based on online conductivity in the feed and permeate measurements, or by LC-OCD-UVD
analysis.

Hydr. BW stability: To test hydr. BW stability of the modified membranes, filtration was
performed in CF (Jw = 35 L/(m?2 h), ucts = 1 m/s, WCF < 10 %) in the pilot plant with 1 mM
MgSOq4 for 25 min. After achieving a stable filtration process, indicated by stable conductivity
values in the feed and permeate, a hydr. BW was conducted for 2 min. The hydr. BW was split,
discarding the BW water through the retentate outlet and feed inlet for 1 min each, followed by
90 s forward flush (Fwd.-Flush) (45 s feed to retentate and 45 s retentate to feed). After four
BW cycles each, the hydr. BW flux was increased successively, to evaluate possible changes
with increasing mechanical stress. Permeability and MgSOa rejection were evaluated just
before each hydr. BW cycle and MgSOa rejection was calculated using online conductivity
measurements in the feed (at the entrance of the membrane) and permeate. Displayed values
show relative rejection related to the rejection rate before the first hydr. BW was conducted.

Chemical stability: To test the LbL modified membrane stability against potential CEB
solutions, filtration was first carried out in the lab scale plant with 1 mM MgSOs in CF
(Jw = 35 L/(m? h), ucs = 1 m/s, WCF < 10 %) to determine permeability and MgSOa rejection
after coating. Then, filtration was performed with 100 mL either HsPO4 (pH 2) or NaOH
(pH 12) and stored in the respective solution, either for 15 min or overnight. Additionally,
filtration with 100 mL EDTA solution (0.01 M, pH was adjusted to 11 using NaOH) was carried
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out and stored in it overnight. A soaking time of 15 min was chosen to simulate a rather long
but still realistic soaking time within an industrial process, whereas storage overnight aimed to
investigate the long term stability of PEM against the respective solution. After immersion,
membranes were rinsed with DI water and filtration was again performed with 1 mM MgSO4
solution in CF to determine the possible effects of the solutions on the membrane performance.

Fouling experiments: To observe the impact of fouling on the performance of the LbL
modified membranes, they were first filtered with 1 mM MgSOs in CF (uc¢s = 0.4 m/s,
Jw = 35 L/(m2 h), WCF < 10 %) to determine the initial separation characteristics of the
membrane. After rinsing the plant, filtration was carried out with different fouling solutions,
described as follows: particle and organic fouling were conducted in DE experiments to reduce
experiment time, whereas scaling experiments were conducted in CF mode. After the fouling
experiment, membrane capillaries were first rinsed with DI water (0.4 m/s, 15 min) to remove
loosely bound fouling substances. Filtration was again performed with 1 mM MgSOs in CF
(uef= 0.4 m/s, Jw = 35 L/(m2 h), WCF < 10 %) to determine possible influences on separation
characteristics towards the ion solution. All values were conducted at room temperature but
were adapted to 25 °C. For a better understanding, the procedure is visualized in Figure 14.
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Figure 14: General procedure for the fouling experiments

Particle fouling: To evaluate the fouling behavior by particles, a stock solution of 1 g kaolin
particles/L (aluminum silicate, ASP G90, BASF Catalysts LLC, New Jersey, USA) was used.
These particles have a mean diameter of < 200 nm. After rinsing the plant, membrane filtration
was carried out in DE at a TMP of 3 bar, and permeate was collected to continuously monitor
the flux. Feed turbidity was measured at the beginning of the experiment, while permeate was
sampled after several filtration times, using the Turb 555 IR turbidity meter (WTW / Xylem
Analytics Germany, Weilheim, Germany).

Membrane scaling: Supersaturated CaSO4 solution was used to evaluate the scaling behavior
of the membrane. To achieve supersaturation, CaSO4 was first completely dissolved at room
temperature. The solution was then filtered over 0.45 pum to remove the remaining undissolved
crystals. After rinsing the plant with the solution, it was concentrated at a high CF velocity
(0.7 m/s) at 5 bar, by withdrawing the permeate while recirculating the retentate. It was up-
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concentrated to 22 — 23 mM in the bulk solution, which corresponds to a saturation index (SI)
of approximately 0.2 (calculated with agion (Harald Kalka, Radebeul, Germany)). The feed
container was constantly stirred to ensure mixing.

After concentrating, scaling behavior was determined in CF operation (ucs = 0.2 m/s,
TMP = 3 bar, WCF < 10 %). During filtration, permeate and retentate were generally
recirculated back into the feed tank. However, after each 30 min of filtration, permeate and feed
samples were taken to measure the flux and for further analysis. To inhibit precipitation, the
amount of sample needed was directly diluted with DI water and then analyzed with IC. Parallel
to the 1C values, conductivity was continuously recorded in feed and permeate. The remaining
sample solution was returned to the feed container.

For experiments with periodic Fwd.-Flush, capillaries were rinsed after each 90 min filtration
with feed solution with a CF velocity of 0.8 —0.85 m/s for 15 min at a very low TMP (< 0.5 bar),
before regular filtration was continued.

Additionally, antiscalants (AS, RPI-2000, Toray Membrane Europe AG, Minchenstein,
Switzerland) were added during filtration. AS was dosed into the feed container after up-
concentration to achieve a concentration of 3.95 mg AS/L (as recommended by the
manufacturer using the RPI calculator). RP1-2000 is polyacrylate based and is recommended
as the most effective against sulfate scaling [101].

Organic_fouling: To determine the impact of organic fouling with different NOM
compositions, filtration was done with two organic model solutions. One of the model solutions
(HSNOM) is from Lake Hohlohsee, located in a boggy area of the Blackforest in Germany.
Therefore, it contains NOM from an aquatic origin and is characterized as a humic rich surface
water with a comparably low content of inorganic ions. The stock solution was first treated in
an ultrasonic bath for 30 min and then filtered through 0.45 pum, resulting in a DOC of 11.4 mg
C/L. However, some experiments were conducted with a second batch of the HSNOM, which
slightly varied in composition, as displayed in the size distribution analysis in Figure S 5. The
second model solution (SAHA, Humic Acids, Sigma Aldrich GmbH, Taufkirchen, Germany)
contains humic acids of terristic origin. The stock solution was prepared according to Benecke
(2018) [48] and then diluted to a concentration of 8.8 mg C/L. Both solutions have already been
largely characterized by previous work at the Institute for Water Resources and Water Supply
(TU Hamburg) [48,102]. Both solutions were filtered in a DE filtration, first for 120 min at a
TMP of 3 bar. During filtration, permeate samples were taken to determine the flux, TOC-,
SAC:ss-, and SACase-rejection. Furthermore, some samples were analyzed with LC-OCD-
UVD.

To evaluate the cleaning performance for fouling removal, hydr. BW and CEB were tested.
Therefore, filtration was first performed with HSNOM solution for 60 min in DE at a TMP of
3 bar. After the filtration, first hydr. BW at a flux of Jsw = 100 L/(m? h) for 120 s and subsequent
Fwd.-Flush (100 mL) were conducted. SACazs4 were regularly measured in feed and permeate
as an indication for NOM removal, as well as flux and respective permeability. LC-OCD
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analysis was conducted for one membrane, where samples were taken right after the beginning
of the experiments, and after two hydr. BW cycles.

CEB-efficiency was determined with NaOH at pH 12, and a BW flux rate of 50 L/(m2 h) for
120 s with a subsequent soaking time of 300 s, which was again followed by a subsequent Fwd.-
Flush (100 mL). SACas4 was also regularly measured in feed and permeate, as well as flux and
respective permeability. LC-OCD analysis was only conducted for one membrane, where
samples were taken right after the beginning of the experiments, and after one CEB cycle.

35 Long term filtration in waterworks

Membrane modules were operated in two different German waterworks (WW) with different
water qualities. An excerpt of water constituents is given in Table 2. Major differences in
composition are related to total organic carbon (TOC WW2 > TOC WW1), sulfate (Csof— Ww1

> Cg02- WW2), and acidity (Ksa3 WW2 > Ksq3 WW1).

The half-technical scale pilot plant was equipped with respective membrane modules. It was
connected to the WW after the regular treatment steps of aeration, followed by sand filtration.
However, this water is referred to as raw water, as it is the supply for the pilot plant. For
different trial phases (TP), the plant was operated fully automated under different constant
parameters: flux, CF velocity, and overall plant WCF. These different trial phases (TP) during
the overall operation were evaluated by comparison of the TMP and pressure loss along the
membrane (Ap). In addition, permeability was continuously evaluated. All parameters were
normalized to 25 °C (equations 26 and 27 in section 7.12). Samples were usually taken weekly
in raw water, permeate, and feed or retentate for WW1 and WW2 respectively. For the operation
in WW1, anions were determined using the IC, while cations were kindly analyzed by Hamburg
Wasser using IC. In WW?2, all parameters were kindly analyzed from Berliner Wasserbetriebe
(IC and TOC analyzer). The continuously measured conductivity was correlated to the total
salts (TS) content for each sample to estimate osmotic pressure. The osmotic pressure of the
feed solution was then considered when calculating the permeability (equation 6, section 2.2).

Additionally, the rejection for different dissolved substances was calculated for the samples
taken. Rejection rates displayed are related to the feed concentration at the inlet of the
membrane module itself (raw water + recirculation). All parameters were evaluated against the
specific permeate volume (Vspec), Which accumulates during operation and allows the
comparison of different flux rates. The loss of permeate due to hydr. BW is, however, not
included in the calculations, as volumes are very low compared to collected volumes during
filtration. In addition to the trends of the total values, linear regressions were included and the
gradients were compared.

During some TP, AS was dosed in raw water. In WW1 RPI1-2000, whereas in WW2 RPI-4000
(Toray Membrane Europe AG, Minchenstein, Switzerland) was used. The choice of AS was
based on recommendations of Hamburg Wasser and Berliner Wasserbetriebe, derived in
previous pilot operations of commercially available NF membranes.
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Table 2: Excerpt of water constituents of the raw water in the two WW,; *some values were below the
determination limit, thus, half the limit concentration was used for the calculation

WW 1 WW 2

Concentration n Concentration n
TOC mg/L 09 +/- 01 3 3.7 +/- 0.2 11
KSs3 mmol/L 29 +/- 01 27 35 +/- 01 11
TDS mg/L 706 +/- 35 27 628 +/- 13 10
o mg/L 274  +/- 19 44 171 +/- 12 11
Mg* mg/L 9.7 +/- 0.6 43 13.3 +/- 0.3 11
Ca?t mg/L 164 +/- 9 44 115 +/- 1 11
Cl mg/L 534 +/- 4.1 43 679 +/- 3.6 10
HCO3 mg/L 171 +/- 3 27 208 +/- 4 11
Na* mg/L 311 +/- 21 42 433 +/- 1.9 11
K* mg/L 26 +/- 0.1 42 6.1 +/- 0.2 11
NO3™ mg/L 049 +/- 0.19 41 40 +/- 05 11
SiO2 mg/L 211 +/- 05 43 15.7 +/- 0.7 11
Mn diss.* mg/L 0.019 +/- 0.008 43 <0.01 11
Fe diss.* mg/L 0.016 +/- 0.020 43 <0.03 11
Sr mg/L 0.65 +/- 0.03 43 0.50 +/- 0.04 11
Ba2t" mg/L 0.061 +/- 0.004 44 0.09 +/- 0.00 11
Conductivity puS/cm 934 +/- 46 50 985 +/- 15 11
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4 Results and discussion

4.1 Evaluation of pore vs. layer dominated PEM growth

Understanding where the PEM build-up takes place might give the opportunity to specifically
alter the membrane performance, such as pore size or membrane - PE interaction. For that, the
modification was theoretically evaluated regarding pore vs. layer dominated PEM formation.
Results were also published by Stumme et al. (2021) [96].

4.1.1  Theoretical modeling approach

During the LbL modification process, PE adsorb onto the membrane material. This process can
be related to fouling happening during the filtration and the respective fouling models (section
2.6). Pore dominated PEM formation is comparable to the standard blocking model, as it
describes the flux decline due to successively decreasing pore size. The layer dominated growth
on top of the membrane surface can be related to uniform cake layer formation. The models
including complete pore blockage are assumed not to be applicable as PEM are particle free
and have a rather gel-like structure.

To describe pore dominated PEM growth, the standard model from Lee et al. (2008) was used
and adapted. It assumes that the pore radius decreases proportional to the mass deposited (m)
over time [103]:

1, (x, t) _ <1 _ K.mgy(x, t))E (10)
Tp,0 Am

With: r,(x, t): Pore radius at a certain time and location; 7, o: Initial pore radius; K: Standard blocking
constant; m,: Mass deposited; 4,,: Membrane area

To describe the changes in flux due to the PEM formation during LbL modification, the model
was adapted to the decrease in pore diameter related to the number of layers [96]:

1 1
Tom _ (1 _ Ksmdn)i _(4_ K,n\?2 (11)
- Am ) Am

rp,O

With: K: Standard blocking constant per unit mass; n: Number of deposited double layers

Based on the pore diameter, the Hagen-Poiseuille equation for flow through cylindrical pores
was used to calculate the flux [103]:

1 mrf(x,t) N’
Jw A, 8nl (12)

With: N': Number of pores; I: Pore length; n: Dynamic viscosity of water
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During cake layer formation, the additional hydraulic resistance due to fouling, which decreases
the water flux, is generally proportional to the layer thickness. As hollow fiber membranes were
used in this work, the model from Davis (1992) for the formation of a uniform cake layer on
cylindrical form was used [26]:

d _ d
R, = py(1 — €,)R.d, In ( — 66) — R.d,In ( — 66) (13)

With: p4: Density of the deposited film e4: Void fraction of the cake; R.': Specific cake resistance per unit
mass per area; d.: Capillary diameter; §,: Thickness of the cake layer; R,.: Specific cake resistance per unit
depth

The original fouling model was again related to the number of applied layers:
Ren = Rod, In (dc_dﬁ) (14)
With: &.: Specific DL thickness
The overall membrane resistance (R,) was calculated as [103]:
Re = Rgpn +R. (15)
With: R ,,: Membrane resistance, when the transition from pore to layer dominated growth starts

The resulting flux was calculated based on the resistance according to Darcy’s law (equation 6
in section 2.2).

Depending on different factors, such as the ionic strength of the coating solutions [85,104] or
the interplay of MWCO and PE MW [105], both processes can happen separately during
modification, but are most likely combined [106]. To be able to combine the two models, a
share factor f;, was introduced. It expresses the share of the overall calculated flux based on the
standard blocking model. Thus, it describes the shift from pore to layer dominated PEM
formation. When the f; is close to 1, pore dominated PEM formation happens, while values
close to 0 indicate a layer dominated film build up. It is calculated as:

1

T 1+ enna 1e)

fs

With: s,,: Transition sharpness; s,: Transition factor

Combining the equations leads to the overall membrane hydraulic resistance, from which the
flux is again calculated according to equation 6:

Rm,n =fs- Rs,n +(1- fs) : Rc,n (17)
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4.1.2  Experimental evaluation of flux, hydraulic resistance, and share factor

To evaluate the model experimentally, membranes with different MWCOs were used.
Membranes with a nominal MWCO of 100 kDa were coated with double layers (DL,
PDADMAC+PSS) using PE with a larger MW (MWoeppapmac ~ 400-500 kDa /
MWopss ~ 1000 kDa) to promote layer formation above the porous membrane structure.
Membranes with a nominal MWCO of 220 kDa were coated with single layers (alternatingly
PDADMAC and PSS) using PE with a smaller MW (MWppapmac < 100 kDa / MWpss ~ 80
kDa) to ensure that PE adsorb within the pores. After each modification step, flux and MgSO4
rejection were measured. To clarify results, they are assigned the following designation:
M/E_220/100-PSS/PDADMAC (model/experimental results _ MWCO of the virgin membrane
— PE of the outermost layer). Membrane properties and further required assumptions are listed
in Table S 5 and Table S 6 respectively.

To describe the layering process, the model was fitted to experimental data. Fitting was
performed with the best fit resulting from two different values. For one, the correlation
coefficient R? regarding both membrane resistance and membrane permeability was calculated:

2 — 2R = Re)(Ry — Ry)
VERg — Rg)2Z(Ry — Ry)?

With: Rg: experimental resistance data; R,,: model resistance data; R; : mean values

(18)

As the R? value overweighs large values, a chi-squared value (X?) is additionally calculated
due to the non-linear form of the model [107].

Ry — Ry\?
X2 =y (H) (29)
Ry
Overall, the values were combined to reach a maximum value for R? with a minimal value for

X2

First, the model was compared to the experimental results of the membranes coated with
PEmw smaller than the nominative MWCO and PSS as the outermost layer. Figure 15 shows
the permeability (A) and hydraulic resistance (B) of the membranes after coating the respective
number of DL. C displays the newly introduced share factor resulting from the best fit.
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Figure 15: A) Permeability, B) hydraulic resistance, and C) the resulting share factor for membranes coated
with MWpe < MWCO; n =2 [96]

The permeability decreased drastically for the first few DL, while the hydraulic resistance
increased exponentially, indicating the successful deposition of PE on the membrane. After the
fifth DL, the permeability decrease flattens out and changes are less pronounced. The hydraulic
resistance, however, still increases with a linear trend towards the end, indicating further
growth, also in the later stages of the coating process. The model (line) is in overall good
agreement with experimental values (markers).

The share factor (Figure 15 C), which was derived from the best-fit result, shows that during
the first few layers, the PEM formation was pore dominated. The shift of the f; from one to
zero between the second and fifth DL indicates the transition of pore to layer dominated film
growth. Within this transition phase, most likely both processes occurred simultaneously, as the
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membrane pore size is not identical for all pores, but distributed. From the fifth layer onward,
fs was close to zero, indicating a layer dominated film growth. Overall, the trend fits
expectations. It shows first a successive pore size reduction due to the smaller PE MW than
MWCO which is shifting towards a uniform layer formation when the pores are small enough.
According to the model results, this shift happened at a pore size of 10 — 12 nm, which can be
related to an MW of approximately 80 — 120 Da (equation 7). As this is the range of the used
PE MW, f; supports the plausibility of the model.

To test the model also for the converse scenario, it was compared to membranes that were
coated with PE MW bigger than the membrane’s MWCO. Additionally, experiments were
conducted for each layer, so with PDADMAC or PSS as alternatingly terminating layer.

When coated with larger PE MW, the permeability decline was even more drastic in the first
few DL. The main decrease happened during the coating of the first two DL before the trend
flattened out. The hydraulic resistance functioned reciprocal, with a major increase within the
first layers, followed by a rather linear trend towards higher DL numbers. Furthermore, the
overall trend showed a zig-zag pattern, with generally higher permeabilities and lower hydraulic
resistances for PDADMAC-terminated membranes compared to PSS-terminated layers. This is
called the odd-even effect and can be attributed to a thicker, less dense PEM structure, and
higher water mobility when PDADMAC is applied as the outermost layer [80,83-85,104,108].

As the influence of the outermost PE type is severe, leading to different film properties and
membrane behavior, both cases were analyzed in separate models (M_100-PSS and M_100-
PDADMAC). Specific assumptions are listed in Table S 6. Figure 16 A and B show that the
models were each in good agreement for both types of PE as the outermost layer. Figure 16 C
displays the share factor for the regarded cases with the full line for PSS and dotted line for
PDADMAC as the terminating layer. Both share factors followed a sharp decrease right after
the first coating. It indicates that deposition of PE within the pores happens, if at all, only in the
first few DL. Layer dominated film growth was prevailing already after 2 DL, which was
expected due to the relation of PE MW and MWCO. Although the models were applied
separately, both graphs for the share factor overlapped throughout the whole regarded coating
range. This supports the plausibility of the model, as for the same PEM formation the same
transition must result.
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Figure 16: A) Permeability, B) hydraulic resistance, and C) the resulting share factor for membranes coated
with MWee > MWCO; n = 2 [96]

Overall, results show that the newly introduced model and share factor can systematically
describe the transition between pore and layer dominated PEM formation. Knowing the
layering location can help to modify membranes while on one hand preserving a porous
structure, for example, to implement desired properties within the structure, or to create
membranes with specific pore sizes. On the other hand, it can help to form a dense layer only
on top of a porous support, without major pore clogging. Furthermore, it might also help to gain
further insight into the mechanical stability LbL modified PEM membranes.
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4.1.3 MQgSOq rejection of step-wise coated membranes

Next to the permeability and hydraulic resistance, the MgSOs rejection was measured after each
DL (Figure 17 A). The modified membranes already had rejections of approximately 10 %,
which is attributed to electrostatic repulsion effects of the negatively charged membrane surface
and SO4%. For membranes modified with PE MW smaller than the MWCO the rejection
remained low for the first three DL. After that, the rejection increased with each DL before
plateauing at a rejection rate of approximately 60 %. These results support that the porous
structure of the membrane remains during coating of the first three DL, as pores are not narrow
enough to reject divalent ions. When modifying membranes with PE MW greater than the
MW(CO, the rejection started to increase already with the first DL. The rejection rate then
increased again with each DL until the fifth DL where the rejection again flattens out at a similar
rejection rate of approximately 65 %. Subsequently, instant rejection increase at the first DL
indicates a uniform layer formation on top of the pores. This, however, is still too thin for

sufficient ion removal. Nevertheless, the MgSOs rejection increased with increasing layer
thickness.
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Figure 17: A) MgSO4 rejection for the increasing number of DL, and B) MgSO4 rejection vs. the resulting
permeability of the least four coated DL for membranes coated with MWPE < MWCO (squares) and
MWPE < MWCO (circles); n = 2, adapted from [96]

Figure 17 B shows the MgSOg rejection after coating the last four DL each. Although the initial
permeability was higher for membranes coated with PE smaller than the MWCO, the
permeability at a similar rejection rate was much lower. This again indicates that PE adsorb
within the membrane pores, leading to higher resistance due to clogging effects.

Overall, the discrepancy of the permeabilities at similar rejection rates identifies the interplay
of PE MW and membrane MWCO as another crucial parameter during LbL modification. This
factor is not yet widely focused on but might bear a great opportunity to tailor membranes with
specific pore sizes or characteristics.
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The achieved rejection rates displayed in this chapter were low compared to other studies
[83,85,109-111] and also to the following rejections obtained within this work. This is likely
attributed to the filtrations between each coating step. During the filtration, the PEM structure
might reassemble which leads to changes in the PEM conformation. Rejection rates in the
following chapters were from membranes coated in one consistent procedure and are, therefore,
not directly comparable.

4.2 Modified membranes in comparison with conventional NF

From this chapter onwards, the membrane modification was done in one consistent procedure
as described in section 3.1.

At first, the impact of the modification shall be displayed regarding permeability and MgSOa
rejection. To classify the membranes, the performance of the modified membrane is compared
to a random selection of commercially available flat-sheet NF membranes (Figure 18). For
comparison, data for the LbL modified membranes were obtained under similar conditions as
given in the manufacturer’s data sheet of commercially available NF membranes. Osmotic
pressure was considered in calculations, and permeability was related to a reference temperature
of 25 °C. The concentration of the feed solution was cmgsos = 2 g/L, the yield WCF = 15 % and
filtration was carried out in crossflow mode under a turbulent flow regime (Re ~ 5300). As the
given flux values from data sheets vary, the flux during filtration was set to 37 L/(m2 h). Since
modified lab scale modules were compared to industrial scale commercially available
membranes, the module length differed.
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Figure 18: MgSOa rejection over permeability for the membrane developed in this work compared to NF
membranes from different manufacturers; data for the commercially available NF flat sheet membranes

were derived from the manufacturer’s data sheets; the circle marks the membrane NF 270, which was
further used for comparison

Results in Figure 18 show, that due to the modification, rejection of the LbL modified
membrane is in the range of commercially available NF membranes. Hereby, the rejection for
MgSOQs is a little lower (approximately 92 % instead of > 95 %), while the permeability is
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higher (approximately 15 L/(m? h bar) instead of 13 — 3 L/(m2 h bar)). As the permeability of
the uncoated membrane was between 800 — 1000 L/(m? h bar) and hardly any MgSOQa rejection,
the applied LbL layers clearly altered the separation characteristics, showing a successful
modification.

Figure 19 gives an overview of the performance of the modified membrane used in this work
compared to some other LbL modified membranes. The displayed results are limited to the
modification with the PE pair of PDADMAC/PSS tested with MgSOs solution. The list of
membranes is not complete, as the research interest in LbL modified membranes is growing. In
this work, coated membranes have a good performance, as they have a rather high rejection rate
at a high permeability. However, next to the differences of support material and coating
conditions, it is important to note that the performance data of the LbL modified membranes
might differ due to the different process parameters during filtration. These can influence CP
and therefore, the resulting rejection and permeability. Displayed data and filtration parameters
are summarized in Table 3.
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Figure 19: MgSO4 rejection over permeability for membranes from different research groups; data are
derived from publications; process parameters are listed, if given, in Table 3
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Table 3: Operation parameters during permeability and MgSO4 rejection determination of different work
groups (displayed in Figure 19), n.s.: not specified

Flow Re Virgin No. of lonic st.rength MgSOs feed
TMP . numbe membrane coating .
regime . DL . concentration
r material solution
/ bar /- /- /- /- / mol/L / mg/L
2 0.5
8 0.1
[104] 35 Turb. ~ 3000 PES 12 01 602
16 0
35 Turb. ~ 3000 Monolith 6 0.1
Stirred 5 1
[16] 5 (600 n.s. PES 5 500
rpm) 5 1.5
4 0.2
[112] 1.7 n.s. n.s. pPSf 6 0.2 722
PES 2 0.5
[110] n.s. Turb. 3500 SPES 3 0.5 602
[14] 25 Lam. n.s. PES 8 0.1 125
[17] 25 Lam. ~ 200 PES n.s. 0.1 600
\Tvzlrsk Turb. 5300 PES 8 0.1 2000

To examine the reason for the lower rejection and higher permeability compared to
commercially available NF flat sheet membranes, the MWCO and zeta potential were
determined and compared to the membrane NF270 (marked with a circle in Figure 18).
According to the various displayed membrane manufacturer’s data sheets, it is the membrane
with the highest permeability of about 13 L/(m?2 h bar) and a MgSQOas-rejection of > 95 %.

The MWCO for the LbL modified membrane and the NF 270 were derived from LC-OCD data
with a feed mixture of PEG with different MW (200, 300, 400, 600, 1500 and 6000 Da), which
is displayed in Figure 20 A and B. Dotted grey lines show the relative occurrence, at which the
different PEG MW reach their single peak maximum. Both filtrations were carried out in
crossflow at similar Reynolds (Re) numbers (section 3.4).

The LbL modified membrane shows a peak, which starts to increase at a relative elution time
of approximately 0.65. The peak shows its maximum at a relative elution time of approximately
0.8 with a peak maximum of approximately 0.2. Even though the permeate curve approaches
the feed curve, it does not overlay until the baseline is reached. The NF 270 membrane,
however, already shows a signal response with a peak at a relative occurrence of about 0.45.
From 0.6 onwards a second peak occurs, which reaches a maximum with a relative signal
intensity of approximately 0.3 at a relative elution time of 0.85 and then approaches the feed
curve and overlays from a relative elution time of approximately 0.9. Figure 20.C shows the
calculated rejections at each relative elution time. From those data the MWCO can be estimated,
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showing that the LbL modified membrane has a
commercially available NF270 (~300 — 400 Da)

lower MWCO (<

300 Da) than the
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Figure 20: MWCO determination of the LbL modified membrane and the NF 270 as commercially available
alternative; A) LC-OCD analysis for the filtration of a PEG mixture with different MW for the LbL
modified membrane and B) the commercially available NF 270 flat sheet membrane; filtration parameters:
Jw =35 L/(m2 h), Re = 900, WCF < 10 %, crec =5 mg/L; C) PEG rejection at each point of relative runtime
for both filtered membranes and the resulting MWCO

Based on the permeability and MgSQOs rejection, the lower MWCO of the LbL coated
membrane is unexpected. The higher water permeability can be explained by the structure of
the membrane. The NF 270 membrane is a composite membrane consisting of two polymers in
a solid state. However, the LbL modified membrane consists of the solid support structure
(original UF membrane), while the coated PEM is rather a gel-like film above the membrane
pores. This film is hydrated in contact with water [84], and thus, contains void water throughout
the film, which allows a higher water transport. However, the formed PE structure is still dense
enough to achieve a low MWCO.
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Despite the modified membrane’s smaller MWCO, the MgSOas rejection is lower. Therefore, a
factor other than the MWCO plays an important role during divalent ion rejection. The zeta
potential leads to repulsive forces between ions and the charged membrane surface during
filtration. It is displayed for two identically LbL coated membrane samples in Figure 21. At
high pH values, the zeta potential is negative but reaches the IEP at a pH of approximately 7.
For pH values below the IEP, the zeta potential shows positive values. This is in general
agreement with the literature, where the LbL modification leads to less negative and even
positive zeta potentials [81]. However, the zeta potential differs compared to the same
membrane / PE composition reported by Dillmann et al. (2020) [14], which is attributed to the
longer adsorption time and a higher uptake of PDADMAC during modification. The NF 270
conversely, has a negative zeta potential of about -20 to -30 mV at pH 7 [113,114], and thus,
induces higher repulsive forces on S04,

30

< Membrane A
-A- Membrane B

s gid &

= 3

= A

—— b8

= N&

510

o

a, A

s

L

N 0 A <A

pH/-

Figure 21: pH dependent zeta potential for the 8 DL modified membrane measured with the streaming
potential method

4.3 Influences on the membrane performance

4.3.1 lonic strength of a solution in contact with the PEM

As the LbL modified membranes show high rejection for certain ions during filtration, the ionic
strength of the feed solution increases towards the module outlet. Thus, contact of PEM with
solutions containing high ionic strength is expected, especially at high WCF. Therefore, one
aim of this work was to investigate the extent to which counter ions of a surrounding solution
could obstruct the intrinsic charge compensation of the PEM and how it may affect the filtration
performance. To do so, first MgSOas rejection and permeability were determined, then the
membrane was immersed in ion solutions with increasing concentration. In between each
concentration increase, rejection and permeability were again determined to evaluate changes
in membrane performance (detailed procedure see section 3.4).
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For each ion solution, one new membrane was used. Table 4 gives the initial values for
permeability and MgSOa rejection of the membranes for the respective immersion solution
listed. All initial values show a good performance with rejections around 90 % for MgSO4 and
permeabilities between 10-14 L/(m2 h bar) at a reference temperature of 25 °C.

Table 4: Permeability and MgSOa rejection initial values of membranes for the respective type of ions after
coating and immersion in DI water; filtration parameters: Jw = 35-40 L/(m2 h), ucs = 1 m/s, WCF < 10 %,
Cmgsos4 =1.04 mM, n=2

lons in immersion solution Permeability / MgSOs-rejection /
L/(m2 h bar) %
NaCl 10.9 +/- 2.44 86.5 +/-1.37
MgCl, 14.6 +/-1.17 94.3 +/-0.02
Na2SO4 14.3 +/-0.48 94.4 +/-0.15
MgSO4 13.5 +/-1.72 89.4 +/-5.17

Figure 22 A shows relative values for the permeability versus the increasing ionic strength of
the immersion solution. The relative rejection rates for MgSQO4 after immersing the membranes
in different ion solutions are displayed in Figure 22 B. All relative values are related to the
initial value after coating and immersion in DI water as listed in Table 4.

To further evaluate the influence of counter ions on the PEM structure and separation limit,
immersion experiments for MgSO4 and NaCl were performed analogously with the PEG
mixture instead of MgSQg as the feed solution. Figure 23 shows LC-OCD feed and permeate
curves for the PEG mixture after immersion in 10 mM, 200 mM, and 400 mM ionic strength of
MgSOs4 (A-C), and NaCl (D-F). To relate the occurrence of the single PEG peaks to the relative
elution time, those peaks are displayed together with the PEG mixture in Figure S 1.
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Figure 23: LC-OCD analysis for the filtration of a PEG mixture after immersion in MgSO4 (A-C) and NacCl
(D-F) at different ionic strengths; filtration parameters: Jw = 35-40 L/(m2 h), uc¢s = 1 m/s, WCF < 10 %,
crec =5 mg/L,n=2

In general, results show that the influence on the membrane performance depended on the type
of anion of the surrounding solution and the respective ionic strength. When CI- was present as
a counter ion in the solution, membranes immersed in both MgClI. and NaCl showed differences
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in performance with increasing ionic strength (Figure 22). The MgSOs rejection decreased from
a certain ionic strength, while the permeability of the membrane increased. Regarding the
cations present in those solutions, it can be seen that the decrease in rejection and increase in
permeability started to occur at a lower ionic strength (I = 100 mM) when Mg?* was present
compared to Na* (I = 300 mM). Alternatively, the decrease in rejection was not as severe and
stabilized earlier in the presence of Mg?* as compared to Na*.

After immersing the membranes in ionic solutions containing NaCl (Figure 23 A-C), the peaks
of the permeate curve increased with increasing immersion concentration. The MWCO already
shifted towards higher MW PEG after immersion in a solution containing NaCl at an ionic
strength of 200 mM and increased even further at an ionic strength of 400 mM. Here, even a
high passage of PEG with a molecular weight of 1500 Da was detectable.

As described earlier, the interaction within the PE film of LbL modified membranes is based
on electrostatic effects between the PE (intrinsic charge compensation) and the interplay of PE
and counter ions in solution (extrinsic charge compensation). Several studies addressed the
influence of ionic strength on PEM formation and film build-up. It is generally stated that higher
counter ion concentration during assembly of the PE film leads to more loopy and coiled PE
formation, and thereby, to thicker and less dense film structures [19,81,89,91,115,116]. The
response of already assembled PE on extrinsic ions is much less studied. One effect reported is
the swelling effect of PEM when in contact with different ions. Here, the thickness of the PEM
changes with changes in ionic strength of the surrounding solution [117]. This effect is again
mostly attributed to the doping of salts into the structure and overcompensation of intrinsic by
extrinsic charges. These effects lead to an uptake of water [90] and generally result in a more
open layer structure [83,85]. Thus, the observed changes in the membrane performance can be
attributed to the swelling response of the PEM on the counterions in solution. The film becomes
less dense after immersion in increasing ionic strength, resulting in a higher MWCO and lower
MgSOs rejection. This observed impact of PEM swelling on membrane performance is, to the
author’s knowledge, not yet reported.

Although SO4% is a divalent ion and has a higher charge density, trends could not be seen when
the modified membranes were immersed in solutions containing SO4> as an anion. MgSO4
rejection and permeability remained stable throughout the whole tested ionic strength region,
for both cations, Na* and Mg?* (Figure 22 B). It even remained similar for much higher ionic
strengths, as displayed in Figure S 3. In addition, immersion of the membranes in MgSO4
(Figure 23 D-F) did also not lead to a substantial change in MWCO for the regarded ionic
strengths.

Literature states that in addition to the ionic strength, the type of ions present during assembly
also affects the PEM formation [91,92,116,118]. It was shown that PE tend to form a more
loopy structure which results in rougher and thicker PEM films when large, highly polarized
ions with smaller hydration shells — known as chaotropes — are present [92,93]. This effect is
attributed to the high charge screening and doping effect of chaotropic salts, resulting in less
charge compensation between PE layers. The counterpart (kosmotropic salts) have the opposite
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effect and lead to fewer disruptions between polymers [119]. That the filtration behavior
remains unaffected, can, thus, be attributed to the kosmotropic nature of SO4%.

MgSOs rejection was still stable after immersion in 200 mM NacCl, although the rejection for
larger PEGs decreased (Figure 23). It indicates that the MWCO of the membranes is not the
only rejection mechanism for MgSOs. Figure 24 shows zeta potential measurements for
membranes after immersing in different ionic strengths of NaCl and MgSOas. Immersion in
200 mM NacCl caused a shift of the zeta potential towards positive values. This is attributed to
the higher mobility of PDADMAC when counter ions enter the PEM structure. Excess
PDADMAC then rises to the surface as shown by Reurink et al. (2018) and Fares et al. (2015)
[83,120], leading to a more positive zeta potential. This shift towards less neutral values seems
to have had an effect on charge interaction, leading to higher repulsive forces towards Mg?*.
This might, to some extent, compensate for the higher MWCO of the membrane.

After immersion in 400 mM NaCl, the zeta potential decreased towards negative potentials,
which indicates a partial decomposition of the PEM. The concentration of external ions then
fully overcompensated internal charge interaction, emitting excess PDADMAC into the
solution. As a consequence, PSS again dominated the outermost PE layer and zeta potential. At
this point, though, the MWCO shift was too severe to be compensated by the electrostatic
repulsion of SO4% by the membrane.

The zeta potential of membranes immersed in MgSOa (Figure 24 B) was not severely influenced
by the counter ions, supporting the described results.
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Figure 24: pH dependent zeta potential for LbL modified membranes after immersion in A) NaCl and B)
MgSOs at increasing ionic strength, measured with the streaming potential method

Overall, these results show that the membrane performance can be influenced when higher
concentrations of counter ions are present in the surrounding solution. Subsequently, this
influence is dependent on the type of counter ions and ionic strength of the solutions. Solutions
containing CI" had a greater impact on the membrane performance in regards to MgSO4
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rejection and permeability than solutions containing SO4?". For NaCl, a swelling effect induced
by an overcompensation of intrinsic by extrinsic charge compensation, shifted the MWCO
towards higher PEG MW. This, furthermore, led to a higher passage of larger molecules, also
resulting in a decrease in MgSOs rejection. Results even indicate a partial dissolution of the
PEM at very high ionic strength. However, PEM structure remained unaffected in the presence
of MgSQs4 as counter ions. This indicates that SO4% does not interact with PE within the film,
which can be attributed to the kosmotropic nature of the anion.

The rejection rate of LbL membranes is generally much higher for divalent ions like sulfate
compared to monovalent ions (see section 4.7). Therefore, during a treatment process, there is
a higher risk for the membrane to be exposed to these ions instead of monovalent ions. The high
oceanographic salinity range lies between 0-40 g/kg [121] (ionic strength of approximately O-
80 mM calculated from [122])). Thus, the considered ion concentrations in the immersion
solutions were higher than it is expected for typical source waters for drinking water
application. Still, the source water quality in terms of ion concentration and composition of the
raw water, as well as CP along the process has to be taken into account when regarding PEM-
modified membranes for treatment.

4.3.2  Concentration polarization

The following chapter describes the impact of concentration increase in the feed on membrane
performance. Here, a concentration increase of the feed bulk stream along the membrane
occurs, together with a concentration increase through the laminar boundary layer (section 2.7).
To clarify the different concentration increases, the concentration increase of the feed bulk
along the membrane is referred to as up-concentration (cri/Cro) whereas the concentration
increase through the laminar boundary layer is referred to as CP.

4.3.2.1 Influence of CF velocity

First, the influence of different CF velocities on ion rejection was studied in the lab scale plant
Therefore, filtration was successively performed at different CF velocities, using MgSOs as
model ion solution. Changing the CF velocity leads to changes in volume flows. As permeate
flow remained stable due to a stable flux, the feed flow at the module inlet and retentate flow
volumes adapted to the CF velocity.

To better understand the impact of different factors, the filtration process was furthermore
modeled with the open-source modeling and simulation environment “OpenModelica”. Details
of the modeling are explained in section 7.9. In section 7.13 an exemplary code for one CF-
velocity is displayed.

First, the influence of CF velocity and respective Re number on the MgSOa rejection of single
segment lab scale modules is displayed in Figure 25. Additionally, the ratio of permeate to feed
flow rate (Q,,/Qy,in) is displayed, which is not a set parameter but adapts as described above. It
shows that the performance of the single segment lab scale membrane was clearly influenced
by flow conditions. Especially in the lower range of the selected CF velocities (< 0.2 m/s), a
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decrease in velocity led to a severe decrease in observed MgSOa rejection. At higher CF
velocities, the observed rejection increased but reached a plateau of about 93 % during laminar
flow. By increasing the CF velocity to turbulent flow the measured rejection reached even a
rejection of 95 %, which was further used as the internal rejection for modelling. The modeling
for the process (line in Figure 25) is in good agreement with the experimental data.
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Figure 25: Observed (rhombus, triangle) and modeled (line) MgSOs-rejection at different CF-velocities and
the resulting Qp/Qx.in ratio; filtration parameters: Jw = 30-35 L/(m? h), cro = 1.04 mM MgSOs; assumed
parameters for modeling: Jw = 32.92 L/(m?2 h), Rint = 95 %, kw = 12.09 L/(m?2 h bar)

Changing CF velocity leads to several changes in process conditions. First, increasing CF
velocity leads to a decrease in @,/ Q. This results in a higher dilution effect within the feed
bulk stream, so that cxi/cro along the membrane length is more severe at lower CF velocities.
Additionally, CP increases with increasing laminar layer thickness as a result of decreased CF
velocity.

Based on the good agreement, the model was used to further separate and evaluate the impact
of these factors — CP and ct,i/cro — on the membrane performance. Values for both are shown
exemplarily for a middle segment of the membrane and membrane outlet in Figure 26 A-B.
Additionally, the resulting calculated concentrations in the feed bulk solution and at the
membrane surface, again for the middle section of the membrane and the membrane outlet, are
displayed in Figure 26 C-D.

Figure 26 A and B show that the concentration building up through the laminar boundary layer
(CP) is much higher compared to the up-concentration along the length (cti/cto). In addition to
this, CP increases with decreasing CF velocity in the whole regarded range, whereas cx,i/Cto
only shows an increase from approximately < 0.2 m/s at the membrane outlet and is barely
affected at the membrane mid-section. The higher influence of CP is also reflected in the
concentrations at the membrane surface and in the feed bulk solution (Figure 26 C-D). The low
crilcro only leads to a comparatively small increase in concentration within the feed bulk
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solution. However, at low velocities, where the laminar boundary layer thickness is

comparatively high, resulting CP values have a major impact on the feed concentration at the
membrane surface.

Overall, the model data shows that CP is the dominating factor for the observed rejection
decrease. On one hand, the feed concentration increase through the laminar boundary layer is
much more pronounced, which on the other hand also amplifies the impact of ct,i/cto. Thus, the
superimposition of cxi/cro and CP leads to overall surface concentrations which are more than
3 times at the mid-section and even more than 6 times higher at the membrane outlet.
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Figure 26: Model values for the concentrations in the feed bulk solution and at the membrane surface, and
CP and cf,i/cto at different CF velocities for A) and C) a middle section of the membrane and B) and D) at
the membrane outlet respectively; assumptions: Im = 0.27 m, Jw = 32.92 L/(m? h), Rint = 95 %,
kw = 12.09 L/(m2 h bar), cro = 100 mg SO+ /L

Figure 27 displays the rejection and measured permeability of two membranes when completely
switching from CF to DE operation. It can be seen that the rejection, which was about 93 % in
CF mode, decreased drastically to about 10-30 % within approx. 10 min after switching to DE
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operation. At the same time, the measured membrane permeability decreased from
approximately 11 L/(m2 h bar) to less than 10 L/(m?2 h bar).

15 100
1oL eN00 06 N EEE—
| 0o Dead End
g12 4 O ° 80
o =
= ’F‘D%%D 8
NS 1 =]
Eol e e
— 3]
N Crossflow ° o= EID ) .%
= 6 - o %, 40 4
g O Permeability A %o " 2
g | . @ 2%0,,
E ; O Permeability B > 20 =
& 7| &MgSO04 Rejection A OOOOOO
1| ©MgS04 Rejection B &
0 T T T T T T 0
0 5 10 15 20 25 30

Runtime / min

Figure 27: Permeability and observed MgSOs rejection of two membranes, when switching from CF to DE
operation; filtration parameters CF: Jw = 30 L/(m2 h), ucs= 0.6 m/s, WCF < 10 %, cf,0 = 1.04 mM MgSOy;
filtration parameters DE: TMP = 2.6 (A) / 3.0 (B) bar, WCF = 10 %, cf,0 = 1.04 mM MgSO4

Both effects can be attributed to the increase in MgSO4 concentration over time within the
module capillaries due to the partial rejection. It directly led to the decreased observed rejection
as well as decreased permeability due to increased Aposm. FOr extended runtimes, the observed
rejection is expected to even decrease further so that the permeate concentration approaches
concentrations at the inlet. That the observed rejection here plateaus at a certain rejection, is
rather attributed to the experimental setup itself than to the rejection behavior of the membrane.
The conductivity measurement was installed in a flow-through cell. The volume of the cell was
greater than the conductivity meter itself so a dilution process took place within the cell, which
led to a less abrupt permeate concentration increase.

Overall, the results show that for a sufficient MgSQOs rejection, the membranes have to be
operated in CF with a sufficient CF velocity. This velocity can vary depending on boundary
conditions such as membrane geometry.

4.3.2.2 Influence of membrane length

Although comparatively short membranes were used, modeling results already show the impact
of the membrane length on the different feed concentrations. For ct,i/cro, the difference is mainly
visible at low crossflow velocities due to the increasing Q,/Q,;. However, at CF velocities of
> 0.1 m/s (Qp/Qf,; < 10 %), the effect can nearly be neglected. However, the impact of the
membrane length on CP is already clearly seen throughout the whole regarded CF-velocity
range. For instance, at the same velocity of 0.1 m/s, the concentration at the membrane surface
at the module outlet is still about 17 % higher than it is in the membrane middle section, and
overall, about 110 % higher than it is in the feed bulk solution at the membrane inlet.
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To further evaluate the performance of longer membranes, fibers were potted into segmented
modules with similar segment lengths (approximately 30 cm). The permeate of each segment
was collected separately and used for further analysis. As repetitive potting and coating of the
membranes and their reproducibility was challenging, the displayed values are obtained from
one membrane module only. Figure 28 displays the observed MgSOs rejection for the four
membrane segments (S1 — S4 stand for the segments from the membrane inlet to the membrane
outlet respectively) at the different CF velocities (measured at the membrane outlet). The
theoretical model was adapted to the length and segments. Modeling results are additionally
displayed in Figure 28, where the right diagram shows an enlarged section.
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Figure 28: Influence of CF velocity and membrane length on observed MgSOs rejection; Lst =0 - 0.3 m,
Lss > 0.3 - 06 m, Lss > 0.6 - 09 m, Lssa > 0.9 — 1.2 m; Filtration conditions: Jw = 35 L/(m? h),
cto = 1.04 mM MgSOg; assumptions for modeling: Jw = 35 L/(m?2 h), kw = 11 L/(m? h bar), Rint = 93 %

The general trend of decreasing observed rejection with decreasing CF velocity was again seen
for all segments. Besides the CF velocity, results in Figure 28 clearly identify the membrane
length as another major impact on the membrane performance. Overall, the observed rejection
decreased with increasing membrane length (Rs:1 > Rs2 > Rs3 > Rss4). While at higher CF
velocities observed rejection is only slightly lower at the outlet of the membrane compared to
the inlet, the difference substantially grows with decreasing CF velocity from < 0.5 m/s
downwards. Thus, although lab scale experiments indicated a stable process at a CF velocity
of 0.2 m/s and higher, these results show that a decrease in observed rejection already occurred
earlier. At very low CF velocities, observed rejections at the outlet of the membrane (Rss) even
only reached approximately 20 %, which could not have been derived from the short lab scale
membrane modules alone. Therefore, conducting experiments with membrane modules at
commercially desired lengths is essential to fully evaluate rejection behavior and performance,
as also already proposed by Junker et al. (2021) [123].

The model was overall again in good agreement with experimental values for different CF
velocities at the different segments (Figure 28). The only deviation observed was at a very low
CF velocity of 0.01 m/s. Here, the calculated CP is highly overestimated, giving incorrect

60



Results and discussion

rejection rates. Therefore, model values are only displayed within reasonable limits.
Nevertheless, it was again used for the estimation of CP, cx,i/cf,0, and the resulting concentrations
within the feed bulk solution (c) and at the membrane surface (cms). Figure 29 shows respective

values along the membrane length for two exemplary CF velocities.

0 0.5 1
Membrane length / m

A B
4 4
3 ) 00
CP(0.15 m/s) )
- ) -
- 5 ¢, (0.15m/s) -
=11} 'ms .
= 300 - .
! CP (0.5 m/s) = -
[ 2 . E
- :3_ é ¢ (0.5 m/s)
i Cri/Cpy (0.15 m/s) £ 200
- o
| 4 —mmmimari=tis L e 5 ¢ (0.15 m/s) _
I O o ) 2
11 e e
Cilcio (0.5 m/s) ¢y, (0.5 m/s)
0 0

0.5 1
Membrane length / m

Figure 29: Influence of membrane length on A) CP and cti/cto and B) concentrations within the feed bulk
solution (cm) and at the membrane surface (cms) at two exemplary CF velocities ; modeling assumptions:
Jw=35L/(m2h), kw=11 L/(m?2 h bar), Rint =93 %

Similarly for the membrane length, the influence of CP is much more pronounced than ct.i/Ct.o.
For the higher CF velocity of 0.5 m/s, CP increases along the membrane length up to > 1.75 at
the membrane outlet (L = 1.2 m). On the contrary, c.i/Cso is also influenced, but only increases
less than 10 %. However, both values combined already led to more than twice the
concentration at the membrane surface at the outlet of the membrane compared to the feed bulk
inlet concentration.

Lowering the CF velocity to 0.15 m/s potentiates the influence of the membrane length. In
addition to high CP values (~ 3 at the membrane outlet), cti/cto increases to approximately 1.4
towards the end of the membrane. This could again not be derived from lab scale setup, as
crilcro was nearly negligible (Figure 26). Both parameters when combined, exceed
concentrations at the membrane surface of > 400 mg/L at the membrane outlet, which is more
than 400 % of the feed bulk concentration at the membrane inlet. As the concentration at the
membrane surface is not directly measurable in an industrial setup, there might be a high risk
to underestimate the impact of CP.

Besides lowering separation efficiency, these much higher concentrations at the membrane
surface increase the risk of oversaturation and precipitation. While high cti/cto would lead to
the precipitation of salts within the feed bulk solution (homogeneous scaling), high CP increases
the risk of heterogeneous scaling, so precipitation and crystal formation on the membrane
surface. The influence of heterogeneous scaling is more severe, as crystals are not suspended
within the feed solution and eventually discharged with the retentate, but remain at and block
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the membrane surface. So, as CP is identified as much more severe, preventing overall scaling
becomes even more important.

4.3.2.3 Effects on MWCO

To evaluate the influence of CP on other dissolved substances than ions, filtration was repeated,
this time with the mixed PEG solution. The experiments were conducted in analog to MgSO4
as feed solution, using the lab scale modules with a membrane length of 0.3 m. Figure 30 A
shows LC-OCD analysis for feed and permeate of one membrane at different CF velocities.
Figure 30 B adds calculated rejections for each rel. elution time and relates rejections to the
PEG MW and thus, the resulting MWCO. As the feed analysis of the duplicate of the
experiment was measured slightly differently, it is separately displayed in Figure S 2.
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Figure 30: A) LC-OCD analysis and B) rejection for filtrations of a PEG mixture with MW at different CF
velocities; filtration parameters: Jw = 35 L/(m? h), Q,,/Qj,in < 20 % (compare Figure 25), crec = 5 mg/L

Results show that the CF velocity also affected the rejection of uncharged dissolved substances.
Permeate peaks increased with decreasing CF velocity, which is again attributed to CP. The
calculated MWCO changes accordingly. At 0.2 m/s, the calculated MWCO is at 240 Da,
increasing to 260 Da at a CF velocity of 0.065 m/s and 290 Da at a CF velocity of 0.04 m/s.
However, these changes in MWCO are relatively small, even though rather low CF velocities
were chosen. Additionally, the beginning, the maximum, as well as the end of the permeate
curve remained similar, which indicates that steric size exclusion was the dominant rejection
mechanism. If PEG with higher MW were rejected due to other interactions, such as van der
Waals forces, it is most likely that the beginning and peak maximum would shift to smaller
relative elution times.

Overall, molecules with a MW of > 400 Da were completely rejected independent of the CF
velocity. In addition, the rejection rate for 300 Da was still > 90 %, even at low CF velocities.
Thus, the membrane shows a high potential for the treatment of waters with elevated
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concentrations of dissolved substances of above 300 Da, like removal of certain micro-
pollutants, NOM fractions, or decolorization.

In summary, experimental and modeling results clearly identify CP through the laminar
boundary layer as the major parameter for separation efficiency, when the target substances
have a MW < 400 Da. Although it is crucial for a successful process operation, managing the
laminar boundary layer can be challenging as long as built-in fixtures are not available for
capillary membranes. Therefore, future research focus should be on managing CP to enhance
the overall process efficiency, especially when targeting small MW substances. As substances
with a MW of > 400 Da were nearly completely rejected for all CF velocities, the membrane
shows a high potential for removal of, for example, NOM, which will be further discussed in
section 4.5.3.

4.4 Hydraulic backwash stability and chemical resistance

441 Hydr. BW stability

The hollow fiber geometry of the membranes allows mechanical cleaning by hydr. BW.
Incorporating this cleaning technique could be a huge advantage of LbL modified membranes
compared to commercial flat sheet NF, as these are usually not mechanically stable enough.
Thus, accumulated substances could be periodically removed from the membrane surface to
restore flux rates.

To test if not only the virgin membrane but also the PEM is stable against hydr. BW, filtration
of LbL coated membranes were was carried out (Jw = 35 L/(m2 h), ucs = 1 m/s, WCF < 10 %)
in the pilot plant with 1 mM MgSQg4 for 25 min. After achieving a stable filtration process, they
were hydraulically backwashed for 2 min. After four BW cycles each, the hydr. BW flux was
increased successively, to evaluate possible changes with increasing mechanical stress.
Displayed permeability and MgSOs rejection were evaluated just before each hydr. BW cycle.
The relative value for permeability and MgSO4 rejection related to values before the first hydr.
BW was conducted are displayed in Figure 31. Values display averages of two experiments
with different membranes.
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permeability: 14.0 +/- 0.3 L/(m?2 h bar), initial MgSOa rejection: 91.5 +/- 0.9 %

Increasing the hydr. BW flux generally led to an increase in permeability, while MgSO4
rejection decreased. For a hydr. BW flux of 40 L/(m2 h), MgSQa rejection decreased slightly
with each hydr. BW cycle. At the same time, permeability remained nearly stable at this hydr.
BW flux, which indicates only a small change within the PEM structure instead of severe
damage to the coating. When increasing the BW flux to 50 L/(m2 h), a slight decrease in
rejection continued, while also a small increase in permeability could be observed. However,
the changes in permeability and MgSOQOas rejection were less than 5 %. Thus, membranes are
regarded as stable up to a hydr. BW flux of 50 L/(m2 h). From a BW flux of 60 L/(m2 h) onwards,
the MgSOs rejection decreased further, whereas the permeability increased. Hereby, changes
occurred step-wise for each increase in the hydr. BW flux. For the 4 conducted cycles each, the
relative values remained more or less stable. This indicates that the PEM structure only
rearranged when increasing the BW flux. After each initial BW, the structure remains stable,
without further internal changes. Only for the highest tested BW flux (105 L/(m2 h)), the
permeability increased and MgSOs rejection decreased with the increasing number of cycles,
indicating an ongoing rearrangement of the PE within the PEM.

To test if the PEM also remains stable for a higher number of BW cycles at BW flux rates
between 35 and 55 L/(mz2 h), filtration was again performed with 1 M MgSQOs and hydr. BW
after 25 min. Instead of increasing the BW flux, the membranes were backwashed for at least
60 BW cycles. Figure 32 shows again the relative values for permeability and MgSOs rejection,
this time for every fifth of 60 hydr. BW cycles at different flux rates.
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Figure 32: Rel. permeability and MgSO4 rejection over the number of BW cycles; Rel. permeability and
MgSOs rejection were related to initial values before the first hydr. BW with the respective BW flux; initial
permeabilities in L/(m? h bar): kw:iswss = 12.4 +-/- 0.5, Kw;swas = 10.8 +-/- 0.7, kw;aswss = 10.9 +-/- 0.6, initial
rejections in %: Raswss = 71.5 -/+ 13.9, Ruwas = 75.8 +/- 7.1, RaBwss = 73.3 +/- 7.6; n = 2

Initial MgSOs rejections values of these membranes were comparatively low, with 70 — 75 %
instead of approximately 90 %. Membranes used for these experiments were usually used for
multiple experimental trials. Sometimes a rejection decrease could be observed when
membranes were stored overnight and then reused. However, relative values for permeability
and MgSOs rejection still only show little fluctuation with the increasing number of hydr. BW
cycles. This indicates a stable process also for a higher number of hydr. BW cycles.

Other studies investigated the stability of PDADMAC/PSS against hydr. BW. Ng et al. (2014)
also observed a change in membrane performance of PDADMAC/PSS coated PES membranes
after back-flushing, which was attributed to conformational changes within the PEM. However,
backflush conditions, like pressure or flux, were not specifically mentioned [16]. Changes in
performance were also observed by Grooth et al. (2015) for PDADMAC/PSS coated PES
membranes at a hydr. BW pressure of 5 bar, where rejection decreased and permeability
increased with each BW cycle. However, when using sulfonated PES (sPES), stability
increased, which was attributed to higher ionic charge interaction between the virgin membrane
material and the PEM when using sPES instead of PES. Therefore, it was concluded that to
achieve mechanical stability, a minimum charge density of the membrane is required [110]. In
contrast to that, several studies did show that it is also possible to modify PES membranes with
mechanical stability to withstand hydr. BW, by adapting the coating process. Instead of just
overflowing the membrane surface, membranes were coated in a dynamic procedure, where
pressure is applied on the feed side of the membrane. The pressure gradient leads to at least a
partial PE flow through the membrane during coating, which increases adsorbed PE mass and
leads to an improvement of the hydr. BW stability [14,17,109].

Thus, literature shows that hydr. BW flux and interaction between the virgin membrane and
PEM both have an impact on hydr. BW stability. To enhance PEM — membrane interaction, the
virgin membrane was first coated with PE with a smaller MW than the membrane’s MWCO to
promote pore dominated PEM formation (section 4.1, [96]). This initial coating, referred to as
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the contact layer, was introduced to increase the membrane area covered with PE and thereby,
enhance surface charge for the overlaying 8 DL (Figure 33).

8 DL high MW PE molecules
\_/\—____—x/-

"_\} 1 DL low MW PE molecules

Membrane | :( > Membrane

Figure 33: Scheme of the layering location of low and high MW PE on the membrane surface

Hydr. BW stability tests were conducted similarly to the membranes without the initial contact
layer, with a filtration of 25 min before each hydr. BW. Hydr. BW flux was again increased
after 4 BW cycles. Figure 34 shows the relative values for permeability and MgSOQa4 rejection
related to values before the first hydr. BW, but this time for the membrane with the initial
contact layer. Values display averages of two membranes.
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Figure 34: Rel. permeability and MgSO:s rejection over the increase of hydr. BW flux for membranes with
a contact layer; rel. permeability and MgSOa rejection were related to initial values without hydr. BW;
initial permeability: 15.3 +/- 0.6 L/(m? h bar), initial MgSOs rejection: 88.5 +/- 0.1 %, n =2

Membranes with an additional DL of low MW PE showed a similar general behavior as the one
without the contact layer (compare Figure 31). The performance was stable for hydr. BW flux
rates up to 50 L/(m2 h) and even showed less decrease than the membrane without the contact
layer. However, increasing the BW flux to 60 L/(m?2 h) led to an increase in permeability and a
decrease in observed MgSOas rejection, which grew step-wise with each increase in hydr. BW
flux. In general, the values for these membranes fluctuated a little more within the four
conducted cycles for each BW flux, but apart from a BW flux of 105 L/(m?2 h), values again
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seemed to stabilize. The relative observed rejection was a little more stable than withouth the
contact layer. However, overall, implementing a contact layer did not show a major stability
improvement.

Despite the additional DL of low MW PE, the initial value for permeability was higher, while
the initial MgSO4 rejection was lower. As both membranes investigated were not used before,
changes in PEM conformation, for example, due to storage, can be excluded. Therefore, the
difference in initial performance can be attributed to the PEM structure and conformation. PE
with a lower MW have a higher diffusion rate and therefore, higher mobility throughout the
PEM structure during the layer build-up [124,125]. A higher mobility of PE throughout the film
usually leads to thicker PEM conformation [126]. Lyu et al. (2017) showed that the first coated
layer influences the whole of the overall adsorbed film mass, thickness, and stiffness, dependent
on the used type of PE and MW of the initial coated layer [127]. Thus, results and literature
indicate that the initial layer of small MW PE led to interdiffusion of initially coated PE through
the resulting PEM leading to slightly different membrane properties. As the total rejection rate
of membranes was worse without major improvement of BW stability, the effort to adapt the
coating process to include an initial layer of small MW PE does not seem justified.

4.4.2  Chemical stability

To enhance the hydr. BW efficiency, chemicals can be added, so-called chemical enhanced
backwash (CEB). Different chemicals are used depending on the foulants expected on the
membrane or within the membrane structure, such as acidic and caustic solutions, as well as
oxidizing chemicals [13].

To test the stability against potential CEB solutions, membrane filtration was first carried out
in the lab scale plant with 1 mM MgSOa in CF (Jw = 35 L/(m? h), ues = 1 m/s, WCF < 10 %) to
determine permeability and MgSOs rejection after coating. Then, 100 mL either H:PO4 (pH 2)
or NaOH (pH 12) were filtered and membranes were stored in it for either 15 min or overnight.
Additionally, filtration was performed with 100 mL EDTA solution (0.01 M, pH was adjusted
to 11 using NaOH) and stored in it overnight. 15 min was chosen to simulate a rather long but
still realistic soaking time during an industrial process, whereas storage overnight aimed to
investigate the long-term stability of PEM against the respective solution. After immersion,
membranes were rinsed with DI water and filtration was again performed with 1 mM MgSO4
solution in CF to determine the possible effects of the solutions on the membrane performance.
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Figure 35: Permeability and MgSOu rejection for 8 DL coated membranes filtered and stored in different
cleaning solutions, n = 2

Both parameters — permeability and MgSOs4 rejection — remained at a similar level for all
solutions and all simulated soaking times. As PDADAMAC/PSS are both strong PE, functional
groups are pH-independent [73], leading to good stability against the cleaning solutions which
agrees with previous research [109,128]. PE layers retain their electrostatic interaction and thus,
allow the application in a wide pH range, even reported in extreme pH ranges (< 2 and
> 12) [79,109,128]. Overall, the pH tolerance between pH 2 and 12 is even higher than
recommended for most commercially available NF polymer membranes (pH 2.5 — pH 11 [13]).

Generally, the presence of divalent cations increases fouling of NOM during membrane
filtration. On one hand, screening of the NOM functional groups interrupts electrostatic
repulsion effects. This leads to easier adsorption of NOM on the membrane surface [129]. On
the other hand, Ca?* and Mg?* lead to the aggregation of NOM molecules in solution, again
enhancing membrane fouling [130]. EDTA is a chelating agent with a high affinity for metal-
EDTA complexes [131], as well as strong complexes with Ca?* [132]. Because of the strong
interaction of those divalent ions with NOM, EDTA at high pH can be used for the combined
removal of organics and inorganics, as well as biological fouling [13]. As the membranes show
good stability even after several hours, EDTA can be used in addition to the wide pH range,
which, unlike the pH effect, has not yet been reported as per the author’s knowledge.

Furthermore, the high tolerance combined with the hydr. BW stability bears the opportunity not
only for chemical cleaning in place (CIP) but also for regular CEB. Conducting a CEB instead
of a CIP would be beneficial, as soaking times are usually relatively short and it is mostly
conducted under ambient temperature. In contrast to that, a CIP is usually conducted at elevated
temperatures [133] and requires longer cleaning times of 1 — 2 days, where the plant process is
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disrupted [13]. Overall, CEB shows fewer process interruptions and can be implemented
regularly in the plant operation, already preventing excessive fouling, instead of just reacting
accordingly [133].

4.5 Fouling

Fouling occurs during membrane processes due to the accumulation of substances on the
membrane surface, as already described in section 2.6. It has the most drastic impact on flux
decline, but can also affects separation efficiency or membrane properties (i.e. zeta potential,
pore size, or hydrophilicity) [44,134,135]. To observe the impact of fouling on the performance
of the LbL modified membranes, they were first filtered with 1 mM MgSOa in CF (uct = 0,4 m/s,
Jw = 35 L/(m2 h), WCF < 10 %) to determine the initial separation characteristics of the
membrane. After rinsing the plant, filtration was carried out with different fouling solutions.
More detailed information is listed in section 3.4. After the fouling experiment, membranes
were first rinsed to remove loosely bound fouling substances and again 1 mM MgSOs in CF
(uef = 0,4 m/s, Jw =35 L/(m2 h), WCF < 10 %) was filtered to determine possible influences on
separation characteristics. Experiments were conducted at room temperature but were related
to 25 °C for evaluation.

45.1 Particle fouling

To evaluate the fouling induced by particles in water, a kaolin solution (ASP G90, BASF
Germany) was prepared and used as feed during filtration (section 3.4). Figure 36 A shows the
permeability over the runtime of the DE filtration, whereas Figure 36 B shows the permeability
and MgSOs rejection during the CF filtration with MgSOas before and after the fouling
experiments.
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Figure 36: Influence of particle fouling on the membrane performance using ASP G90; A) Permeability
during the DE filtration; ¢t = 1 g/L, TMP = 3 bar; B) Permeability and MgSOs rejection during the CF
filtration with MgSO4 before and after the fouling experiment, ucs = 0.4 m/s, Jw = 35 L/(m?2 h); WCF < 10 %,

n = 2For both tested membranes, the permeability decreased with the particle model solution
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with increasing filtration time. The Fwd.-Flush with DI water after the fouling experiment could
remove most of the fouling, as permeability increased to nearly the same value as before the
fouling experiments. The MgSQg rejection also reached similar values after fouling as before.
Thus, particle fouling did only show a mild impact on filtration characteristics.

However, the concentration of 1 g/L that was employed led to a very high turbidity of
> 10 000 NTU. Therefore, the particle load during filtration is much higher than usually
expected in raw waters for drinking water. Preliminary experiments with 0.34 and 30 NTU did
nearly not show any measurable influence on permeability, even though particles were rejected
completely by the membrane. Thus, the formation of a fouling layer would be expected, which
would then successively increase the hydraulic resistance. However, particles are mostly target
substances for porous membrane processes with higher initial permeabilities, and at higher
applied flux. The fact that this layer can be removed by a single Fwd.-Flush indicates that the
filtration was conducted below the threshold flux [52]. The hydraulic resistance of this loose
cake layer then has a minor influence on the overall hydraulic resistance, which is dominated
by the PE layer.

In conclusion, it can be stated that the experiments did show good stability and high tolerance
of the membranes against waters with high particle loads. These particles only showed a minor
influence on permeability, could easily be removed, and did not influence the MgSQ4 rejection
after flushing.

45.2  Scaling

As extensively described in section 4.3.2, the laminar flow regime leads to high divalent salt
concentration, for example calcium sulfate, at the membrane surface, increasing the risk for
heterogeneous scaling instead of homogeneous scaling [48,136]. Hence, investigating the
influence of scaling on the membrane surface is necessary to address possible challenges during
operation.

To favor heterogeneous scaling and increase CP, a rather low CF velocity of 0.2 m/s was used
with an oversaturated CaSOs solution (22-23 mM). During filtration, permeate and retentate
were usually recirculated back into the feed tank. However, after each 30 min of filtration,
permeate and feed samples were taken to measure the flux and for further analysis. To prevent
precipitation, the amount of sample needed was directly diluted with DI water and then
analyzed with IC. Parallel to the IC values, conductivity was continuously recorded in feed and
permeate.

Figure 37 A shows the permeability and CaSOa4 rejection during a continuous filtration process
with CaSOa. Figure 37 B shows permeability and MgSOs rejection during MgSOs filtration
before and after the fouling experiment and Fwd.-Flush. All rejections were determined from
IC measurements of sulfate.
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Figure 37: Impact of CaSOa scaling on the membrane performance; A) Permeability and sulfate rejection
during CF filtration with oversaturated CaSOg4 solution; ucs = 0.2 m/s, TMP = 3 bar, Ccasos, t=0 = 22-23 mM;
B) Permeability and MgSOas rejection during the CF filtration with MgSOa4 before and after the fouling
experiment, uet = 0.4 m/s, Jw = 35 L/(m? h); WCF <10 %, n=2

Already at the beginning of the CaSOs filtration, the permeability for both membranes was
approximately 35 % lower than the permeability during MgSOs filtration. The reason for this
was the increased osmotic pressure (Aposm) due to the high concentration of CaSO4. Table 5
shows the estimated Aposm Of the feed solution and the resulting permeability calculated by the
solution diffusion approach from equation 6. As only some assumptions are mentioned, more
detailed calculations are listed in Table S 8. The resulting estimated permeabilities are in the
same range as during the initial MgSO; filtration (Figure 37 B). This confirms Apesm as the
reason for the sudden permeability loss and highlights the severe influence of Aposm on the
operation of the membranes, also affecting the specific energy demand.

Table 5: Estimated Aposm from feed bulk concentration and flow dynamics, and the resulting permeability,

when Aposm is included using equation 6

Variable Unit Value
Concentration feed bulk Cif mol/L 22.2
Concentration permeate Cip mol/L 51
Estimated concentration at the membrane surface  c¢; ., mol/L 28.9
Resulting osmotic pressure ApPosm. bar 1.2
Permeability measured Kw L/(m2 h bar) 8.6
TMP measured TMP bar 3.0
Flux measured Jw L/(m2 h) 25.8
Permeability incl. osmotic pressure Kw,Aposm L/(m2 h bar) 14

71



Results and discussion

Additionally, the permeability decreased with increasing filtration time, indicating the
occurrence of scaling from the beginning of the process onward. At first, the decrease was
small, whereas, after approximately 180 — 200 min, the decrease in permeability became more
severe. The behavior is consistent with previous studies about scaling in NF membranes
[137,138]. Within the first phase, the so-called induction period, nuclei form within the feed
solution or at the membrane surface, which so far have only little influence on the membrane
performance [136]. During the second phase, crystals form on the active membrane area, having
a substantial impact on the permeability [136,138].

The CaSO;s rejection reached values of 70 — 80 %, which is lower than measured rejections
during MgSOs rejection. Although the filtration was conducted at a lower CF velocity, the
severely lower rejection cannot be justified by CP alone. The decrease in rejection can rather
be attributed to the combination of ions used. Also in the literature, the rejection is higher for
Mg?* than it is for Ca®* [81,139], which is attributed to the increased size exclusion of the larger
hydrated radius of the Mg?* ions [81,140].

During the beginning of the filtration, the rejection for both membranes remained stable. After
about 200 min though (black arrow), the rejection started to decrease and continued decreasing
with ongoing filtration time. After about 300 min, rejection reached a value of only 60 — 70 %.
This shows that the more severe scaling is accompanied by a decrease in CaSOs rejection.

After rinsing the capillaries, the permeability of both membranes could again be increased to
nearly the same values as before the scaling experiments. The MgSQas rejection did show a
slight decrease, but not as severe as the decrease in CaSOs rejection during scaling. The good
scaling removal during the Fwd.-Flush suggests scaling formation mainly on top of the
membrane instead of within the membrane structure. However, a small decrease in MgSO4
rejection after the scaling experiment occurs, which will be further addressed in the following
paragraphs.

As the Fwd.-Flush showed promising results to remove scaling from the membrane surface, it
was further investigated if it could be regularly implemented to prevent the occurrence of
scaling. Therefore, a Fwd.-Flush was conducted every 90 min during filtration for 15 min with
feed solution. With this, crystals could be removed regularly during operation, protecting the
overall membrane performance. Figure 38 A shows the permeability and CaSOs rejection
during the operation with Fwd.-Flush conducted every 90 min. Figure 38 B adds the
permeability and MgSOs rejection before and after the fouling experiments.
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Figure 38: Impact of Fwd.-Flush during a CaSO:x filtration; A) Permeability and sulfate rejection during
CF filtration with oversaturated CaSOs solution and regular conducted Fwd.-Flush; ucr = 0.2 mis,
TMP = 3 bar, ccasos,t=0 = 22-23 mM; lines are only for visualization purposes; the black arrow indicates the
induction time from previous experiments without Fwd.-Flush; B) Permeability and MgSOas rejection
during the CF filtration with MgSO4 before and after the fouling experiment, ucs = 0.4 m/s, Jw = 35 L/(m2 h);
WCF <10 %, n=2

Permeability started in a similar range as membranes tested without a regular Fwd.-Flush.
However, the decrease in permeability was less severe in the beginning and remained more
stable until a filtration time of about 320 min. It indicated that the decrease in permeability
could be preserved by the easy method of a Fwd.-Flush. However, after one Fwd.-Flush, at a
filtration time of approximately 340 min, the permeability drastically increased, even exceeding
initial values.

In contrast to the permeability, the CaSO4 rejection did show a similar trend as during filtration
without Fwd.-Flush. The CaSOs rejection also decreased after an induction time of
approximately 200 min (indicated by the black arrow within the diagram). With increasing
filtration time, the rejection also decreased further. After the last Fwd.-Flush, the drastic
permeability increase was accompanied by a substantial decrease in rejection, reaching only a
value of approximately 10 %.

After the scaling experiments and subsequent rinsing with DI water, the permeability was much
higher during the MgSOs filtration than before the scaling experiments. The rejection, in
contrast, decreased severely from approximately 95 % to only 30 — 40 %. Both results indicate
membrane damage during the CaSOs filtration. On one hand, Fei et al. (2020) have shown that
the crystallization of gypsum can, in fact, lead to selectivity and integrity loss. If the separation
layer was thin enough, crystals also grew throughout the active membrane surface during the
separation process, damaging the structure [141]. Because these experiments were conducted
in a pressure retarded osmosis process where scaling also occurs on the support side of the
membrane structure, a direct comparison is not possible. Alternatively, as shown in section
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4.3.1, swelling induced by the ionic strength could also have led to changes in PE conformation
and respective damages. Hereby, crystal formation might not be the main source of damage.

To determine whether the damages originated from the crystal formation or from the high ionic
strength of the surrounding solution, membrane filtration was again performed, this time adding
commercial phosphorus-free antiscalant with 3.9 mg AS/L to the feed stock solution. Figure 39
shows the permeability and CaSOs rejection during the operation with AS-dosage and Fwd.-
Flush every 90 min.
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Figure 39: Permeability and sulfate rejection during an oversaturated CaSOs filtration with AS dosage and
Fwd.-Flush; ucs = 0.2 m/s, TMP = 3 bar, Ccasos, t=0 = 22-23 mM; lines indicate the time of conducted Fwd.-
Flush; the black arrow indicates the induction time from previous experiments w/out AS dosage

With AS dosage and regular Fwd.-Flush the permeability remained stable over the considered
filtration time of the previous filtration experiments. The drastic increase in permeability after
about 340 min from previous experiments with Fwd.-Flush could not be observed. Additionally,
the rejection also remained stable throughout the first 400 min of filtration time. Thus, since the
decrease of rejection did not occur at similar times as in previous experiments (black arrow),
the observed damage most likely originated from defects due to crystal growth throughout the
PE layer and was not caused by extrinsic charge.

Generally, AS reduce scaling probability by prolonging the induction time [142]. To test longer
filtration times, filtration was extended overnight and continued the next day. Figure 40 A
shows results for permeability and CaSO4 rejection throughout the whole filtration experiment.
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Figure 40: Impact of AS dosage on membrane performance during CaSOq filtration; A) Permeability and
rejection during CF filtration with oversaturated CaSO. solution with AS dosage and Fwd.-Flush;
Ut = 0.2 m/s, TMP = 3 bar, Ccasos, t=0 = 22-23 mM; lines indicate the time of conducted Fwd.-Flush;
B) Relative permeability related to the permeability before fouling experiments and MgSOa4 rejection during
the CF filtration with MgSO: after fouling experiments for the two membranes; the black arrow indicates
the MgSOsx rejection before fouling experiments; uct = 0.4 m/s, Jw = 35 L/(m? h); WCF < 10 %

When continuing the measurement of flux and rejection for about 1400 min, the two membranes
showed different behavior. While permeability decreased only to a small extent and rejection
still remained stable for membrane B, both values decreased for membrane A.

Although membrane A showed an increased flux decline during the scaling experiment, the
permeability during MgSOs filtration after the scaling experiments and subsequent rinsing was
higher. In addition, the MgSOa rejection decreased from about 94 % to < 70 %. Membrane B
on the other hand, which showed less flux and rejection decline during scaling experiments, did
show a loss in permeability of about 6 % after rinsing. Also here, the resulting MgSOs rejection
decreased, but only by approximately 10 %.

Thus, although the permanent damage is less severe than observed previously, both membrane
performances were influenced by the CaSOs scaling. Although AS seems to inhibit excessive
crystal formation throughout the whole filtration time of membrane B, the small decrease in
permeability during and after the scaling experiment can still be attributed to the formation of
nuclei. As they are estimated to be small in size, they have a low impact on permeability
loss [136]. In contrast, the higher permeability decrease during the scaling experiment of
membrane A is attributed to the surpassing of the prolonged induction time due to AS, leading
to crystal formation and growth. Similar to the previous experiments, the removal of those
crystals most likely lead to PE layer damage.

Overall, changes in membrane performance due to scaling can be reduced by AS dosage (Figure
39). However, using AS can lead to further challenges. Since the active compounds in an AS
formulation are often not defined by the manufacturer, constituents may be small enough to
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pass the membranes and are also difficult to measure. In addition to this, AS accumulate in
brine at high concentrations and must be further dealt with.

Overall, the experiments indicate that scaling can strongly influence the membrane
performance of LbL coated membranes. During filtration with the oversaturated CaSOs
solution, permeability decrease was accompanied by a decrease in rejection, which was, at some
point, permanent. Unlike commercially available NF membranes, the PE layers of the modified
membranes are not solid, but have a rather gel-like structure, containing void water [84,108].
The swelling and smoothing effect of PE layers already showed that ions from the surrounding
solution can penetrate the PE layer and also remain within the structure. Additionally, as the
PEM surface is not a rigid membrane structure, cake-enhanced concentration polarization
(CECP) could also occur within the PE layer. It refers to an increased concentration within the
cake layer during fouling due to inhibited back-diffusion of substances into the feed bulk
solution. [50,143] Because of both these factors, crystal formation within the PEM structure is
likely. During rinsing with DI water, these formed crystals might re-immerse into solution,
leaving defects within the film. Therefore, the observed decrease in rejection is attributed to
crystal formation, most likely within the PE layer, leading to defects in the structure. Although
a comparatively easy method as a Fwd.-Flush could be used to counteract against permeability
decrease, rejection decrease could not be prevented, as crystal formation is still most likely
ongoing within the PEM. Therefore, crystallization has to be prevented during the operation of
LbL modified membranes to ensure that the membrane remains intact.

As a supersaturated solution was chosen for the experiments, crystal formation and growth were
rather fast. Also, CaSO4 was the only scalant investigated so far. To be able to make general
and reliable statements about scaling of LbL modified membranes and its implication on their
operation, further experiments need to be conducted with more substances (i.e. BaSOs, or
CaCO03) and crystal formation at a lower crystallization speed.

45.3  Organic fouling

4.5.3.1 Impact of different fouling solutions

To determine the impact of organic fouling with different compositions on the performance,
membrane filtration was performed with two model organic solutions (HSNOM and SAHA,
see section 3.4).

Both solutions were filtered in DE filtration, for 120 min at a TMP of 3 bar. During filtration,
permeate samples were taken to determine the flux, TOC-, SACass-, and SACazs-rejection.
Achieved rejection rates are listed in Table 6. Furthermore, some samples were analyzed with
LC-OCD-UVD.

Although membranes were operated in DE filtration, they reached a very high TOC-removal
efficiency of about 90 — 95 % at the beginning of the filtration. This TOC removal efficiency is
similar [34,144] and even higher [145] compared to commercially available NF membranes
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operated in CF. As the SACas4 reflects only a part of the TOC with rather high MW substances,
rejection was even higher than the TOC removal and reached values of 94 to almost 99 %.

Removal rates for SACass, which indicates the color, are not included in Table 6 as permeate
values were below the detection limit. This shows that nearly a complete decolorization was
possible during DE operation.

Table 6: TOC and SAC:zs4 rejections for membranes filtered with SAHA and HSNOM solution in DE
operation; TMP = 3 bar, n = 2, crsana = 8.8 mg C/L, crHsnom = 11.4 mg C/L

SAHA
Filtration time min 4 41 78 117

TOC rejection % 95.1 +/-0.6 945 +/-0.1 937 +/-0.1 931 +/-04
SAC2s4 rejection % 989 +/-03 986 +/-03 986 +/-04 97.6 +/-1.0

HSNOM
Filtration time min 3 41 80 119

TOC rejection % 90.1 +/-25 878 +/-23 859 +/-23 849 +/-21
SAC3s4 rejection % 942 +/-06 935 +/-11 926 +/-15 922 +/-14

For both listed parameters, the rejection rate was higher for SAHA as feed solution than for
HSNOM. LC-OCD-UVD analysis shows that there was less passage of small MW substances
in the range of humic and fulvic acids when filtered with SAHA (Figure 41 A-B) than with
HSNOM (Figure 41 C-D). Therefore, the different rejection rates can be attributed to the
organic composition of the feed solution.

Due to the highly achieved rejections and solution continuously entering the membrane module,
the concentration within the capillaries increased. Therefore, resulting rejection rates decreased
throughout the filtration; also visible in LC-OCD-UVD analysis, where permeate peaks
increased over the filtration time (Figure 41). For SAHA, however, this increase was less
pronounced, explaining the higher overall rejection and less rejection decrease over filtration
time. As these substances with a lower MW contribute only partially to the SAC2s4, the
observed decrease for SACzs4 was also much less pronounced than for the TOC.
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Figure 41: LC-OCD-UVD analysis for the filtration with A-B) SAHA and C-D) HSNOM for samples taken
at different filtration times; top curve shows the OC signal, whereas the bottom graph shows the UV signal;
B & D) show enlarged segments of the analysis of the respective OC signal; DE filtration parameters:

TMP =3 bar, n =2, ctsana = 8.8 mg C/L, crnsnom = 11.4 mg C/L

Figure 42 A shows the average values for permeability of two membranes each, during the
filtration with HSNOM and SAHA, respectively. Figure 42 B adds the permeability and MgSQOa4
rejection before and after the fouling experiments.
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Figure 42: Impact of NOM fouling on membrane performance;A) Permeability during the DE filtration
with the two organic fouling model solutions; ctrusnom = 11.4 mg C/L, cesana = 8.8 mg C/L, TMP = 3 bar,
n = 2; B) Permeability and MgSOs rejection during the CF filtration with MgSO4 before and after the
fouling experiments, uct = 0.4 m/s, Jw =35 L/(m2h); WCF <10 %,n=2

During the filtration process, permeability decreased for both solutions. The general fouling
behavior showed a sharp decrease at first, followed by a rather linear trend. As most of the
substances were in all likelihood rejected due to steric separation, they accumulated on top of
the membrane surface, building up a cake layer. At first, the cake layer developed, indicated by
the initial permeability decrease. After that, the cake layer grew in thickness, which generally
contributes comparatively less to the permeability decrease [146].

However, the overall permeability decrease was more pronounced during the filtration with
HSNOM than for SAHA. One possibility could be the higher TOC concentration of the feed
solution, subsequently leading to a higher mass of organic substances potentially accumulating
on the membrane surface. Figure 43 plots the permeability during filtration over calculated
TOC concentration within the capillaries for both solutions. As the decrease in permeability is
still much more pronounced for HSNOM filtered membranes than for SAHA, the TOC
concentration of the feed solution was not the major influence on the difference in results.
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Figure 43: Permeability during the NOM DE filtrations over calculated TOC concentration within the
module capillaries; cfnsnom = 11.4 mg C/L, crsana =8.8 mg C/L, TMP =3 bar,n=2

Another reason for the difference in behavior could be the molecular size composition of the
NOM. As shown in Figure 41, smaller fractions of the HSNOM can penetrate the PE layer.
Thus, besides cake layer formation on the membrane surface, also internal fouling within the
membrane and PE structure could take place.

After DE filtration and subsequent rinsing, permeability could be enhanced again.
Consequently, the permeability of membranes filtered with SAHA could be nearly completely
restored, whereas a little decrease in permeability remained for HSNOM filtered membranes.
At the TMP used and resulting flux, formed cake layers are not severely compacted and are in
a rather loose conformation. Therefore, rinsing with DI water seemed to be sufficient to remove
most of the foulants from the membrane surface. However, the small remaining permeability
difference before and after HSNOM filtration could again indicate that NOM fouling did not
only happen as a cake layer on top of the membrane surface but also within the membrane
structure. Hence, it could not be removed by the rather simple rinsing of the capillaries.

As the molecular structure and composition of NOM are mostly unknown, molecules could
have also built up ionic or organic interactions between foulants and the organic PE structure,
which could not be overcome by shear stress during rinsing. The MgSOa rejection after the
experiments remained similar to before fouling, indicating that surface fouling was either
removed or did not influence the separation effects.

In conclusion, experiments show that a very high NOM removal is possible, even during DE
operation. Fouling does occur but is dependent on the MW distribution of the feed solution. Big
MW substances did not only show a higher removal rate but could also be removed from the
membrane surface by a simple Fwd.-Flush. As the feed flow channel is rather large compared
to spiral wound configurations, organic fouling is expected to only have a very low impact on
the resulting pressure loss along the membrane. Therefore, these membranes show a promising
performance to remove organics, such as NOM from raw waters.
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4.5.3.2 Effect of hydraulic BW

To evaluate if fouling that was not removed by a single Fwd.-Flush could be removed more
efficiently, hydr. BW was tested. First, hydr. BW with subsequent Fwd.-Flush was conducted
at a hydr. BW flux of 100 L/(m2 h) for 120 s after 60 min filtration time. To see possible
influences on the membrane performance, SACzss in permeate and feed were regularly
determined as an indication for NOM removal, as well as permeability and MgSOs rejection
before and after the experiments. Selected LC-OCD-UVD analyses were conducted as
additional analyses.

Figure 44 A shows the permeability for two membranes and the respective SAC2s4 removal as
average value throughout a filtration with regular hydr. BW. Figure 44 B adds the permeability
and MgSOs rejection before and after the fouling experiments.
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Figure 44: Impact of hydr. BW during NOM filtration; A) Permeability and SAC2s4 removal during DE
filtration with HSNOM and regularly conducted hydr. BW with subsequent Fwd.-Flush, TMPsir. = 3 bar,
Jew = 100 L/(m2 h), tew = 120 S, Uctrwd-F= 0.4 m/s, nsacess = 2, *value only from Membrane A;
B) Permeability and MgSOu4 rejection during the CF filtration with MgSO4 before and after the fouling
experiment, ucs = 0.4 m/s, Jw =35 L/(m2 h); WCF <10 %,n=2

The permeability behaved similarly for both regarded membranes throughout the filtration
process. During each filtration, the permeability decreased, steep at first, and then flattens out
towards the end of each cycle. The conducted hydr. BW cycles could restore the permeability
to some extent, but not completely. Therefore, the initial permeability of each filtration cycle
decreased successively, indicating an increase in hydraulically irreversible fouling. This,
however, is not uncommon. Even during UF filtration with NOM, hydraulically irreversible
fouling usually happens with the extent of irreversible fouling being dependent on the interplay
of NOM composition with the membrane material and structure [147-149]. Irreversible fouling
also impacted permeability during the MgSOsx filtration after the last filtration cycle and rinsing
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of the capillaries. In contrast to continuous filtration without hydr. BW, only very little
permeability improvement could be achieved by rinsing the capillaries with DI water before the
MgSOq filtration, compared to the last filtration cycle. This again indicates that irreversible

fouling of NOM occurred most likely within the PE layer structure and could not be removed
by mechanical stress alone.

Similar to previous experiments, the SAC2s4 removal efficiency decreased within each filtration
cycle, again attributed to increasing CP. Although capillaries were filled with fresh solution
after the first hydr. BW, the SACzs4 removal efficiency could not be fully restored and even
showed a little decrease compared to the end of the first filtration cycle. This decrease did not
persist with the increasing number of hydr. BW cycles, so a stable removal rate was established.
Membranes also showed a decreased rejection during MgSOs filtration after the fouling
experiments and hydr. BW. As the fouling itself did not show an influence on the MgSQO4
rejection (Figure 42 B), the decrease can be attributed to the hydr. BW process and is consistent
with the hydr. BW experiments conducted previously (section 4.4.1). Figure 45 shows one
exemplary LC-OCD-UVD analysis for a membrane filtered with HSNOM before and after two
hydr. BW cycles. After two hydr. BW cycles, the first permeate peak started to increase at
earlier elution times and was overall higher compared to the analysis without hydr. BW. This
could indicate a small shift of the MW separation limit to larger molecules. Since the SAC2s4
is a sum parameter of also larger MW substances, the impact on SAC2s4 removal efficiency was
rather low. However, as MgSOs presents much smaller ions than the majority of HSNOM, the
impact on the MgSOa rejection was much higher compared to SAC2s4 removal.
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Figure 45: LC-OCD-UVD analysis for the filtration with HSNOM before and after hydr. BW; top curve
shows the OC signal, whereas the bottom graph shows the UV signal; B shows an enlarged segment of the
analysis of the respective UV signal; DE filtration parameters: TMP = 3 bar, n = 2, ¢rusnom = 11.4 mg C/L
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In conclusion, these experiments show that a hydr. BW at a flux rate of 100 L/(m?2 h) was not
sufficient to remove organic fouling. It is attributed to fouling either happening within the
membrane structure or to strong NOM-PEM interactions. The permeability can be increased to
some extent, but only for a short period, as hydraulically irreversible fouling increases with
each filtration cycle. Furthermore, the membrane separation efficiency suffers from the
comparatively high BW flux rate. The mechanical stress might shift the MWCO to larger
molecule sizes, substantially impairing the rejection of the small molecules, like Mg?* and
S04, thus, supporting results from section 4.4.1. However, the influence on SACas4 rejection
is smaller, as the parameter includes a larger variety of molecules, including a large share of
higher MW substances. Therefore, the removal remains highly efficient and is much more
resilient against small changes in PE conformation.

45.3.3 Effect of CEB

To enhance cleaning efficiency, chemical enhanced backwash (CEB) cycles with NaOH at
pH 12 with a BW flux of 50 L/(m? h) for 120 s and a soaking time of 300 s were conducted
instead of hydr. BW. It was again followed by a subsequent Fwd.-Fush. For these experiments,
a different HSNOM batch was used than for the experiments of only hydr. BW, which is to be
noted when interpreting the results. Comparing LC-UVD data (Figure S 5), the relative UV of
the second batch was lower for humic acids, while LC-OCD-signal was similar.

Figure 46 A shows the permeability for two membranes and the respective SAC2s4 removal as
an average value throughout the filtration with regular CEB. Figure 46 B adds the permeability
and MgSOs rejection before and after the fouling experiments.

83



Results and discussion

A B
14 , , ‘ 100 16 100
! ' : %
¢ <& & o o <> | o

— ' : _ 14 1 - 90

8 n : - 95 ‘:g

= B : =

) : S End L go &
2 o0 & = £
> o = k5]
= 2 = 2
5 . 2 2 10 A - 70 K
Q ' 1 (5]

g © Perm. Mem. A o g

o 8 4 ' | | - 85 [5)

~ ® Perm. Mem. B ; ; g L 60

----CEB (pH12) § Lol O Permeability
& SAC,s, rejection E. ! 19 MgSO, rejection|
6 T T : T T : T T T ‘f 80 6 | ‘ T ‘ | 50
0 50 100 150 200 250 300 Before  After
Filtration time / min Fouling Fouling

Figure 46: Impact of CEB during NOM filtration; A) Permeability and SAC2s4 removal during DE filtration
with HSNOM and regularly conducted CEB (NaOH, pH 12) with subsequent Fwd.-Flush, TMPsitr. = 3 bar,
Jces = 50 L/(m? h), tsw = 120 S, tsoak = 300 S, Uctrwd-F. = 0.4 M/S, Nsaczss = 2; B) Permeability and MgSO4
rejection during the CF filtration with MgSO4 before and after the fouling experiment, uct = 0.4 m/s,
Jw=235L/(m2h); WCF <10 %, n=2

Although the feed solution slightly differed, the decrease in permeability was similar during the
first filtration cycles, as it was for the hydr. BW experiments. However, SAC:s4 removal was
even a little higher and also decreased less throughout the first filtration cycle. It is attributed
to the difference in feed composition, as the UVD signal peak is lower for smaller MW
molecules (Figure S 5). However, the rejection shows that a part of the NOM can pass the
membrane structure. Due to DE, the feed concentration shows a rapid increase during filtration,
thus, it is assumed that still a comparative amount of small NOM could interact with the PEM
during filtration.

The associated pH shift during the CEB led to deprotonation of NOM functional groups, leaving
a higher negative charge density of both, NOM and membrane zeta potential (Figure 21) [25].
Additionally, NOM can undergo conformational changes such as expansion and flattening,
leading to a decreasing number of bonds between the foulants [56].

Overall, Figure 46 shows that for both cycles, the permeability could be restored to nearly 90 %
of the initial permeability, and remained comparatively high also for the MgSO4 filtration,
leaving only little irreversible fouling on or within the membrane. It can be assumed that
interactions of NOM and membrane were disturbed during the CEB, and foulants could be
removed to a higher extent. Therefore, despite the lower hydr. BW flux, CEB had a much higher
cleaning efficiency compared to hydr. BW. This again supports the assumption of internal
fouling within the structure of the membrane and LbL layer, as most foulants cannot be removed
mechanically by BW, but by use of the pH shift and disturbance of the NOM interaction with
the membrane.
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SAC:s4 removal also decreased a little after the first CEB, but to a much lesser extent than for
the hydr. BW cycles. Also, the MgSOs rejection remained high at approximately 93 %, showing
only a very small influence of the CEB on the membrane performance. In addition, LC-UVD
analysis (Figure 47) did not show a clear trend for a change in separation after one CEB, as
peak times remained similar.
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Figure 47: LC-OCD-UVD analysis for the filtration with HSNOM before and after CEB ; top curve shows
the OC signal, whereas the bottom graph shows the UV signal; B shows an enlarged segment of the analysis
of the respective UV signal; DE filtration parameters: TMP =3 bar, n = 2, ¢fusnom=11.4 mg C/L
Overall, the behavior of the rejection is in agreement with the results in section 4.4.1. They
support that for the applied PE system and coating procedure, a stable membrane performance
is limited by the flux rate of 50 L/(m? h) used during cleaning. Similar to section 4.4.2, pH does
not seem to affect the PE layer. Furthermore, results indicate that the layer still remains intact
when molecules are removed from within the structure or at least when they did undergo
interaction with the PEM.

4.5.3.4 Conclusion of the filtration of organic substances

Overall, even in DE operation, very high removal rates for TOC (> 90 %), and SAC2s4 (> 94 %)
could be reached. Hereby, the rejection was dependent on the NOM composition and MW
distribution. However, the filtration led to fouling of the membranes. Thereby, the influence of
composition and size of molecules on the resulting performance was much greater than seen in
rejections. Permeability decrease was less during filtration of the solution containing the higher
fraction of high MW substances (SAHA). Additionally, these substances can be removed easily
to a high extent by just rinsing the capillaries. This behavior is attributed to the deposition of
foulants on top of the membrane surface, whereas smaller MW substances of the HSNOM
solution could penetrate the PE and membrane structure.

85



Results and discussion

Hydr. BW at a flux of 100 L/(m2 h) did negatively influence the separation behavior. While the
rejection of organics showed better resilience against the possible changes of the PEM structure
due to hydr. BW and remained nearly stable, MgSOs retention decreased.

Using NaOH at pH 12 increased cleaning efficiency, even at a lower BW flux rate (50 L/(mz2h)).
In addition, the influence on ion and organic rejection was reduced, most likely, due to lower
mechanical stress, which is in agreement with previous results (section 4.4). The good
restoration of permeability during CEB and stable separation performance indicates that CEB
disturbs the interaction between the organic foulants and the organic PE layer, while the
interaction between PE in the LbL coating is not affected.

Overall, hydr. BW is possible, but efficiency regarding NOM foulant removal is limited.
Implementing regular CEB though, still enables a regular cleaning method, which can be
implemented during the process and has several benefits as discussed in section 4.4.2 [133].

4.6 Summary and outlook of lab scale results

Different conclusions could be drawn from the laboratory tests:

Adapted fouling models could be used to visualize pore vs. layer dominated PEM formation.
When PE MW was smaller than the MWCO layering happened pore dominated whereas layer
dominated PEM formation happened for PE MW bigger than the MWCO. Additionally,
applying a film above the pores resulted in higher permeabilities for similar rejections, instead
of first narrowing the pores before building up the top layer.

The modification using the LbL modification method did allow to shift the separation
characteristic of porous PES UF membranes into the range of commercially available flat sheet
NF membranes. In direct comparison, MgSOas rejection was generally a little lower, whereas
permeability was higher. The MWCO of the LbL modified membrane was even smaller
compared to one commercially available alternative (NF 270).

One great potential of LbL modified hollow fiber membranes is the mechanical ability for hydr.
BW. This hydr. BW stability could be maintained for the LbL modified membrane but was
limited in the hydr. BW flux rate. High flux rates resulted in a decreased MgSQs rejection,
though it seemed to stabilize after the initial alteration. Furthermore, the membranes did show
good stability against a high pH range of 2 — 12 and also remained intact after contact with
EDTA. This would allow the implementation of a regular CEB, which has several advantages
during operation compared to conducting a CIP in conventional NF operations.

Dependent on the type of ions, high ionic strength (NaCl & MgCl, > 100 mM) led to swelling
of the PEM structure. It led to an increase in permeability which was accompanied by a decrease
in MgSOs rejection and a shift of the MWCO to a larger MW. This behavior could not be seen
for Na,SO4 and MgSOa, which is attributed to the kaotropic character of SO42". However, the
overall minimum ionic strength required to induce swelling is expected to be much higher than
expected in raw waters for drinking water.
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As moderate CF velocities (uess < 1 m/s) led to operation under laminar flow conditions, CP
build-up occurred throughout the laminar boundary layer. CP increased drastically with
decreasing CF velocity and increasing membrane length. Thus, it was the dominating effect
behind the observed membrane rejection for MgSO4 and PEG with MW smaller than the
MWCO (~290 Da). In addition, high CP increases the risk of heterogeneous scaling and
possible membrane damage. Thus, optimizing the flow conditions by adapting CF velocities or
developing structures to disturb laminar flow is the key for a good removal of smaller
substances than the MWCO. In contrast, for PEG with a MW bigger than the membranes
separation limit, changes in CF velocity showed nearly no impact on the resulting rejection rate,
having for example great potential for removal of dissolved organics and color.

During DE filtration of NOM solutions, the membrane performance was dependent on the
composition of the respective solution. SAHA, which contains larger molecules than HSNOM,
led to lesser fouling. It is most likely attributed to the ability of the small substances to penetrate
the PEM and membrane which then leads to internal fouling within the respective structure.
The MW distribution also affects the rejection, as TOC- and SAC2s4 removal was higher for
SAHA than for HSNOM. However, for both solutions, rejection is unexpectedly high,
especially since experiments were performed in DE operation. NOM retention of close to 90 %
and even higher are comparable to commercially available NF membranes operated in CF.

Hydr. BW of NOM fouled membranes could partly restore permeability with hydr. BW flux of
100 L/(m2 h), however, the effect was not lasting. The overall hydr. irreversible fouling
increased with the number of BW cycles so that the overall decrease in permeability was still
severe. At the same time, using a hydr. BW flux rate of 100 L/(m? h) again affected membrane
integrity. MgSOQa rejection decreased, as well as SAC2ss removal. However, fouling removal
by conducting a CEB with a flux of 50 L/(m? h) was much more efficient. Approximately 90 %
of the initial flux could be restored. In addition, due to the PE pH stability and the lower BW
flux rates, the membrane performance was much less affected and remained stable.
Implementation of regularly conducted CEB during the process could, therefore, lead to a stable
process and longer possible membrane operation time. The shift in pH might also lead to the
removal of nuclei from the membrane surface, reducing the risk or extent of scaling.

Prevention of scaling is necessary, as once crystallization took place, the PEM was damaged,
which led to a severe decrease in rejection. This decrease was only reversible until a certain
degree of scaling. When this point was exceeded, membrane damage was permanent. The risk
of scaling and possible membrane damage is even more severe for lower CF velocities. Hence,
scaling and crystal formation should be prevented, for example by AS-dosage or regular nuclei
removal, to protect the PE layer and maintain membrane integrity and performance.

Even considerably high particle concentrations (~ 30 NTU) did not show a distinct influence
on permeability during DE filtration. Most likely, the formed cake layer was rather loose in
conformation so that the layer hydr. resistance contributes only very little to the overall hydr.
resistance. Additionally, fouling at very high feed turbidity (> 10 000 NTU) could be removed
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easily by rinsing the capillaries. Thus, the LbL modified membranes show a very high tolerance
against particles and agglomerates, which could reduce the effort for pretreatment.

Overall, lab scale experiments show that the LbL modified hollow fiber membranes can be
applied for the removal of divalent ions as sulfate. Hereby, rejection shows a strong dependency
on flow conditions. Additionally, crystal growth on the membrane must be prevented when
divalent ions are rejected, to avoid membrane damage.

However, due to the low MWCO of the modified membranes, they do show excellent rejection
rates for NOM solutions. Even in DE operation SACzs4 removal of > 90 % could be reached
and complete decolorization. Fouling control can be achieved by implementing regular CEB,
which could also be beneficial for scaling prevention. In combination with the high tolerance
for particles, the membranes show great potential for raw waters with high TOC and high
particle and colloid loads. Hereby, a required pretreatment, which would have to be
implemented for commercially available NF modules, could be omitted, saving additional
expenditure and process steps.
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4.7 Operation on a pilot scale

To evaluate the LbL modified membrane’s behavior in a realistic environment, pilot test were
conducted in two German waterworks (WW). Modules contained 15 fibers of the industrially
available length (1.5 m) for respective PES membranes used for coating.

The pilot plant was connected after the regular treatment steps. Although it is technically clean
water, it will, hereon, be referred to as raw water, as it is the supply for the pilot plant. The plant
allowed an automated continuous operation of two membrane modules simultaneously in two
parallel streets. It was operated under constant flux with optional hydr. BW, as well as optional
AS-dosage.

The different trial phases (TP) during the overall operation were evaluated by comparison of
the TMP (adapted to 25 °C) and pressure loss along the membrane (Ap). In addition to this,
permeability was evaluated (with correction function for temperature (25 °C), with the inclusion
of osmotic pressure). The rejection for different dissolved substances was analyzed and related
to the feed concentration at the inlet of the membrane module. All parameters were evaluated
against the produced specific permeate volume (Vspec), Which allows the comparison of
different flux rates. Finally, linear regressions were included and the gradient was compared.

471  Waterworks 1

Water in WW1 contained a high amount of sulfate, even above German drinking water
regulations. During daily operation, it was mixed with water from another WW before
distributing to the drinking water distribution network, to comply with the limits. Additionally,
the water had a relatively high hardness, whereas TOC content was low (Table 2). Overall, the
plant was operated for 7.5 months, divided into five TP, where different process parameters
were adjusted.

4711 WW1Linel

In line 1, one membrane module was operated continuously without replacement during the full
TP. It was coated comparable to the lab scale modules, with 8 DL PDADMAC/PSS large MW
in 0.1 M NaCl. The set parameters for each TP are listed in Table 7.

Figure 48 shows the TMP, Ap, and permeability (kw) development over Vspec during all five TP.
For comparison, a linear regression was determined for each parameter over the stable filtration
of every TP, related to the specific permeate volume. Figure 49 displays the values of the
regression gradients for each parameter for each TP, whereas Figure 50 displays rejection rates
for different ions.
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Table 7: Operational parameters during the operation of line 1 in WW 1; bold font indicates changes
compared to the previous TP

Parameter Unit Value
Trial phase TP - 1 2 3 4 5
Configuration - - 0 DL small MW PE + 8 DL large MW PE
Flux Jw L/(m2 h) 30 30 30 20 20
Overall WCF % 75 75 75 75 75
process yield
CF velocity Uct m/s 1 1 0.6 0.8 0.8
Hydr. BW
intervals Fnydr BW 1/d 0 2 2 2 0
AS dosage - mg/L 0 0 0 0 1.5
Duration trp d 35 37 16 42 33
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Figure 48: TMP, Ap, and permeability over the specific permeate volume (m3 permeate / m? membrane
surface) for line 1, WW 1; values are related to a reference temperature of 25 °C; operational parameters
are listed in Table 7; solid lines indicate the time frame of evaluation for each TP, dotted lines represent the
linear regression of the respective parameter
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Figure 50: Rejection for different ions related to the feed inlet concentration of the membrane module in
line 1, WW1,; operational parameters are listed in Table 7; solid lines indicate the time frame of evaluation
for each TP
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4.7.1.1.1 Continuous filtration

At the very beginning of the operation, even before TP1, the TMP increased with increasing
Vspee, leading to a decrease in permeability. This trend persisted throughout TP1, but was less
steep. The initial decrease is attributed to an accumulation of substances on the — until then —
virgin membrane surface, as the influence of initial fouling on permeability is generally higher
than additional fouling accumulating on top of the already fouled membrane. [41,43,146,150—
152]. The trend of TMP and kw were, overall, the result of no measures taken to prevent
membrane fouling or scaling. Even though a high CF velocity was applied, the comparatively
large feed channel without laminar flow disturbance led to lower Ap compared to what would
be expected for the operation of conventional spiral wound NF modules [153,154]. However,
Ap increased with increasing duration. It again indicates an accumulation of substances within
the capillaries of the membranes, and correlates to trends of TMP and permeability.

During filtration with a real water matrix, a high rejection rate of approximately 90 % for SO4>
could be achieved. Rejection for divalent cations was also very high with approximately 88 %
for Mg?* and approximately 83 % for Ca?". Even though these rates are within the lower
rejection range, they are again comparable to the hardness removal of commercially available
NF membranes [155,156]. Monovalent anions (CI- and HCOz") were still rejected by about
50 %. Monovalent cations in contrast have a high mobility through the membrane, resulting in
close to no, and even negative rejections, which are the result of the so-called Donnan
effect [25].

4.7.1.1.2 Impact of hydr. BW

Implementing a frequent hydr. BW (TP2) led to a lower TMP gradient and resulting
permeability decrease (Figure 49). Thus, it had a stabilizing effect on membrane operation.
Although a small improvement in total TMP and permeability values could be achieved at the
beginning of TP2, initial values from the virgin membranes could not be restored (Figure 48).
These results indicate that the accumulation of foulants on the membrane surface can be
reduced, but a full removal of already accumulated substances is not possible by hydr. BW
alone (see section 4.7.1.1.4). In addition, the further increase in TMP indicates that hydr. BW
could also not fully prevent membrane fouling. Rejection behavior was not influenced by the
regular hydr. BW with a flux of 50 L/(m? h) (Figure 50), again showing good stability of the
PEM against mechanical stress during backwashing. The behavior of both parameters,
permeability, and rejection, are therefore, in agreement with the results obtained in lab scale.

Ap increased further during TP2. Hydr. BW, however, should lead to a regular discharge of
accumulated substances from the feed channel, and to less increase or even a decrease of Ap.
That Ap still increased, indicates that substances rather accumulated at or even before the inlet
of the membrane module, instead of along the membrane surface. This accumulation would be
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less affected by hydr. BW and subsequent Fwd.-Flush as those flow rates through the capillaries
were even lower than during filtration.

4.7.1.1.3 Impact of CF velocity decrease

Reducing the CF velocity in TP3 led to an abrupt increase in total values for TMP and
permeability (Figure 48). Due to increasing CP, the resulting osmotic pressure counteracts
against the applied pressure, leading to a higher required TMP for constant flow (section 4.5.2).
Although osmotic pressure is reflected in the permeability, it is calculated based on the feed
bulk conductivity, neglecting the effect of CP.

Additionally, divalent ion and monovalent anion rejection decreased, again attributed to higher
CP (section 4.3.2.1). Although higher scaling could be expected due to higher CP and
supersaturation at the membrane surface, overall trends for TMP and permeability were nearly
persistent (Figure 49). The reason for this is attributed to the major fouling component, BaSOa.
As BaSO4 has very low solubility, precipitation most likely occurred during both CF velocities,
leading to similar overall gradient values. However, a lower CF velocity is beneficial for Ap
due to lower shear stress at the capillary surface.

Overall, TP3 shows the impact CP can have on the overall filtration process. Not only do
rejection rates for ions decrease, but it also requires a higher driving pressure and with it, higher
specific energy demand.

4.7.1.1.4 Impact of CIP and flux reduction

After TP3, a CIP was conducted. A separate CIP tank was connected to the inlet and outlet of
the membrane module. First, NaOH (pH = 12.1, 3 = 33 °C) was flushed into the module
capillaries and recirculated over the CIP tank for 70 min. After rinsing with permeate,
capillaries were filled with HsPO4 (pH = 1.7, 3 = 33 °C) and again recirculated over the CIP
tank for 70 min. Membranes were again rinsed with permeate before the filtration was restarted
with TP4.

Figure 48 shows that due to the medium CF velocity, Ap for TP4 was in the range between TP1
and 2, and TP3, which is reasonable and expected. The lower flux rate resulted in a drastic
decrease in required TMP. However, permeability was similar to the end of TP2, indicating that
the CIP only led to the partial removal of substances from the membrane surface.

Figure 51 and Figure 52 show SEM-EDX analysis of foulants after TP5 at the inlet and outlet
of the membrane module respectively. Although they were conducted after all TP, they can still
give insights into foulant composition. First, at the inlet of the membrane (Figure 51), the
analysis of the surface mainly shows peaks for C, O, and S, which can be assigned to the PSS
within the PEM or the PES membrane itself. Au peaks can be associated with the sputtering
before analysis to ensure the electrical conductivity of the surface. Fouling 1, 2, and 3 however,
show clear peaks for C, O, and Fe, while the peaks for S are less pronounced. Additionally,
smaller peaks for P and Si can be detected. Therefore, analysis indicates a combined fouling of
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organic and inorganic substances, yet no typical formation of crystals at the module inlet.
However, these substances should be removed by the CIP treatment from the membrane.
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Figure 51: SEM-EDX analysis of different foulants on the module inlet from WW 1, line 1, after 5 TP

EDX at the outlet (Lm approx. 1.4 m) of the membrane module (Figure 52) still shows foulants
of a similar composition as at the inlet of the membrane (Fouling 1 and 2). Furthermore,
analysis for Fouling 3, which forms rosette-like crystals on the membrane surface, shows a
different composition. Peaks for C, Fe, P, and Si are much less pronounced, while characteristic
peaks for Ba, S, and O occur. Therefore, these crystals can be assigned to the formation of
BaSO4. The solubility of BaSOg is very low (approximately 2.5 mg/L [157]) and thus, BaSO4
scaling removal remains challenging [158,159]. Dunn et al. (1999) showed that barite crystals
could not even be fully dissolved when using a chelating agent in water under ambient
temperature (25 °C) and a dissolution time of 7 hours. In addition, the dissolution speed of
crystals decreased with increasing dissolution time [157]. Thus, dissolving and removing
crystals from the membrane during the CIP was unlikely, as time was shorter and no chelating
agent was added. It is more realistic that only partial removal of the overall accumulated
substances, such as organics or FeOH, could be achieved by the conducted CIP, leading to the
observed low efficiency. Additionally, chemicals were only rinsed over the surface of the
membranes, for a rather short time. Thus, substances accumulated within the PEM structure
could most likely not be removed efficiently. Regularly conducted CEB cycles, where the
solution also penetrates through the PEM, could increase the efficiency, as these substances are
also in contact with the cleaning solutions.
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Figure 52: SEM-EDX analysis of different foulants on module outlet from WW 1, line 1, after 5 TP

In addition to this, Figure 53 A-D show SEM pictures at the membrane inlet (A), membrane
mid-section (B), and membrane outlet (C) at a magnification factor of 1000. While both types
of the described fouling occurred on the membrane surface on the mid-section and the outlet,
precipitation of BaSO4 was not visible for the module inlet. This is once again attributed to the
increase in CP with increasing length, as higher CP led to higher supersaturation and a larger
amount of precipitated salts. Besides increasing CP along the length, the amount of crystals did
not increase further from the mid-section towards the membrane outlet. This could be attributed
to the crystallization of BaSOs, which leads to a temporary concentration decrease of dissolved
BaSOa. The similar regression gradients in TP3 compared to TP2 are attributed to the same
effect. Since lower CF velocity (TP3) is only expected to shift scaling to a shorter membrane
length, scaling and crystal formation most likely took place at both CF velocities. The overall
high amount of crystals displayed in a lower magnification factor of 250 (D) identifies BaSO4
as the overall major fouling component and underlines that the effect of CP must be considered
carefully when contemplating hollow fiber NF membranes for operation.
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Figure 53: SEM pictures of the membrane surface from WW1, line 1 at the A) inlet, B) mid-section
(L ~ 0.7 m), and C) outlet of the membrane module; EHT = 10 kV, Mag. = 1000; D) membrane surface at
the module outlet; EHT = 10 kV, Mag. = 250 The steep permeability decrease at the beginning of TP4
again indicates fouling due to initial accumulation at the membrane surface. Thus, it also
indicates that the CIP still had little effect, which can be mostly attributed to the removal of Fe
and organic compounds. Throughout TP4, the TMP increased, while permeability decreased,
again due to fouling on the membrane. Though the flux was lower, the gradient was between
TP1 and 2 (Figure 49). Decreasing the flux led to a decrease in CP, whereas the comparatively
lower CF velocity counteracts that effect. As scaling is mostly dependent on the degree of
supersaturation, both effects might balance each other, which would lead to a similar degree of
scaling in TP4 compared to TP1 and TP2.

4.7.1.1.5 Impact of antiscalants (AS)

In TP5, AS (RPI-2000) was dosed into the raw water stream. This largely improved process
stability, as the TMP increase and permeability decrease were lowest (Figure 49). It again
indicates that scaling was the major fouling cause, as precipitation could be prevented.
Regarding regression gradients, the different behavior of TMP and permeability is striking. The
TMP increase was very small, whereas the permeability decrease was rather in the range of TP2
and TP 3. This is mainly attributed to the overall absolute TMP at the beginning of the TP. As
it was lower, influences of TMP changes have a more severe impact on the permeability
changes.

Although the CF velocity in TP 4 and 5 was increased to 0.8 m/s, rejection rates did not increase
compared to TP 3. Reasons for this could be the lower flux during TP 4 and 5 or an influence
of the CIP on the PEM layer structure. Additionally, the removal of monovalent ions decreased
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continuously over TP 4 and 5. All observations are further discussed together with line 2, TP 4
and 5 in the following section.

4712 WW1Line?2

First, a membrane coated with 1 initial DL of small MW PE and additional 8 DL large MW PE
(compare section 4.4.1) was used in WWL1 line 2. After TP3, the membrane was switched and
a newly coated membrane, modified only with 8 DL big MW PE, was installed for TP 4 and 5.
An overview of operational parameters set during the operation of line 2 in WW1 is given in
Table 8.

Table 8: Operational parameters during the operation of line 2 in WW 1; bold font indicates the change
compared to the previous TP

Parameter Unit Value

Trial phase TP - 1 2 3 4 5

Confiauration i i 1 DL small MW PE + 0 DL small MW PE +
g 8 DL large MW PE 8 DL large MW PE

Flux Jw  L/(m2h) | 30 30 30 20 20

Overall process \yop o 75 75 75 75 80

yield

CF velocity Uct m/s 1 1 0.6 0.8 0.8

Hydr. BW Mhydr 94 0 2 2 2 0

intervals w

AS dosage - mg/L 0 0 0 0 1.5

Duration trp d 35 37 16 42 33

Figure 54 shows TMP, Ap, and kw over the specific permeate volume. Figure 55 displays the
values of the regression gradients for each parameter for each TP, and Figure 56 adds rejections
for different ions. For visualization purposes, the different membrane configurations are
displayed in different diagrams.
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Figure 54: TMP, Ap, and permeability over the specific permeate volume (m3 permeate / m? membrane
surface) for line 2, WW 1 ; values are related to a reference temperature of 25 °C; operational parameters
are listed in Table 8; solid lines indicate the time frame of evaluation for each TP, dotted lines represent the
linear regression of the respective parameter

mTMP
OAp
O Permeability

0.01; -0.1
Olu IDU DH'O

-0.01 A - -0.1

0.02 0.2 0.02 0.2

|| mTMP
| BAp
|| @ Permeabilit

0.01 A - 0.1

Regression gradient pressure /
bar m*/m?

Regression gradient permeability /
L/(m?* h bar)
Regression gradient pressure /
bar m*m?

)
=)

Regression gradient permeability /
L/(m* h bar)

-0.02 -0.2 -0.02 -0.2
1 2 3 4 5

TP/ - TP/ -

Figure 55: Values for the linear regression gradients of TMP, Ap, and permeability related to the specific
permeate volume for the 5 TP in line 2, WW1

98



Results and discussion

. TPl — + TP2 + + TP3 —+ * TP4 «  «—TP5—+
100
| ” * ] w * *
80 L i 8 o . IR L *ag
© P a , o o o |le© ©o© coob
+ S0, OMg*
60 - 08042- DMgZ} b o Ca?' ACl!
= oCa*  AClH _ —HCO; @Na'
= ™ . | -y t
£ 4 ~HCO, @Na oy [ LEK
g DU K 3 - %
g ] P B i " I N
20 A I 4
N A
A
- ] ] [
0 PLi - ' 3 “gu P L
J| &
-20 ———— — ———
0 20 40 60 80 0 20 40
Specific permeate volume / m*/m? Specific permeat volume / m*/m?

Figure 56: Rejection for different ions related to the feed inlet concentration of the membrane module in
line 2, WW1,; operational parameters are listed in Table 8; solid lines indicate the time frame of evaluation
for each TP

4.7.1.2.1 Impact of coating (1 DL small and 8 DL large MW PE)

The initial permeability for the membrane used in line 2 TP 1-3 was higher compared to line 1.
This is in agreement with lab results and is discussed in more detail in section 4.4.1. Due to the
same CF velocity, Ap was similar in both lines. As for the trend of the membrane in line 2, TP1
was similar to line 1, TP1. Again a steep decrease in permeability was followed by a less steep
gradient, after the initial accumulation (Figure 54). The hydr. BW in TP2 again improved
operation stability, as the permeability decrease and the TMP increase were lower (Figure 55).
Decreasing the CF velocity led to a jump in TMP, permeability, and Ap, again attributed to
increased CP and decreasing hydraulic pressure due to lower shear stress (Figure 54). However,
for this membrane, the total linear regression gradients also increased. As the membrane
configuration is expected to be less dense, more internal fouling could occur within the PEM
structure, which is more severe with increasing CP. The removal efficiency of hydr. BW is
expected to be lower for internal fouling (see section 4.5.3.1), thus, it might be the driving factor
for the observed gradient increase.

The overall rejection rates for divalent ions and monovalent anions were lower when an
additional initial layer with small MW PE was introduced. It is attributed to the more open layer
structure when adding one initial DL with small MW PE, as also seen and discussed in lab scale
experiments (section 4.4.1). As a result, the rejection for monovalent ions increased slightly
according to the Donnan-effect.

Overall, despite lower rejection values, the general rejection behavior was similar to line 1.
Rejection was stable against hydr. BW, whereas a decrease in rejection was observed when CF
velocity was decreased. Though rejection was generally lower, SEM also identified a high
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quantity of BaSO4 scaling towards the mid and end of the module. However, fouling of iron
and organics mainly happened at the membrane inlet (see section 7.13 in the supplementary
information).

4.7.1.2.2 Impact of flux and increased WCF

In TP4, a newly coated membrane with 8 DL large MW PE was installed. The initial
permeability (approximately 19 L/(m? h bar)) was slightly higher than the initial permeability
of the membrane installed in line 1 (approximately 17 L/(m?2 h bar)). It is attributed to a slightly
different PEM conformation, which will be further discussed below. The TMP increase (Figure
55) was higher compared to line 1, TP4 (Figure 49) with similar operation conditions, which is
again attributed to the higher impact of initial fouling on the virgin membrane surface.
However, the TMP gradient was smaller compared to line 1, TP1, which is attributed to the
lower flux, as well as the periodic hydr. BW. As the flux was low, the effect of similar TMP
changes was much more severe on the resulting permeability. Thus, the permeability loss was
most severe during TP4.

Increasing the WCF in TP5 led to generally smaller gradients (Figure 55). It can again be
attributed to the lower impact of additional fouling on top of previously accumulated
substances. As the operation was overall stable, these membranes could also be operated at
higher WCF, increasing resource efficiency.

Divalent ion rejection in line 2, TP4 and 5 (Figure 56) was similar to line 1, TP4 and 5, thus,
lower than for the first 3 TP in line 1 (Figure 50). Monovalent anion rejection was in between
rejections of line 1, TP1-3 and TP4-5. These comparatively low achieved rejection rates in TP4
and 5 for both lines could be attributed to the lower flux. On the one hand, according to the
solution diffusion theory the salt flux remains stable while lowering the water flux, which leads
to higher resulting permeate concentrations. On the other hand, decreasing Jw would lead to a
decrease in CP and therefore, should have a positive impact on the resulting rejection. It would
indicate that lowering the flux predominates the rejection behavior over the CF velocity.
Additionally, changing the flux and CF also has an impact on the flow rates of raw water and
recirculation. The changes in volume flow composition directly influence the feed water
composition. However, these changes, as well as general changes in the raw water composition,
as for the main ions, did not show a clear tendency for removal rates of the different ions. More
likely, the reason could be a slightly deficient coating process for the membrane in line 2 — also
indicated by the higher permeability — and an influence of the CIP for membranes in line 1.

In addition to the lower rejection rates achieved, rejections for monovalent ions decreased over
TP4-5 in both lines. Figure 57 A-E displays rejection rates for different ions against the
temperature at the membrane feed inlet. The grey area marks rejections obtained for line 1 after
conducting the CIP. The rejection for divalent ions (A-C) on the one hand showed no clear
dependency on temperature. On the other hand, monovalent anions (D and E) showed a
decreasing trend in rejection with increasing feed temperature. This correlation of decreasing
rejection, especially of monovalent ions, is also described in the literature and is attributed to
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higher diffusion rates at higher temperatures [8]. In addition to this, Dang et al. (2014) observed
an increase in membrane pore size related to increasing feed temperature [160], which would
again result in higher mobility of small ions through the PEM.

However, the drastic decrease especially for the divalent ion rejection in TP4-5 indicates that
the effect might not have originated from temperature alone. Therefore, this decrease can rather
be attributed to the conducted CIP and overall lower rejection for the new membrane in line 2.
Although lab results did show good stability in the used pH range, the impact of the change in
temperature during the CIP was not investigated. Literature shows that at least during PEM
formation, increasing the temperature has a similar effect as increasing the ionic strength of the
coating solution [161]. Thus, increasing the temperature during CIP might have led to higher
chain mobility, resulting in a rearrangement of the PEM structure. Additionally, conducting
CIP most probably led to the partial removal of foulants and scalants. As shown in section 4.5.2,
removing crystals from the membrane can result in defects within the film, again having an
impact on ion removal. The changes in operation conditions (Figure 50, line 1, TP3; circles in
Figure 57) already showed that monovalent anions are more effected by these changes than
divalent ions. Therefore, possible rearrangement and defects are expected to have a higher
effect on those monovalent ions, resulting in a more severe rejection decrease.
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Figure 57: Impact of feed temperature on ion rejection for line 1, TP 1-5 (rectangles), and line 2, TP 4-5
(circles); grey areas mark rejections from line 1, TP 4-5 (after the CIP), whereas circled values mark
rejections from line 1, TP 3 (lower CF velocity)

Increasing the WCF in line 2, TP 5 did not result in severe changes in rejection rates. So, all

parameters allow an operation at higher WCF, rejection rates, as well as TMP, Ap, and
permeability.
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472 Waterworks 2

The water in WW?2 had lower sulfate concentrations, as well as lower total hardness compared
to WW1, whereas TOC concentration was elevated (Table 2). The overall operation time was
approximately 3 months, divided into two TP. For each TP, a newly coated membrane module
was installed. All parameters are displayed and discussed together in the following section. The
operation conditions for TP1 and TP2 in both lines are listed in Table 9. The TP2 in line 2 was
operated in DE operation. However, due to the high interval, the hydr. BW could no longer be
neglected, resulting in an overall WCF of 98 %.

Table 9: Operational parameters during the operation of line 1 and 2 in WW 2; bold font indicates the
change compared to the previous TP

Parameter Unit Value

Line - - 1 2

Trial phase TP - 1 2 1 2
Configuration - - 0 DL small MW PE + 8 DL large MW PE
Flux Jw L/(m2 h) 20 20 35 35
Overall process yield WCF % 75 75 75 98
CF velocity Uct m/s 1 1 1 0
Hydr. BW intervals Nhydr.BW 1/d 0 2 2 12
AS dosage - mg/L 1.5 0 0 0
Duration trp d 48 36 48 36

Figure 58 shows TMP, permeability, and Ap over all conducted TP of both lines. Figure 59
shows the linear regression gradient for each parameter throughout the stable process of each
TP. Figure 60 adds rejections for different ions. As TOC concentration in the raw water was
elevated, TOC-rejections are additionally displayed. For marked values, the TOC detection
limit of 0.5 mg/L was used as permeate concentration for the rejection calculation, as measured
permeate values were below this limit. Therefore, rejections were actually higher than
displayed.
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Figure 58: TMP, Ap, and permeability over the specific permeate volume (m3 permeate / m?> membrane
surface) for line 1 and 2, WW 2; values are related to a reference temperature of 25 °C; operational
parameters are listed in Table 9; solid lines indicate the time frame of evaluation for each TP, dotted lines
represent the linear regression of the respective parameter
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Figure 60: Rejection for different ions related to the feed inlet concentration of the membrane modules in
line 1 and 2 in WW 2; operational parameters are listed in Table 9; solid lines indicate the time frame of
evaluation for each TP

Also for this water, all membranes showed similar general filtration behavior compared to the
water in WW1. After installing the membrane, a steep initial increase of TMP occurred,
accompanied by a steep decrease in permeability. It again shows the general trend for the
accumulation of foulants, as addressed previously. The abrupt decrease in permeability and
increase in TMP in TP1 for both lines can be attributed to cleaning and new calibration of flow
meters.

4.7.2.1.1 Impact of AS vs. hydr. BW

Although AS was dosed to the feed solution in line 1, TP1, TMP increased, while permeability
decreased. However, in line 1, TP2, AS dosage was substituted by hydr. BW every 12 h.
Overall, the linear regression gradients decreased substantially during operation in TP2. In
contrast to WW1, operating with a regular hydr. BW was, therefore, beneficial over AS dosage
and is attributed to the fouling components. Due to the feed raw water composition at the plant
inlet, organic fouling was expected to be predominant over inorganic fouling and scaling, which
was also confirmed by EDX analysis and SEM imaging. Figure 61 and Figure 62 show SEM-
EDX analysis of the membrane module outlet of TP1 and TP2 respectively. The analysis for
the surface (Figure 61) mainly shows peaks for C, O, and S, dedicated to PSS or PES. Au is
again from the sputtering process. However, for all foulant analyses (Figure 61 and Figure 62),
peaks for Ca and small peaks for Fe and P occurred. The peak for S decreased slightly, while
C and O remained similar. Additionally, SEM imaging shows only a very low number of typical
scaling crystal formations (Figure 63 C and Figure 64 D and E) [162], with a slightly higher
amount in TP2, due to the missing AS. When combined, major fouling can be attributed to
organic substances, interacting with and incorporating inorganic substances like Fe, Ca, or Si.
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Therefore, as AS dosage prevents crystal formation and has less effect on organic fouling,
adding AS was less efficient than regular removal of accumulated substances for the membrane
surface by hydr. BW.
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Figure 61: SEM-EDX analysis of different foulants on the module outlet from WW 2, line 1, TP1
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Figure 62: SEM-EDX analysis of different foulants on the module outlet from WW 2, line 1, TP2
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A Membrane inlet | e T B e N MR b B Membrane outlet

Figure 63: SEM imaging of the membrane surface at the A) inlet, and B) outlet of WW 2, line 1, TP2;
Mag. = 1,000; C)-E) display enlarged part of the membrane surface with C) Mag = 25,000, D) Mag. = 50,000
and E) Mag. = 50,000

A Membrane inlet B Membrane outlet

C Membrane inlet D Membrane inlet E Membrane outlet

Figure 64: SEM imaging of the membrane surface at the A) inlet, and B) outlet of WW 2, line 1, TP2;
Mag. = 1,000; C)-E) display enlarged part of the membrane surface with C) Mag = 10,000, DMag. = 50,000
and E) Mag. = 100,000
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In line 1, TP1, divalent ion rejection again reached high values of > 90 % for SO4%, close to
90 % for Mg?* and > 80 % for Ca?*. Monovalent anions showed similarly high rejection of 50-
60 % as in WW1. Also here, the Donnan-effect led to even negative rejection rates for
monovalent cations. The additionally measured TOC removal was generally very high at
> 95 %, with most permeate concentrations below detection limits. The fact that the TOC-
removal was again much higher than all ion removal once more underlines the great potential
of these membranes in this field of application.

Although CIP here was conducted similarly to the CIP in WWL, it did not show a considerable
influence on the rejection behavior of the membrane, but neither on TMP nor permeability. This
indicates, that the conducted CIP was not as efficient as in WW1 and did not only remove minor
fractions of foulants from the surface.

In line 1, TP2, AS-dosage was substituted by hydr. BW. The required TMP for a similar flux
rate was lower, as well as general ion rejections, which indicates possible irregularities within
the PEM due to coating, transport, or installation. However, besides the lower rejection rates
for ions compared to line 1, TP1, the TOC- removal remained very high. This indicates that
TOC removal is much more resilient against irregularities within the PEM structure, than ion
removal, as also seen in lab scale experiments (section 4.5.3). As TOC is a sum parameter, little
changes in the rejection of smaller fractions have much less impact on the overall performance.
This emphasizes the promising behavior of the LbL modified UF membranes in the field of
TOC removal.

4.7.2.1.2 Impact of flux

The higher flux rate in line 2, TP1 compared to line 1, led to a much higher required TMP than
in line 1 (Figure 58). In addition to this, as more substances are transported towards the
membrane surface, fouling was more pronounced, resulting in a higher permeability decrease
and TMP increase (Figure 59). It also shows that regular hydr. BW was less effective than in
line 2, TP2, which can be attributed to the higher specific permeate volumes and accumulated
substance loads after which a hydr. BW was conducted. Increasing the hydr. BW rate might
lead to better process stability.

Divalent ion rejection was again very high in line 2, TP1, but a little more spread than for the
other TPs. Monovalent ion rejection was even a little lower, yet in a similar range compared to
line 1, TP1. Although flux was higher, ion rejection was overall a little less. Combining results
from WW 1 and WW 2 shows that the solution diffusion approach is not sufficient to clearly
explain rejections observed during filtration. As void water is still present within the PEM
structure, increasing convective water flow might also increase the substance flow rate through
the membrane due to a higher share of convective transport. Smaller ions are more affected by
this increased convective transport. Therefore, rejections are comparatively lower at a higher
flux for Mg?*, and Ca?*, as well as for monovalent ions. However, yet again, TOC removal
remained nearly unaffected by the increasing flux.
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For line 2, TP1, the conducted CIP did have a higher efficiency than in line 1. Even if substances
were only removed partially, the CIP had a higher impact, likely due to the higher amount of
accumulated substances. However, rejections remain unaffected by the CIP. Reasons for this
could be that substances were expected to accumulate mostly on top of the membrane surface.
Therefore, substances, which possibly interact with the PEM within the film structure were
unaffected. Additionally, as scaling and crystal formation were less, no PEM damage from
removing the respective crystals, as observed in section 4.5.2, was as expected.

4.7.2.1.3 Dead end operation

In line 2, TP2, the operation was switched from CF to DE mode with a comparatively high
hydr. BW interval of 2 hours. As no flow rate flows through the membrane capillaries, Ap was
close to zero (Figure 58). After an even steeper initial permeability decrease and TMP increase
compared to line 2, TP1, both parameters stabilized throughout the TP, leading to a very low
TMP increase and permeability decrease (Figure 59).

However, on the one hand, for mono- and divalent ions, no rejection at all was observed (Figure
60). As partially rejected substances accumulated within the module capillaries, ion feed
concentration increased. Eventually, CP and respective concentrations at the membrane surface
reached such high values that no rejection can be observed anymore for the regarded ions (see
section 4.3.2.1). On the other hand, due to size exclusion, TOC removal was still at
approximately 50 % right after installing the membrane. However, it decreased with increasing
specific permeate volume, resulting in a rejection of only 10 to 20 % at the end of TP2. The
combination of decreasing TOC removal and the low regression gradients for TMP and
permeability indicate PEM damage. As described, one consequence of the DE operation was
increased ion concentration, which could have also influenced membrane performance. Due to
the increasing ionic strength within the capillaries, ion-induced swelling could have occurred
(see section 4.3.1). This would have led to a less dense layer structure and thus, less hydr.
resistance and lower rejection for larger molecules. Although these high concentrations were
also expected to lead to the formation of visible crystals, there was no substantial increase in
the number of crystals compared to the other TP in WW 2 (Figure 65). Another reason for the
behavior could have been the mechanical stress of frequent hydr. BW. SEM images at a
magnification factor of 1,000 show a pattern of larger areas, where no fouling accumulated or
was removed from the membrane surface (dark areas), for both, membrane inlet and membrane
outlet (Figure 65 A and B). However, also at a magnification factor of 200,000 (Figure 65 D),
no pores were visible (cracks are attributed to the gold layer from the sputtering process). Thus,
the PEM structure was not completely removed from the membrane surface by hydr. BW, but
could have been restructured or partially damaged.

Overall, line 2, TP2 shows that DE operation can be challenging. Therefore, further research is
required to determine the cause of membrane damage and accordingly adapt the operational
parameters. Possibilities would be for example a very high WCF, but still with a discharge of
retentate, or pseudo-DE, where a regular Fwd.-Flush is implemented to again continuously
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discharge highly concentrated solution. Overall, at the beginning of the DE operation, a high
selectivity of TOC to ion removal could be achieved, which could reduce post-treatment, such
as for example re-hardening.

A Membrane inlet B Membrane outlet

C Membrane inlet - : D Membrane inlet

Figure 65: SEM imaging of the membrane surface module of WW 2, line 2, TP2 at the A) inlet, and B) outlet
of the membrane; Mag. = 1,000; C)-E) display enlarged part of the membrane surface with C) Mag = 10,000,
D) Mag. = 200,000 and E) Mag. = 25,000

4.7.3  Summary and Outlook of the pilot operation

Operating LbL modified UF membranes with industrially applied length was possible with a
real drinking water matrix in two different WW for several months.

S04%, Mg?*, and Ca?" rejections in the lower range of commercially available NF membranes
could be achieved. Monovalent anions were also partially rejected by the membrane, whereas
monovalent cations even reached negative rejection rates. However, different factors had an
impact on the separation efficiency, as well as the process stability as described in the following.

Possible irregularities during coating influenced mono- and divalent ion rejection. Thus, the
high reproducibility of the modification procedure is key to achieving a stable and reliable
performance. Furthermore, the coating procedure would have to be adapted to an even larger
number of fibers in one module when industrially applied. In addition to this, the rejection
behavior was partially influenced by a CIP. Thus, the possible effect of a CIP on scaled LbL
membranes needs further investigation. Hereby, the effects of elevated feed water temperature
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should be separately evaluated from the possible effects that the removal of scalants or foulants
might have. The overall aim should be to ensure membrane integrity while improving fouling
removal efficiency.

A lower temperature favored the rejection efficiency for monovalent anions as rejection
decreased at higher temperatures (above 15 °C here). It can be attributed most likely to a higher
diffusion rate of ions. In addition, increasing the temperature can lead to PEM swelling and
thus, less dense film structure. However, the same behavior was not visible for divalent ions as
rejection remained independent of temperature. Thus, as NF membranes are mostly applied to
remove divalent than monovalent ions, the modified membranes could still be used for elevated
temperatures above 15 °C. Dependent on the overall treatment goal, a higher selectivity of di-
and monovalent could even be advantageous.

Like in lab scale experiments, CF velocity had a major impact on membrane performance. Due
to increasing CP at lower CF velocity, rejection decreased for divalent ions and monovalent
anions. Additionally, required TMP increased, as the result of increased osmotic pressure. In
contrast to that, decreasing CF velocity led to a decrease in pressure loss along the membrane,
as well as a lower feed flow rate, leading to a tradeoff between observed rejection and specific
energy demand.

In both WW, membrane modules could be hydraulically BW with a BW flux of 50 L/(m? h).
However, efficiency was dependent on the type of fouling. In WW 1, where scaling was
predominant, dosing AS was more efficient for a stable performance than regularly conducted
hydr. BW cycles. It indicates that formed nuclei could not be removed efficiently from the
membrane surface by hydr. BW, leading to crystal formation and growth. In contrast, in WW
2, where organic fouling was the major fouling component, the implementation of hydr. BW
led to a stabilization of the filtration process and was more efficient than the use of AS. AS
dosage generally requires additional costs, and specific knowledge, as well as complicates the
process. Furthermore, AS accumulates in the retentate and has to be further dealt with,
dependent on the substances used and respective concentrations. But most importantly, it has
to be ensured that the substances are not membrane-permeable. As the full chemical
composition of AS is usually unknown, an appropriate retentate treatment, as well as target-
oriented analytics in the permeate are challenging. Thus, regular hydr. BW might be a
promising, safe alternative to AS when applicable.

Increasing the water flux led to an increase in TMP and permeability gradients due to higher
amounts of accumulated foulants. However, adapting the cleaning procedure to higher hydr.
BW intervals could stabilize the operation. In contradiction to the solution diffusion approach,
increasing the flux led to a slightly lower rejection of divalent cations and a more severe
decrease of monovalent anions. Nevertheless, the influence on SO4% and the divalent cations —
which would be more suitable target substances than monovalent ions — was rather small, so
that membranes could be operated within the regarded flux ranges.
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Increasing the WCF up to 80 % in CF mode was possible, without major influence on either
permeability or rejection rates. A higher WCF would increase resource efficiency and decrease
the amount of retentate. This would have to be further dealt with and is an increasing challenge
in the operation of dense membrane processes.

Additionally, a very high TOC removal (> 95 %) could be obtained. Furthermore, the rejection
was much more stable than observed for mono- and divalent ions. Although values were not
measured and monitored, SAC2s4 and SACazs removal is expected to be even higher, as they
reflect only a part of the larger MW of the overall TOC. These results support the lab scale
conclusions, that the LbL modified membranes have a high potential for this field of
application.

When operating membranes in DE, no rejections at all were obtained for mono and divalent
ions. In addition to this, high CP or high hydr. BW frequency led to the stability limit of the
used membranes, also leading to a decrease in TOC-removal from > 50 % to < 20 %. Hence,
further investigation is required to separate the possible impact of these influences. If high ionic
strength within the capillaries led to swelling effects, a CF mode with low CF velocity would
be beneficial to withdraw highly concentrated retentate from the system, while remaining low
pressure loss along the membrane. If the interval of hydr. BW exceeded the mechanical stability
of the LbL layer, replacing hydr. BW with Fwd.-Flush and regular CEB might extend
membrane lifetime.

In conclusion, operation in the WW showed that a stable operation of LbL modified membranes
is possible over longer periods when suitable operation parameters were chosen. Rejection rates
in the range of NF membranes could be achieved, depending on different factors. TOC removal
was highly effective and more stable than mono- and divalent ion rejection. Thus, in conclusion,
LbL membranes can be used for ion removal, but show a highly promising potential for the
removal of dissolved substances with larger MW, such as NOM or color.
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5 Conclusions and outlook

Within this work, porous PES hollow fiber UF membranes were modified using the LbL
technique. For all experiments, the virgin membranes with a nominal pore size of approximately
20 nm were coated using the PE pair of PDADMAC/PSS in 0.1 M NaCl. For the vast majority
MW of 400-500 kDa and 1.000 kDa were used respectively. For other experiments PE with
MW of < 100 kDa and 80 kDa were used or MW were mixed.

First, a model was developed to identify and visualize pore vs. layer dominated PEM formation.
Hereby, PEM formation happened pore dominated when the PE MW was smaller than the
MWCO with a transition to layer dominated formation towards higher numbers of applied
layers. When PE with a larger MW than the MWCO were applied, the PEM formation was
directly layer dominated with increasing layer thickness. Additionally, a layer dominated PEM
growth resulted in higher permeabilities at a similar rejection. Thus, not only was a model
derived for the location of layering, but also the results identified the interplay of PE MW and
virgin membrane MWCQO as another crucial parameter for the resulting membrane
performance.

Furthermore, the performance of the modified membranes was tested. MgSOs rejection
(> 90 %) in the lower range of commercially available NF membranes could be achieved in lab
scale. Additionally, the modification could be transferred to industrial-length modules in a pilot
plant. These could be successfully operated for several months at two different WW with
different water compositions, still achieving high divalent ion rejections (Rgpz- > 90 %,

RMg2+ ~ 90 %, Rig2+ > 80 %)

However, theoretical model supported lab scale and pilot results identified flow conditions
within the capillaries of the hollow fibers as the major impact on membrane performance. The
maximum rejection for mono- and divalent ions in the pilot plant was observed at a relatively
high CF velocity of 1 m/s at the membrane outlet. Decreasing CF velocity to 0.6 m/s already
decreased resulting rejections, as well as increased required TMP. Both velocities resulted in
laminar flow conditions, further leading to a build-up of CP through the laminar boundary layer.
This CP was identified as the major impact on observed rejection, as well as influenced the
required TMP due to increased osmotic pressure. Adapting the CF velocity is one possibility to
control the extent of CP. However, increasing the CF velocity would negatively impact energy
efficiency.

In addition to the velocity influence, modelling and lab scale results showed that CP becomes
much more severe with increasing membrane length. Besides lower resulting rejections,
increasing CP might also increase the risk of heterogeneous scaling on the membrane surface,
as salt saturation concentrations might be exceeded throughout the laminar boundary layer. The
formation of scalants can furthermore damage the PEM structure, possibly leading to a loss in
membrane integrity, which was indicated by lab scale scaling experiments. Additionally, some
scalants — such as BaSO4 — are difficult to remove from the membrane surface, resulting in
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permanent permeability loss. However, the impact of crystal formation during scaling on the
PEM structure requires further investigation.

Another possibility to control CP, which was not investigated within this work, would be
geometrical modifications at the membrane surface or external turbulence promoters, which
add turbulences, induce secondary flow, or reduce the required feed volume flow to achieve
respective velocities. However, as the high tolerance for particle concentration in the raw water
is — due to the hollow fiber geometry — one advantage of the membrane, it must be ensured that
the feed channel is still wide enough to prevent blockage.

Another investigated phenomenon was the swelling of the PEM structure due to counter ions
in a surrounding solution. However, ion concentrations, where swelling started to occur,
surpassed realistic concentrations typically found for freshwater sources of drinking water.
Thus, swelling and related changes in filtration performance are rather unlikely to happen when
considering the investigated LbL modification PE/UF system for drinking water treatment.
Nonetheless, the swelling effect might need to be considered in other possible fields of
application, for example for the treatment of industrial wastewater.

The MWCO of the membranes was in the lower range compared to commercially available
membranes, allowing the removal of small dissolved substances. Very high SACzs4 rejection
could be achieved even in DE operation for two different NOM solutions with 95 % for a
solution containing larger substances (more than 80 % of the SAC2s: was > 1 kDa). For a
solution containing a higher share of small NOM substances (more than 25 % of the SAC2s4
was < 1 kDa) rejection was still > 90 %. The TOC rejection was > 90 % and > 80 % for the two
solutions respectively. Additionally, TOC rejections of > 95 % could be achieved in CF with
the pilot scale modules in one waterwork that was investigated. Overall, the membrane modules
revealed an exceptionally high potential for organic removal attributed to the low MWCO.

Furthermore, the hollow fiber geometry of the membranes allowed periodical hydr. BW during
operation. Although the mechanical stress was limited to a BW flux of 50 I/(m2 h), it showed
promising results during the operation with a real water matrix with high organic content.
Although the hydr. BW efficiency was poor in terms of NOM fouling removal after DE
operation, it would still enable the implementation of CEB. The tested CEB was highly efficient
to remove the organic foulants from the membrane surface and to restore membrane
permeability. Implementing a regular CEB during operation allows a flexible and prompt
response, preventing excessive fouling. For a real water matrix with low organic but rather high
inorganic content, AS dosage was more efficient to maintain high performance efficiency.

Overall, the LbL modification of hollow fiber UF membranes enabled the successful
performance combination of conventional NF membranes, with the advantages of hollow fiber
membranes. While good removal rates for divalent ions could be achieved, the membranes
show high tolerance for particles, exceptionally high removal of NOM, and the ability to
backwash or conduct a regular CEB. Consequently, this makes LbL modified membranes ideal
for the treatment of waters with high contents of dissolved organics and particle loads.
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7 Supplementary information

7.1 List of constants

Table S 1 lists the used generally known constants and their value rounded to 6 digits after the
comma.

Table S 1: List of constants

Constant Value
e 2.718282
T 3.141592
7.2 Used chemicals and software

Table S 2 gives a list of used chemicals and the respective manufacturer.

Table S 2: List of used chemicals

Chemical Manufacturer

CaClz Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
EDTA Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
H3PO4 Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
HCI Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
Hoholohlake Batch-ID: H029

KCI Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
KOH Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
MgSO4 7H20 Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
Na2COs3 Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
Na2SO4 Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
NaCl Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
NaHCOs Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
NaOH Carl Roth GmbH & Co. KG, D-76185 Karlsruhe
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PEG
1500 Da

200 Da
300 Da
400 Da
600 Da
6000 Da

Poly(diallyldimethylammonium
chloride) (<100 kDa)
Poly(diallyldimethylammonium
chloride) (400-500 kDa)
Poly(sodium 4-styrenesulfonate)
(1.000 kDa)

Poly(sodium 4-styrenesulfonate)
(80 kDa)

Sigma-Aldrich Chemie GmbH, D-89555 Steinheim
Sigma-Aldrich Chemie GmbH, D-89555 Steinheim
Sigma-Aldrich Chemie GmbH, D-89555 Steinheim
Sigma-Aldrich Chemie GmbH, D-89555 Steinheim
Sigma-Aldrich Chemie GmbH, D-89555 Steinheim
Carl Roth GmbH & Co. KG, D-76185 Karlsruhe

Sigma-Aldrich Chemie GmbH, D-89555 Steinheim
Sigma-Aldrich Chemie GmbH, D-89555 Steinheim
Sigma-Aldrich Chemie GmbH, D-89555 Steinheim

Sigma-Aldrich Chemie GmbH, D-89555 Steinheim

Table S 3 lists the software used during the work.

Table S 3: List of the used software

Software Manufacturer Use
Attract Anton Paar GmbH, A-8054 Graz, Monitoring, operation and
Austria evalution of zeta potential

measurement

BALANCE

CONNECTION SCD

4.0

ChromCALC

MagICNet

MS Excel

MS Office

Pilot-UF
070220

V1.0

KERN & Sohn GmbH, D-72336
Balingen

DOC-Labor GmbH, D-76229
Karlsruhe

Deutsche Metrohm GmbH & Co.
KG, D-70794 Filderstadt

Microsoft Corporation, USA-
WA 98052-6399

Microsoft Corporation, USA-
WA 98052-6399

TUHH-Forschungswerkstatt
Elektrotechnik, D-21073
Hamburg

Recording of balance data

Evaluation of LC-OCD-UVD
data

Operation and evaluation of IC
Data evaluation / general spread
sheet program

Presentations, visualizations

Operation pilot plant
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SPS Scale

TUHH Mess_6-18

Ventilsteuerprogramm

TUHH-Forschungswerkstatt

Elektrotechnik,
Hamburg

D-21073

TUHH-Forschungswerkstatt

Elektrotechnik,
Hamburg

D-21073

Surflay Nanotec GmbH, D-

12489 Berlin

Calibration tool for filtration
plant

Recording and visualization of
pressure data

Operation Nanocoater
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7.3 Calculation of concentration polarization

To estimate the concentration polarization, first the Reynolds (Re), and Schmidt (Sc) numbers
have to be calculated [163]:

Re = thyd "% Pw (20)
T

With: d,,,q: hydraulic diameter (dp,q = d.qp for a capillary and d,,q = % for a rectangular feed channel);
Pw: Density of water; n,,: Dynamic viscosity of water

Sc = Nw
Pw * Dij

(21)

With: D;;: Diffusion coefficient of a substance in a solute

The Sherwood number is calculated according to laminar (Sh;,,,) or turbulent (Shy,,) flow
through a channel or tube [163]:

1

d 3
Shygm = 1.62 - <Re .Sc - %) (22)
1
Shyy, = 0.023 - Re%8 - S¢3 (23)

With: L: Length of the flow channel

The thickness of the laminar boundary layer (65;) is calculated as [21]:

dnya (24)
Sh

From &g, and the diffusion coefficient of the regarded substance in the solute, the mass transfer

coefficient (f) can be derived [21]:

OpL =

g=2u (25)

6BL
In the last step the concentration polarization (CP) can be calculated, based on g, the flux (J,,))
and the internal Rejection (R;;,) [61] :

Jw

cp=5m_ ef (26)

c Jw
! Rine + (1- Rint) -ebB

129



Supplementary information

7.4 Calibration IC
Table S 4 shows the calibration ranges for different ions of the IC.

Table S 4: Calibration range for different substances measured with the ECO IC

Substance Concentration min  Concentration max Detector
Fluoride F 1 0.04 Conductivity
Chloride CI 100 1 Conductivity
Bromide Br 1 0.02 Conductivity
Nitrate NO3 50 0.5 UVIVIS
Sulphate SO4* 250 2.5 Conductivity

7.5 Occurrence of PEG single peaks and PEG mixture in LC-OCD analysis

Figure S 1 shows the relative signal detection of the OC-detector in dependence of the relative
elution time, related to the signal of the feed mixture. Figure S 1 B plots the relative occurrence
of the maximum of each single PEG analysis. As it is in good agreement to the measurements,
the MWCO can be calculated using to the exponential trend.

A B
400 Da 200 Da
1.2 10000 +
6000 Da 1500 Da 600 Da 300 Da ] .
N {1 x X PEG peak maximum
< ¢ N N - Exponential trend
S 0.8 - a N .
= ; X,
1 ~
5 < 1000 4 .
z @) ] *
=04 @ .
g = X
= X
s \
' Rz = 0,998 X
0 ’IJ z l’l_:—’."‘:{'”;‘;‘ — ‘:‘I“-‘ —r-:;;‘.‘_:' l 00 T T T T
0 0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1
Relative elution time / - Relative elution time / -

Figure S 1: LC-OCD analysis for PEG solutions A) LC-OCD analysis for single PEG solutions and the feed
mixture of these PEG with different MW; B) Relation between the relative elution time and the peak
maximum of single PEG measurements
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7.6

Assumptions for the determination of pore vs. layer dominated PEM formation

Table S 5 lists the membrane properties of used membranes with different MWCO.

Table S 5: Parameters for membranes with different MWCO used for experimental validation [96]

Parameter Unit MB220 MB100
Active layer thickness / pore length (1) um 2
Capillary diameter (d,) mm 0.9
Molecular weight cut-off (MW CO) kDa 220 100
Initial pore diameter (d,, o) nm 36 22
Number of pores per unit of active area (N') 10* 2.85 7.63
Porosity (&) % 29

Table S 6 lists modeling assumptions to calculate the hydraulic resistance of step wise LbL-

modified membranes.

Table S 6: Modeling assumptions for the flux and hydraulic resistance behavior of step wise LbL- modified

membranes [96]

Assumed parameters Unit M_220- M_100- M_100-
P PSS PSS PDADMAC
D ic viscosit k .002 - 103
ynamic viscosity (1) g /ms 1.002 - 10
Thickness per double layer nm 4.0
(6n)
Mass deposited per layer kg 0.25
(mq)
Fitted parameters
Standard blocking constant m2/ 7.9-10* 4.0- 10* 2.5-10*
kg
(Ks)
Specific cake resistance (R,) 1019/ ) 46.2 20.6 7.3
m
Transition coefficient a (s,) 10.5 4.0 4.0
Transition coefficient b (s}) 3.0 4.5 4.5
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Table S 6 lists the assumed parameters for the flux modeling after the step wise coating
procedure. M_220-PSS refers to coating of small MW PE on higher MWCO membranes and a
determining layer of PSS, M_100-PSS to the coating process of high MW PE on lower MWCO
membranes and a determining layer of PSS, and M_100-PDADMAC to the respective
PDADMAC terminated membranes.

7.7 Influence of CF velocity on organic removal

Figure S 2 shows the LC-OCD analysis for duplicates for the removal of PEG with different
MW at different CF velocities at the outlet of the membrane module. The left diagram is
displayed and discussed in section 4.3.2.3, while the right diagram presents the duplication of
the experiment.

Membrane A Membrane B
400 Da 200 Da 400 Da 200 Da
1500 Da 600 Da | 300 Da 1500 Da 600 Da | 300 Da
1.2 F ¥ — F 1.2 ¥ T — T
—Feed P ; —Feed
---0.2 m/s P 1l ---0.2m/s

i || 0.065 m/s PO\ S | 0.065 m/s
208 - ---‘~~~~0.()4 m/s 208 1 ----“-"0.04 m/sz
20 : | ] | |

(] (]
= <
< =

=] =
.20 20
204 204

(9] L

R~ [a7

0 +— - : 0 i st =
0.3 0.6 0.9 0.3 0.6 0.9
Rel. elution time / - Rel. elution time / -

Figure S 2: LC-OCD analysis for the PEG mixture solution filtration at different CF velocities ; filtration
parameters: Jw =35 L/(m2 h), WCF < 20 % (compare Figure 25), crec =5 mg/L; the left diagram is displayed
in section 4.3.2.3 right diagram presents the duplicate.
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7.8 Permeability and rejection in high ionic strength solutions

Table S 7 gives the ionic strength and related concentrations of the solutions, the membranes
were immersed in to evaluate the influence of ions in the surrounding solution of the
membranes.

Table S 7: Regarded ionic strength and related concentrations of the different immersion solutions

Immersing lonic ) Immersing lonic .
. Concentration . Concentration
solution strength solution strength
mol/L mol/L mol/L mol/L
0 0 0 0
0.1 0.1 0.1 0.04
0.2 0.2 0.2 0.08
NaCl 0.3 0.3 MgCl; 0.3 0.12
0.4 0.4 0.4 0.16
0.5 0.5 0.5 0.2
0.75 0.3
0 0 0 0
0.1 0.04 0.1 0.025
0.2 0.08 0.2 0.05
0.3 0.12 0.3 0.075
Na>S04 0.4 0.16 MgSQO4 0.4 0.1
0.5 0.2 0.8 0.2
0.75 0.3 1.2 0.3
1 0.4 1.6 0.4
1.25 0.5 2 0.5

Figure S 3 shows the influence of increasing ionic strength of the membrane surrounding
solution in terms of relative permeability and relative MgSOQOas rejection related to permeability
and rejection before immersion.
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Figure S 3: Influence of ionic strength of different solutions on permeability and MgSOs-rejection, displayed
as relative values related to values after coating and subsequent immersion in DI water; filtration
parameters: Jw = 35-40 L/(m2 h), ucs =1 m/s, WCF < 10 %, Cmgsos = 1.04 mM, n =2

7.9 Process modeling

The filtration process was modelled using OMEdit (Open Source Modelica Consortium). The
following shall give an overview on the structure of the model, as well as its fundamental
equations.

Permeate
Seg. 4

Permeate
Seg. 3

Raw_ water
model

— Permeate

Permeate
Seg. 2

Permeate
Seg. 1

,.Membrane*
models

,.Permeate” models

Figure S 4: Structure of the model used to depict the filtration process

The structure of the model depicting the filtration process is schematically displayed in Figure
S 4. Different assumptions and boundary conditions have to be set before modeling (records
membrane_properties, set_flow_parameters, and in the model Raw_water), which are number
of fibers (m) and capillaries per fiber (n), capillary diameter (d_cap), overall membrane length
(I_m), number of membrane subsections for calculation (sn_t, usually 32), number of segments,
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in which permeate is collected (sn_p), internal membrane rejection (Rint oriented on the
maximum rejection at turbulent flow), CF velocity at the overall membrane inlet (u_c,f), overall
permeate flux (J_p_overall), water conversion factor (Y), membrane water permeability (k_w),
initial water volume of the raw water tank (V_initial) and an additional friction factor for
pressure loss (f_p), and initial concentration in the feed tank (c_raw_init).

From the crossflow velocity, the feed volume flow rate leaving the raw water tank is calculated
as:

Qraw = Uer - Acf (27)

With: A ¢ Area of the capillary cross sections

The model divides the membrane fiber(s) into 32 subsections (independent “models’), which
are treated like single batches, where concentrations and pressures are assumed to be constant
throughout the whole subsection. However, leaving concentrations and volume flow rates are
based on volume and mass balances (described in the following), whereas leaving feed pressure
includes the pressure loss (Apnpr), which is calculated using the Hagen Poiseuille equation [164],
if necessary in combination with f_p:

l
8.y
Qin,i sn
Apppi = fp 7 IR : (28)
cap
(52)

With: u: Dynamic water viscosity, Q;,: Feed volume flow rate at the membrane inlet

The subsection TMP is calculated using equation 1 in section 2.1. The permeate flow rate is
calculated based on the permeability and membrane area:

]w,i = kw -TMP; - Aact,i (29)

With: A,;: Active membrane surface area of the subsection membrane module

As the Aposm is not included in the calculation of the flux, the modeling of the flow rates is
limited to low raw water concentrations. Thus, for higher concentrations, the osmotic pressure
has to be calculated (already implemented in the model) and included into the flux calculation.

The bulk concentration in the feed solution is assumed as the bulk concentration is entering the
subsection. Concentration at the membrane surface is calculated according to equations 11-17
in section 7.2 and equation 6 in section 2.2. The permeate concentration is calculated according
to equation 8 in section 2.7. As both concentrations are known, the observed rejection can be
calculated using equation 4 in section 2.1. The feed bulk concentration leaving one and is passed
to the next membrane subsection model is based on rearrangement of the law of mass
conservation:

_ Qrini* Crini + Qpi* Cpii
Cf,out,i -

(30)
Qf,out,i
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Permeate of each 8 membrane subsections are combined and collected as one of four segmented
permeates according to volume and mass balances:

Qpj =20Qp; (31)
_ 2Qp,i " Cpii (32)
P Qp.j
The overall permeate is then combined from the four segmented permeates:
Qp,total = 2:Qp,j (33)
_20Qpj Sy, (34)
Cp,total B Qp total

The overall observed rejection can then again be calculated according to equation 1 in section
2.1.

The overall retentate from the last subsection membrane module is recirculated back into the
feed tank. Thus, also over time, concentrations could be calculated and visualized at each
segmented membrane length. Increasing the number of membrane subsections and thus,
decreasing the subsection membrane length can lead to more accuracy, as concentration and
pressure differences between the subsection membrane model inlet and outlet are reduced.

7.10 Calculation of osmotic pressure for scaling experiments

Table S 8 lists assumptions and different intermediate results for the calculation of the osmotic
pressure, as well as resulting permeability in section 4.5.2. The concentration at the membrane
surface mid represents the middle value between the surface concentration at the membrane
inlet (0.05 cm length) and membrane outlet (25 cm length). As CP is not necessarily linear,
values have to be seen as estimation. The resulting Aposm IS derived from that surface
concentration at the membrane middle.

Table S 8: Calculated values for the determination of the osmotic pressure in section 4.5.2

Variable Unit Value
Ideal gas constant Rm J/(mol K) 8.314
Temperature T K 293.15
B factor B - 2
Degree of dissociation a - 1
Stochiometric coefficient v - 2
Concentration feed bulk Cif mol/L 22.2
Concentration permeate Cip mol/L 5.1
Internal membrane rejection Rint % 85
Concentration polarization @ 0.25 m length CPo.2sm - 1.4
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Concentration membrane surface @ 0.25 m length  ¢; 025 m mol/L
Concentration polarization @ 0.05 m length CPo.0sm -

Concentration membrane surface @ 0.05 m length  ¢; 1.0.05m mol/L

Concentration membrane surface mid Cim.calc mol/L
Resulting osm. Pressure Ap bar
Permeability measured Kw L/(m?2 h bar)
TMP measured TMP bar

Flux measured Jw L/(m2 h)
Permeability incl. osmotic pressure Kw,Ap L/(m2 h bar)

311
1.2
26.6
28.9
1.2
8.6
3.0
25.8
14.3

7.11 HSNOM Feed batches

Figure S 5 shows the LC-OCD-UVD analysis for the two different HSNOM batches used
during organic fouling experiments. While the OC signal behaves similar, the UV signal shows
differences for the low molecular weight acids (red circle). Thus, even if size distribution might
be similar (OC-signal), the NOM might differ in composition (UV-signal). As NOM do not
show an overall similar composition [34], differences in molecular structures for both batches

and with it interaction could occur.

2 — HSNOM Batch |
——HSNOM Batch 2
)
Q
=
& 1
5
4
0

20 25 30 35 40 45 50 55 60
Elution time / min

Figure S 5: LC-OCD (top) and LC-UVD (bottom) analysis for the different HSNOM batches.
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7.12 Corrections for temperature and osmotic pressure in the WW

Different equations were used for temperature and osmotic pressure corrections, following the
technical manual for dense membranes from DOW [165]. First, a temperature correction factor
(TCF) related to 25 °C was calculated:

TCFy5oc = €xp <3020 : ( r ! )) (35)
298.15 273.15+ 79
With: 9: Solution temperature
The TMP was related to a temperature of 25 °C (TM P,s-.) according to:
TMPysor = TMPg - TCF (36)

With: TMP,4: TMP at operation temperature according to equation 1 in section 2.1

The amount of total dissolved salts (TDS in mg/L) was estimated as the summarized
concentration of major ions from lab analysis.

TDSmeasured (37)
= Xc(Ca®t,Mg**,K*,Na*,HC03,50;,Cl~,HCO3,NO3)

With: c(i): Measured concentration of the respective ion

The measured TDS could then be related to the respective conductivity during sampling:

— TDSmeasured (38)
Cond250C

With: k: Empirical factor, Cond,s.c: Conductivity at 25°C
The continuous online TDS was then estimated from the conductivity measurements.

TDS = K- Condzsoc (39)

The osmotic pressure (Aposm in bar) was finally approximated from an empirical approach:

_ TDS - (9 + 320) (40)

Posm = ~491000

The final permeability at 25 °Ca and including Aposm Was then calculated using equation 3 with
TM P25°C and Aposm.
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7.13  SEM pictures of 1-8 DL coated membranes in the WW1

Figure S 6 A)-D) shows SEM pictures of the surface of the membrane coated with 1 DL small
and 8 DL large MW PE after operation for 3 TP in WW1. A) shows the inlet, B) the mid section,
and C) and D) the outlet of the membrane.

Figure S 6: SEM imaging of the membrane surface module of WW 1, line 1, TP1-3 at the A) inlet
(Mag. = 1,000), B) mid section (Mag. = 1,000), and C) and D) outlet of the membrane (Mag. = 1,000 and
Mag. = 562 respectively);
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7.14 Exemplary model of a segmented membrane module on OpenModelica

The following pages show code for the modeling of a capillary membrane with 7 capillaries,
each capillary diameter of 0.0009 m in one fiber and a length of 0.27 m. Selected filtration
parameters and assumptions are: Jw = 32.92 L/(m2 h), ucr = 0.09 m/s, kw = 13.68 L/(m?2 h bar),
Rint = 95 %, ¥ = 20°C. The model divides the membrane in 32 single segments, which are
treated as batch experiments as simplification. 8 of these are summed up into the 4 segments
along the membrane length, which could then be compared to some of the experimental results.

Different parameters can be adapted in the model, such as permeability, internal rejection, CF-
velocity, flux, number of fibers, number of capillaries, capillary diameter, or diffusion
coefficient.

package Membrane_Process

### The model was developed by Shravya Hebbur Murali as part of her master thesis in
supervision of Jakob Stumme during his research at the DVGW Research Centre TUHH

connector Inlet

flow Real Q(quantity = "volumetric flowrate", unit = "L/h") "Flowrate";

input Real c(quantity = "concentration™, unit = "mg/L") "concentration of contaminant”;
Real P(quantity = "pressure”, unit = "Pa") "Potential variable";

end Inlet;

connector Outlet

flow Real Q(quantity = "volumetric flowrate", unit = "L/h") "Flowrate";

output Real c(quantity = "concentration", unit = "mg/L") "concentration of contaminant™;
Real P(quantity = "pressure”, unit = "Pa") "Potential variable";

end Outlet;

record membrane_properties

parameter Real n = 7 "Number of capillaries per fiber";

parameter Real m = 1 "Number of Membrane Fibers";

parameter Modelica.Slunits.Length d_cap = 0.0009 "Capillary diameter in m";
parameter Modelica.Slunits.Length |_m = 1.2 "Capillary membrane length in m";

parameter Real sn_t = 32 "Total number of model segments";
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parameter Real sn_p = 4 "Number of segments in experimental setup™;
parameter Real R_int = 0.93"Max membrane rejection™;

end membrane_properties;

record set_flow_parameters
parameter Real u_cf = 0.7; //Crossflow velocity at the membrane inlet

parameter Real J p overall = 35; //Average permeate flux as the permeate leaves the
membrane (L/hm”2)

parameter Real Y = 0.1; //Water conversion factor (Q_p/Q_raw)
parameter Real k_w = 11; //water permeability through the membrane in (L/hm”2 bar)
parameter Real V_initial = 1500 "Raw water Tank in L";

parameter Real f_p =1 "additional friction factor pressure";

end set_flow_parameters;

record Conc_pol_parameters

/loutput

Real Re "Reynoldsnumber";

Real Sc "Schmidtnumber™;

Real Sh "Sherwoodnumber";

Real CP "concentration polarization™;

Real delta "d_h/Sh";

Real k "D_i.Sh/d_h";

/linput

constant Real D_i = 1.07 * 10 ~ (-9) "Diffusion coefficient / m2/s";

end Conc_pol_parameters;

record osmopressure_solute

constant Real R_gasconstant = Modelica.Constants.R;
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parameter Real alpha = 1 "disscociation constant between 0 and 1";
parameter Real T = 293 "temperature /K";

parameter Real v = 2 "stoichiometric coefficient";

/lc_fis the only variation from one membrane module to the next
Real P_osmotic;

Real B;

end osmopressure_solute;

class calculated_flows

constant Real pi = 3.141592;

Real d_h "hydraulic diameter™;

extends membrane_properties;

extends set_flow_parameters;

output Real A_cf "Crosssectional flow area / m?";
output Real A_act "Active Membrane area / m?";
equation

d h=d cap*m*n;

A cf=pi*(dcap/2)"2*n*m;

A act=pi*d h*l m;

end calculated_flows;

model Raw_water

Inlet In_MO;

Outlet Out_F;

extends calculated flows;
extends set_flow_parameters;
//Permeate Perm;

parameter Real ¢_raw_init = 100 "Concentration of contaminant / mg/m3";
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Real Q_raw_f "raw water flowrate set/ L/h *';
Real ¢_raw;
//IReal Q_p;

Real V(unit = "m3") "Volume of water in the raw water tank varying with progression of the
filtration process with time";

//[Real V_initial(unit = "m3") =500 * 10 ~ 3 "Volume of water present in the tank™;
Real P_increase "Increase pressure";
Real P_f "Feed pressure”;

initial equation

C_raw =c_raw_init;

V =V _initial;

equation

Out_F.c =c_raw;

Q raw_f=u_cf* A cf* 3600 * 1000;
Out F.Q=-Q raw_f;

der(V) =In_MO.Q + Out_F.Q;
der(c_raw * V) =In_MO.Q * In_MO.c;
P_increase = Out_F.P - In_MO.P;

Out F.P=P f;

end Raw_water;

model Membrane

Inlet In;

Outlet Out_P, Out_M,;

Real sn "segment number™;

Real R_obssn "rejection considering CP";

Real c_msn "concentration along the membrane / mg/L";

Real ¢_fsn "concentration of feed or bulk / mg/L";
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Real tsn "thickness of boundary layer / m";

Real TMP "transmembrane pressure /bar";

Real WCF "water conversion factor";

Real P_loss_HP "Pressure loss along the membrane length using Hagen-poiseuille equation™;
Real e_sn "energy used in each segment unit";
parameter Real rho = 998.2 "density of water kg/m"3";
parameter Real mu =1 * 10 ~ (-3) "dynamic viscosity / Pa.s";
Real Q_psn "permeate leaving segment n";

Real J_psn "permeate flux through segment sn";

Real u_cfsn;

Real P_in;

Real P_out;

output Real A _act_sn;

extends calculated_flows;

extends Conc_pol_parameters;

extends osmopressure_solute;

extends membrane_properties;

equation

A act sn=A act/sn_t;

abs(In.c) = c_fsn;

u_cfsn =1In.Q / (A_cf * 3600 * 1000);

P_in=In.P;

Out P.P=0;

P loss HP=f p*InQ*@/(M*n))*mu*l_m/sn t*10"(-5)/((d_cap/2)"4*pi *
3.6 *10"6);

/I convert from pa to bar - Q from I/h to m3/s, flow is considered to be equally distributed
through the m capillaries in the n fibres

P _out=P_in-P_loss HP;

TMP = (P_in+ P_out) /2 - Out_P.P;
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Out_M.P = P_out;

Q psn=k w*TMP * (A_act/sn_t);
J_psn=Q_psn/(A_act/sn_t);
Out_P.Q = -abs(Q_psn);

In.Q + Out_P.Q + Out_M.Q =0;

(CP, Re, Sc, Sh, delta, k) = Concentration_polarization(d_cap, D_i, |_m * sn / sn_t, c_fsn,
u_cfsn, J_psn, R_int);

(B, P_osmotic) = osmotic_pressure(R_gasconstant, alpha, T, c_msn, v);
WCF = abs(Out_P.Q/ In.Q);

R int=1-0ut P.c/c_msn;

c_msn=CP *c_fsn;

R _obssn=1-0ut P.c/c_fsn;

tsn=D_i/k;

Out_P.c * Out_P.Q + Out_M.c * Out_M.Q + In.c * In.Q =0;

e sn=P_loss HP *u_cfsn * A_cf* 3600 * 1000;

end Membrane;

model Permeate

Inlet In_P1, In_P2, In_P3, In_P4, In_P5, In_P6, In_P7, In_P8, In_P9, In_P10, In_P11,
In_P12, In_P13, In_P14, In_P15, In_P16, In_P17, In_P18, In_P19, In_P20, In_P21, In_P22,
In_P23, In_P24, In_P25, In_P26, In_P27, In_P28, In_P29, In_P30, In_P31, In_P32;

output Real Q_p;

output Real Q_pS1, Q pS2, Q pS3, Q_pS4",Q_pS5™;

output Real ¢c_permeate;

output Real ¢c_permeateS1, ¢_permeateS2, c_permeateS3, c_permeateS4 ",c_permeateS5";
outputReal V_1,V 2,V 3,V 4"V 5"

extends calculated flows;

initial equation

V. 1=0;
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V_2=0;
V_3=0;
V_4=0;
equation

Qp=1InPLQ + In_P2.Q + In_ P3.Q + In_P4.Q + In_P5.Q + In_P6.Q + In_P7.Q +
In_P8.Q +In_P9.Q + In_P10.Q + In_P11.Q + In_P12.Q + In_P13.Q + In_P14.Q + In_P15.Q
+ In_P16.Q + In_P17.Q + In_P18.Q + In_P19.Q + In_P20.Q + In_P21.Q + In_P22.Q +
In_P23.Q + In_P24.Q + In_P25.Q + In_P26.Q + In_P27.Q + In_P28.Q + In_P29.Q +
In_P30.Q + In_P31.Q + In_P32.Q;

c_permeate = (In_P1.c * In_P1.Q + In_P2.c * In_P2.Q + In_P3.c * In_P3.Q + In_P4.c *
In_P4.Q+In_P5.c*In_P5Q +In_P6.c*In_P6.Q+ In_P7.c*In_P7.Q +In_P8.c*In_P8.Q
+In_P9.c *In_P9.Q + In_P10.c * In_P10.Q + In_P11.c * In_P11.Q + In_P12.c * In_P12.Q
+In_P13.c*In_P13.Q +In_P14.c*In_P14.Q + In_P15.c* In_P15.Q + In_P16.c *In_P16.Q
+In_P17.c*In_P17.Q +In_P18.c*In_P18.Q +In_P19.c* In_P19.Q + In_P20.c * In_P20.Q
+1In_P21.c*In_P21.Q+In_P22.c*In_P22.Q +In_P23.c*In_P23.Q +In_P24.c*In_P24.Q
+In_P25.c*In_P25.Q + In_P26.c * In_P26.Q + In_P27.c* In_P27.Q + In_P28.c * In_P28.Q
+ In_P29.c * In_P29.Q + In_P30.c * In_P30.Q + In_P31.c * In_P31.Q + In_P32.c *

In_P32.Q)/Q_p;

Q_pS1 =1In_P1.Q + In_P2.Q + In_P3.Q + In_P4.Q + In_P5.Q + In_P6.Q + In_P7.Q +
In_P8.Q;

Q_pS2=1In_P9.Q +In_P10.Q +In_P11.Q +In_P12.Q + In_P13.Q + In_P14.Q + In_P15.Q
+ In_P16.Q;

Q _pS3 = In_P17.Q + In_P18.Q + In_P19.Q + In_P20.Q + In_P21.Q + In_P22.Q +
In_P23.Q + In_P24.Q;

Q pS4 = In_P25.Q + In_P26.Q + In_P27.Q + In_P28.Q + In_P29.Q + In_P30.Q +
In_P31.Q + In_P32.Q;

der(V_1) = Q _pS1;
der(V_2) = Q_pS2;
der(V_3) = Q_pS3;
der(V_4) = Q_pS4,

c_permeateS1 = (In_P1l.c*In_P1.Q +In_P2.c*In_P2.Q +In_P3.c*In_P3.Q +In_P4.c*
In_P4.Q+In_P5.c*In_P5.Q+In_P6.c*In_P6.Q+In_P7.c*In_P7.Q+In_P8.c*In_P8.Q)
1 Q_pS1;
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c_permeateS2 = (In_P9.c * In_P9.Q + In_P10.c * In_P10.Q + In_P1l.c * In_P11.Q +
In_P12.c * In_P12.Q + In_P13.c * In_P13.Q + In_P14.c * In_P14.Q + In_P15.c * In_P15.Q
+ In_P16.c * In_P16.Q) / Q_pS2;

c_permeateS3 = (In_P17.c * In_P17.Q + In_P18.c * In_P18.Q + In_P19.c * In_P19.Q +
In_P20.c * In_P20.Q + In_P21.c * In_P21.Q + In_P22.c * In_P22.Q + In_P23.c * In_P23.Q
+In_P24.c * In_P24.Q) / Q_pS3;

c_permeateS4 = (In_P25.c * In_P25.Q + In_P26.c * In_P26.Q + In_P27.c * In_P27.Q +
In_P28.c * In_P28.Q + In_P29.c * In_P29.Q + In_P30.c * In_P30.Q + In_P31.c * In_P31.Q
+In_P32.c * In_P32.Q) / Q_pS4;

end Permeate;

class Run

Real WCF_overall;

Real R_overall;

Real P_loss_overall;

Real R_raw_overall;

Real TMP_overall;

Real J_p_overall_av;

Real J pS1,J pS2,J pS3,J pS4",J pS5";
Real R_S1,R_S2,R_S3,R_S4 "R S5";
extends calculated flows;

extends membrane_properties;
Raw_water RW;

Membrane M1(sn = 1);

Membrane M2(sn = 2);

Membrane M3(sn = 3);

Membrane M4(sn = 4);

Membrane M5(sn = 5);

Membrane M6(sn = 6);

Membrane M7(sn = 7);
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Membrane M8(sh = 8);
Membrane M9(sh = 9);
Membrane M10(sn = 10);
Membrane M11(sn = 11);
Membrane M12(sn = 12);
Membrane M13(sh = 13);
Membrane M14(sn = 14);
Membrane M15(sn = 15);
Membrane M16(sn = 16);
Membrane M17(sn = 17);
Membrane M18(sn = 18);
Membrane M19(sn = 19);
Membrane M20(sn = 20);
Membrane M21(sn = 21);
Membrane M22(sn = 22);
Membrane M23(sn = 23);
Membrane M24(sn = 24);
Membrane M25(sn = 25);
Membrane M26(sn = 26);
Membrane M27(sn = 27);
Membrane M28(sn = 28);
Membrane M29(sn = 29);
Membrane M30(sn = 30);
Membrane M31(sn = 31);
Membrane M32(sn = 32);
Permeate Pn;

equation

connect(RW.Out_F, M1.In);
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connect(M1.0ut_P, Pn.In_P1);
connect(M2.0ut_P, Pn.In_P2);
connect(M3.0ut_P, Pn.In_P3);
connect(M4.0ut_P, Pn.In_P4);
connect(M5.0ut_P, Pn.In_P5);
connect(M6.0ut_P, Pn.In_P6);
connect(M7.0ut_P, Pn.In_P7);
connect(M8.0ut_P, Pn.In_P8);
connect(M9.0ut_P, Pn.In_P9);
connect(M10.0ut_P, Pn.In_P10);
connect(M11.0ut_P, Pn.In_P11);
connect(M12.0ut_P, Pn.In_P12);
connect(M13.0ut_P, Pn.In_P13);
connect(M14.0ut_P, Pn.In_P14);
connect(M15.0ut_P, Pn.In_P15);
connect(M16.0ut_P, Pn.In_P16);
connect(M17.0ut_P, Pn.In_P17);
connect(M18.0ut_P, Pn.In_P18);
connect(M19.0ut_P, Pn.In_P19);
connect(M20.0ut_P, Pn.In_P20);
connect(M21.0ut_P, Pn.In_P21);
connect(M22.0ut_P, Pn.In_P22);
connect(M23.0ut_P, Pn.In_P23);
connect(M24.0ut_P, Pn.In_P24);
connect(M25.0ut_P, Pn.In_P25);
connect(M26.0ut_P, Pn.In_P26);
connect(M27.0ut_P, Pn.In_P27);

connect(M28.0ut_P, Pn.In_P28);
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connect(M29.0ut_P, Pn.In_P29);
connect(M30.0ut_P, Pn.In_P30);
connect(M31.0ut_P, Pn.In_P31);
connect(M32.0ut_P, Pn.In_P32);
/ffinal permeate stream is made up of the 4 permeate streams
connect(M1.0ut_M, M2.In);
connect(M2.0ut_M, M3.In);
connect(M3.0ut_M, M4.In);
connect(M4.0ut_M, M5.In);
connect(M5.0ut_M, M6.In);
connect(M6.0ut_M, M7.In);
connect(M7.0ut_M, M8.In);
connect(M8.0ut_M, M9.In);
connect(M9.0ut_M, M10.In);
connect(M10.0ut_M, M11.In);
connect(M11.0ut_M, M12.In);
connect(M12.0ut_M, M13.In);
connect(M13.0ut_M, M14.In);
connect(M14.0ut_M, M15.In);
connect(M15.0ut_M, M16.In);
connect(M16.0ut_M, M17.In);
connect(M17.0ut_M, M18.In);
connect(M18.0ut_M, M19.In);
connect(M19.0ut_M, M20.In);
connect(M20.0ut_M, M21.In);
connect(M21.0ut_M, M22.1n);
connect(M22.0ut_M, M23.1n);

connect(M23.0ut_M, M24.In);
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connect(M24.0ut_M, M25.In);
connect(M25.0ut_M, M26.In);
connect(M26.0ut_M, M27.1n);
connect(M27.0ut_M, M28.In);
connect(M28.0ut_M, M29.In);
connect(M29.0ut_M, M30.In);
connect(M30.0ut_M, M31.In);
connect(M31.0ut_M, M32.In);
connect(M32.0ut_M, RW.In_MO);

WCF _overall = abs(Pn.Q_p/RW.Q_raw f);
R_overall = (1 - Pn.c_permeate / RW.c_raw) * 100;
R_S1=(1-Pn.c_permeateS1/RW.c_raw) * 100;
R _S2 =(1- Pn.c_permeateS2 / RW.c_raw) * 100;
R _S3 =(1-Pn.c_permeateS3/RW.c_raw) * 100;
R_S4 = (1 - Pn.c_permeateS4 / RW.c_raw) * 100;

J pS1=Pn.Q _pS1/(A_act/sn_p);

J pS2 =Pn.Q pS2/ (A act/sn_p);

J pS3 =Pn.Q_pS3/ (A _act/sn_p);

J_pS4 =Pn.Q_pS4/ (A_act/ sn_p);

R_raw_overall = 1 - Pn.c_permeate / RW.c_raw_init;

P_loss_overall = M1.P_loss HP + M2.P_loss HP + M3.P_loss HP + M4.P_loss HP +
M5.P_loss HP + M6.P_loss HP + M7.P_loss HP + M8.P_loss HP + M9.P loss HP +
M10.P_loss HP + M11.P_loss HP + M12.P_loss_HP + M13.P_loss_HP + M14.P_loss_HP
+ M15.P_loss HP + M16.P_loss HP + M17.P_loss HP + M18.P_loss HP +
M19.P_loss_ HP + M20.P_loss HP + M21.P_loss HP + M22.P_loss_ HP + M23.P_loss_HP
+ M24.P_loss HP + M25.P_loss HP + M26.P_loss HP + M27.P_loss HP +
M28.P_loss HP + M29.P_loss HP + M30.P_loss HP + M31.P_loss HP + M32.P_loss HP;

J_p_overall = (M1.Q_psn + M2.Q_psn + M3.Q_psn + M4.Q_psn + M5.Q_psn + M6.Q_psn
+ M7.Q_psn + M8.Q_psn + M9.Q_psn + M10.Q _psn + M11.Q_psn + M12.Q psn +
M13.Q_psn + M14.Q _psn + M15.Q psn + M16.Q _psn + M17.Q _psn + M18.Q psn +
M19.Q_psn + M20.Q_psn + M21.Q _psn + M22.Q _psn + M23.Q _psn + M24.Q _psn +
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M25.Q_psn + M26.Q _psn + M27.Q_psn + M28.Q psn + M29.Q psn + M30.Q_psn +
M31.Q_psn + M32.Q_psn)/ A_act;

TMP_overall = (M1.P_in + M32.P_out) / 2;

J_p_overall_av = (M1.Q_psn / (A_act / sn_t) + M2.Q_psn / (A_act / sn_t) + M3.Q_psn /
(A_act/sn_t) + M4.Q_psn/ (A_act/sn_t) + M5.Q_psn/ (A_act/sn_t) + M6.Q _psn/ (A _act/
sn_t) + M7.Q_psn/ (A_act/sn_t) + M8.Q_psn/ (A _act/sn_t) + M9.Q_psn/ (A _act/sn_t) +
M10.Q psn / (A_act / sn_t) + M11.Q_psn / (A_act / sn_t) + M12.Q _psn / (A_act / sn_t) +
M13.Q _psn / (A_act /sn_t) + M14.Q_psn / (A_act / sn_t) + M15.Q psn / (A_act / sn_t) +
M16.Q psn / (A_act /sn_t) + M17.Q_psn / (A_act / sn_t) + M18.Q_psn / (A_act / sn_t) +
M19.Q psn / (A_act / sn_t) + M20.Q_psn / (A_act / sn_t) + M21.Q _psn / (A_act / sn_t) +
M22.Q _psn / (A_act / sn_t) + M23.Q_psn / (A_act / sn_t) + M24.Q _psn / (A_act / sn_t) +
M25.Q psn/ (A_act/sn_t) + M26.Q_psn / (A_act / sn_t) + M27.Q _psn / (A_act / sn_t) +
M28.Q psn / (A_act /sn_t) + M29.Q _psn / (A_act / sn_t) + M30.Q_psn / (A_act / sn_t) +
M31.Q _psn/ (A _act/sn_t) + M32.Q _psn/ (A_act/sn_t))/sn_t;

end Run;

function Concentration_polarization
input Real d_cap, D_i,I_m, c_f,u_cf, J_p, R_int;

output Real CP "Concentration polarization / ¢_0/c_f", Re "Reynold's number", Sc "Schmidt
number”, Sh "Sherwood number", delta "thickness of boundary layer laminar flow / m", k *Mass
transfer coefficient™;

protected
constant Real e = Modelica.Constants.e;
Real mu=1* 10" (-3) "dynamic viscosity / Pa.s";
Real rho = 998.2 "density of water kg/m"3";
algorithm
Re :=d _cap * u_cf * rho/ mu;
Sc:=mu/ (rho* D_i);
if Re <2300 then
Sh:=162*(Re*Sc*d cap/I_m)~(1/3);
else

Sh :=0.04 * Re * (3/4) * Sc;
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end if;
delta :=d_cap / Sh "thickness of boundary layer laminar flow / m";
k := D_i/ delta "Mass transfer coefficient";

CP:=e”™(J_p/ 1000 /3600/Kk)/ (R_int+ (L-R_int)*e” (J_p/ 1000 / 3600 / k))
"Concentration polarization / ¢_0/c_f";

end Concentration_polarization;

function osmotic_pressure
input Real R_gasconstant, alpha, T, ¢c_fsn, v;
/lc_f is the only varaiation from one membrane module to the next
output Real B, P_osmotic;
algorithm
B:=1+alpha* (v-1);
P_osmotic := B * R_gasconstant * 10~ (-2) * T * ¢_fsn / (1000 * 120.3676);
// Use magnesium sulphate in moles
end osmotic_pressure;

end Membrane_Process;
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