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Abstract

In the context of ongoing global warming, international aviation faces the challenge of
defossilizing its fuel consumption as quickly as possible. Substituting fossil kerosene with
kerosene-type sustainable aviation fuels (SAF) is a key instrument in achieving aviation’s
climate targets. Given the expected increase in SAF demand in the coming years and the
limited availability of sustainably sourced biomass, substantial amounts of power-based
kerosene will most likely be required. The use of electrical energy can, on the one hand,
produce kerosene independently of biomass-derived energy and, on the other hand, when
combined with biomass-based SAF production, significantly reduce the specific biomass
demand. However, different conversion pathways exist for the synthetic production of
power-based SAF, each with distinct techno-economic characteristics. Thus, the overarch-
ing research objective is to investigate how kerosene-type SAF can be efficiently produced
using electricity from renewable sources of energy as the primary energy input.

The analysis investigates electricity utilization via hybrid production concepts, integrat-
ing power-derived hydrogen into biomass-based fuel (methanol) synthesis and via purely
power-based production relying on CO2 and Hz from water electrolysis. Power-based ker-
osene production is analyzed by comparing Fischer-Tropsch (FT) synthesis with down-
stream hydrotreatment (FT pathway) and methanol (MeOH) synthesis with a subsequent
methanol-to-kerosene conversion (MeOH pathway). The analyses are conducted at the
plant system level using steady-state process simulations. The key figures analyzed in-
clude carbon efficiency, energy efficiency, and production costs. Analyzing electrical en-
ergy utilization for carbon-efficient fuel production highlights the potential of integrating
“green” electricity into biomass-based fuel production. This hybrid production approach
enables nearly complete utilization of the carbon contained in the feedstock and thus sig-
nificantly reduces the specific biomass demand. The analyzed small-scale power-and-bio-
gas-to-methanol concepts reach cost parity with purely biomass-based production due to
economies of scale despite the high cost of power-based hydrogen. Purely power-based
methanol production achieves almost complete carbon (CO2) utilization; however, the
high hydrogen demand leads to high production costs. The comparative analyses of the
power-based kerosene production pathways reveal higher efficiencies for the FT pathway
than for the MeOH pathway, referring to the total fuel fraction. However, a higher kero-
sene selectivity reveals advantages for the MeOH pathway regarding kerosene-related
carbon and energy efficiencies. Kerosene production costs range between 3,500 and
5,500 €/t, depending mainly on by-product allocation/revenues and feedstock costs. The
FT pathway achieves lower costs when by-products are considered equally valuable to
kerosene. However, higher costs result compared to the MeOH pathway when by-product
revenues are not considered. Overall, the costs of fuel production utilizing electrical en-
ergy depend mainly on feedstock costs (Hz and CO2) and utilization efficiency rather than
investment costs. Thus, optimizing conversion efficiency and enhancing product selectiv-
ity is particularly crucial for power-based production.
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1 Background

The increase in greenhouse gas (GHG) concentration in the Earth’s atmosphere is mainly
attributable to human activities, such as the combustion of fossil fuels and the degradation
of the biosphere (e.g., deforestation, drainage of wetlands) [1]. The resulting anthropo-
genic global warming poses an existential threat to existing ecosystems and the essential
conditions for life on Earth [1-3]. A necessary measure to limit the increase in GHG con-
centration and the resulting ongoing warming is the rapid abandonment of fossil carbon-
based energy carriers, as the contained carbon is predominantly released into the atmos-
phere as carbon dioxide (COz) either during and/or at the end of their lifecycle. The sub-
stitution of these fossil fuel-based carbon-containing energy carriers with alternatives of
renewable origin, required for the transition towards climate neutrality, is known as
defossilization.

International commercial aviation is currently responsible for ca. 2 to 3 % of global CO2
emissions, while its actual contribution to the overall GHG effect is even higher [4, 5]. Ac-
cording to current knowledge, CO2 emissions account for only roughly one-third of avia-
tion’s effective radiative forcing, with the remaining two-thirds resulting from so-called
“non-CO:2 effects”; under this term, among others, contrails and NOx emissions are sum-
marized [6, 7]. Nevertheless, commercial aviation continues to rely almost exclusively on
kerosene derived from fossil fuel energy (primarily crude oil), which is inherently associ-
ated with the release of climate-impacting GHG emissions during combustion and the cau-
sation of “non-COz effects” on global climate.

Current projections anticipate a significant growth in commercial aviation over the com-
ing decades, which, without adequate countermeasures, would lead to a strong further
increase in aviation-related climate effects [8]. In contrast, the civil aviation industry is
increasingly compelled to effectively perform a climate-compatible transformation of the
sector in the context of slowing down the ongoing global warming. Consequently, inter-
national aviation organizations have published a commitment stating that their members
will reduce aviation-related CO2 emissions to net zero by 2050 [9, 10]. Thus, the global
civil aviation industry shows a significant discrepancy between the aimed GHG reduction
targets and the projected GHG emissions developments (Figure 1-1).
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Figure 1-1:  Aviation’s fuel defossilization requirements until 2050 (only combustion-related CO2

emissions considered; linear growth between 2024 to 2050 and climate neutral growth
until 2035 [11] assumed; data according to [11-15]; SAF: Sustainable aviation fuel).

Increased fuel efficiency due to fleet renewal is characterized by a GHG emission reduc-
tion potential of around 20 to 30 % compared to the current civil aircraft fleet [5, 15].
Operational measures, like airline operation optimization and air traffic management im-
provements, can further reduce GHG emissions - but most likely only to a neglectable
amount. All over, the potential of such measures is expected to be clearly below 10 % [15].
As a result, most CO2 avoidance will depend necessarily on using sustainable aviation
fuels! (SAF) [16].

The resulting future SAF demand of the global civil aviation industry needed to achieve
aviation’s net-zero CO2 emission target will primarily depend on the development of air
traffic volume and the extent of technologically achievable and economically feasible fuel
efficiency measures. Current analyses predict that the fuel demand of global civil aviation
will increase to more than 400 Mt of sustainable kerosene annually by 2050 if the CO:
reduction goals are to be fulfilled [5, 11, 13].

In the last three years, global SAF production has doubled annually, from 0.3 Mt in 2022
to 0.5 Mtin 2023, and reached ca. 1.0 Mt in 2024. However, with a total kerosene demand
of around 300 Mt/a, SAF currently accounts for just 0.3 % of the global kerosene demand
[17, 18]. The majority of SAF produced today is derived from hydroprocessed esters and
fatty acids (HEFA), sourced, e.g., from biogenic waste products such as used cooking oils
(UCO) and animal fats from slaughterhouses [18]. While the majority of SAF production
will most likely continue to be provided as HEFA with still increasing volumes in the next
few years, the availability of sustainably exploitable unused potentials for the provision

1 Sustainable aviation fuel (SAF) is defined variably across different contexts. In the context of this thesis,
SAF refers specifically to non-fossil aviation fuels produced from renewable sources of energy.
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of such a SAF is clearly limited. Thus, to meet the necessarily growing demand for SAF to
achieve the COz reduction goals, additional production technologies/options are essential
to expand the range of usable resources and ensure long-term scalability.

Against the background described above, the following sections first provide an overview
of different SAF types and their respective feedstocks before discussing selected SAF pro-
duction approaches and technologies in more detail.

1.1 Sustainable aviation fuel options

In principle, a wide range of energy carriers can be considered as adequate substitutes for
fossil fuel-based aviation fuels (i.e., kerosene, Jet A1). These options can be categorized
based on pre-defined fuel properties or the origin of the energy bound within the SAF
during production.

1.1.1 Categorization by properties

To ensure a safe and internationally applicable fuel supply, defined standards exist for
conventional aviation fuels, specifying fuel properties that must be met to allow the re-
spective fuel to be used for commercial air flight operations. Due to the near-exclusive
reliance on fossil fuel-based kerosene to date, these standards, as well as the associated
infrastructure and propulsion technologies, have been specifically tailored to these hy-
drocarbon-based fuels. SAF can either resemble conventional aviation fuel in terms of mo-
lecular composition and properties (kerosene-type SAF) or exhibit entirely different mo-
lecular structures and characteristics (non-kerosene-type SAF).

e Non-kerosene-type SAFs discussed today are, among others, electricity stored in bat-
teries, hydrogen (Hz), or alcohols. State-of-the-art battery cells currently achieve less
than 5% of the gravimetric and less than 10 % of the volumetric energy density of
conventional kerosene [19, 20], making them suitable only for urban and, to a limited
extent, regional air traffic [21, 22]. However, most aviation COz emissions are released
by medium- and long-haul flights [23]. A similar challenge arises with the substitution
of fossil fuel-based kerosene using hydrogen derived from renewable sources of en-
ergy. While hydrogen has nearly three times the gravimetric energy density of con-
ventional kerosene, it achieves only about a quarter of the volumetric energy density
even after energy-intensive liquefaction and thus a cooling down below -253 °C. Alco-
hols such as methanol or ethanol also have significantly lower gravimetric and volu-
metric energy densities compared to conventional kerosene; thus, the use of such fuels
would substantially reduce range and/or payload [24]. In addition to the challenge of
the energy density, adopting non-kerosene-type energy carriers (especially carbon-
free options) would require significant modifications within the overall fuel provision
infrastructure, mainly at the airports and in particular within the existing aircraft
fleets. For direct-electric and hydrogen-based aviation, entirely new aircraft concepts
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must be developed and tested - a process that commonly takes 20 to 30 years from
the design phase to serial production [25] - and market penetration follows afterward.
Considering the average lifespan of a typical commercial aircraft ranging between 25
and 35years [25], the market penetration of alternative aircraft technologies most
likely extends well beyond 2050. Given the ca. 25 years remaining to achieve the net-
zero target defined by the Paris Agreement and the International Air Traffic Organiza-
tions, a significant contribution of non-kerosene-type SAF within corresponding air-
craft concepts to target fulfillment appears most unlikely from today’s perspective [24,
26].

e Kerosene-type SAF shares similar physical properties and shows a comparable chemi-
cal composition like fossil fuel-based kerosene, primarily consisting of hydrocarbons
within a boiling range of 175 to 300 °C. For commercial use, SAF must be certified ac-
cording to ASTM D7566. This certification process defines the production technology
and the necessary fuel properties (e.g., density, distillation residues, viscosity). Cur-
rently, eleven conversion processes are approved, allowing the blending of up to 50 %
SAF into conventional (fossil fuel-based) jet fuel [27, 28]. However, the origin of the
feedstock and energy used is not specified within the basically globally applied ASTM
certification, meaning that while alternative aviation fuels must be ASTM-conform for
use, these alternative fuels do not need to be necessarily sustainable. The exact com-
position (type and proportion of hydrocarbons) can vary for both fossil fuel-based
kerosene (primarily depending on the crude oil used) and kerosene-type SAF (de-
pending on the production process employed) [29]. The main components typically
include n-alkanes, iso-alkanes, cycloalkanes, and aromatic compounds [30]. When
sustainably produced from non-fossil feedstocks, a significant advantage of these fuels
is their compatibility with the existing fuel provision infrastructure up to the injection
into the airplane and the aircraft fleets currently under operation, allowing for imme-
diate reductions in fossil fuel-based CO2 emissions. In addition, these fuels can also
contribute to the reduction of non-CO: effects [31].

In contrast to other transportation sectors, such as road transport, where direct electrifi-
cation through battery-electric vehicles seems to be the most efficient and potentially
cost-effective option [32-35], medium- to long-haul commercial aviation relies neces-
sarily on liquid energy carriers characterized by a high gravimetric and volumetric energy
density to maintain today’s payload capacities [24]. Therefore, and due to the lengthy im-
plementation process of non-kerosene-type SAF in commercial aviation systems, in the
coming decades, the necessary defossilization of aviation will primarily depend on
“green” liquid hydrocarbon fuels, i.e., kerosene-type SAF. Beyond 2050, however, non-
kerosene-type technologies might play increasingly a major role, as they offer potential
efficiency advantages and may even contribute to mitigating non-COz2 effects.



1.1 - Sustainable aviation fuel options 5

1.1.2 Categorization by energy origin

The production of SAF requires sustainable, non-fossil feedstocks that serve as the mate-

rial and energy basis for the fuel. Suitable feedstocks contributing to CO2 mitigation in-

clude biomass and electricity from renewable sources of energy, eventually combined
with non-energy feedstocks (H20 and COz2). According to current regulations [36], the dis-
tinction between biomass- and power-based SAF is made solely based on the origin of the

energy bound within the fuel.

In biomass-based SAF production, biomass is the main material and energy source. Bi-
omass encompasses a wide range of organic materials (i.e., carbon-, oxygen- and hy-
drogen-containing chemical compounds) formed through photosynthesis and down-
stream biochemical reactions within plants. Since this process removes CO2 from the
atmosphere, the CO2 released during the processing and utilization of such plant ma-
terial (biomass) can be considered COz-neutral, provided that biomass is regener-
ated/regrown at an equivalent rate (i.e., in a sustainable way). Depending on the type
of molecules included within the biomass, processing this material into kerosene, ful-
filling the given fuel standards, can be realized via a wide variety of bio- and thermo-
chemical processes, which in turn can be combined within different process pathways.
Oil- and fat-containing biomass can be converted relatively easily via hydrotreatment,
typically consisting of the three sub-processes: hydrogenation, isomerization, and hy-
drocracking. Sugar-, starch-, or even lignocellulose-rich biomass is primarily consid-
ered for conversion through alcoholic fermentation followed by alcohol-to-jet pro-
cessing; the latter is realized by the three processes: dehydration, oligomerization, and
hydrogenation. Additionally, producing synthesis gas (syngas) via thermochemical
gasification or anaerobic digestion, followed by reforming, synthesis, and conversion,
represents another viable pathway for kerosene production. Synthesis-based path-
ways are particularly advantageous for biomass mixtures containing diverse feed-
stocks that are difficult to separate and cannot be processed individually.

Besides the molecular basis, biomass is often classified according to its occurrence
into cultivated biomass (e.g., maize, rapeseed) as well as the group of residues, by-
products, and wastes (e.g., straw, food waste, sewage sludge). Due to the given demand
for sustainably provided biomass across various sectors of the overall economy, as
well as challenges such as elaborate sourcing, limited infrastructure, and availability,
the resource potential for residues, by-products, and waste is necessarily limited. The
cultivation of biomass for kerosene production often directly competes with fertile
land for food and feed production, as well as areas needed to provide necessary eco-
system services [37]. While estimates for the available biomass potential vary signifi-
cantly, the abovementioned factors suggest that sustainably provided biomass will not
be available in sufficient quantities to meet the forecasted total SAF demand to allow
for GHG-neutral commercial aviation in 2050 [11, 38].
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In power-based SAF production, energy and material supply are separated, utilizing
electricity from renewable sources of energy for energy provision and non-energetic
feedstocks, such as H20 and COz, for material provision. As all the energy within the
end product originates from electrical energy, the production of power-based SAF re-
quires necessarily significant amounts of electricity. Photovoltaic systems, wind
power plants, and hydropower plants are the most widely available options for
providing “green” electricity potentially available for such a purpose. Photovoltaic and
wind power plants have rapidly gained market importance in recent decades and to-
day are characterized by relatively cost-effective power generation [39]. Given the
current state of technology and the globally existing unexploited resource potential, it
is expected that in the coming decades, the demand for an increase in the provision of
electrical energy will most likely come primarily from photovoltaic systems and wind
power plants [40, 41]. Compared to biomass, this energy provision is less land-con-
suming and also feasible on non-fertile land. While the technical potential fully covers
or even exceeds future global primary energy demands [42, 43], the expansion of gen-
eration facilities and the corresponding grid and storage infrastructure effectively lim-
its the availability of electricity from renewable sources of energy in the coming dec-
ades.

Electrical energy is converted into chemical energy through electrochemical water
splitting into H2 and Oz within an electrolyzer. Together with CO2 from external
sources, this H2 can then be converted into liquid carbon-based synthesis products
using chemical synthesis processes. These intermediate synthesis products are then
further processed into hydrocarbons, fulfilling the respective fuel specifications for
kerosene. Typically, the provision of fresh water for H2 production is not considered a
major techno-economic constraint (even if a water desalination unit is required to al-
low for the use of seawater), as it contributes only marginally to the overall expendi-
ture of Hz2 production [44, 45]. However, the provision of “sustainable” COz is limited
to non-fossil CO2 sources, like biogenic CO2 point sources or CO2 separation from the
air (direct air capture: DAC), which are either limited in availability or demanding
from a techno-economic point of view.

Since current studies indicate that biomass-based SAF shows substantially lower produc-

tion costs compared to power-based SAF [46-50], the former will most likely dominate

the SAF market in the near future (this development is already visible in early /mid-2025

due to the global market expansion in plant oil-based SAF production). Nevertheless, due

to the a priori limited availability of sustainably sourced biomass and the transition to-

wards electricity from renewable sources of energy as the primary energy source (and

the accompanying cost reductions), power-based kerosene-type SAF will most likely be

needed to utilize non-fossil feedstocks and sufficiently fulfill future SAF demands.
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1.2 Synthesis-based production

Depending on the feedstock used, the production of kerosene-type SAF can occur via var-
ious production pathways utilizing different technologies. However, according to the cur-
rent state of technology, power-based SAF production relies on synthesis-based produc-
tion pathways that apply synthesis processes followed by further downstream conversion
and treatment steps. Similarly, synthesis-based production pathways can produce bio-
mass-based SAF from a wide range of biogenic residues, by-products, and waste; this is
particularly true for non-oil/fat-containing organic materials (i.e., lignocellulosic bio-
mass). Such a biomass-based SAF provision involves other syngas production technolo-
gies compared to purely power-based production approaches. Nevertheless, downstream
of syngas production, the processing relies largely on the same subsequent synthesis and
conversion processes as power-based SAF pathways. Moreover, combinations of power-
and biomass-based approaches within so-called hybrid processes are also possible and -
based on current knowledge - seem to be quite promising. Figure 1-2 illustrates the gen-
eral production concepts and the respective technologies for providing kerosene-type
SAF, as described in detail below.

OEDED

I |
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i ! Biochem. gas| Thermochem. Carbon |
production I 1~ "7 production |gas production EIectronSIS capture |
o | Biogas Product gas | —= '
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I} Bio- L_p{ Reforming aw Syngas I vy I
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Figure 1-2:  Production concepts for biomass, hybrid, and power-based SAF production via synthe-
sis processes (Biochem.: Biochemical, Thermochem.: Thermochemical).

1.2.1 Production approaches

According to current regulations, the distinction between the production approaches de-
scribed below is based solely on the origin of the energy bound within the fuel. It thus
relates to the energy-containing feedstocks utilized (biomass and/or electricity).
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e The purely biomass-based production approach is shown on the left side of Figure 1-2.
The conversion of the biogenic feedstock into SAF is carried out by converting biomass
components into a gas mixture, subsequently reformed and conditioned to syngas.
This syngas is then converted to kerosene by a respective synthesis step and addi-
tional downstream processing of the synthesis products. Most biomasses, except li-
pids used within the HEFA process, exhibit a significantly lower hydrogen-to-carbon
(H:C) ratio compared to the desired hydrocarbon products, such as paraffinic aviation
fuels. Therefore, surplus carbon needs to be inevitably removed from the biogenic ma-
terial during biomass conversion into the desired downstream products, typically in
the form of COz2 to be released into the atmosphere. Additionally, the hydrogen deficit
is increased by the oxygen atoms already present in the biomass or added during syn-
gas production (e.g., (thermochemical) gasification, reforming, and conditioning).
Since this oxygen must also be removed from the feedstock molecules in the form of
water, it acts as a hydrogen sink, increasing the overall hydrogen demand related to
the desired hydrocarbon product(s). This hydrogen deficit and the resulting CO2 sep-
aration strongly reduce biomass-based fuel production processes’ material efficiency,
respectively increase the specific biomass demand.

e The right side of Figure 1-2 shows how hydrogen (Hz) produced from water within an
electrolysis process can utilize excess CO2 from biomass conversion or other non-fos-
sil CO2 sources within the purely power-based production approach. H2 and CO2 are
supplied separately and mixed in the appropriate ratio. If required, a further conver-
sion into CO-rich syngas might be necessary before the subsequent downstream syn-
thesis. The purely power-based production (utilizing the non-energetic feedstocks
H20 and CO2z) enables SAF production to be fully decoupled spatially and temporally
from biomass use, allowing for a diversification of the CO2 sources.

e The middle of Figure 1-2 depicts the direct integration of power-derived H2 produc-
tion into biomass-based production to overcome the hydrogen deficit in the biomass-
based raw syngas within a so-called hybrid production approach. Here, some energy
within the produced SAF originates from biomass, and another part from electrical
energy (via Hz). No carbon is released as COz for conditioning within such a concept.
Instead, the available COz2 is theoretically fully converted into syngas and subsequently
into synthesis products. Thus, such a hybrid production enables a clearly more effi-
cient utilization of the biogenic carbon. Additionally, as no further oxidation of CO to
CO: is required for Hz production, less Hz from electrolysis is needed compared to a
separate biomass-based production with subsequent CO:2 utilization in a standalone
power-based process.

As the availability of sustainably provided biomass for SAF production is limited due to
the limited availability of fertile land on Earth, utilizing electricity for SAF production -
either through purely power-based or hybrid approaches - can significantly increase the
utilization of biogenic carbon and thus expand the overall production potential. However,
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this increased carbon use efficiency is “purchased” by substantially utilizing electricity for
power-based Hz production.

1.2.2 Syngas production technologies

The syngas production technologies applied depend mainly on the production approach
and, thus, on the feedstock utilized.

Biomass-based syngas production. The production of syngas from biomass (e.g., ligno-
cellulosic material, wet organic waste materials like organic urban waste) typically re-
quires multiple conversion steps, primarily involving first gas production and second re-
forming and/or conditioning. Depending on the feedstock and the technology, syngas
composition varies, with Hz, CO, and COz being typically the main components. The con-
version of the feedstock (organic material) into such a gas stream is mainly realized via
biochemical anaerobic digestion or thermochemical gasification [46].

e Anaerobic digestion is a widely established biochemical process. Here, within a watery
environment, organic matter is successively degraded under oxygen-free conditions
by various groups of microorganisms (i.e., bacteria and archaea). The final product of
this biochemical degradation process is primarily biogas, being a mixture of mainly
methane (CH4) (50 to 60 vol%pry) and CO2 (40 to 50 vol%pry) [51]. Anaerobic digestion
can be conducted at various temperature levels; however, processes operating in the
mesophilic range (ca. 37 °C) dominate the market since they offer a good balance be-
tween the gas yield and the required process energy [52]. Since the produced gas mix-
ture (biogas) is typically saturated with moisture and contains impurities that can act
as catalyst poisons within subsequent catalytic-controlled synthesis processes - par-
ticularly sulfur compounds - biogas must be purified before reforming. The respective
purification technologies depend primarily on the type of biomass feedstock (up-
stream) and the required gas purity (downstream). Anaerobic digestion is commonly
applied to organic material streams that have a rather high water content (e.g., sewage
sludge, organic urban waste fraction, liquid manure). Due to the nature of the neces-
sary feedstock characteristics, this option is favored for waste valorization and decen-
tralized applications, as the high moisture content of such organic material makes
long-distance transportation economically unattractive [51]. Prior to subsequent re-
forming, some or all of the CO2 contained within the biogas needs to be separated to
achieve the desired syngas composition in the reforming process without additional
subsequent conditioning.

e Thermochemical gasification is a heat-induced conversion process in which mainly
solid biomass (lignocellulosic material) is partially oxidized at a temperature level be-
tween 700 and 1,500 °C [53-55] to provide a mixture of CO, Hz, CO2, and light hydro-
carbons, known as product gas. The proportion of these gas components varies greatly
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depending on the feedstock composition, the gasification technology, and the oxidiza-
tion agent employed; for syngas production, typically oxygen or water vapor is ap-
plied. Compared to anaerobic digestion, thermochemical gasification offers higher
syngas yields but requires relatively dry organic material. Additionally, equipment de-
sign and process operation are more demanding. Since the product gas typically in-
cludes various impurities (e.g., particles, alkalis, tar, nitrogen, sulfur, halogen com-
pounds), extensive gas cleaning is necessarily required before the subsequent down-
stream processing can be realized [53].

Reforming processes aim to convert hydrocarbon-containing gases, such as biogas or

product gas, into (raw) syngas with a composition close to the specified synthesis require-

ments. This is achieved through partially oxidizing the hydrocarbons to produce a Hz- and

CO-rich gas. Common reforming technologies primarily differ in the oxidizing agent used.
Typically, H20, Oz, and /or CO2 (if not already present in sufficient amounts within the feed
gas) are added and utilized for the partial oxidation of hydrocarbons at temperatures of-

ten well above 700 °C with the help of a catalyst.

In steam reforming, light hydrocarbons react with water steam to produce a CO- and
H2-rich gas mixture. Since both the hydrocarbon and the water act as hydrogen
sources, high H:C ratios within the reforming product can be achieved. The strongly
endothermic reaction occurs over a nickel-based catalyst (e.g., Ni/Al203) at tempera-
tures above 800 °C and under elevated pressure conditions [56]. It is evident that
steam reforming reactors necessitate substantial quantities of high-temperature heat;
consequently, they need to be heated externally [57].

Partial oxidation is a sub-stoichiometric combustion (i.e., oxidation with oxygen) of
light hydrocarbons and, thus, an exothermic reaction, eliminating the need for exter-
nal heating. The reaction requires temperatures above 1,000 °C without a catalyst to
proceed efficiently. However, when using a reforming catalyst, the reaction can occur
at moderately lower temperatures (< 1,000 °C) while maintaining high conversion ef-
ficiencies [56, 57]. Since no additional hydrogen is introduced via the used oxidizing
agent, the resulting syngas shows a low H:C ratio, often significantly below the re-
quirements for the subsequent downstream synthesis process [56-58].

In dry reforming, CO2 is utilized to oxidize light hydrocarbons. This highly endothermic
reaction occurs at temperatures above 700 °C and elevated pressures, typically utiliz-
ing nickel-based catalysts [59]. Due to the high concentration of carbon-containing
compounds within the feed gas, dry reforming is prone to coke formation and metal
sintering, posing significant challenges for practical implementation [60]. Compared
to steam reforming, the resulting raw syngas typically shows a lower H:C ratio, falling
below the requirements for many synthesis processes [61]. Reforming with CO2 or
other oxidizing agents is particularly relevant for feed gases with a naturally high CO2
content, such as biogas.
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The oxidizing agents used in the different reforming technologies can also be combined
to adjust the composition of the resulting raw syngas as closely as possible to the required
synthesis gas specifications or to influence the reactor’s thermal management. For exam-
ple, combining endothermic steam reforming with exothermic partial oxidation enables
autothermal reforming [56]. When COz2 is used as an oxidizing agent, its combination with
steam reforming (known as combined dry and steam reforming or bi-reforming) signifi-
cantly reduces the risk of coking while achieving higher H:C ratios [62]. By additionally
introducing oxygen, this process can also be conducted autothermally, referred to as tri-
reforming [63].

The conditioning of raw syngas from the reforming process aims to adjust the syngas com-
position to meet the specific synthesis requirements, particularly when the desired ratio
cannot be achieved directly during the reforming step.

Syngas from partial oxidation, dry reforming, and autothermal reforming often exhibit a
significant hydrogen deficit. In purely biomass-based production approaches, additional
H2 is first generated via the water-gas shift reaction. Subsequently, CO2 is separated to
optimize the syngas ratio for COz-converting syntheses or to increase reactants’ partial
pressure and to reduce the volume flows in non-CO2-converting synthesis processes.

e In the water-gas shift (WGS) reaction, carbon monoxide (CO) is further oxidized with
water (Hz20), producing carbon dioxide (CO2) and hydrogen (Hz). This slightly exother-
mic equilibrium reaction is catalytically driven and takes place at temperatures be-
tween 200 and 550 °C and pressures of up to 30 bar. Either a portion of the raw syngas
can be fed into a two-stage WGS process, where the CO is almost completely converted,
and Hz is fed back to the main syngas stream. Alternatively, the entire raw syngas
stream can undergo a single-stage WGS with only partial CO conversion and a subse-
quent CO2 separation.

e (O:zseparation from syngas can be achieved by various technologies, including absorp-
tion, adsorption, cryogenic separation, or membrane-based processes. Among these,
physical absorption has become the most widely established method for syngas con-
ditioning; the Rectisol and Selexol process are commonly used processes within the
chemical industry. Both are washing processes in which a liquid solvent absorbs CO2
within an absorber column and subsequently desorbs CO2 at elevated temperatures
and/or reduced pressure levels within another stripper column. In the Rectisol pro-
cess, methanol is used as the absorption medium at pressures above 20 bar and tem-
peratures of roughly -40 °C. In contrast, the Selexol process employs a specialized sol-
vent mixture, primarily composed of polyethylene glycol dimethyl ether. While Selexol
also operates at high pressures above 20 bar, it allows for higher absorption temper-
atures compared to Rectisol [64]. Both methods not only facilitate CO2 removal but
also enable the extraction of sulfur contaminants from the syngas [57].



12 1 - Background

Power-based syngas production. Power-based syngas production fundamentally dif-
fers from biomass-based syngas production. Instead of energy-rich molecules, H20 and
CO2 serve as the primary feedstock, with electricity from renewable sources of energy
providing the required energy input. The key processes include water electrolysis for Hz
production and the provision of pure CO2 through carbon capture from non-fossil sources.
Additionally, a CO2 reduction to CO may be required depending on the synthesis applied
downstream, which can be achieved via the reverse water-gas shift (RWGS) reaction.

Electrolysis enables the electrochemical splitting of water into H2 and Oz, thus converting
electrical energy into chemical energy (“green” molecules). This process can be conducted
at different temperature levels, utilizing either liquid water (low-temperature electroly-
sis) or steam (high-temperature electrolysis).

e Low-temperature electrolysis operates at temperatures below 100 °C within an exo-
thermic operation, requiring cooling due to ohmic losses within the electrolyzer cell.
The most common technologies include proton exchange membrane electrolysis
(PEMEL) and alkaline electrolysis (AEL), achieving stack efficiencies of up to 68 %
based on the electricity input and the lower heating value (LHV) of the produced Ho.
AEL is the most technologically mature option, while PEMEL offers advantages in load
flexibility, making it particularly suitable for the integration of electricity from fluctu-
ating renewable sources of energy [65-68].

e High-temperature electrolysis operates at temperatures above 700 °C, typically in an
endothermic or thermoneutral operation. The integration of (waste) heat enables high
efficiencies of potentially up to 100 %; i.e., a part of the energy to split water is pro-
vided by electrical energy and another part by thermal energy. This makes this tech-
nology particularly beneficial if (cheap) waste heat above 100 °C is available. The elec-
trolyzer is designed as a solid oxide electrolyzer (SOEL). Co-electrolysis of CO2 and
H20 to directly produce a CO- and Hz-rich syngas is also possible within high-temper-
ature electrolysis. However, due to the relatively low technological maturity, large-
scale commercial deployment of high-temperature electrolysis is still associated with
significant technical and economic risks [65, 66].

COz2 capture can be performed from gas streams with elevated CO2 concentrations (point
sources, typically 3 to 100 vol% [69]) or from the atmosphere, where COz2 is highly diluted
(ca. 0.042 vol% in 2023 [70]). Capturing CO2 from the air via so-called direct air capture
(DAC) systems requires significantly more energy and construction effort compared to
systems capturing CO2 from point sources. Examples of non-fossil point sources are bio-
mass-processing facilities, such as anaerobic digestion plants or alcoholic fermentation
units.

e For point source carbon capture, amine scrubbing is the most widely used technology,
achieving capture rates of above 90 % and CO: purities above 99 vol% [69, 71]. The
desorption process requires significant amounts of thermal energy (at 100 to 140 °C),
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making it the most energy-intensive step within the overall CO2 provision. Physical
absorption technologies like Rectisol and Selexol processes require higher pressure
levels and are typically used for gas streams with high CO2 partial pressures. Mem-
brane-based separation and pressure swing adsorption (PSA) are alternative ap-
proaches but might yield lower COz2 purities.

e Direct air capture (DAC) technologies are categorized into low-temperature DAC (LT-
DAC) and high-temperature DAC (HT-DAC). LT-DAC technologies (using solid
sorbents, amine-based) are more technically mature but require higher total energy
input compared to HT-DAC (using aqueous solutions, KOH, or NaOH) for the same
amount of CO2 captured. While HT-DAC requires desorption temperatures above
800 °C, LT-DAC adsorption processes are operated on the regeneration side at moder-
ate temperatures of about 100 to 120 °C [72]. The energy needed for DAC operation
can be supplied as a combination of heat and electricity or entirely through electrical
power. Due to the low atmospheric concentration of COz, DAC is technically demand-
ing; therefore, it is most likely that this option remains significantly more expensive
than point source carbon capture [69, 73, 74].

If the syngas-utilizing synthesis process does not allow for the direct conversion of COz,
the reduction of CO2 to CO must be integrated into the overall syngas provision concept.
Using Hz, this can be realized through the reverse water-gas shift (RWGS) reaction. This
endothermic equilibrium reaction reduces CO2 by oxidizing Hz to Hz0, requiring temper-
atures above 700 °C to realize a sufficient CO yield under techno-economic constraints.
Operating pressures range between 1 and 30 bar; higher pressures typically result in an
increased methane formation [75]. The reaction is catalyzed by nickel (Ni) or noble metal-
based catalysts in heterogeneous catalysis [76]. The required thermal energy for the high-
temperature endothermic reaction can be supplied, e.g., through electrical energy [77].

Hybrid syngas production. The hybrid, power- and biomass-based syngas production
combines the process steps of the raw syngas production from biomass and the Hz pro-
duction via electrolysis from the power-based production. Conditioning via water-gas
shift and COz separation is replaced by adjusting the hydrogen deficit with Hz from elec-
trolysis. No additional technologies are required for such a hybrid production.

1.2.3 Synthesis and conversion pathways

The two most widely discussed synthesis and conversion pathways for kerosene-type SAF
production are the Fischer-Tropsch (FT) and the methanol (MeOH) pathway. Since both
pathways differ significantly in terms of the technologies and reactions applied (see be-
low), different efficiencies and production costs are expected for kerosene-type SAF pro-
duction depending on the applied process pathway.
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Fischer-Tropsch (FT) pathway. The FT pathway includes the FT synthesis and further
downstream conversion through subsequent hydrotreatment of the synthesized prod-
ucts. The FT synthesis is a well-established technology for producing hydrocarbon fuels
from a CO- and Hz-rich syngas, with its first large-scale application dating back to the
1930’s. However, the direct conversion of COz into long-chain hydrocarbons remains chal-
lenging due to insufficient selectivity of the so far available catalysts and, thus, a too-low
conversion efficiency. Consequently, for the time being, a CO- and Hz-rich syngas is re-
quired to perform a low-temperature FT synthesis, typically used for long-chain hydro-
carbon production. Here, Hz and CO react with each other to form hydrocarbon chains,
yielding synthetic crude oil (syncrude) containing hydrocarbon molecules ranging from
light gases (e.g., methane) to long-chain hydrocarbons (i.e., waxes).

Due to the diverse composition of this syncrude, additional downstream hydrotreatment
is required to produce aviation fuel that meets the respective specification standards.
Therefore, hydrocracking is applied to break down long-chain molecules (waxes) into fuel
components accompanied by a parallel occurring isomerization. Hydrogenation to satu-
rate unsaturated bonds is further required to yield a stable, standard-compliant product.
A separate/additional hydroisomerization might become necessary when the share of hy-
drocracked (and therefore iso-paraffinic) fuel components is (too) low within the overall
kerosene fraction. The required fuel fractions to meet the given fuel standards are sepa-
rated from the product spectrum of these treatment steps via conventional distilla-
tion/rectification.

Methanol (MeOH) pathway. The MeOH pathway consists of methanol synthesis and the
subsequent conversion into a kerosene-rich hydrocarbon fuel mixture through methanol-
to-kerosene (MtK) conversion (also known as Methanol-to-Jet: Mt]).

The methanol synthesis allows for the direct conversion of CO2 and Hz into methanol and
thus eliminates the need for a prior CO2 reduction step. This synthesis process produces
a methanol-water mixture, which needs to be separated via distillation to provide pure
methanol.

Similar to other alcohol-based fuel production pathways (Alcohol-to-Jet: At]), the MtK
conversion route consists of olefins formation through dehydration, oligomerization of
short olefins into higher olefins and hydrogenation, converting unsaturated hydrocar-
bons into alkanes. As within the FT pathway, the hydrocarbon share fulfilling the specifi-
cation of synthetic kerosene-type SAF is subsequently separated from the hydrocarbon
mixture via rectification. The conversion of methanol into hydrocarbons was first devel-
oped in the 1970s and later commercialized in the 1980s, primarily for gasoline produc-
tion [78]. Process concepts for producing heavier hydrocarbons have not yet focused on
kerosene production [79, 80].
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The background outlined above underscores the significant disparity between commer-
cial aviation’s current CO2 emission projections and its net-zero target, making the large-
scale adoption of kerosene-type sustainable aviation fuels (SAF) essential for the achieve-
ment of the agreed CO2z reduction target and compliance with existing legal requirements.
Due to the a priori limited availability of sustainably sourced biomass, SAF production
based on “green” electricity from renewable sources of energy is expected to contribute
necessarily with a relevant proportion to the overall SAF demanded on a global level, even
if the non-fossil carbon utilized within such conversion concepts is also limited or can only
be provided at considerable expense. Electricity can be utilized within synthesis-based
production pathways, either in purely power-based processes that rely on non-fossil CO2
sources or in combination with biomass-based production approaches in so-called hybrid
processes aiming to maximize biogenic carbon utilization.

Against this background, below the existing research gaps in the field of electricity utili-
zation for carbon-efficient kerosene production are derived. Based on this, the objectives
of this thesis and the corresponding research questions are formulated, followed by a de-
scription of the thesis outline.

2.1 Research gaps

The conversion of electrical energy for utilization in technical applications that cannot be
directly electrified (power-to-x) has gained increasing attention in research and public
discourse in recent years. However, there are still open questions to be answered. These
knowledge gaps can be categorized into three key research areas outlined below.

Integration of “green” electricity in biomass-based fuel production for carbon-effi-
cient hybrid production systems. While the HEFA process is so far the only commer-
cially utilized SAF production pathway at a large scale in various countries, numerous
other biomass-based pathways for the production of kerosene-type SAF or intermediates
of synthetic kerosene have been extensively researched and, in some cases, even success-
fully tested in practical applications [46, 81, 82]. Due to the unfavorable relation between
carbon atoms and hydrogen atoms typically occurring in organic matter (biomass) rela-
tive to the needed carbon-to-hydrogen ratio within SAF-like hydrocarbons, “classical” bi-
omass-based fuel production processes require the discharging of carbon/carbon com-
pounds, usually as CO2 released into the atmosphere. However, this CO2 can also be seen
as a loss, especially since providing sustainable CO2 from ambient air is an energy-inten-

15
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sive and, thus, quite expensive process. Against this background, the efficient use of bio-
genic carbon gains more and more attention in biomass-based processes for the provision
of kerosene-type SAF. Integrating “green” electrical energy within SAF production con-
cepts allows for maximizing carbon utilization and, thus, reducing the specific biomass
demands. However, such considerations have not been the main focus of previous inves-
tigations. Various technological approaches to realize such a hybrid production - where
the product’s energy originates both from biomass and “green” electricity (i.e., from re-
newable sources of energy) - are technically possible. Such innovative hybrid concepts
can improve carbon utilization but may significantly change the overall energy efficiency
and, thus also, the production costs of such process concepts. So far, only limited insights
are available into the technical integration of such processes and the associated techno-
economic implications. Consequently, there is a clear research gap regarding the technical
requirements and implications of fuel production concepts based on such hybrid process
approaches, the efficiency gains that can be achieved, and their economic feasibility com-
pared to pure biomass- or power-based production processes.

Conversion pathways for efficient power-based kerosene production. Power-to-ker-
osene production pathways, where carbon is utilized in the form of CO2 and energy is en-
tirely supplied by electricity, have seen increased attention in recent years. Despite this,
only a handful of small research and demonstration facilities addressing such concepts
have been implemented or are under development [50]. Related to the respective ma-
turity (technology and fuel readiness level), currently, two production pathways are
mainly discussed as the primary options for large-scale industrial production: the Fischer-
Tropsch (FT) and the methanol (MeOH) pathway.

The FT synthesis followed by downstream hydrotreatment has been studied extensively
in recent years [83-87]. Furthermore, fossil fuel-based production via the FT pathway has
been commercially used on an industrial scale for various fuel and chemical products for
decades [58, 86]. However, kerosene production has not been the primary focus, and syn-
gas provision from CO2, H20, and electrical energy has not been used as a feedstock on a
large scale.

Methanol (CH30H) is one of the most widely produced primary chemicals, supported by
a well-established global infrastructure and a wide range of potential downstream appli-
cations within the chemical industry and fuel production facilities. Although methanol is
produced almost exclusively from natural gas or coal today, its highly selective synthesis
process, technically feasible across a broad range of possible production capacities, makes
it particularly well-suited for power-based production. Such methanol production con-
cepts have been extensively studied and implemented in demonstration plants as well as
initial commercial facilities [88-93]. Based on this development, methanol-to-kerosene
processing has recently gained traction as an alternative to the FT pathway. However, the
methanol pathway toward kerosene production is still underexplored relative to the FT
pathway. Although several technology providers have recently announced plans for ASTM
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certification of methanol-based kerosene, comprehensive, publicly available studies on
process concepts remain scarce. This underscores critical research gaps in methanol-
based kerosene production. Specifically, there is a lack of techno-economic analyses to
contextualize the technology, particularly concerning power-based kerosene production.

Influence of uncertain/unknown technical and economic assumptions. A fundamen-
tal challenge in analyzing “new” and/or innovative processes/production pathways is
that assumptions of certain technical and numerous economic parameters must be made
while being aware that the respective values are subject to uncertainty due to a priori
limited knowledge. This fundamental problem, valid for basically all assessments of “new”
processes, might result in misleading interpretations of the results of such an analysis. To
mitigate the resulting uncertainties, the key parameter in question can be varied within
the respective uncertainty range to analyze the impact of the assumption on the overall
results and to derive possible outcome ranges. However, such an approach is rarely real-
ized within publicly accessible investigations, e.g., due to the necessary extensive model-
ing and evaluation efforts. Additionally, such an assessment approach is typically applied
mainly to economic parameters and, to a clearly lesser extent, to technical key factors.

Concerning the analysis of the power-based and hybrid fuel production pathways, the lack
of valid investigations of the impact of critical and result-determining assumptions can be
identified as another research gap. Beyond establishing consistent system boundaries and
robust overall process design concepts, it is necessary to consider the uncertainty of the
assumed techno-economic key parameters within realistic ranges to improve the overall
understanding of the process and strengthen the robustness of the results/conclusions.

2.2 Research objectives

Based on the above-described background, the overarching research objective of this the-
sis is to explore how kerosene-type SAF can be efficiently produced using electricity from
renewable sources of energy. To address the identified research gaps, the thesis aims to
analyze the use of “green” electricity in purely power-based and hybrid production con-
cepts, generating techno-economic insights and identifying key differences between these
production approaches. Furthermore, the main synthesis and conversion pathways for
power-based kerosene production are to be examined in detail related to selected tech-
nical and economic parameters. In this context, the impact of uncertain/unknown techno-
economic parameters on the overall results shall be assessed and quantified.

The following research questions arise based on the objective outlined above.

1. How, and with what implications, can electrical energy enhance the efficient utiliza-
tion of non-fossil carbon in “green” fuel production approaches? This research ques-
tion aims to determine the carbon efficiency of electricity utilizing process concepts
and the associated energy efficiencies and production costs.
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2. How do the Fischer-Tropsch (FT) and the methanol (MeOH) pathway for power-based
kerosene production differ regarding selected technical and economic key parame-
ters? Research question 2 seeks to assess synthesis and conversion pathways for
power-based kerosene production in terms of carbon and energy efficiency, as well as
kerosene production costs, enabling a fair and sound comparison of the analyzed path-
ways.

3. Which technical and economic key parameters determine the technical efficiencies
and costs of “green” fuel production from electrical energy? This last research ques-
tion addresses the challenge of incorporating the uncertainty of potentially decisive
technical and economic assumptions, generating a deeper understanding of their in-
fluence on the overall results.

2.3 Outline

Besides the background chapter and the section discussing the research gaps, the objec-
tives, and the outline, this thesis comprises three scientific publications, a synthesis chap-
ter, and a chapter with overall final considerations. The publications contain detailed
analyses of the processes examined and tackle the research questions by providing de-
tailed process-specific results. The synthesis chapter answers the research questions by
extracting and synthesizing the findings discussed within the three research papers at a
superordinate level. Finally, the elaborated results are summarized, and an outlook re-
garding further research needs is provided. The chapters address the stated research
questions as listed in Table 2-1.

Table 2-1: Addressed research questions within the overall thesis structure (RQ: Research ques-
tion).

Chapter RQ1 | RQ2 | RQ3

3 Pow.er .and biogas to methanol - A tgchng-economic an.alysis of carbon- > >
maximized green methanol production via two reforming approaches

4 Kerosene pr.oduction from power-based syngas - A technical compari- > > >
son of the Fischer-Tropsch and methanol pathway

5 Cpst analysis of kerosene production from power-based syngas via the > >
Fischer-Tropsch and methanol pathway

As introduced in Section 1.2, the use of “green” electricity from renewable sources of en-
ergy for sustainable fuel production can occur in two ways: first, through direct integra-
tion into biomass-based production processes (hybrid production), and second, through
the exclusive use of electrical energy to convert non-energetic feedstocks such as H20 and
CO2. Chapter 3 analyzes the direct integration of electrical energy using hybrid production
pathways exemplarily for power- and biogas-to-methanol (PBGtM) production. Chapter
4 and 5 provide a detailed examination of purely power-based production. The focus is
particularly on the synthesis and conversion processes for power-based kerosene via the
Fischer-Tropsch and the methanol pathway. Below, a short outline of the main chapters
is given.
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Chapter 1: Background

The first chapter introduces the research topic within the broader context of anthropo-
genic global warming, emphasizing the necessity of SAF. It provides a classification of po-
tential SAF options based on their properties and the origin of the respective fuel energy.
Finally, synthesis-based production approaches and the associated technologies are pre-
sented, focusing on different concepts for kerosene production utilizing electricity.

Chapter 2: Research gaps, objectives, and outline

This chapter identifies critical gaps within the published research results related to
power-based and hybrid fuel production concepts. It defines the overarching research ob-
jective and presents the structure of the thesis.

Chapter 3: Power and biogas to methanol - A techno-economic analysis of carbon-
maximized green methanol production via two reforming approaches

This chapter examines the integration of power-based H2 into biomass-based production
processes, focusing on maximizing carbon utilization to minimize the overall biomass de-
mand. The conversion of biogas to methanol is chosen as an example because biogas is
already produced in more than 8,000 commercially operated biogas plants in Germany.
Additionally, biogas can be sourced from a wide range of biogenic feedstock, indicating a
considerable biogas production potential. Regarding the integration of “green” electricity,
biogas offers a good basis because the use of this gas together with electrical energy is
characterized by a substantial potential to increase carbon efficiency since 30 to 50 % of
the carbon contained within biogas is available as COz, typically remaining unused by re-
leasing this gas component into the atmosphere. Methanol is selected as the target prod-
uct due to its suitability for small-scale synthesis processes and as an intermediate for
synthetic kerosene production. Units for such a small-scale methanol production are com-
mercially available, and methanol’s favorable handling properties allow for simple stor-
age and transportation to centralized/large-scale facilities for further processing - such
as its conversion into kerosene. This makes methanol a promising candidate for demon-
strating hybrid fuel production from electricity and biogas.

The developed hybrid production system incorporates “green” electricity in two distinct
configurations: electrically heated bi-reforming and autothermal tri-reforming. These
configurations are evaluated to understand how electricity can be integrated into the pro-
cess from a technical and economic perspective. Based on the gathered results, research
questions 1 and 3 are directly addressed.

e Concerning research question 1, the chapter analyzes the extent of carbon utilization
and the potential benefits and disadvantages of such hybrid production concepts com-
pared to solely biomass or power-based production approaches.
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e Research question 3 is addressed by extensive parameter variation, varying technical
parameters, and economic boundary conditions.

Chapter 4: Kerosene production from power-based syngas - A technical compari-
son of the Fischer-Tropsch and methanol pathway

This chapter presents a technical analysis of power-based kerosene production via the
Fischer-Tropsch and the methanol pathway. The analysis is based on detailed process de-
sign and stationary process simulations, enabling insights into the process streams and
sub-processes interactions within the overall plant concept. Regarding the comparative
analysis of kerosene production pathways, the system boundaries are defined around the
synthesis and conversion processes, considering Hz and CO2 as feedstocks. This focus en-
ables a detailed examination of the differences between the two pathways. The analysis
addresses all research questions.

e Research question 1 is examined in the context of purely power-based production,
where non-fossil carbon in the form of CO2 is converted into fuel.

e Research question 2 is addressed regarding technical aspects by analyzing carbon and
overall energy efficiency, including various options for CO2 and Hz supply.

e Concerning research question 3, a variation of technical higher-level process parame-
ters is conducted to evaluate the respective impact on carbon and energy efficiency,
aiming to quantify technical optimization potentials and uncertainties within the anal-
ysis.

Chapter 5: Cost analysis of kerosene production from power-based syngas via the
Fischer-Tropsch and methanol pathway

The fifth chapter presents the economic analysis of the power-based kerosene production
pathways. The technical results detailed in Chapter 4 are used to determine specific pro-
cess demands and the fixed capital investment requirements of the corresponding pro-
duction plants that contribute to the respective kerosene production costs. The system
boundaries are chosen similarly to Chapter 4, focusing on the synthesis and conversion
processes, enabling a more precise assessment of the cost differences between the two
pathways and variations in feedstock costs. Thus, this chapter addresses research ques-
tions 2 and 3 regarding cost aspects.

e The economic characteristics and differences between the FT and MeOH pathways are
derived through production cost analysis, directly addressing research question 2.

e Research question 3 is tackled through variations of the technical and economic pa-
rameters to analyze their effects on the overall kerosene production costs. Further-
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more, different cost allocation methods and variations in by-product revenues are em-
ployed to identify boundary conditions and parameter ranges where each pathway
shows economic advantages.

Chapter 6: Synthesis and limitations of results

The sixth chapter provides a synthesis of the results given in detail within Chapters 3 to 5
by compiling the broader findings concerning the formulated research gaps. In addition
to answering the research questions, the key findings from the respective chapters are
summarized. Additionally, the limitations of the investigation approach and the con-
ducted process analyses are identified and discussed.

Chapter 7: Final considerations

The last chapter summarizes the thesis results and gives an outlook on further research
needs.
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Abstract

The limited potential of sustainably available biomass requires efficient conversion to
defossilize future demands of carbon-based chemicals and energy carriers. Therefore, in-
tegrating electricity-derived hydrogen into biomass-based production concepts appears
promising, maximizing carbon utilization while minimizing biomass requirement. How-
ever, specific process concepts and analyses are still lacking to quantify the potential tech-
nical and economic benefits of such hybrid production processes. Thus, this research pa-
per investigates this novel approach for decentralized methanol production from biogas
within a techno-economic analysis, considering two production configurations. One con-
figuration (BiRef) utilizes electrically heated bi-reforming for syngas generation, while
the other configuration (TriRef) uses autothermal tri-reforming. Based on stationary pro-
cess simulations, in-depth knowledge about process behavior is gained, efficiencies and
costs are determined, and influencing factors are assessed. Within the reference case, the
BiRef configuration achieves a carbon efficiency of 93 %, while the TriRef configuration
reaches 97 % due to its enhanced methane conversion. Energy efficiency is 5 %pt higher
within the BiRef configuration (74 %), primarily due to the lower hydrogen demand. Car-
bon and energy efficiency are crucially affected by reforming temperature and inert gas
fraction in the syngas. The economic analysis shows methanol production costs of ca.
1,300 €2022/t for both configurations. Variations in economic parameters emphasize ad-
vantages for the TriRef configuration when low hydrogen costs (<6 €2022/kg) are achiev-
able. The comparison with purely biogas-based methanol production shows that hydro-
gen addition increases production capacity by up to 67 %. Cost advantages result against
purely power-based production, while cost parity is achieved with purely biogas-based
production. This paper demonstrates the potential of hybrid methanol production for ef-
ficient biogas utilization and highlights decisive parameters influencing technical and eco-
nomic efficiency.

Carbon-maximized Methanol Production from Biogas and Renewable Electricity
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Figure 3-1:  Graphical abstract of the publication “Power and biogas to methanol”.
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3.1 Introduction

The imperative necessity of defossilizing the highly industrialized economy to mitigate
anthropogenic climate change requires a transformation of all sectors toward the utiliza-
tion of renewable sources of energy and materials. However, from today’s perspective,
some sectors, such as the chemical industry and most likely also specific segments within
the transportation sector (e.g., long-haul air transport), will persist in their reliance on
carbon-based molecules over the long term due to the absence of viable decarbonization
alternatives. The non-fossil (so-called “green”) production of these substances requires
significant amounts of energy from renewable sources and sustainable carbon. The latter
is either obtained from biomass or extracted as carbon dioxide from the atmosphere. Due
to the comparable low atmospheric concentration (approximately 420 ppm [94]), such a
direct air capture (DAC) process requires significantly higher energy and engineering ef-
forts compared to carbon supply from biomass processing, making these approaches
much more expensive [69, 72]. However, sustainably available biomass is severely limited
due to competition in land use and utilization. Hence, maximizing the utilization of the
carbon inventory from biomass needs to be prioritized for efficiency reasons, provided a
sustainable origin of the utilized biomass can be ensured.

Sustainable biomass, such as manure or straw, is primarily generated within agriculture.
So far, these materials are typically, if at all, utilized energetically - i.e., for electricity and
heat production - commonly realized through anaerobic biomass fermentation and bio-
gas combustion. Instead of this most widely realized utilization pathway, biogas - which
typically consists mainly of methane (CH4) and carbon dioxide (CO2) - can also be con-
verted into higher-value substances through reforming and subsequent synthesis pro-
cesses. Due to its selective and small-scale implementable synthesis technology, methanol
(CH30H) is particularly suitable as a target product [95, 86]. Methanol is one of the most
important organic primary chemicals, with a global (fossil-based) production exceeding
100 Mt/a [91, 96]. Thus, “green” methanol can potentially contribute to defossilization
within various sectors of the economy [78, 91].

Biogas-based methanol production (biogas-to-methanol; BGtM) takes place through syn-
gas production and subsequent conversion into methanol. Depending on the biogas com-
position and the reforming process, the syngas produced has a greater or lesser hydrogen
(Hz2) deficit compared to the stoichiometric ratio required for methanol synthesis. Con-
ventionally, this deficit can be balanced by CO2 separation, possibly involving an addi-
tional water-gas shift (WGS) reaction. However, this is associated with significant carbon
losses and an increased relative biogas demand. A novel approach to compensate for the
hydrogen deficit and, thus, to maximize carbon utilization is depicted in Figure 3-2 and
involves the addition of “green” Hz produced from “renewable” electricity.2 The power-

2z Refers in this work always to electricity generated from renewable sources of energy.
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based H2 production converts electrical energy into chemical energy via water-electroly-
sis and is predominantly discussed under the general term “power-to-x" (PtX). The com-
bined overall concept (power- and biogas-to-methanol; PBGtM) enables the complete uti-
lization of the biogas carbon potential, consequently reducing the specific biogas demand
for methanol production and potentially realizing higher production capacities based on
the available biogas quantity.

Feedstock :_ "~ Syngas production -i:gy_ntﬁe_sig and p_uri_ﬁc_ati_oﬁ: Products
|| Biogas | Reforming & | ! | Methanol N
CHA/CO : cleaning| conditioning il' synthesis Rectification I CH:OH
| |
Electricity). 1 He L—»(H:0
u, * Compression I: u
=
|

Ho . Electrolysis and storage !I .

Figure 3-2:  Power- and biogas-to-methanol concept.

Concerning the operation of the plant, it has to be taken into account that the availability
of renewable electricity used for Hz generation is often volatile due to the characteristics
of renewable energy sources like wind power and solar radiation. In contrast, biogas pro-
duction is a (more or less) stationary process. Additionally, reforming favors steady-state
operation due to high temperatures and heat transfer requirements, even when advanced
synthesis concepts allow for dynamic methanol syntheses downstream. Thus, to operate
such a PBGtM concept, sufficient storage options are required to smooth volatile electric-
ity and/or Hz generation and to enable a constant Hz supply.

In recent years, various studies have been carried out on the synthesis-based conversion
of biogas-like gases into higher-value products like methanol. Since dry reforming only
allows stoichiometrically complete reforming when the biogas composition is equimolar
(CH4/CO2 = 1) and encounters issues with coke formation, current investigations primar-
ily explore concepts involving additional oxidation agents for reforming (i.e., H20 for bi-
reforming or H20 and O: for tri-reforming). Respective techno-economic analyses for bi-
reforming-based methanol production from biogas and similar mixtures are available, fo-
cusing mainly on the reforming parameters and achievable syngas compositions (e.g.,
Entesari and Goeppert [97], Acquarola et al. [98, 99] and Chein et al. [100]). Tri-reforming
of biogas for synthesis product generation has been investigated, also focusing mainly on
syngas production (e.g., Hernandez and Martin [101], Chein and Hsu [102], Farsi and Lari
[103], Zhang et al. [104]). Regarding hybrid methanol production, Lim et al. [105] pro-
jected methanol production costs from natural gas and CO: via tri-reforming in the range
of 500 to 850 €/t, considering different electrolysis processes for H2 production. Techno-
economic and environmental assessments have also been carried out for methanol pro-
duction from landfill gas via dry and bi-reforming (Choe et al. [106]). Additionally, Moioli
and Schildhauer [107] compared different methanol production concepts from biogas,
showing that the additional utilization of H2 potentially enables higher carbon utilization
and, therefore, higher productivity. However, a detailed comparison of the mainly dis-
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cussed reforming technologies within the overall production concept for the carbon-max-
imized biogas conversion to methanol is missing. Therefore, further investigations are
necessary to assess the overall concept of hybrid methanol production from biogas re-
garding the available reforming technologies and the influence of decisive process and
framework parameters.

Against this background, this research paper aims to conduct an in-depth techno-eco-
nomic assessment of carbon-maximized methanol production from biogas and renewable
electricity within a novel decentralized production concept. Two process configurations
relying on different reforming technologies are designed and compared to assess the hy-
brid methanol production concept and evaluate the advantages and disadvantages of the
considered reforming technologies within the overall concept. The influence of decisive
operating parameters and technical and economic framework conditions are obtained as
further novel results. For this purpose, both configurations are modeled using steady-
state process simulations. Carbon and energy flow diagrams visualize the simulation re-
sults to indicate losses and accumulations. Furthermore, techno-economic key figures are
derived and assessed under parameter variation.

Annex A provides technical information on the considered process steps and further de-
tailed information about process modeling data, analysis, and results.

3.2 Methodology

The techno-economic analysis of the previously outlined PBGtM concept is conducted
based on process modeling results. Within the scope of the analysis, two process configu-
rations, relying on either bi-reforming or tri-reforming (Section 3.3.1), are compared. Fig-
ure 3-3 presents the applied overall assessment approach. The respective tools and meth-
odologies used are described below.

Process design & simulation

Technical data | Process design
- Process configurations and variation parameters

Flowsheet simu-

lation software

Substance data

Heat Integra-
tion software

Process modeling
and simulation

- Material flows -
- Energy flows -

Process analysis A 4
& assessment Technical ﬁechnical key figures
Equipment cost analysis '\and variation areas
functions _Vv .
= Economic Economic key figures
Economic frame ) -
. analysis and variation areas
assumptions

H, supply optimi-
zation software

[ Input ] < Tool > | Step | ( Result )

Figure 3-3:  Assessment approach of the techno-economic analysis.
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3.2.1 Process design and simulation

The design and the simulation of the process configurations form the basis of the analysis
and the assessment.

3.2.1.1 Process design

Two process configurations are designed according to the general concept of PBGtM, dif-
fering regarding the reforming technologies considered: the bi-reforming (BiRef) and tri-
reforming (TriRef) of biogas. Preferably, only technically mature technologies or at least
technologies that have been extensively investigated and for which sufficient literature
data are available are selected. Parameters for which a significant influence on the overall
processes can be expected and/or for which literature shows large value ranges are iden-
tified and varied within the simulation (parameter variation). Due to the stationary oper-
ating characteristics of biogas plants and the limited dynamics of the biogas reforming
step, hydrogen production is designed for a constant supply [108].

3.2.1.2 Process modeling and simulation

A steady-state flowsheet simulation is used to determine the mass and energy flows in the
analyzed processes. The commercial simulation software Aspen Plus® is used to deter-
mine the occurring material and energy streams. Details about the included methodology,
simulation structure, and software databases are provided by [109]. The respective pro-
cess blocks are interconnected through material, heat, or power streams. Simulation re-
sults are used to make iterative adjustments to the process design, optimizing the overall
process within the expected technical limitations. No internal integration of heat streams
is assumed at this stage. Minimal external heating and cooling requirements are deter-
mined via a pinch analysis using the Aspen Energy Analyzer®.

3.2.2 Process analysis and assessment

For both process configurations, a reference case (RC) as well as various technical and
economic parameter variations (PV) are analyzed. The ranges of parameter variation are
determined based on literature and simulation data to assess the extent of potential devi-
ations from the reference case. The analysis includes the technical and economic key fig-
ures described in the following.

3.2.2.1 Technical analysis

The derived mass and energy balances are visualized for the technical analysis regarding
carbon and energy flows, enabling a comprehensive understanding of the overall process
schemes. The technical key figures carbon and energy efficiency are defined according to
Eqg. 3-1 and Eq. 3-2.
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Carbon efficiency (nc) describes the amount of carbon bound in the target product
(Cproduct) compared to the amount of carbon contained within the feedstock (Creeq) by
considering the respective carbon flows. Since methanol is the only carbon-containing
product within the investigated concept, carbon efficiency directly correlates with the
methanol production rate.

CProduct

Nc,Product — Eq. 3-1

CFeed

Energy efficiency (7e product) is used to assess the process configurations regarding their
overall energy demands. The chemical energy of the product is related to the energetic
effort of production, considering the chemical energy of the feedstock plus the demand
for electrical energy (P,;) and thermal process energy (Qy,). Chemical energy is calculated
by multiplying the mass flow of the respective product (mproquct) Or feed (1Mpeeq) With the
respective higher heating value (HHV).

mProduct HHVProduct
mFeed I_IHVFeed + Pel + ch

Eq. 3-2

Ne,Product =

3.2.2.2 Economic analysis

The primary objective of the economic analysis is to derive and compare methanol pro-
duction cost (MPC) from the analyzed process configurations under defined economic
framework conditions. The MPCs represent the minimum required selling prices to
achieve economic feasibility in methanol production. The costs are calculated according
to Eq. 3-3 for a market-mature process (nth-of-a-kind plant) built on a green field. The
MPCs consist of the annual capital costs (ACC), the fixed operational expenditures (OPEXy)
and the variable operational expenditures (OPEX,). The latter represent the feedstock
and energy costs, while the fixed operational expenditures are independent of the product
amount (e.g., labor, taxes, overheads, maintenance). The overall annual costs are related
to the annual production given by the hourly nominal production (mpyoquct) and annual
full load hours (AFLH) of the plant.
_ ACC + OPEX; + OPEX,

MPC = - Eqg. 3-3
Mproduct AFLH .

The annuity method (Eq. 3-4) is used to determine the annual capital cost (ACC). The cap-
ital required for the construction of the plant (fixed capital investment; FCI) is depreciated
over the depreciation period (n), taking into account the real weighted average cost of
capital (WACC, i) and the working capital share (w).

(14"

l
ACC = FCl ——2 L FClwi Eq. 3-4
Arpn_1 et 4
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The FCI is derived using the module costing technique, which is generally accepted as an
approach for preliminary cost estimates [110]. This estimate is based on the major pro-
cess equipment, which is roughly dimensioned based on the process design and simula-
tion. This cost calculation method can be classified as a study estimate? with an expected
accuracy range of -30 to +50 % [111]. Detailed calculation principles and assumptions are
described in Annex A.

Since constant hydrogen supply from volatile energy sources requires dimensioning
based inter alia on representative renewable energy production profiles, hydrogen supply
costs are derived using hydrogen supply optimization methodology [108], aiming to min-
imize the hydrogen supply cost by scaling the individual process steps. Hydrogen costs
are considered as OPEX, and derived for a production in Germany.

3.3 Process configurations

The following describes the designed PBGtM process configurations (BiRef and TriRef)
and the assumed data and framework conditions.

3.3.1 Process description

The two considered process configurations are listed in Table 3-1.

¢ BiRef. Combining steam reforming and dry reforming (CSDR), the bi-reforming pro-
cess appears to be significantly advantageous over dry reforming, particularly con-
cerning coke formation and product composition [63]. Instead of a fired reactor sys-
tem, conventionally used for endothermic reforming processes, an electrically heated
reformer is considered to avoid carbon losses related to the combustion of biogas* and
offers the advantage of directly and very efficiently harnessing renewable electricity
for chemical processes [112, 113]; such electrical heated reforming reactors have al-
ready been successfully demonstrated [114, 115].

e TriRef. The tri-reforming process is a variation of the bi-reforming process, whereby
pure 02 is fed into the reforming reaction chamber to provide the required heat
through concurrently occurring exothermic oxidation. This approach eliminates the
need for external energy input or removal (autothermal operation). Autothermal re-
forming is already commercially employed in the production of syngas from methane
[57, 116]. Within the TriRef configuration, sufficient O: is available from water-elec-
trolysis.

3 Also known as Major Equipment Estimate; Estimation Class 4 according to AACE Recommended Practice
No. 17R-97.

#In-house simulations have shown carbon losses of about 25 % when biogas is used for heating.
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Table 3-1:  Process configurations considered.

Configuration abbreviation Reforming technology Heat provision
BiRef Bi-reforming Electrical heated
TriRef Tri-reforming Autothermal

The process flowsheet depicted in Figure 3-4 applies to both configurations. Biogas is first
purified in an adsorber bed filled with doped activated carbon without pressure or tem-
perature adjustments®. Then, the cleaned biogas is compressed and mixed with steam (bi-
reforming) or steam and oxygen (tri-reforming), depending on the respective process
configuration; the reactant composition can be described with the ratio given by Eq. 3-5.
Afterward, the gas mixture is pre-heated and fed to the reforming reactor. The reformer
product is then cooled down to condense the contained water. The remaining gas mixture
(raw syngas) is compressed, mixed with light gases from the purification process (pre-
dominantly CO2), and conditioned with pure hydrogen. The hydrogen can be supplied di-
rectly from the electrolyzer or the intermediate hydrogen storage tank. The stoichio-
metric number (SN, Eq. 3-6) and the carbon oxide ratio (COR, Eq. 3-7) characterize the
syngas composition according to its molar composition.
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I . | Recycle compressor I
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Figure 3-4:  PBGtM process flowsheet with main operating conditions (dotted line only in case of tri-
reforming).

[COz] + [H20]
[CH,4]
[H,] — [CO,]

SN = —————— Eqg. 3-6
[CO] + [CO,] a

OxyN = Eqg. 3-5

5 Since the activated carbon filter has no relevant influence on the mass and energy flows of the overall
process, it is not included in the modeling.
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cor= —0)__ Eq.3-7
[CO] +[CO,] '

[x] Molar fraction of the respective component (x).

The conditioned syngas is pre-heated and fed to the methanol reactor in the synthesis and
purification section. The reactor output is cooled down to condensate methanol and wa-
ter, separated from the remaining gas stream. The remaining gas phase, consisting mainly
of unreacted syngas components and inert gases, is recycled to the reactor. A proportion
of the recycle gas is purged to avoid an uncontrolled accumulation of inert gases and light
by-products. The methanol-water mixture contains small amounts of dissolved gases and
heavier by-products and is purified in a two-stage column system. The first column (top-
ping column) mainly separates light components via the column head. Afterward, the sec-
ond column (methanol column) separates water and heavier components via the column
bottom, allowing pure methanol to be recovered as the top product.

3.3.2 Data and assumptions

Below, data and assumptions needed for the modeling and techno-economic assessment
are outlined. Annex A provides further data and descriptions.

3.3.2.1 Technical data

The main data used to model the technical processes are listed in Table 3-2. The CH4/CO2-
ratio, the inert gas fraction (IGF), and the water content define the biogas composition.
Since the composition of biogas can vary significantly, the inert gas fraction and the
CH4/COz2 ratio are considered in the parameter variation. Electrolysis is assumed stoichi-
ometrically, with electrical and thermal flows derived from the assumed electrical effi-
ciency of the electrolyzer. Due to the high operating temperatures of the reforming pro-
cesses, equilibrium composition is assumed at the reactor outlets. The oxidation number
is setto 1.5 (Eq. 3-5) to ensure an excess of oxidants and to prevent coking. The influence
of the reforming temperature is analyzed within parameter variation. Syngas condition-
ing is controlled via design specifications, adjusting the stochiometric number (SN, Eq.
3-6) at the reactor entry to 2.05 and the inert gas fraction of the syngas to 20 %. The latter
is also considered within parameter variation.

The methanol synthesis is modeled with a temperature approach considering the three
main reactions; i.e., the conversion rate depends on the chemical equilibrium, whereby
the respective temperature difference gives the offset from the equilibrium. The for-
mation of by-products correlates linearly with the amount of methanol produced. Down-
stream separation is designed to enable methanol purity according to the quality of meth-
anol grade AA.
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Table 3-2: Technical modeling data (LHV: Lower heating value, PV: Parameter variation, RC: Ref-
erence case).
Stream/ Parameter Value Reference
Process
Biogas Composition CH4/CO2-ratio RC:1.5| PV:1-3 [117-119]
N2 [vol%bpry] RC: 2 | PV 0-5 [117,118]
Dew point [°C] 10 [117]
Electrolysis Conversion H,0 —» H2+0.5 02 1 [-]
Energy demand Electrical efficiency [Y%vuv, 1z] 67 [65]
Reforming  Operating T [°C] RC: 900 | [62,119]
conditions PV:800-1,000
p [bar] 5 [62]
Condition OxyN (Eq. 3-5) 1.5 [62]
Equilibrium Products considered: CO, COz, H20, Hz, CHy4, Oz, N; [63,83]
conversion
Methanol Operatin o 86,120,
synthesis cc?nditiorigs Tl 250 [ 121]
p | Ap [bar] 75| -5 [86,92]
Inert gas share RC:0.20 | [-]
PV:0.02-0.50
Equilibrium CO + 2 H, S CH30H 15 [120]
conversionwith ¢, 4 3y, < CH;0H + H0 15 [120]
temperature ap-
proach [K] CO + H20 = CO2 + Hy 15 [120]
Methanol Share in final CH30H [wt%] 99.85 [95]
product

3.3.2.2 Economic data

In addition to technical parameters directly influencing the relative mass and energy bal-
ances, other technical parameters predominantly affect economic figures and do not
change technical results. Furthermore, various economic assumptions can significantly
impact economic key figures. The respective values and framework assumptions are
listed in Table 3-3. The costs are given in euro currency and adjusted according to the
chemical plant cost index (CEPCI) for 2022.

Technical parameter. The installed nominal capacity of the PBGtM plant is, from a tech-
nical perspective, limited by the availability of biogas at the plant site. The nominal capac-
ity of the production facility typically does not affect the carbon and energy efficiency®.
Still, it does influence the specific plant costs (economies of scale) and, consequently, the
methanol production costs (MPCs). In the reference case, the plant size is designed for an
available biogas quantity of 670 Nm?3/h, corresponding to a medium- to large-scale biogas
plant. The influence of the plant size on the production costs is analyzed as part of eco-
nomic parameter variation, where the plant size is varied using a scale factor concerning

6 Assuming the process concept, including process integration, remains unchanged, and the equipment is
adapted to the respective performance classes. In very small-scale plants, the influence of heat losses can
lead to reduced efficiencies.
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the reference case (scale factor 1). The annual plant’s full load hours (AFLH) determine
the annual production quantity at a given plant capacity, thus impacting the production
costs. The annual full load hours are dependent not only on market-related factors but
also on the technical availability of the biogas plant and the PBGtM plant itself. In the ref-
erence case, ca. 7,500 h/a (full load) are assumed (plant utilization of 85 %), constrained
by the typical annual full load hours of biogas plants [122].

Economic parameter. The fixed capital investment (FCI) depreciation period is assumed
to align with the plant’s operating life. Uncertainties associated with estimating plant
costs are assessed through the variation of annual capital costs (ACC) within the expected
uncertainty range. The specific costs for biogas are determined based on the literature.
Biogas production costs vary significantly depending on the utilized substrate and the
plant capacity. The value provided in the reference case is at the lower end of the range,
with higher values arising, especially for small-scale plants and potentially more complex
substrates (e.g., straw). The biogas costs are currently predominantly assessed based on
the energy content [€2022/MWhinv], with no value attributed to the contained CO2. The
costs for continuously available electricity are estimated based on the European average
price (2008 to 2020) for non-household electricity contracts. This value is in the same
cost range as constant electricity supply costs from renewable power in the EU derived
by [123]. Hydrogen supply costs are determined using an optimization model [108] by
considering the 3rd. Quartile of the German onsite hydrogen supply cost for 2022 (see
Annex A, A.4 for extended results).

Table 3-3: Economic data and assumptions (ACC: Annual capital cost, AFLH: Annual full load hours,
PV: Parameter variation, RC: Reference case, WACC: Weighted average cost of capital).

Process Parameter Unit Value Reference
Plant Biogas capacity | [Nm3/h] | RC: 670 | [-]
related  Scale factor [-] PV:0.1-100
AFLH [h/a] RC: 7,500 | [122]
PV:6,500-8,760
Capital ~ WACC (i) [%] RC: 6 | PV: 0-12 [108]
related  pepreciation period (1) [a] 20 [124, 125]
ACCuncertainty (Factor) [-] 0.7-1.5 [111]
Costs Biogas [€2022/MWhryy] RC: 72| PV:45-185 [126,127]
Electricity [€2022/MWh] RC: 130 | PV: 90-230  [123,128]
Hydrogen [€202/kg] ~ RC:7.0 |PV:50-9.0  Amnex

A A4
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3.4 Technical results

Firstly, the process configurations are analyzed regarding the occurring carbon and en-
ergy flows in the reference case. Secondly, the influence of selected parameters on the
technical key figures is shown. Lastly, the results are assessed and compared to non-hy-
brid production concepts regarding carbon utilization.

3.4.1 Process flow analysis

The process simulation results are used to visualize and evaluate the process configura-
tions’ relative carbon and energy flows under the reference case assumptions.

3.4.1.1 Carbon flows

The carbon flows are depicted relative to the overall carbon input stream. Stoichiometri-
cally, the carbon input can be bound entirely within the methanol product (carbon effi-
ciency of 100 %) since the formation reactions do not include carbon-containing by-prod-
ucts. However, since conversions and separation processes are usually non-ideal, accu-
mulations and losses occur, which are visualized in the flow diagrams. Hydrogen produc-
tion is not depicted in the visualization since no carbon is involved.

BiRef. Figure 3-5 shows the carbon flows of the BiRef configuration. Here, biogas is the
only carbon-containing input. No relevant carbon losses occur during biogas conversion
into syngas within bi-reforming and conditioning. However, as methane is not fully con-
verted in the reforming process, methane is carried into the methanol synthesis as an in-
ert gas in addition to nitrogen. Due to the equilibrium-limited syngas conversion in the
methanol synthesis, which requires significant syngas recycling, carbon accumulation oc-
curs within the synthesis loop.
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Figure 3-5:  Relative carbon flows of the bi-reforming configuration (BiRef).
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Here, carbon losses occur through purge gas release, which is required to avoid excessive
inert gas accumulation. Methane represents more than 55 % of the inert components
within the purge gas, resulting in purge-related carbon losses of 6 %.

The liquid synthesis product still includes 99 % of the utilized carbon when it’s fed into
the topping column. After separating dissolved gases (mainly CO2), the raw methanol con-
tains 93 % of the overall carbon input. Within the methanol column, methanol is sharply
separated through multistage rectification; no further carbon losses occur at this stage.

The resulting overall carbon efficiency is 93 %, with the remaining carbon (7 %) released
as flue gas. The assumed biogas input of 670 Nm?/h enables a methanol production of
860 kg/h. The specific biogas demand is, therefore, 0.78 Nm?>gc/kgmeot.

TriRef. Figure 3-6 shows the carbon flows of the TriRef configuration. As in the BiRef con-
figuration, no carbon losses occur during biogas conversion to syngas. However, gas com-
position at the reformer outlet differs significantly due to the additional oxygen injection
into the autothermal reformer (Table 3-4). The higher carbon oxide ratio (Eq. 3-3) results
in alower per-pass conversion within the methanol reactor. Nevertheless, the carbon flow
of syngas recycling is only slightly higher as in the BiRef configuration due to the signifi-
cantly lower methane share of the inert gases (< 15 %). Considering also carbon-free com-
ponents, the volume flow of syngas in the TriRef configuration is 40 % higher than in the
BiRef configuration. Since less inert gas is present in the fresh syngas, the carbon losses
related to purge gas only account for 3 % of the utilized carbon, leading to an overall car-
bon efficiency of 97 % (i.e., 4 %pt more than the BiRef configuration). In the reference
case, a 900 kg/h methanol production capacity is reached based on a 670 Nm?/h biogas
feed, corresponding to a specific biogas demand of 0.74 Nm?>gc/kgmeon.

Light gas recycle: 5%

o
" o
Syngas recycle: 330% S =
6 ) L |Flue gas: 3%
73 S S
20 0 x T
A 2 §v
Q 3 °5
p ¢ E a )
& @ o5
Carbon flow (cut off) =) -1 a
< Methanol: 97%
%)
E
'
¢ |5, P 3
23 | £ 8 [Reaction - 9
N = cH c i o
© ® (& 8 [product: © o
o0 |= © [ e
€< |3 2 |435% T8 £ c
> »
c [ o3 - (7] 8 g- g
o = lo a3 o L 3
o Ol (08 » o
= wn&®|E n © 20 ©
A ("] o c = «© ® e
O 0|gn? [« o ®© g’ = o
¢8los|g [B% 5 g Fresh gas: s
Biogas: 100%(& [@ E|.L |5 @ 95 105% =
2 ok [© ) g

Raw methanol: 97%

Waste water: < 1%

Figure 3-6:  Relative carbon flows of the tri-reforming configuration (TriRef).



3.4 - Technical results 37

Table 3-4: Gas properties of both process configurations (COR: Carbon oxide ratio, SN: Stoichio-
metric number, IGF: Inert gas fraction).

BiRef configuration TriRef configuration
Parameter Reformer product  Reactor feed Reformer product Reactor feed
SN (Eq. 3-2) 1.36 2.05 0.75 2.05
COR (Eq. 3-3) 0.11 0.42 0.32 0.62
IGF [%] 2 20 1 20

3.4.1.2 Energy flows

The process energy flows are normalized to the total energy input of the overall process
to analyze and assess the major energy demands and losses of the process configurations.
Thereby, chemical energy (related to the higher heating value; HHV), electrical energy,
and thermal energy (heating and cooling demands) are considered. Annex A, Section A.3.2
lists further information regarding heat integration.

BiRef. The energy flows of the BiRef configuration are depicted in Figure 3-7, indicating
that the main energy input takes place through biogas (59 %). The remaining energy is
provided by electricity needed for H2 production (25 %), heating requirements (12 %),
and gas compression (4 %). Heating requirements (in the form of electrical power) are
needed within the bi-reforming reactor since only a small part of the required heat can be
integrated from internal heat sources (see Annex A.4). Internal heat sources like methanol
synthesis can satisfy other internal heat demands.
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Figure 3-7:  Energy flows (rounded) of the biogas bi-reforming (BiRef) configuration (heating and
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The overall energy efficiency is 74 %, while the remaining energy is released as waste
heat, i.e,, mainly via cooling water. The electricity demand of the electrolyzer under
steady-state conditions is 1.8 MWej, enabling a methanol output of 5.5 MWnnv.

TriRef. Figure 3-8 shows the energy flows of the TriRef configuration. Here, biogas rep-
resents 52 % of the overall energy input. Like in the BiRef configuration, electrical energy
provides the remaining energy. However, in the TriRef configuration, the energy required
for H2 production is almost twice as high (3.6 MWel) as in the BiRef configuration. This
increase is due to the lower stoichiometric number of the reforming product (Table 3-4),
caused by the additional Oz input and the associated higher CO2 and H20 formation. How-
ever, due to the autothermal reforming, no external heating demands exist, which par-
tially compensates for the higher energy requirement of the electrolysis. Despite signifi-
cantly larger amounts of Hz, the recycling loop’s energy stream is lower than the respec-
tive stream in the BiRef configuration, as the methane contained in the BiRef configuration
overcompensates for this. The overall energy efficiency results in 69 % (compared to
74 % for the BiRef configuration), while the remaining energy is released into the envi-
ronment as low-temperature waste heat. The methanol production capacity in the refer-
ence case is about 5.7 MWHnv.
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3.4.2 Parameter variation

This section analyzes and compares the effects of changing parameters on the technical
key figures of the overall process configurations. On the one hand, this results in quanti-
tative findings on the impact of biogas-specific properties. On the other hand, technically
advantageous operating ranges and associated optimization potentials can be identified.

The analysis of the reference cases shows that the TriRef configuration has a higher car-
bon efficiency than the BiRef configuration at the expense of a lower energy efficiency.
Therefore, parameter variation is first analyzed in terms of carbon efficiency (Figure 3-9
and Figure 3-10, left), and following regarding energy efficiency (Figure 3-9 and Figure
3-10, right). Lines that do not cover the entire parameter variation range result from phys-
ical limitations of the modeled processes, where within the specified parameter ranges,
the given design specifications can no longer be met, and therefore, no solutions exist for
these parameters.

3.4.2.1 Carbon efficiency

Figure 3-9 (left) shows the impact of different biogas compositions on the carbon efficien-
cies of the investigated process configurations. In the reference case, the inert gas fraction
(IGF) (solid lines) is assumed to be 0.02, and the CH4/CO2 ratio (dashed lines) is 1.5.

e Biogas - Inert gas fraction. An increasing inert gas fraction of the utilized biogas neg-

atively affects the carbon efficiencies for both process configurations. The BiRef con-
figuration’s carbon efficiency decreases almost linearly within the varied area from
94.6 to 90.7 %. The carbon efficiency of the TriRef configuration responds slightly
stronger to an increasing inert gas fraction and decreases from 98.8 to 94.5 %.
In both configurations, the carbon losses are caused by increasing amounts of purge
gas, which is only used energetically. The slightly lower sensitivity in the BiRef config-
uration is due to the anyway higher amount of inert gas present through unreacted
methane.

e Biogas ratio - CH4/COz2. Since a linear variation of the CH4/COz ratio leads to a non-

linear change in the respective CH4 and CO: fraction, these variations also affect the
carbon efficiency non-linear. An increasing ratio thereby decreases the carbon effi-
ciency. Concerning the BiRef configuration, carbon efficiency decreases from 94.1 to
91.8 % in the varied area. The TriRef configuration shows almost no response to the
parameter variation and decreases only minimally from 97.3 to 96.9 %.
Since an increasing CH4/COz2 ratio implies an increasing CH4 content, CH4 conversion
becomes more important with an increasing ratio. As the CH4 content increases, the
amount of unconverted methane in the reformer product also increases, which leads
to higher purge gas amounts. Since lower conversions are achieved in the BiRef con-
figuration, the effect is stronger than in the TriRef configuration.
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Figure 3-9:  Carbon (left) and energy (right) efficiency under variation of biogas inert gas fraction
and biogas ratio (BG: Biogas, BiRef: Process configuration with electrically heated bi-
reforming, IGF: Inert gas fraction, RC: Reference case, TriRef: Process configuration with
autothermal tri-reforming).

| o RC----- BiRef - Syn IGF =---- TriRef - Syn IGF |
Syngas - Inert gas fraction [-] Syngas - Inert gas fraction [-]
00 01 02 03 04 05 00 01 02 03 04 05

1,00 Attty 1,00 0.80 ey 080
— - 0.95 075 - L 0.75
= >
g 2
< [
2 ‘©
L 0.90 i 0.70 0.70
b= 7}
@ >
s o
o =
2 ]
a (=
o 0.85 Woses 0.65

0.80 : 0.80 0.60 : 0.60

800 900 1,000 800 900 1,000
Reformer - Temperature [°C] Reformer - Temperature [°C]
| —BiRef- Temp. ——TriRef-Temp. © RC |

Figure 3-10: Carbon (left) and energy (right) efficiency under variation of reformer temperature and
inert gas fraction in syngas (BiRef: Process configuration with electrically heated bi-re-
forming, RC: Reference case, Temp: Temperature, TriRef: Process configuration with
autothermal tri-reforming, Syn: Syngas).

Figure 3-10 (left) shows the impact of changing process parameters on the carbon effi-
ciencies of the investigated process configurations. In the reference case, the reformer
temperature is set to 900 °C (solid lines), and the inert gas share in the reactor feed
(dashed lines) is adjusted to 0.2.
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¢ Reformer - Temperature. An increasing reformer temperature leads to a strongly
non-linear increase in carbon efficiency. Especially in the lower temperature region
analyzed, a rapid decrease of the key figure occurs. The carbon efficiency of the BiRef
concept decreases sharply with reformer temperatures below 900 °C (93.0 to 76.8 %).
Above 900 °C, the impact of increasing temperature decreases while carbon efficiency
continues to grow (93.0 to 97.0 %). The curve of the TriRef configuration is similar but
not quite as steep, and the shallow run-out begins at lower temperatures of about
820 °C. Carbon efficiency increases from 92.2 % to 97.6 % in the varied range.
The reforming temperature decisively determines the chemical equilibrium of the re-
forming reactions. Since high temperatures shift the equilibrium towards syngas for-
mation, CH4 conversion increases with increasing temperature, meaning less CH4 en-
ters the synthesis loop, and thus, less purge gas has to be purged. The significantly
stronger influence on the BiRef configuration results from the lower oxidant amount
compared to the TriRef configuration. Here, in addition to water and COz, Oz is present
as a very active oxidant, resulting in higher methane conversions even at lower tem-
peratures.

e Syngas - Inert gas fraction. The inert gas fraction in the reactor feed results from the

inert gas contained in the fresh gas concentrating with increasing recycling of unre-
acted syngas. The removal of purge gas controls the inert gas fraction (IGF). Thus, the
curves resulting from the variation of the permitted inert gas fraction show an in-
crease in carbon efficiency with increasing inert gas fraction. The curves are divided
into an almost vertical part (IGF <0.1) and a more horizontal part (IGF > 0.2). Starting
from the reference case fraction (IGF = 0.2), the carbon efficiency drops steeply with
decreasing permitted inert gas fraction. In both configurations, the carbon efficiency
trends against the per-pass conversion when the inert gas fraction approaches the
fresh gas inert gas fraction. In the area right of the reference case value, the carbon
efficiency of the BiRef configuration increases up to 95.8 %. In the TriRef configura-
tion, carbon efficiency increases up to 98.7 %.
In both configurations, the losses once again stem from purge gas. With increasing in-
ert gas fraction in the synthesis loop, more inert components and fewer reactants are
purged out within the same amount of purge gas. Again, the higher conversion enabled
by tri-reforming shows advantages in the investigated area.

3.4.2.2 Energy efficiency

Biogas properties and process parameters positively affecting carbon efficiency can lead
to higher energetic efforts, which can exceed the energy benefit of higher production out-
puts. Below, the influence of parameter variation on energy efficiency is therefore ana-
lyzed in more detail. Figure 3-9 (right) shows the impact of different biogas compositions
on energy efficiency.
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Biogas - Inert gas fraction. The energy efficiency under variation of the biogas inert
gas fraction (solid lines) shows a similar, almost linear trend as the carbon efficiency
in the analyzed range. In both configurations, efficiency decreases with an increasing
inert gas fraction. However, regarding the BiRef configuration, the slope is clearly
lower compared to the carbon efficiency analysis. The energy efficiency decreases
only slightly from 74.7 to 73.7 %. The TriRef configurations’ energy efficiency re-
sponds stronger to an increasing biogas inert gas fraction, similar to the carbon effi-
ciency, decreasing from 70.4 to 67.2 %.

The changes in energy efficiency result mainly from changes in methanol production
(carbon efficiency). However, in the BiRef configuration, the increasing purge gas also
increases the high-temperature heat utilized for bi-reforming. This additional heat re-
duces the electrical power demand and partly counteracts energy losses. Autothermal
tri-reforming demands no external heating. Therefore, the heat of purge gas combus-
tion can only be used if external heat sinks are available at the production site, which
is not assumed within the analyzed configurations.

Biogas ratio - CH4/COz. The variation of the biogas ratio (dashed lines) shows that
high ratios positively affect the energy efficiency of the configurations. Despite de-
creasing carbon efficiency, energy efficiency significantly increases in both configura-
tions. In the case of the BiRef configuration, the energy efficiency rises from 72.2 to
77.7 %. The increase for the TriRef configuration is slightly lower, increasing from
68.0 to 71.1 %.

The variations in energy efficiency are primarily driven by the decreasing H> demand
with increasing CH4 content in the biogas, reducing the amount of electrical energy for
the electrolysis. In comparison to biogas-based Hz production (via reforming), this
process is associated with higher losses. However, the additional Oz input in tri-re-
forming requires additional Hz, even at high CH4/COz2 ratios. For the BiRef configura-
tion, the external H2 demand approaches zero for ratios close to three.

The influences of the process parameters reforming temperature (solid lines) and syngas

inert gas fraction (dashed lines) on the overall energy efficiencies for both configurations

are depicted in Figure 3-10 (right).

Reformer - Temperature. The energy efficiency of both process configurations ex-
hibits an initially increasing trend as the reforming temperature increases, followed
by a slight decrease after reaching a maximum. In the case of the BiRef configuration,
the maximum is located at 960 °C and reaches 74.6 %. With a further temperature in-
crease to 1,000 °C, the efficiency decreases slightly by 0.1 %. For the TriRef configura-
tion, the maximum is reached at 900 °C with 69.2 %. Subsequently, the efficiency de-
creases by up to 0.7 % at 1,000 °C. In the range left of the maximum, the efficiencies of
the BiRef and TriRef configuration drop to 70.5 and 66.7 %, respectively.

From a process level perspective, the trend in both curves results from, on the one
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hand, the increasing methanol yield (carbon efficiency) with rising reforming temper-
ature and, on the other hand, the counteracting increase in energy demand for reform-
ing. As the positive impact of higher reforming temperatures on the methanol output
decreases, particularly in the TriRef configuration, the increasing energy demand pre-
dominates, leading to a decrease in energy efficiency beyond the maximum.

In the case of bi-reforming, the additional energy demand is provided through electri-
cal heating with an efficiency of 100 %. In the case of tri-reforming, the increase in
temperature is achieved by increasing the oxygen input, which in turn raises the Hz
demand. However, H2 production involves losses due to the electrolyzer efficiency of
approximately 79 %unv.

e Syngas - Inert gas fraction. The trend of the energy efficiency curves fundamentally

exhibits similarities to those of carbon efficiency. However, the curves attain a maxi-
mum within high inert gas fractions before falling slightly again. In the varied area of
permitted syngas inert gas fractions, the BiRef configurations’ energy efficiency in-
creases from 64.9 % at 2 %icr to 74.6 % at 35 %icr, which decreases then to 74.4 % at
50 %icr. The TriRef configurations’ energy efficiency increases from 55.3 % at 2 %icr
to 69.7 % at 40 %icr. The efficiency then decreases slightly to 69.6 % at 50 %icr.
In both configurations, efficiency gains driven by increasing methanol production pre-
dominate up to the maximum. Furthermore, due to the slightly over-stoichiometrically
operated syngas, fresh gas H2 demand and the associated electrolysis power decrease
with increasing recirculation. However, beyond the maximum, the exponentially in-
creasing quantity of recycling gas and the consequent electrical energy demand of the
recycling compressor outweigh the benefits.

3.4.3 Assessment

The following summarizes and assesses the technical results (Figure 3-11). The reference
analysis (red and blue horizontal lines) shows differences in carbon and energy efficiency
between the BiRef and the TriRef configuration. The advantage of the TriRef configuration
in terms of carbon efficiency and the associated lower biogas demand result from the
higher methane conversion in the reforming process caused by the addition of oxygen.
However, this is accompanied by an increase in hydrogen demand. Since converting elec-
tricity into heat (Bi-Reformer) is more efficient than converting electricity into hydrogen
(electrolysis), the BiRef configuration enables a higher energy efficiency despite the lower
methanol output.

The composition of the biogas can vary significantly depending on the substrate used and
the operating conditions of the biogas plant. The influences on the efficiency of the PBGtM
concept determined in the parameter variation are assessed as moderate. A low N2 con-
tentin the biogas is generally favorable and increases carbon and energy efficiency. A high
methane content in the biogas reduces the electrolysis demand and thus increases the
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overall energy efficiency, while the carbon efficiency is mainly unaffected, especially when

using tri-reforming.
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Figure 3-11: Summary comparison of technical reference case and parameter variation results (BG:
biogas, BGtM: Biogas-to-Methanol, BiRef: Process configuration with electrically heated
bi-reforming, IGF: Inert gas fraction, PtM: Power-to-Methanol, RC: Reference case, Ref.
temp.: Reformer temperature, SG: Syngas, TriRef: Process configuration with autother-
mal tri-reforming).

In contrast to the given properties of biogas, process parameters can be directly influ-
enced by process design and operation. Therefore, parameter variation results represent
potential for technical process optimization. The influence of the reformer temperature
and the syngas inert gas fraction on the technical key figures is very strong; however, only
limited improvements can be achieved compared to the reference case. Significant im-
provements can only be achieved in the BiRef configuration. Specifically, elevated re-
former temperatures enable an increase in carbon efficiency up to the level of the TriRef
configuration. An increase in the permissible inert gas fraction also increases carbon effi-
ciency. However, regarding energy efficiency, increasing process-related energy demands
prevent enhancements from both process parameters.

Comparison with non-hybrid methanol production from biogas in (Figure 3-11) reveals
that integrating power-based hydrogen increases carbon efficiency substantially. For
purely power-based production (PtM), utilizing only the CO2 share of the biogas, carbon
efficiency decreases to only 38 %?7. Purely biogas-based production (BGtM) achieves car-

7 Carbon capture rate of 95 % assumed.
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bon efficiencies of 72.5 % with electrically heated bi-reforming and 58.2 % with tri-re-
forming. Since carbon efficiency directly correlates with methanol production, non-hybrid
concepts produce significantly lower quantities of methanol. For the biogas composition
assumed within the reference case, an increase in methanol yield of 28 % (BiRef) and
67 % (TriRef) is achieved compared to the purely biogas-based concepts. The hybrid ap-
proach is particularly advantageous when the biogas has a high CO2 content while the
significance of adding power-based hydrogen diminishes as the CH4 share increases. Con-
sidering a biogas ratio (CH4/COz2) of three within a bi-reforming-based configuration, car-
bon efficiency increases by only 2 %pt through additional hydrogen input. However, con-
sidering tri-reforming, hydrogen addition still increases carbon efficiency by 24 %pt. In
summary, the assessment shows that both PBGtM configurations significantly increase
the targeted carbon utilization compared to non-hybrid concepts.

3.5 Economic results

First, the methanol production costs resulting from the reference case are discussed, fol-
lowed by an analysis of various influencing parameters and the assessment compared to
non-hybrid product concepts.

3.5.1 Production costs

Figure 3-12 (left columns) illustrates the methanol production costs resulting from both
process configurations in the reference case. The costs are compared with those of non-
hybrid concepts (right columns) and fossil fuel-based production in Section 3.5.3.

i Fossil

Electricity

Hydrogen

] Biogas

7] oPEXf

[ Acc

Methanol production costs [€5,./t]

PBGtM PBGtM PtM BGtM
(BiRef) (TriRef)

Figure 3-12: Methanol production costs for the reference case (Assumptions for PtM and BGtM see
Annex A, fossil cost range according to [91, 129]; ACC: Annual capital cost, BGtM: Biogas-
to-Methanol, PtM: Power-to-Methanol; OPEXf: Fixed operational expenditures).
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Estimating production costs for methanol in the BiRef configuration reveals a relatively
even distribution of the various cost components. The largest share of costs is attributed
to biogas supply. The second largest cost contribution is fixed operational expenditures,
predominantly determined by various labor expenses and maintenance. Hydrogen costs
are also substantial, while electricity and annual capital costs are slightly lower.

In the TriRef configuration, nearly identical methanol production costs result. Due to the
absence of heating in the tri-reforming reactor, the TriRef configuration requires slightly
lower fixed capital investments, leading to annual capital costs and parts of the fixed op-
erational expenditures being lower than those in the BiRef configuration. Biogas costs are
also slightly lower due to higher carbon efficiency. The largest cost component results
from hydrogen supply, accounting for 42 % of the methanol production costs. Electricity
costs are relatively low compared to the BiRef configuration due to the lower relative de-
mand.

3.5.2 Parameter variation

The following analyzes the impacts of various technical and economic parameters on
methanol production cost (MPC) by parameter variation. The investigation areas are de-
fined to follow the technical results from parameter variation and typical market and pro-
ject-related cost ranges.

3.5.2.1 Technical parameters

In the context of the technical analysis, the parameter variation revealed different carbon
and energy efficiencies for the investigated plant configurations. The influences of these
efficiencies on the MPCs are depicted in Figure 3-13.
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Figure 3-13: Effect of carbon and energy efficiency variation on methanol production cost (CE: Car-
bon efficiency, EE: Energy efficiency, MPC: Methanol production cost, RC: Reference
case).
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For both configurations, the parameter variation shows only marginal cost reductions
with improvements in efficiency compared to the reference case. Across the entire range
of technical key figures, the MPCs fluctuate by around 150 €2022/t. An exception to this is
the variation in carbon efficiency in the case of the BiRef configuration. Here, insufficient
reforming temperatures or very low permissible inert gas concentrations in the syngas
can significantly increase costs due to reduced product formation. However, these losses
can be avoided through suitable plant design and operation.

The impacts of annual full load hours (AFLH) and plant capacity (scale factor) on MPCs are
illustrated in Figure 3-14.
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Figure 3-14: Effect of AFLH and plant scale on methanol production cost (Scale factor 1 corresponds
to the reference case with 670 Nm®*BG/h; AFLH: Annual full load hours, MPC: Methanol
production cost, RC: Reference case).

The variation of annual full load hours, which is varied around + 16 % from the reference
case (RC), results in an MPC variation of about 160 €2022/t and 130 €2022/t for the BiRef
and TriRef configuration, respectively. Increasing annual full load hours from the refer-
ence case to a hypothetical annual full load (8,760 h/a) leads to cost reductions of around
5 % for both configurations.

The variation in plant capacity spans a wide scaling range (factor 1,000). Here, reducing
the assumed reference case capacity has a stronger effect than increasing it. Doubling the
capacity results in a relative MPC reduction of 17 % (BiRef) and 14 % (TriRef), while halv-
ing the capacity leads to an MPC increase of 34 % (BiRef) and 28 % (TriRef). Sensitivity to
changes in plant size is somewhat more pronounced for the BiRef configuration than for
the TriRef configuration. Increasing capacity by a factor of 10 reduces MPC by approxi-
mately 27 % (BiRef) or 22 % (TriRef). However, decreasing capacities affect the MPC
much more strongly.
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3.5.2.2 Economic parameters

Figure 3-15 shows the influence of annual capital cost (ACC) and weighted average capital
cost (WACC) on MPC. The annual capital cost variation shows a linear trend with a higher
gradient for the BiRef configuration. However, MPCs vary less than -50€2022/t and
+100 €2022/t from the reference case for both configurations. The weighted average capi-
tal costs have a non-linear impact on MPC. Higher fixed capital investments are more af-
fected by changing weighted average capital costs. Therefore, the costs from the BiRef
configuration change slightly more than in the TriRef configuration. However, the influ-
ence of the weighted average capital costs for the assumed variation areas is only margin-
ally higher than the variation of the annual capital cost.
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Figure 3-15: Effect of ACC and WACC on methanol production cost (ACC: Annual capital cost, MPC:
Methanol production cost, RC: Reference case, WACC: Weighted average cost of capital).

Figure 3-16 depicts the influences of material and energy feedstock costs on MPC. Due to
the wide cost range of biogas (variation factor of 4), which can increase significantly from
the reference case, especially for small-scale biogas plants and complex substrates, pa-
rameter variation can also lead to significant changes in MPC. A 50 % increase in the bio-
gas costs results in an MPC increase of around 12 % in both configurations compared to
the reference case. However, since biogas production costs can also vary to a much greater
extent, the change in MPC from the reference case can range from -121 €2022/t (10 %) to
+507 €2022/t (40 %) in the case of the BiRef configuration and from -116 €2022/t (9 %) to
+486 €2022/t (37 %) in the case of the TriRef configuration.

The considered electricity costs vary by a factor of 2.6 across the entire range. A 50 %
increase in electricity costs results in a 91 €2022/t (7 %) cost increase in the BiRef config-
uration and 24 €2022/t (2 %) in the TriRef configuration. Across the entire variation range,
there is a cost change relative to the reference case ranging from -56 €2022/t (4 %) to
+140€2022/t (11 %) in the case of the BiRef configuration and from -15 €2022/t (1 %) to
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+37 €2022/t (3 %) in the case of the TriRef configuration. The BiRef configuration shows
lower MPC until electricity costs reach 170 €2022/MWh.

The costs of constant hydrogen supply vary by ca. +30 % across the optimization scenar-
ios (see Annex A.4). Given the significantly higher hydrogen demand of the TriRef config-
uration, cost sensitivity is notably higher compared to the BiRef configuration. The fluc-
tuations in the MPC amount to *84€2022/t (7 %) in the BiRef configuration and
+159 €2022/t (12 %) in the TriRef configuration. Cost advantages for the TriRef configura-
tion are realized when hydrogen costs fall below 6 €2022/kgnz.
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Figure 3-16: Effect of biogas, electricity, and hydrogen cost on methanol production cost (RC: Refer-
ence case, Elec: Electricity cost, MPC: Methanol production cost).

3.5.3 Assessment

The following summarizes and assesses the results of the economic analysis. The MPCs in
the reference case are similar for both configurations, with the BiRef configuration lead-
ing to slightly lower costs primarily due to the lower hydrogen demand. Both PBGtM con-
figurations exhibit a relatively even distribution of cost components. The main cost differ-
ence between the configurations lies in the proportions of hydrogen and electricity costs.
Due to the significantly higher hydrogen demand, the associated costs are notably higher
in the TriRef configuration. This cost difference is only partially offset by the higher elec-
tricity costs in the BiRef configuration. Besides the uncertainties inherently associated
with calculating equipment costs, an increased uncertainty arises for the costs of the elec-
trically heated reformer since the current literature does not provide the respective cost
functions. However, considering the relatively low impact of the annual capital costs, sig-
nificant deviations from the presented findings are not to be expected.
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The parameter variation reveals that the ranges for expected efficiencies from the tech-
nical analysis have little impact on MPCs. The same applies to the impact of annual full
load hours within the considered range. The installed plant capacity significantly impacts
MPCs, particularly due to the broad variation range and strong economies of scale effects.
Increasing the plant size leads to significant specific cost reductions compared to the ref-
erence case. Conversely, lower plant capacities have an even more pronounced effect;
halving the capacity results in an MPC increase of around 30 %. Concerning the reference
case, MPC reduction of over 20 % results for plants with tenfold capacity. However, only
a few biogas plants worldwide have the necessary capacity to supply the needed amount
of biogas for such a scale. Changes in economic framework assumptions within the varied
limits lead to minor MPC variations (<*10 % from the reference case). Significant MPC
changes, on the other hand, can result from cost fluctuations of material and energy feed-
stocks. In particular, considering biogas production costs from the upper literature range
can lead to an increase in the MPC of almost 40 %. The impact of hydrogen costs is espe-
cially relevant for the TriRef configuration. However, changes in the MPCs are below 12 %.

Compared to the literature, the determined costs of approximately 1,300 €2022/t are
above those reported for biomass-based methanol [91]. Compared to power-based meth-
anol, the costs fall within the lower range of current estimations [91]. However, biogas as
well as electricity-derived methanol, exhibit significant cost variations depending on the
assumed process concept, feedstock, plant size, and economic parameters. Within the
framework conditions applied here, PBGtM shows a clear cost advantage over purely
power-based methanol (PtM) (Figure 3-12). This advantage is due to the high costs of
hydrogen supply and the significantly lower production capacity (assuming the same bi-
ogas potential). Purely biogas-based MPCs are in the same cost range as hybrid produc-
tion. The advantage of BGtM lies in the absence of any additional hydrogen-related costs.
However, lower product output disadvantageously offsets this due to higher specific fixed
capital investments and fixed operational expenditures.

The MPCs of fossil fuel-based methanol from natural gas or coal range from 60 to
470 €2022/t (without considering the costs of fossil CO2 emission) [129], significantly
lower than the achievable costs here. These low production costs for fossil-based metha-
nol are achieved in countries with low natural gas or coal costs. The production facilities
have capacities of up to 10,000 t/d, resulting in significantly reduced specific labor and
maintenance costs compared to the decentralized PBGtM concept. Furthermore, the spe-
cific equipment costs are considerably lower due to economies of scale effects. Given the
global overcapacity for fossil-based methanol production, market prices are closely
aligned with production costs. Assuming costs for COz certificates of 81 €2022/t [130]
would lead to fossil MPCs increase of ca. 40 to 300 €2022/t considering only process emis-
sions according to [91, 131, 132]. Compared to conventional large-scale production
plants, the PBGtM concept shows high fixed operational expenditures resulting mainly
from high specific labor, maintenance, and plant costs.
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Without an additional GHG emission-related incentive compared to fossil fuel-based
methanol, PBGtM-based methanol is not economically viable. The CO2 mitigation costs are
around 600 €2022/tcoz for natural gas-based methanol and 250 €2022/tco2 for hard coal-
based methanol®. Economic advantages of the PBGtM concept over pure biogas- or power-
based concepts primarily stem from downstream economies of scale benefits due to the
higher utilization of feedstock (high carbon efficiency) and consequently larger methanol
production capacities, as well as the cost-free supply of CO2. Potential cost reduction for
the concept lies in the standardized manufacturing of the plant as an end-of-pipe technol-
ogy and in extensive automation for remote operation, as it is already common in biogas
upgrading facilities.

3.6 Conclusion

The overall objective of the paper is to determine the efficiencies and costs of combined
electricity- and biogas-based methanol production and to assess the concept compared to
non-hybrid production approaches. Two process configurations based on different re-
forming technologies, i.e., BiRef configuration and TriRef configuration, were simulated
and analyzed in a reference case and in a parameter variation. The key technical results
can be concluded as follows:

e The BiRef configuration achieves a carbon efficiency of 93 %, while the TriRef config-
uration reaches 97 % (both for the reference case). Carbon efficiency advantages re-
sult from the higher methane conversion of tri-reforming, achieved through the addi-
tional use of oxygen as an oxidizing agent, allowing for lower purge gas quantities in
the synthesis loop.

e The energy efficiency of the BiRef configuration reaches 74 %, while the TriRef config-
uration shows a lower efficiency of 69 % (both for the reference case and based on the
higher heating value). The higher energy demand of the TriRef configuration primarily
results from the higher hydrogen deficit of the reformer product, which must be com-
pensated for by increased electrolysis capacity. In comparison, electrically heated bi-
reforming utilizes electrical energy more efficiently.

e Changes in biogas composition only have a moderate effect on the efficiency of the
configurations. A lower inert gas content in the biogas is advantageous for achieving
higher carbon efficiencies. The demand for electricity-derived hydrogen decreases
with an increasing CHs4/CO2-ratio. The process parameters, reforming temperature,
and syngas inert gas fraction significantly influence the investigated key figures. Gen-
erally, increasing these process parameters improves the carbon efficiencies of the
configurations. However, the maximum energy efficiencies are not at the upper limit

8 Assuming: GHG-neutral PBGtM production, fossil methanol combustion emissions of 1.375 tcoz/tMethanol,
process emission of 0.5 tcoz/tmethanol and 3.0 tcoz/tmethanol for natural gas- and coal-based methanol produc-
tion [91, 131, 132].
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of the parameter range, as the increased energy demands surpass the elevated prod-
uct formation.

Compared to purely biogas-based methanol production (BGtM), the additional inte-
gration of power-based hydrogen can significantly increase carbon efficiency. For the
reference case, efficiency enhancements of 21 %pt (BiRef) and 39 %pt (TriRef) are ob-
served. Consequently, methanol yield can be increased by 28 % and 67 %, respec-
tively. The significance of hydrogen addition is particularly important when employ-
ing tri-reforming and dealing with low methane content in biogas.

The results of the economic analysis can be concluded as follows:

Under the assumed conditions applied in the reference case, the methanol production
costs for both PBGtM configurations are around 1,300 €2022/t, with minor advantages
for the BiRef configuration. The hydrogen costs strongly drive the methanol produc-
tion costs of the TriRef configuration. The cost shares of the BiRef configurations are
more balanced, with biogas, hydrogen, and fixed operational expenditures being the
main cost components.

The methanol production costs are only slightly affected within the expected carbon
and energy efficiency ranges. In contrast, plant capacity significantly affects produc-
tion costs, showing cost reductions of over 20 % for plants with methanol production
capacities exceeding 9 t/h, compared to 0.9 t/h in the reference case. While economic
parameters show only minor effects on the methanol production costs, the availability
of inexpensive biogas is essential, as high biogas costs can lead to cost increases of
more than 37 %.

Cost advantages compared to non-hybrid concepts (BGtM and PtM) arise from higher
production capacities and the cost-free utilization of CO2. However, the high costs as-
sociated with hydrogen supply result in methanol production costs at a similar level
to those of purely biogas-based production. Due to the comparatively small produc-
tion capacity and the more cost-intensive input materials, the production costs signif-
icantly exceed current fossil fuel-based methanol costs, resulting in CO2 avoidance
costs of between 250 €2022/tco2 and 600 €2022/tcoz.

The investigated production concept offers the opportunity to make sustainable biomass

resources available for material use and significantly increases carbon efficiency and pro-

duction capacity compared to purely biogas-based concepts. However, challenges exist in

the technical implementation of the complex production process in a decentralized, non-

industrial setting and in the economic competitiveness with fossil fuel-based and purely

biomass-based production concepts. However, the PBGtM concept can efficiently unlock

additional carbon potentials, becoming increasingly important with the growing scarcity

of available biomass and GHG-neutral carbon.
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Abstract

To achieve long-term greenhouse gas (GHG) neutrality within the aviation sector, substi-
tuting fossil aviation fuels with sustainable aviation fuels (SAF) derived from renewable
energy sources is essential. Among the synthetic SAF options produced through power-
to-liquid (PtL) processes, the Fischer-Tropsch (FT) and methanol pathway are of signifi-
cant interest. However, to assess and compare these pathways, detailed technical process
analyses are required to provide a sound basis for economic and environmental assess-
ments. Thus, this research paper investigates and compares both SAF production path-
ways starting from power-derived syngas within an in-depth technical analysis, providing
novel insights into overall process characteristics and efficiencies. Carbon and energy
flows are derived from steady-state flowsheet simulations. A variation of technical para-
meters (FT pathway: FT chain growth probability and hydrocracking behavior, Methanol
pathway: Dehydration olefin-selectivity and oligomerization product distribution) is car-
ried out to assess impacts on carbon and energy efficiency, indicating uncertainties and
parameter ranges for optimized kerosene production. The results show a very high car-
bon efficiency of the FT pathway (98 to 99 %) regarding the total fuel products, while the
carbon efficiency regarding kerosene lies between 60 and 77 %. For the methanol path-
way, a higher kerosene carbon efficiency can be achieved (60 to 90 %); however, the total
fuel efficiency (74 to 92 %) is notably lower. The energy efficiencies of both pathways be-
have similarly to carbon efficiency, with the methanol pathway benefiting from thermo-
dynamic advantages, leading to higher energy efficiency at equal carbon efficiency. Within
the FT pathway, kerosene efficiency increases at high chain growth probabilities, while a
high olefin-selectivity is crucial for efficient kerosene production within the methanol
pathway. The analysis results provide comprehensive insights into the technical behavior
of the overall processes which contributes to an improved understanding of the produc-
tion pathways.

Kerosene Production from Power-based Syngas: Fischer-Tropsch vs. Methanol Pathway
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Figure 4-1:  Graphical abstract of the publication “Kerosene production from power-based syngas”
(FT: Fischer-Tropsch, MeOH: Methanol, K: Kerosene, TF: Total fuel).
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4.1 Introduction

The global aviation sector shows a significant disparity between the targeted and pro-
jected greenhouse gas (GHG) emissions. On the one hand, both the International Civil Avi-
ation Organization (ICAO) as well as the International Air Transport Association (IATA)
have announced the goal of reducing CO2 emissions to net zero by 2050 [9, 10]. On the
other hand, demand for air transportation increases continuously worldwide, resulting in
increasing aviation-related CO2 emissions if no appropriate measures are implemented
[8]. To decouple the projected growth in aviation from an increase in GHG emissions and
achieve long-term GHG neutrality, fossil fuel-based aviation fuels need to be increasingly
replaced by fuel options based on renewable sources of energy. From today’s perspective,
the use of carbon-free energy carriers used in respective aircraft concepts (e.g., liquid hy-
drogen or battery-electric aircraft) appears to be rather challenging and, if at all, techno-
logically only feasible in the longer term, as this requires the design of fully new aircraft
and a built-up of a proper fuel infrastructure alongside with the existing aviation fuel in-
frastructure for kerosene-type aviation fuels [24, 26].

Against this background, renewable aviation fuels should not only provide significantly
lower GHG emissions but also be technically compatible with existing aircraft fleets and
fuel infrastructure used for conventional kerosene so far. Such kerosene-type fuels that
can be produced based on renewable energy sources are commonly referred to as sus-
tainable aviation fuels (SAF)°.

Different process pathways enable the utilization of various energetic (e.g., biomethane,
electrical power) and material feedstock options (e.g., carbon dioxide, water) for kero-
sene-type fuel production. Currently, commercially used SAFs are almost exclusively pro-
duced based on vegetable oils and lipid wastes such as hydroprocessed esters and fatty
acids (HEFA). In addition, with the start-up of the first production facilities, a ramp-up of
conversion processes, mainly for advanced bio-kerosene production, is taking place
[134]. However, due to the a priori limited potential of sustainable provided biomass and
the much-discussed plate vs. tank issue, a massive expansion of these types of bio-kero-
sene to cover the existing as well as the emerging demand is doubtful [38]. Alternatively,
fuels from renewable electricity and sustainable CO:z (e-fuels) can be a promising fuel op-
tion characterized by a clearly greater production potential. The production of such e-
fuels through so-called power-to-liquid (PtL) processes takes place via power-based syn-
thesis gas (syngas) production, a synthesis step, and the subsequent downstream pro-
cessing; thus, the fuels are also referred to as synthetic fuels. As of today, the main process
routes discussed are the Fischer-Tropsch (FT) and the methanol pathway. While SAF from
FT processes is already approved according to ASTM D7566 as drop-in aviation fuel, the

9 Unlike climate-effective CO2 emissions, aviation-related non-COz2 effects cannot be fully mitigated by the
combustion-based utilization of such fuel [4, 133]. Non-CO2-effects are effects that are not directly related
to the emission of CO2 but also contribute to global warming. Examples are e.g., contrail formation or NOx
and sulfur emissions.
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approval of methanol-based SAF production is currently undergoing the respective ap-
proval process (ASTM D4054). Accordingly, there are presently no methanol-to-kerosene
production plants in commercial operation. However, methanol-based aviation fuel is a
frequently discussed option, offering potential advantages against other production
routes [135].

4.1.1 Conversion pathways

Power-based SAF production starts from the feedstocks water (H20) and carbon dioxide
(CO2). The energy converted into the chemical energy of the fuel and the energy needed
for processing is primarily provided in the form of electricity. Electrochemical water split-
ting (electrolysis) produces hydrogen (H2), and CO: is provided via capturing processes
from respective “sustainable” carbon sources. Starting from these two gases, the FT- and
methanol-based conversion pathway differ in the subsequent process chain (Figure 4-2).
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Figure 4-2:  Fischer-Tropsch- and methanol-based kerosene production pathways.

4.1.1.1 Fischer-Tropsch pathway

The FT synthesis from carbon monoxide (CO)- and Hz-rich syngas is a state-of-the-art
technology with its first commercial implementation in the 1930s [58, 86]. However, the
direct conversion of COz into long-chain hydrocarbons is not yet feasible with sufficient
selectivity and conversion and requires further research for future applications [86, 136].
Thus, a CO2 reduction to CO is needed to provide appropriate syngas for the subsequent
kerosene production. Converting Hz and CO into hydrocarbon chains within the FT syn-
thesis yields synthetic crude oil (syncrude), ranging from light gases (e.g., methane) to
long-chain hydrocarbons (waxes). Therefore, producing specification-compliant aviation
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fuel requires further downstream refining by hydrotreatment and fractionation. Thereby,
unsaturated hydrocarbons are saturated (hydrogenation), and waxes can be converted
into fuel components by chain breaking (hydrocracking). If the cold flow properties re-
quired by the ASTM D7566 specification are not reached, additional hydroisomerization
can be applied for branching the linear molecules.

4.1.1.2 Methanol pathway

The methanol pathway can be divided into the actual methanol synthesis, allowing highly
selective methanol production, and the subsequent conversion of methanol into a hydro-
carbon fuel mixture rich in kerosene components (Methanol-to-Kerosene: MtK, also
Methanol-to-Jet: Mt]). Methanol synthesis enables the direct conversion of CO2 and Hz into
methanol, making a previous COz reduction obsolete. The CO2-based methanol synthesis
yields a mixture of methanol and water subsequently separated through distillation. Pro-
cesses to convert methanol into hydrocarbons were developed mainly in the 1970s and
commercialized in the 1980s [78, 137]. However, the focus was rather on producing prod-
ucts with a shorter carbon chain length, such as gasoline. Thus, no kerosene-specific con-
cepts have been implemented to date. Like all alcohol-based conversion routes (Alcohol-
to-Jet: At]), the methanol-to-kerosene conversion includes olefin formation within a de-
hydration process and a subsequent oligomerization into higher olefins. Further down-
stream hydrogenation converts the unsaturated hydrocarbons to alkanes, which are sub-
sequently fractionated via distillation processes to obtain the desired fuel fractions [81].

4.1.2 Target and scope

The above-presented background highlights the necessity of renewable aviation fuels in
air transport and the potential significance of both process pathways for power-based
SAF production. However, comprehensive analyses are currently lacking a technical com-
parison of the FT and methanol pathway, preventing detailed economic and environmen-
tal studies. Atsonios et al. recently analyzed different production routes for e-kerosene in
terms of carbon utilization and energy efficiency, with the results indicating particular
advantages of the FT pathway [138]. However, the comprehensive analysis focuses on
comparing several process routes based on fixed process assumptions, whereby no anal-
ysis of specific influencing variables was carried out. Further studies are therefore re-
quired to identify uncertainties and optimization potentials and to contribute toward en-
hanced process understanding.

Against this background, this research paper aims to assess and compare the production
of synthetic kerosene from power-derived syngas via the Fischer-Tropsch and the meth-
anol pathway within a technical analysis. Novel results arise particularly from the in-
depth investigation of the process concepts and assessing critical process parameters re-
garding their impacts on process efficiencies. Figure 4-3 depicts the considered system
boundaries within a generic supply and production chain.
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System boundaries of the technical analysis
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Figure 4-3:  System boundaries within a generic supply chain of power-based Fischer-Tropsch- and
methanol-based kerosene production.

The analysis focuses on the synthesis and downstream processes, considering Hz and CO2
as given feedstocks. A synthetic kerosene fraction represents the target product of both
pathways at the end of the system boundaries considered. Thus, subsequent refining, lo-
gistics, or blending steps are not relevant for the comparative evaluation of the two pro-
duction pathways and, therefore, not covered by the system boundaries of this analysis.
A steady-state flowsheet simulation of the processes forms the basis of the analysis. The
results of the reference cases are presented in carbon and energy flow diagrams. An ex-
tensive variation of the most critical parameters is carried out to estimate technical un-
certainties and the influences of different process properties regarding carbon and energy
efficiency.

4.2 Methodology

The technical analysis and comparison of kerosene production via the Fischer-Tropsch
and the methanol pathway is based on an analysis of important technical key figures
(here: carbon and energy efficiency) and the respective sensitivities. The overall assess-
ment approach applied is shown in Figure 4-4. Following this, the design and simulation
of reference production concepts are used as a basis for the subsequent process analysis
and evaluation. The simulation results are utilized for visualizing and evaluating the car-
bon and energy flows, enabling a comprehensive understanding of the processes. Within
the process assessment, the influences of selected technology parameters on the key fig-
ures — and thus the resulting uncertainties and optimization possibilities - are evaluated
through parameter variations. The applied steps, software tools, and methods are de-
scribed below.
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Figure 4-4:  Overarching assessment approach.

4.2.1 Process design

Process modeling and simulation are based on the design of representative and fair-com-
parable processes (reference concepts). The design of such processes depends on the as-
sumed feedstock and the desired target product. Based on these cornerstones, the refer-
ence concepts are developed by integrating single reference processes. Only sub-pro-
cesses with a technology readiness level (TRL) = 6 are considered. This procedure ensures
that the reference concepts can be commercially realized in the short-term - at least from
a technical perspective. All process data - i.e., conversion rates, selectivities, and operat-
ing conditions - are based on literature and adapted to a kerosene-maximized production.
By-products in the fuel range of naphtha (gasoline) and diesel are considered valuable
outputs; i.e., no “kerosene-only” concepts are considered.

4.2.2 Process modeling and simulation

A steady-state flowsheet simulation determines the mass and energy flows in the ana-
lyzed processes. For this purpose, the reference concepts are modeled using the commer-
cial simulation software Aspen Plus®, allowing to determine the occurring material and
energy streams based on well-approved thermodynamic calculation methods and mate-
rial databases. Therefore, the considered components and the applied property methods
are specified. The process flowsheet can be modeled using preconfigured or specially con-
structed unit operations [109]. The respective process blocks are connected with mate-
rial, heat, or power streams. No internal integration of heat streams is assumed within the
simulation model. Further information on the simulation program can be found in the
specialist literature [139-141].
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A pinch analysis using the Aspen Energy Analyzer® is carried out to address heat integra-
tion appropriately, providing information on the minimal external heating and cooling
demands. Based on the simulated heat flows, the heat integration is approximated with-
out the specific design of equipment. The minimum temperature differences of the heat
transfer and the available “external” utilities are chosen within the model.

4.2.3 Process assessment

For the analysis of the simulation results, the derived mass and energy balances from the
process modeling are used to determine technical key figures of the overall process.
Therefore, two assessment figures - carbon and energy efficiency - are defined. The sen-
sitivity of these assessment figures is analyzed based on a parameter variation.

Both key figures are related to the production of kerosene (K) as the target product as
well as to the total fuel product (TF), including the naphtha (gasoline), kerosene, and die-
sel fraction.

4.2.3.1 Carbon efficiency

Carbon efficiency is a product-independent comparative figure for material efficiency due
to its molar reference. Furthermore, the limited availability of sustainable carbon from
biomass underlines the need for efficient carbon use as it directly impacts economic com-
petitiveness. It indicates the selectivity of the process concerning the target product rela-
tive to the input material; i.e., this figure describes the amount of carbon bound in the
target product compared to the amount of carbon contained in the feedstock (Eq. 4-1).
The reference to molar carbon enables a comparison independent of the actual mass of
the substance used or the product obtained.

Cproduct
Nc,Product = —= Eq. 4-1

CFeed

nc  Carbon efficiency [-]
C  Carbon flow [molc/s]

4.2.3.2 Energy efficiency

Energy efficiency is a commonly used key figure allowing to assess processes regarding
their overall energy expenditure. Here, energy efficiency describes the energy content of
the product compared to the energetic effort of production (i.e., chemical energy from the
feedstock plus additionally needed electrical and thermal process energy) (Eq. 4-2). Here,
chemical energy is always related to the energy carrier’s higher heating value (HHV), un-
less otherwise stated.
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mProduct HHVProduct
mFeed HHVFeed + Pel + ch

Ne,Product = Eq. 4-2

ne Energy efficiency [-]

m  Mass flow [kg/s]

HHV Higher heating value (HHV) [M]/kg]
P, External electricity demand [MW]

Qw, External heat demand [MW]

4.3 Reference concepts and data

This section describes the defined reference concepts. A detailed description of the tech-
nologies considered can be found in Annex B, Section B.1. According to Figure 4-3, both
pathways are distinguished into two process sections.

4.3.1 Reference concepts

4.3.1.1 Process inputs and output

The provision of power-based H2 and sustainable CO: falls outside the system boundaries
of this analysis. Thus, it is assumed that Hz at 50 bar (i.e., a pressure level achievable with
advanced low-temperature electrolyzers [65, 142]) and CO2 are available at the plant; the
latter is available at atmospheric pressure with a concentration of 99 vol% COz and 1 vol%
nitrogen (Nz) [71]. Concerning the carbon chain length, the target product kerosene is
defined as the Cs to Ci6 fraction of the hydrocarbon product mixture [143, 144]. Besides
kerosene, a light naphtha fraction (Cs to C7) and a heavy diesel fraction (C17 to Cz0) are
considered valuable by-products. Further material outputs like fuel gas are considered to
be burned for energy recovery within both pathways.

4.3.1.2 Fischer-Tropsch pathway

The Fischer-Tropsch pathway includes the process sections “FT syncrude production”
and “Syncrude refining”.

Fischer-Tropsch syncrude production. Figure 4-5 shows the flowsheet of the FT syn-
crude production section. The process uses a low-temperature Fischer-Tropsch (LTFT)
synthesis, enabling the production of a paraffinic syncrude that is well-suited for kerosene
production. A CO and Hz-rich syngas is required, as CO2 behaves inertly under most LTFT
catalysts [56, 58, 86]. FT synthesis with direct COz2 utilization is a promising alternative
and the focus of current research. However, thus far, this has only been demonstrated on
a small scale and at higher temperatures for producing olefins, aromatics, and short-chain
fractions [145-148]. Thus, applying power-based syngas today requires an additional
COz-reduction step, here considered via a reverse water-gas shift (RWGS) reaction
(Eq. 4-3) [86].
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Figure 4-5:  Fischer-Tropsch syncrude production flowsheet (2 temperature control prevents water
condensation. Minor equipment and auxiliary currents are neglected; RWGS: Reverse
water-gas shift).

First, CO2z is compressed together with the synthesis loop recycle gas, mixed with Hz, and
heated up to 950 °C to enable high conversion rates and to avoid coking at the catalyst.
The RWGS reactor is assumed to operate isothermally, providing the required heat via
electrical heating. The reaction product is dried by cooling and condensation before it is
fed to the FT reactor. Due to the elevated RWGS operation pressure (26 bar), intermediate
compression between the reactors is avoided. Eq. 4-4 shows the strongly exothermic FT
reaction. The Anderson-Schulz-Flory (ASF) distribution (Eq. 4-5) can describe the chain
length distribution of the FT product. The chain length-dependent olefin to paraffin for-
mation can be described with Eq. 4-6 [149].

nCo + (Zn + 1)H2 - CnH2n+2 + nHzo AHR(298 K) =~ n(—150 k]/mOI) Eq 4-4
W, =n(1—a)?a™? Eq. 4-5

(0/P), =¢e“" Eq. 4-6

n Carbon chain length [-]

W,  Weight fraction [-]

a Chain growth probability [-]
0 /P Olefin to paraffin ratio [-]

c Adjustment parameter [-]

The FT syncrude is separated into three different liquid streams - a liquid wax fraction, a
hot condensate, and a cold condensate. The wax fraction is already liquid under reaction
conditions and can be directly separated from the gaseous product stream. Depending on
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the reactor design, the liquid wax phase separation can already occur in the reactor or
downstream in a conventional gas/liquid separator. The gas phase is cooled to about
160 °Cin a first separator, where an additional waxy hot condensate can be separated, but
parallel water condensation is avoided. In a cold separator, the remaining gas is further
cooled to about 10 °C to condense lighter hydrocarbons and water, which can be decanted
as a separate liquid phase. The remaining light gases - consisting mainly of N2 accumula-
tions, unconverted reactants (Hz, CO), CHs, and CO2 - are recycled and partly purged (fuel
gas). Since cobalt-catalyzed LTFT only enables the conversion of CO, with CO2 and hydro-
carbons behaving inertly, internal recycling of short-chain products is not considered.
However, external recycling - i.e., recycling, which includes equipment outside the FT syn-
thesis loop, is considered with the co-reforming of light C1 to C4 hydrocarbons in the RWGS
reactor [150].

Syncrude refining. The technologies and the configuration of the FT downstream pro-
cessing depend mainly on the applied FT synthesis technology and the target products.
With a prioritized production of kerosene, extensive hydrotreatment (including hydro-
genation, hydrocracking, and/or hydroisomerization (see Annex B, Section B.1), is re-
quired. In addition, the thermal separation process of rectification is applied to separate
the different fuel fractions (fractionation). The flowsheet of the FT syncrude refining is
shown in Figure 4-6.
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Figure 4-6:  FT syncrude refining flowsheet (minor equipment and auxiliary currents neglected).

The wax fraction is mixed with hot condensate and hydrogen before the mixture is heated
and fed to the hydrocracking reactor. The product consists of various saturated hydrocar-
bons fractionated within a downstream-located rectification column. Heavy components
(= C21) are fed back for further cracking, while a lighter kerosene/diesel fraction and a
light gas/naphtha fraction are extracted for additional separation. Since the combination
of LTFT synthesis and downstream hydrocracking - with parallel isomerization - leads to
a product mixture with high proportions of singly branched hydrocarbons, separate hy-
droisomerization is most likely not necessary [83, 144]. The cold condensate is rectified
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to separate light gases and naphtha from the heavier fractions. The light stream is sepa-
rated in another column into naphtha and light gas, where the latter is recycled back to
the synthesis section. The bottom stream from the middle (distillate) column is hydrogen-
ated and fractionated to derive the desired kerosene fraction and diesel as a by-product.

4.3.1.3 Methanol pathway

The methanol pathway is distinguished into the process sections “Methanol production”
and the subsequent “Methanol-to-Kerosene”.

Methanol production. The direct synthetic conversion of CO2z via direct methanol syn-
thesis is already demonstrated and commercially realized on a small scale (TRL 8 to 9)
[86, 144]. Thus, starting from pure H2 and COz2, syngas is produced by mixing both sub-
stances in the required ratio. The stoichiometric number (SN) can quantify the intended
ratio on a molar level (Eq. 4-7). Within the methanol synthesis (Eq. 4-8), slightly over-
stoichiometric ratios of 2.05 to 2.10 are realized, positively affecting the synthesis [78,
151, 152].

SN = —2= 2 Eq. 4-7

SN  Stoichiometric number [-]
[x] Molar fraction of component x [-]

CO, + 3 H, = CH,0H + H,0 AHg (305 ) = —49.2 k] /mol Eq. 4-8

Figure 4-7 shows the flowsheet for a direct CO2-converting methanol synthesis. As shown,
COz and Hz are fed into a multi-stage syngas compressor and mixed with light gases from
the first purification column, which mainly consist of CO2. The compressed gas stream is
then mixed with recycled syngas and preheated before it is fed into the methanol reactor.
The reaction product is cooled and partially condensed. Part of the unconverted syngas is
purged out of the process to avoid an accumulation of inert gases or light synthesis by-
products. The remaining part of the gas phase is compressed again to overcome the pres-
sure drop of the synthesis reactor. The liquid raw methanol, a mixture of mainly methanol,
water, and solved gases, is fed to the so-called topping column, where the solved gases
and light by-products are separated from the mixture. The methanol-water mixture
builds the bottom product and is fed to the methanol column to provide pure methanol as
the main product.
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Figure 4-7:  Methanol production flowsheet (minor equipment and auxiliary currents neglected).

Methanol-to-Kerosene process. The Methanol-to-Kerosene (MtK) process, analogous to
common alcohol-to-hydrocarbon processes, consists of dehydration, oligomerization, and
hydrogenation (Annex B, Section B.1). The decisive factor for the product formed is the
combination of dehydration and oligomerization. Figure 4-8 shows the process flowsheet
of the MtK process derived.
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Figure 4-8:  Methanol-to-Kerosene flowsheet with main components (minor equipment and auxil-
iary currents neglected).

The methanol is compressed and enters the Methanol-to-Olefins (MtO) reactor to gener-
ate light olefins. The MtO section is designed based on the UOP/Norsk Hydro MtO process
without further olefin separation [81]. The raw olefin stream is then fed in a water sepa-
ration column and subsequently washed with caustic soda for CO2 separation. After the
olefin stream is further dried through a molecular sieve, it enters the oligomerization unit.
The product distribution of most oligomerization processes can be approximated with a
generic ASF distribution [153-155]. Considering that the starting point of the distribution
- i.e, regarding the product with the shortest carbon chain length - is affected by the car-
bon chain length of the olefin feedstock, the adjusted ASF distribution can be described
by Eq. 4-9.
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W,=(n—-x—-1)(1—a)?a™*? forn > x Eq. 4-9

Carbon chain length [-]
Weight fraction [-]

Chain growth probability [-]
Adjustment parameter [-]

SN
RS

The weight fraction (W) of the product with the chain length (n) depends on the chain
growth probability (a) and the starting point adjustment variable (x). Assuming a com-
plete per-pass conversion, x = 2 represents an ethene-ethene, x = 3 an ethene-propene,
and x = 4 a propene-propene dimer as the lightest component. For the formation of hy-
drocarbons in the kerosene range, operating conditions from 150 to 300 °C and 40 to
100 bar seem practical [78, 137]. The oligomerization reactor product is cooled to 40 °C
to separate light MtO by-products, predominantly light alkanes. To achieve a maximized
kerosene output, the liquid stream is fed into a distillation column, which further sepa-
rates light gases and naphtha from the higher olefins. The light fraction is mainly recycled
to the oligomerization reactor, while a purge stream is extracted to avoid an accumulation
of higher alkanes. Multi-stage oligomerization is also conceivable, but due to the generic
modeling approach, it is not considered here. The bottom stream of the column is then
hydrogenated and fractionated.

4.3.2 Data and assumptions

The following section outlines the most important data and assumptions of process mod-
eling. For additional modeling data, refer to Annex B, Section B.2.

4.3.2.1 Fischer-Tropsch pathway

Fischer-Tropsch syncrude production. Table 4-1 presents the most important param-
eters and assumptions for modeling the FT syncrude production. The RWGS product mix-
ture is assumed to be in a chemical equilibrium at the applied operating conditions (i.e.,
fast kinetics at these temperatures) [156]. The operating pressure of the FT reactor and
the pressure drop of the RWGS reactor determine the outlet pressure of the syngas com-
pression, avoiding intermediate compression. The H2:CO ratio in the FT feed is set to 2.05.
The total share of reactants (CO and Hz) is set to 70 %, with the rest resulting from accu-
mulated inert components and unconverted RWGS products (CH4 and COz2). The chain
growth probability (Eq. 4-5) differs depending on the process technology, which is varied
to evaluate the influence on the overall process. Within the reference case, chain growth
probability is set to yield a maximum straight-run kerosene fraction. Some of the consid-
ered ASF distributions are exemplarily shown in Figure 4-9 (left). However, the selectivi-
ties for C1 and Cz products deviating from the actual ASF are adjusted in the model accord-
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ing to [58]. High-temperature (HT) condensate is separated under the restriction that wa-
ter condensation is avoided (temperature control). Cold condensate is separated at 10 °C
to avoid recycling of higher alkanes to the RWGS reactor.

Table 4-1: Key modeling parameter of the FT syncrude production (RC: Reference case, T: temper-
ature, p: pressure, PV: Parameter variation).

Process Parameter Value Reference
RWGS Operating conditions T [°C] 950 [83, 144, 150]
reactor pin | 4p [bar] 26| -1 [144] | [150]
Equilibrium conversion  Products considered: CO, CO2, H20, Hz, CHs [75,76]
FT Operating conditions T [°C] 220 [58, 86]
reactor pin | 4p [bar] 25]-2 [83,86]|[157]
Reaction parameter Chain growth probability RC: 0.85 [58]
(Eqg. 4-5)2 PV:0.75-0.95b
Per-pass conversion [%] 65 [86]
By-product formation c in olefin share, Eq. 4-6 0.3 [149]

a Cy to Cy selectivity adjusted according to [58], ? see Annex B, Section B.2

Syncrude refining. Table 4-2 shows data and assumptions for the syncrude refining con-
cept. Ideal hydrocracking is assumed [158]. The selectivities to all C4 to Cs-4 products de-
rived from a C» reactant are equal, while the selectivities to C3 and Cr-3 products are as-
sumed to be only half as high. Products with a carbon chain length of < C2 products are not
formed. Since the cracking activity of hydrocarbons increases exponentially with increas-
ing carbon chain length, the conversion is determined component-specifically between Cs
and Ci7 using an exponential function. No reaction is assumed for hydrocarbon chains
smaller than Cs, while components larger than Ci7 are completely converted. In the refer-
ence case, each cracked component can undergo secondary cracking with a probability
dependent on its new chain length.

Table 4-2: Key modeling parameter of the syncrude refining (RC: Reference case, T: temperature,
p: pressure, PV: Parameter variation).

Process Parameter Value Reference

Hydrocracker Operating T [°C] | p[bar] 350 |50 [83, 158,
conditions 159]
Reaction Ideal cracking with chain length depending Based a.o. on
parameter conversion; RC: Secondary cracking; PV: Pri- [144, 158]

mary to tertiary cracking

Hydrogenation = Operating T [°C] | p[bar] 3001 40 [159, 160]
conditions
Reaction Conversion [%] 100 [159, 160]

parameter
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Figure 4-9:  Exemplary FT and hydrocracker product distributions according to model assumptions
(a: chain growth probability; FT: Fischer-Tropsch).

To evaluate the influence of different hydrocracking behaviors, the process assessment

also takes into account single cracking (primary) and triple cracking (tertiary). The re-

sulting product distributions using the example of a single component are shown in Fig-
ure 4-9 (right).

4.3.2.2 Methanol pathway

Methanol production. Essential assumptions and data used for modeling the methanol
production section are presented in Table 4-3. The syngas conversion is assumed to be
close to equilibrium using a temperature approach [78, 120]. The formation of by-prod-
ucts is considered proportional to the methanol formation and calculated from selectivity
data according to [86]. To account for occurring syngas losses due to purge gas, the purge
gas volume is adjusted to achieve a common recycle ratio of 4.5 [86, 161]. The rectification
columns are designed so that the effluent meets the purity requirements of internation-
ally traded methanol. Since no significant uncertainties regarding the modeling of the
methanol synthesis are evaluated, no sensitivity parameters are considered.

Table 4-3: Key modeling data of the methanol production (DME: Dimethyl ether, T: temperature,
p: pressure).

Process Parameter Value Reference

Methanol  Operating conditions T [°C] 250 [86,95]

reactor pin | Ap [bar] 75]-5 [86]([92]
Equilibrium conversion  CO + 2 H, < CH30H 15K [120]
with temperature ap- CO2 + 3 Hz = CH30H + H20 15K [120]
proach COz + Hz 5 CO + Hz0 15K [120]
By-product formation Ethanol | DME | methyl for- 89 | 145 |14 [86]

mat [w ppm]
Syngas Recycle gas ratio 2 [mol%], controlled by syngas purge 450 [86,161]
purge

a Ratio = Recycle (mol/s)/fresh gas (mol/s)
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Methanol-to-Kerosene process. Table 4-4 shows the key modeling data of the Metha-
nol-to-Kerosene process section. Since the olefin-selectivity of the MtO reaction is decisive
for the assumed oligomerization and literature values differ, its influence is investigated
through parameter variation. Therefore, the respective MtO reactions are adjusted by an
olefin-selectivity factor (So). Oligomerization is modeled generically according to Eq. 4-9.
Since MtO can yield olefins in the range of mainly C2 to C4, besides the chain growth prob-
ability (a), starting point variation of ASF distribution is also considered through a param-
eter variation (Section 4.4.2). This is conducted via an additional parameter referred to as
x in this analysis (Eq. 4-9). Some of the adjusted ASF distributions are exemplarily shown
in Figure 4-10. Hydrogenation is modeled analogously to FT syncrude upgrading.

Table 4-4: Key modeling data of the Methanol-to-Kerosene process (RC: Reference case, MtO:
Methanol-to-Olefins, p: pressure, PV: Parameter variation, So: Olefin-Selectivity, T: Tem-

perature).
Process Parameter Value Reference
MtO Operating T[°C] | p [bar] 45013 [162,163]
reactor conditions
Reaction Olefin-selectivity (So) [%c]? RC: 90; [164-168]
parameter PV: 85-95
Conversion [%] 100 [162, 163,
168]
Reaction 2 CH30H - CzH4 + 2 H20 46.00 - So according to
conversion 3 CH;0H = C3Hg + 3 H,0 42.89 - S, [79, 164, 165,
[%] 4 CH;0H > C4Hs + 4 H;0 1111 S 169,170]
13 CH30H > 2C02+9H,0+2CHs+ 100 -So-3.81
CzHe + C3Hg + C4H1o + Ha
14 CH30H - Coke + 14 H20 + 3 CHa 3.81
Regenera-  Operating T[°C] | p [bar] 50013 [80, 164]
tionreac-  conditions
tor Reaction Coke combustion [%] 100 [80, 164]
parameter
Oligomeri- Operating T[°C] | p [bar] 250150 [78,137,171]
zation conditions
Reaction x (Eq. 4-9) RC: 3; PV: 2-4 -
parameter o (Eq. 4-9) RC: 0.69; )
PV: 0.60-078P
Inert gas fraction, controlled by recycle purge 30 -
Hydro- Operating T[°C] | p [bar] 300150 [159, 160,
genation conditions 171]
Reaction Conversion [%] 100 [159,172]
parameter

a0pc: percentage of carbon input, ® see Annex B, Section B.2
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Figure 4-10: Exemplary oligomerization product distributions according to model assumptions (o
chain growth probability; Oli: oligomerization; x: parameter of Eq. 4-9).

Here, an ASF distribution starting at butene (x = 2) could be representative of an ethene-
based oligomerization with complete conversion. An x-value of 3 leads to a starting point
at pentene, which can correspond to an ethene-propene dimer. A completely propene-
based oligomerization could lead to a starting point at hexene - assuming complete con-
version. Nevertheless, since oligomerization from an olefin mixture is generally assumed,
both even and odd carbon chains are present in the product.

4.4 Results and discussion

In this section, the results of the flowsheet simulation are presented and assessed. First,
the simulation results are shown in terms of carbon and energy flows. Additionally, the
hydrogen flows are depicted in Annex B, Section B.3. The influences of the varied technical
parameters on carbon and energy efficiency are presented in the process assessment.
Subsequently, the process-specific results of the FT and methanol pathways are compar-
atively discussed and shown as PtL efficiency (incl. H2 and COz supply).

4.4.1 Process simulation

The process simulation results are used to visualize and evaluate the relative carbon and
energy flows of the reference case processes.

4.4.1.1 Carbon flows

Below, the carbon flows are expressed in relation to the overall carbon input stream for
both processes. Theoretically, the carbon can be entirely bound in the kerosene since no
carbon-containing by-products occur within the main building reactions. However, due to
impurities, side reactions, and only limited controllable chain length distributions, by-
products, and carbon losses occur, which are visualized in the flow diagrams (Figure 4-11
and Figure 4-12).
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Fischer-Tropsch pathway. Figure 4-11 shows the relative carbon flows of the analyzed
FT plant concept. The only carbon input into the process is the CO2 input steam. This CO2
is supplied to the RWGS reactor along with the synthesis gas recycle (in terms of carbon,
primarily CO, CO2, and CH4). Despite the high operation pressure, the high temperature
suppresses methane formation within the RWGS reactor. As the methane formed in the
FT reactor is largely recycled, RWGS methane reforming outweighs methane formation
(RWGS feed: 5.1 mol%cn4, RWGS product: 4.4 mol%cu4). To prevent the accumulation of
inert components, a purge gas stream is diverted from the recycle stream (cold separator)
and exits the process after combustion in the form of CO2 in the flue gas; this results in
carbon losses of less than 1%. Other carbon losses, such as dissolved components in
wastewater, are below 0.1 % (and thus not shown in Figure 4-11).

Downstream, approximately 30 % of the FT product consists of heavy components (wax
and hot condensate) directed to the hydrocracking unit. Around 7 % of the hydrocracking
products are light components (C7-), while about 25 % are within the kerosene and diesel
fraction (Cs+). The cold condensate divides into about 18 % naphtha and lighter compo-
nents (C7-) and approx. 54 % kerosene and heavier components (Cs+). The light and heavy
fractions are fed to a naphtha column and a kerosene column, respectively, to obtain the
individual target product fractions. Here, 73 % of the produced liquid products account
for the target product kerosene, 21 % for naphtha, and only 6 % for diesel.
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Figure 4-11: Relative carbon flows of the FT pathway (only carbon flow affecting process blocks are
shown; RWGS: reverse water-gas shift).

Methanol pathway. The relative carbon flows of the methanol pathway are shown in Fig-
ure 4-12. Again, the COz stream serves as the only carbon input. Upstream, methanol pro-
duction yields a carbon efficiency of almost 98 %, with purge gases being the only signifi-
cant losses. The major carbon losses occur downstream (i.e., in the MtK process section).
During methanol dehydration, approximately 3 % of the carbon is discharged from the
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process as coke, which is released as COz in the subsequent catalyst regeneration. In the
oligomerization process, carbon losses occur due to removing light alkanes (purge from
separator) and regulating inert components (middle column purge), amounting to about
3 and 7 %. The latter can be added to the naphtha fraction in certain proportions. Addi-

tionally, carbon losses occur due to heavy components (wax) utilized as an energy carrier
within the furnace.
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Figure 4-12: Relative carbon flows of the methanol pathway (only carbon flow affecting process
blocks are shown; MtO: Methanol-to-Olefins).

With regard to the carbon flows, the kerosene fraction accounts for almost 90 % of the
liquid products, while naphtha and diesel represent only 4 and 6 %, respectively.

4.4.1.2 Energetic flows

The specific energy flows are normalized to the total energy input of each pathway to an-
alyze and assess the major energy demands and losses of the process concepts. Thereby,
chemical energy (related to the higher heating value), electrical power, as well as heating
and cooling demands (thermal energy) are distinguished as energy streams.

Fischer-Tropsch pathway. In the FT pathway (Figure 4-13), hydrogen input accounts
for 89 % of the total energy input. The FT synthesis operates at a relatively low pressure
level (25 bar) (i.e., no further hydrogen compression is needed). Additionally, the com-
paratively high syngas conversion of 65 % leads to a rather low recycling ratio. This re-
sults in an electricity demand for compression below 2 % of the total energetic input.
However, there is a high energy demand for the RWGS process, which cannot be fully sup-
plied through heat integration alone and requires significant additional thermal energy
provided by electricity (electrical heating). Due to the efficient recycling steps upstream
and further downstream processing of by-products, only a small amount of heat is gener-
ated from combusting waste streams in the furnace. A significant cooling demand arises
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from the FT synthesis and the product condensation. After heat integration, the overall
cooling demand via cooling water is estimated at 9 %, while a further 24 % of the energy
can be used for external steam supply; i.e., about 33 % of the energy used in the process
is dissipated in the form of heat. Around 10 % of the overall energy is required for heating
demands and is provided by electricity. At the end of the overall process, 67 % of the input
energy exits in the form of liquid products. Of this, 73 % can be allocated to the kerosene
fraction, resulting in a kerosene energetic efficiency of 49 %.
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Figure 4-13: Relative energy flows of the FT pathway (heating and cooling below 1 % not depicted;
HHV higher heating value; RWGS: reverse water-gas shift).

Methanol pathway. In the methanol pathway (Figure 4-14), the hydrogen input accounts
for 94 % of the total energy input. Around 6 % of the total energy input (electrical power)
is consumed for gas compression, particularly for the high pressures required for metha-
nol synthesis. As all conversion processes are exothermic, no externally provided heat is
required. There are losses associated with the exothermic methanol synthesis reaction.
However, significant amounts of heat are needed for methanol purification. The combus-
tion of waste streams generates heat at higher temperature levels (> 900 °C) but leads to
lower energy efficiency for the production of liquid fuel products at the same time. After
heat integration, the overall cooling demand is estimated to be 38 % (i.e., 62 % cooling
water and 38 % steam generation). The liquid product of the process accounts for 62 %
of the total energy input; the kerosene fraction amounts to 90 % of these.
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Figure 4-14: Relative energy flows of the methanol pathway (heating and cooling below 1 % not de-
picted; MtO: Methanol-to-Olefins).

4.4.2 Process assessment

Based on the simulation results described above, the process assessment is carried out.
The carbon efficiencies (Section 4.4.2.1) and energy efficiencies (Section 4.4.2.2) of the
overall pathways are derived for the reference cases, while the influences of the underly-
ing technology parameter assumptions are assessed through parameter variation. The
sensitivity of the key figures regarding the varied parameters also indicates uncertainties
and potentially desirable parameter ranges for optimized production.

4.4.2.1 Carbon efficiency

The relative carbon flows shown in Section 4.4.1 represent the carbon efficiencies of the
individual product fraction. Figure 4-15 presents the carbon efficiencies applied over the
chain growth probability resulting from the simulation of the overall plant. Minor changes
compared to the reference case (< 1 %) result from simplified rectification models in pa-
rameter variation simulation (Annex B, Section B.2). Below, the results of the FT and the
methanol pathway are described.
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Figure 4-15: Carbon efficiencies of overall Fischer-Tropsch and methanol pathway under parameter
variation (HC: Hydrocracking, K: Kerosene, pri.: primary, sec.: secondary, So: Olefin-se-
lectivity, ter.: tertiary, TF: Total fuel, x: parameter of Eq. 4-9).

Fischer-Tropsch pathway. In the reference case (secondary hydrocracking, a = 0.85),
the kerosene (K) carbon efficiency, which refers to the kerosene fraction, is around 72 %.
Together with the naphtha and diesel fractions, this results in an almost ideal total fuel
(TF) carbon efficiency of 99 %. In Figure 4-15, left, the influences of the assumed chain
growth probability and the considered hydrocracking behaviors on the carbon efficiency
are depicted.

¢ Influence of chain growth probability («). The chain growth probability is uniformly
varied around the reference case (a = 0.85), representing the maximum for straight-
run kerosene. The TF carbon efficiency shows minimal changes over the variation
range (98 to 99 %). The trend gradually increases, reaching a maximum of 99 % at a-
values of 0.90. Shifting left from the maximum, lighter components in the syncrude
increase, requiring reforming through the RWGS process and recycling into the syn-
thesis loop. As recycling increases, losses through purge gases increase, leading to de-
creased TF efficiency. Higher a-values also increase the wax content that subsequently
undergoes hydrocracking. The resulting light by-products are also fed back into the
RWGS and subsequently into the synthesis loop. As cracking intensifies, the quantity
of lighter components formed in the hydrocracker outweighs those formed in the syn-
thesis, leading to a decline in TF efficiency to the right of the maximum with further
increasing chain growth probabilities. Regarding the carbon efficiency of K, the maxi-
mum shifts towards higher a-values. This is because the decrease in straight-run ker-
osene is less significant up to a certain point compared to the increase in kerosene
formed through hydrocracking. After this chain growth probability is reached, the K
carbon efficiency decreases as the diesel fraction within the cracking products in-
creases. This decrease is particularly evident in the case of primary and secondary
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cracking, as significantly more Ci7-C20 molecules are formed here, which are subse-
quently not recycled in the wax column but are removed as diesel in the kerosene col-
umn. Therefore, the location of the maximum kerosene efficiency depends on the hy-
drocracking behavior considered.

e Influence of hydrocracking behavior. The variation of the hydrocracking behavior
comprises three cases in which the number of cracking events per-pass is varied (Sec-
tion 4.3.2). Across all three cracking cases, the K carbon efficiency values range from
60 to 77 %, depending on the a-value. In the case of primary cracking, for chain growth
probabilities higher than 0.80, the K carbon efficiency is clearly lower than in the other
hydrocracking cases, and thus also the maximum K carbon efficiency (71% at a =
0.87). However, this maximum shifts towards a-values above 0.90 for secondary and
tertiary hydrocracking, with over 76 % (a = 0.91, secondary cracking) and 77 % (a =
0.94, tertiary cracking) of the carbon input bound in kerosene. The differences in K
carbon efficiencies concerning the considered cracking scenarios primarily arise from
the differential cracking of the diesel fraction (Ci7 to C20). While, in the case of primary
cracking, the diesel fraction is separated from the product mixture after hydrocrack-
ing, substantial portions of the fraction undergo further cracking in secondary and ter-
tiary processes, diverting them to the naphtha and kerosene fractions instead of end-
ing up in the diesel fraction. Even if the number of cracking operations cannot be con-
trolled to the same extent as in the analysis, the same effect can be achieved in actual
plant operation by selectively feeding diesel components back into the hydrocracker,
which also allows higher kerosene efficiencies.

Methanol pathway. In the reference case of the methanol pathway (So =90%, x=3,a =
0.69), a TF carbon efficiency of about 85 % is obtained, while the K carbon efficiency
reaches 76 %. Figure 4-15, right, illustrates the influences of the ASF starting point (pa-
rameter x of Eq. 4-9) and the considered olefin-selectivity over the chain growth proba-
bility (@). To independently assess the individual impacts of the varied parameters, the
carbon efficiency profiles for the assumed olefin-selectivities are presented separately in
Figure 4-16. Subsequently, the influences of the varied parameters are explained sepa-
rately. However, the influences of the varied parameters are partially interdependent. As
aresult, the effects cannot be discussed completely separately from each other.
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Figure 4-16: Carbon efficiencies of overall methanol pathway under separate So and x-variation (K:

Kerosene, So: Olefin-selectivity, TF: Total fuel, x: parameter of Eq. 4-9).

Influence of chain growth probability (). The chain growth probability is varied be-
low the a-value of maximum straight-run kerosene output (Annex B, Section B.2). This
is done because, in the overall process, the lighter naphtha fraction is fed back into the
oligomerization, potentially increasing the overall kerosene fraction. The results of the
parameter variation confirm this effect since a lower a-value generally leads to a
higher K carbon efficiency. Furthermore, the TF efficiency is also positively influenced
in most cases by a lower a-value, as the wax fraction, that is used only energetically,
decreases.

Influence of olefin-selectivity (So). The results of the parameter variation show that
the olefin-selectivity is a decisive parameter that strongly affects the achievable car-
bon efficiencies. At an olefin-selectivity of 85 % the K carbon efficiency and the TF car-
bon efficiency are limited to 60 to 73 % and 74 to 82 %, respectively. Raising the olefin-
selectivity to 95 %, K carbon efficiency and the TF carbon efficiency are increased to
69 to 90 % and 82 to 92 %, respectively. Direct losses caused by non-ideal olefin-se-
lectivity occur as by-products (alkanes) do not oligomerize and are therefore not fur-
ther processed into any of the desired product fractions. Indirect losses additionally
arise due to the increasing purge requirements with rising amounts of inert alkanes,
as this also results in the removal of more valuable olefins - i.e., olefins that could be
further processed into the desired product fractions.

Influence of ASF starting point. The impact of the ASF starting point - which approxi-
mates the influence of the olefin-feedstock (monomer) size - on the overall process is
also dependent on So, which is evidently illustrated by different diagrams. At rather
low olefin-selectivities (So = 0.85), a positive influence of larger monomers as oli-
gomerization feed (higher x-values) can be observed. However, this influence of the
monomer size on both the K and the TF carbon efficiency decreases significantly with
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increasing olefin-selectivities. At higher So-values, the carbon efficiencies achieved be-
come increasingly less dependent on the monomer size. Additionally, with higher
chain growth probabilities and particularly at increasing So-values, the influence of the
monomer size even reverses; i.e., the achievable carbon efficiencies decrease as the
monomer size increases. This inverse effect is observed for olefin-selectivities of So =
0.95 when the chain growth probabilities exceed approximately 0.65 for K carbon ef-
ficiency and 0.68 for TF carbon efficiency. The decreasing impact of ASF starting point
with increasing So primarily results from a lower purge requirement, allowing for
more efficient recycling of lighter naphtha. The transition from a positive to a negative
effect of larger monomer sizes with increasing chain growth probabilities regarding
the K carbon efficiency is primarily due to the shift of the straight-run kerosene frac-
tion towards diesel. Regarding the TF carbon efficiency, this effect is primarily at-
tributed to increased wax formation with higher chain growth probabilities.

Across all variations, the methanol pathway shows high kerosene yields, especially for
chain growth probabilities well below the straight-run optimum. This is primarily a result
of the direct recycling of the light naphtha fraction. The olefin-selectivity (So) of the MtO
process is identified as a crucial process parameter, as it strongly influences both kero-
sene yield and overall yield under the assumptions made. The results suggest that a high
olefin-selectivity is more important for the efficiencies of the process than a high straight-
run kerosene fraction. Furthermore, the results obtained by the underlying assumptions
suggest that low chain growth probabilities starting from higher olefins (x = 4) achieve
higher kerosene yields than starting from very light olefins (x = 2) with higher chain
growth probabilities. Starting from higher olefins might also influence the smoothness of
the product distribution, which is not analyzed here.

4.4.2.2 Energy efficiency

Figure 4-17 shows the energy efficiencies applied over the chain growth probability (a)
resulting from the simulation of the overall plant. Minor changes compared to the base
case analysis (<1 %) result from simplified fractionation models in parameter variation
(see Annex B, Section B.2). Based on the higher heating values (HHV), a theoretical maxi-
mum energy efficiency of 77 % can be cited. The theoretical efficiency is calculated by di-
viding the energy of the products (assumed here to be C10Hz22 and H20) by that of the re-
actants (Hz and COz), and thus takes into account the losses of the reaction enthalpy of the
overall reaction. Since the energy streams of the product fractions are proportional to the
respective carbon flows, carbon efficiency directly affects energy efficiency. Furthermore,
the main energy input of both pathways results from hydrogen, which also supports a
correlation of energy with carbon efficiency as a parameter of material utilization. In ten-
dency, the effects are, therefore, similar to the results shown in Figure 4-15. However, the
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variation of technical parameters influences internal process flows and energy require-

ments, eventually affecting energy efficiency. The resulting deviations from the carbon

efficiency and the key figure areas are explained below.
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Figure 4-17: Energy efficiencies of overall Fischer-Tropsch and methanol pathway under parameter

variation (HC: Hydrocracking, K: Kerosene, pri.: primary, sec.: secondary, So: Olefin-se-
lectivity, ter.: tertiary, TF: Total fuel, x: parameter of Eq. 4-9).

Fischer-Tropsch pathway. The energy efficiency in the reference case shown in Section
4.4.1.2 is determined to be 49 % with regard to the energy content of the produced kero-

sene. The TF energy efficiency, considering the naphtha, kerosene, and diesel fraction,

reaches 67 %. Figure 4-17 left, shows the influence of the assumed chain growth proba-

bility and the considered hydrocracking behavior on the energy efficiency.

Influence of chain growth probability (a). The TF energy efficiency shows a stronger
sensitivity regarding the chain length probability compared to the carbon efficiency,
ranging from 63 to 70 %. This is because at low a-values, the amount of light compo-
nents reformed in the RWGS (reverse water-gas shift) process significantly increases.
The additional energy required for this needs to be covered by external energy (elec-
trical power), resulting in an overall increase in energy demand while the fuel product
quantity remains nearly constant. Regarding kerosene, both the amount of produced
kerosene (carbon efficiency) and the required energy quantity in the RWGS process
decrease with increasing a-values. Therefore, the K energy efficiency still varies in a
larger range from 39 to 54 %. The changes in compressor power due to varying pro-
cess streams are negligible with respect to the overall energy demand.

Influence of hydrocracking behavior. Between the hydrocracking cases, energy effi-
ciencies behave almost identically to the carbon efficiencies. This is because the dif-
ferent hydrocracking cases have no significant impact on the energy requirements of
the overall process, which means that energy efficiency correlates directly with the
product quantity.
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Methanol pathway. The K energy efficiency of the methanol pathways reference case is
determined to be 55 %, while the TF energy efficiency amounts to about 62 %. Figure 4-17
right, shows the influence of the considered ASF starting points and olefin-selectivity over
the chain growth probability on the energy efficiency. The results of the parameter varia-

tion show a wide range of K energy efficiency (44 to 65 %) and the TF energy efficiency
(54 to 67 %).

Since the energy efficiency in the methanol pathway is almost exclusively influenced by
the material efficiency, the resulting curves from parameter variation behave similarly to
those of the carbon efficiency. More precisely, this is because the varied parameters have
no influence on the methanol production efficiency, and changes in the oligomerization
recycle with regard to the compressor power are below 0.5 %. For the discussion of the
individual influences of the varied parameters, reference is made to the above-described
section on carbon efficiency.

4.4.3 Overall comparison

The key figures of both pathways are compared in Figure 4-18. In the following, these are
discussed for the carbon efficiency and the energy efficiency. To enable an assessment of
the pathways in relation to the entire PtL process chain, the provision of the feedstocks
Hz and COz2 is additionally included in the energy efficiency at the end of this section.
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Figure 4-18: Key overall figures of the FT and methanol pathway (FT: Fischer-Tropsch, MeOH: Meth-
anol).

4.4.3.1 Carbon efficiency

Total fuel carbon efficiency. Compared to the methanol pathway, the FT pathway ena-
bles a higher TF carbon efficiency through upstream reforming of lighter components and
downstream hydrocracking of heavier components, with only minor losses occurring in
the synthesis loop. The carbon efficiency sums up to approximately 99 %, varying only
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within a relatively small range within the parameter variation. While the methanol syn-
thesis itself is highly selective, the lower per-pass conversion results in purge losses ex-
ceeding those of the FT synthesis. However, the major carbon losses in the methanol path-
way occur in the MtK process due to a limited selectivity in dehydration, which also de-
termines carbon losses in oligomerization. Overall, this leads to a lower TF carbon effi-
ciency of about 85 %. The value shows a higher variation from 74 to 92 % in the parameter
variation compared to almost constant TF carbon efficiency in the FT pathway.

Kerosene carbon efficiency. Despite the overall carbon losses in the reference case, the
methanol pathway has a higher K carbon efficiency (76 %) compared to the FT pathway
(72 %). This is due to the narrower product distribution and the recycling of the light
naphtha product fraction. Nevertheless, depending on the parameters considered, the pa-
rameter variation shows a wide range from 60 to 90 %, whereby the influence on the tech-
nical parameters and, thus, the achievable efficiencies currently appear to be limited. The
range in the FT pathway is also comparably wide, reaching from 61 to 77 %. However,
since the chain growth probability in the FT synthesis can be well adjusted through cata-
lysts and process conditions, optimizing the overall process towards the upper values of
kerosene efficiency is realistic.

In addition to the kerosene yield, the composition of the fraction also differs (Annex B,
Section B.3). The methanol pathway analyzed here yields a kerosene fraction with a high
proportion of light components. In contrast, the kerosene fraction formed in the FT path-
way is more uniform and potentially easier to process into ASTM-compliant fuel.

4.4.3.2 Energy efficiency

The comparison of the FT against the methanol pathway depicted in Figure 4-18, shows
that, compared to the carbon efficiency (left), the methanol pathway has shifted upwards
in terms of the energy efficiency (right). This can be explained due to the thermodynamic
advantage of the methanol pathway, where only exothermic processes occur, and no ad-
ditional energy is required for CO2 reduction or recycle gas reforming.

Total fuel energy efficiency. Concerning energy efficiency, hydrogen is the largest en-
ergy input for both pathways. The FT pathway also requires a significant additional heat-
ing demand, mainly caused by the RWGS. In the methanol pathway, all reaction steps are
exothermic, allowing to cover all heating demands through heat integration. However,
higher electrical energy requirements for compression are needed compared to the FT
pathway. Due to the low material losses, manifesting as energy losses due to combustion
in the furnace, the FT pathway achieves higher total fuel (TF) energy efficiencies (67 %)
than the methanol pathway (62 %) in the reference case. The parameter variation of the
FT pathway shows a wider range of TF energy efficiency (63 to 70 %) compared to the TF
carbon efficiency. This is due to an increasing energy demand of the RWGS at lower chain
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growth probabilities, which leads to a higher reforming effort. In contrast, almost no en-
ergetic influences besides the material efficiency occur in the methanol pathways; i.e., the
energy efficiency behaves similarly to its carbon efficiency ranging from 54 to 67 %.

Kerosene energy efficiency. In terms of K energy efficiency, both pathways show a sim-
ilar behavior as with regard to carbon efficiency. However, the methanol pathway is more
clearly above the FT pathway in terms of energy than is the case for carbon. The reference
case results are 55 % and 49 %, respectively. The methanol pathway ranges from 44 to
65 %, while the FT pathway reaches 38 to 54 %. Comparing the lower end of the K effi-
ciencies demonstrates the thermodynamic advantage of the methanol pathway. While
both pathways are almost equal in terms of carbon, the methanol pathway exceeds the FT
pathway in terms of energy by more than 5 %.

Power-to-liquid efficiency. The previously discussed efficiencies pertain to the system
boundaries chosen within the analysis, i.e., H2 and COz2 are available as pure components.
To make statements about the efficiencies of the entire production chain of power-based
kerosene, the efforts or losses in feedstock supply must be considered. The energy effi-
ciency starting from electrical power, including Hz provision and COz capture, is depicted
in Figure 4-19. The energy requirements of electrolysis depend on the chosen technology
and vary within the efficiency range for low-temperature electrolyzers. The energy ex-
penditure for CO2 capture is highly contingent on the CO2 source and the availability of
heat (T'>100 °C). The illustration distinguishes three cases. In one case, pure COz (“pure”),
e.g., from ethanol fermentation, is considered, eliminating the need for further efforts.
Case two (“point”) represents capture via amine scrubbing from point sources (10 to
40 vol% CO2). Additionally, capture through a direct air capture facility (“DAC”) is consid-
ered. In both capture cases, no heat integration is assumed.
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Figure 4-19: Energy efficiency considering Hz production and COz supply (all efficiencies based on
HHV; DAC: Direct air capture, K: Kerosene, point: COz point source, pure: pure CO, TF:
Total fuel).
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Depending on the electrolyzer efficiency, the total fuel (TF) efficiency in both pathways
decreases by 10 to 18 %pt. The overall efficiency is thus 49 to 57 % (46 to 53 %uuv) for
the FT pathway and 45 to 52 % (41 to 48 %.uv) for the methanol pathway. If CO2 needs to
be additionally captured from a point source with no heat integration possible, the effi-
ciency further decreases by approximately 6 %pt to 44 to 50 % (41 to 47 %uuv) for the FT
pathway and 40 to 45 % (37 to 42 %uuv) for the methanol pathway. In the absence of a
point source, requiring CO2 to be captured from the air, the efficiencies further decline to
40 to 45 % (37 to 42 %vuv) for the FT pathway and 36 to 40 % (33 to 37 %.nv) for the
methanol pathway. The provision of feedstocks Hz and COz plays a significant role in over-
all efficiency. Since the efficiency of synthesis and downstream processes directly deter-
mines the demand for feedstock, any conversion losses occurring here directly increase
the losses in feedstock provision.

4.5 Conclusion

This research paper investigates and compares the FT and methanol pathway from
power-derived syngas within an in-depth technical analysis. The main findings can be
summarized as follows.

e Concerning carbon efficiency, the FT pathway enables very high efficiencies regarding
to the total fuel (TF) yield (approx. 98 to 99 %). However, due to FT synthesis’s rela-
tively broad product distribution, the specific kerosene selectivity and, thus, the kero-
sene (K) carbon efficiency are clearly lower (approx. 60 to 79 %). The concept of the
methanol pathway exhibits a higher K efficiency (approx. 60 to 90 %) but a signifi-
cantly lower TF efficiency (approx. 74 to 92 %). This is due to, on the one hand, the
high proportion of straight-run kerosene and the recycling of light olefins (naphtha
fraction), but, on the other hand, losses through limited olefin-selectivities and the in-
ability to further process heavy components.

e Concerning energy efficiency, hydrogen feed accounts for the highest energy input in
both pathways, constituting more than 89 %. Therefore, energy efficiency is closely
linked to material efficiency, meaning that higher material or hydrogen losses within
the overall process result in a lower energy efficiency. Consequently, due to minor ma-
terial losses, the FT pathway shows a higher TF energy efficiency of 67 % (72 %Lnv)
compared to the methanol pathway with 62 % (67 %Luv). However, the latter still
shows a higher kerosene energy efficiency of 55 % (60 %Lnv) against 49 % (53 %Lnv)
within the FT pathway. Also, the methanol pathway offers advantages since no high-
temperature heat is required. In the FT pathway, the RWGS reaction necessitates sig-
nificant energy input, which is subsequently released at a lower energy level in the FT
synthesis. A CO2-based methanol synthesis ensures that the entire methanol pathway
consists of exothermic processes and minimizes losses from a thermodynamic per-
spective. To determine the overall PtL efficiency, the H2 and CO2 supply must also be
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taken into account, which significantly reduces the energy efficiencies of the overall
production.

e Based on the parameter variation, significantly higher uncertainties arise with regard
to the evaluation of the methanol pathway. This is indicated by the strong sensitivity
in K and TF efficiency, especially concerning the olefin-selectivity and the chain
growth probability. In contrast, the FT pathway’s assumptions, parameters, and re-
sults suggest lower uncertainties since more data are available in the literature, and
the overall process shows lower sensitivities regarding the varied parameters.

Building upon this technical analysis, further theoretical considerations can be pursued
to enable a more comprehensive evaluation of the two pathways. This includes additional
technical analysis considering different plant concepts (e.g.,, 100 % kerosene plants or
combined technology approaches) and economic and environmental analysis. Further-
more, theoretical and practical product quality investigations are necessary to optimize
both pathways in terms of yield and fuel quality.
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Abstract

Current estimates for power-based kerosene production costs are up to ten times higher
than conventional, fossil fuel-based kerosene prices. Therefore, successful market inte-
gration necessitates a thorough understanding of the cost structure and the key factors
influencing kerosene production costs. This paper provides an extensive cost analysis of
power-based kerosene production comparing two different plant concepts, one using the
Fischer-Tropsch synthesis and hydrotreatment (FT pathway), the other applying direct
methanol synthesis with downstream dehydration and oligomerization (MeOH pathway).
Two cost allocation methods are applied to address uncertainties associated with unpre-
dictable by-product revenues: allocating costs solely to the kerosene fraction, without
considering by-product revenues, establishes the upper cost limit, while allocating costs
at the total fuel fraction, defines the lower cost boundary. For these two cases, possible
cost ranges are evaluated by varying technical and economic frame conditions. For the
“total fuel allocation”, the FT pathway yields lower kerosene production cost than the
methanol pathway (FT: 3,630 €/t, MeOH: 4,240 €/t). But contrarily for the “kerosene al-
location”, the MeOH pathway shows lower cost (FT: 5,070 €/t, MeOH: 4,660 €/t). By-
product revenue variation indicates benefits for the FT pathway if naphtha prices above
30 % of the kerosene production cost can be achieved. In all cases, costs are mainly af-
fected by the supply of H2 and COz2; thus, feedstock conversion efficiency is the most im-
portant factor determining the production costs besides feedstock prices. While varia-
tions in the H2 price (3 to 7 €/kg) significantly influence kerosene production costs for
both pathways (ca. £25%), CO2 prices at the level of CO2 supply costs from DAC
(1,000 €/t) can lead to even higher cost increases of up to 75 % compared to CO2 prices
related to carbon capture costs from point sources (150 €/t). Thus, this analysis provides
novel insights into the cost composition and the most important influencing parameters
for the two most widely discussed production pathways for power-based kerosene pro-
duction and enables comparison and assessment of production costs under different
framework conditions.

Kerosene production cost from power-based syngas - Fischer-Tropsch vs. Methanol pathway
Approach Scope: Cost Analysis Results
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Figure 5-1:  Graphical abstract of the publication “Cost analysis of kerosene production from power-
based syngas” (WACC: Weighted average cost of capital, FCI: Fixed capital investment).
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5.1 Introduction

The global aviation sector strives to achieve net carbon dioxide neutrality by 2050 [9, 10].
However, extensive decarbonization through direct electrification or using hydrogen
(H2), the most widely discussed options for land transport, seems technically and system-
ically unfeasible on a large scale for air transportation in the coming decades [38, 173,
174]. Furthermore, the globally available potential of biomass-based kerosene is limited
due to the a priori restricted availability of sustainable biomass, enforced by significant
competition from other sectors [11]. Consequently, fuels produced from renewable elec-
tricity and non-energetic feedstock (H20 and CO2), so-called power-based!? or e-kero-
sene, are expected to play an essential role in reducing aviation’s carbon dioxide emis-
sions. The most common and widely developed pathways for producing power-based ker-
osene are the Fischer-Tropsch (FT) and the methanol (MeOH) pathway.

Technically, the production of power-based kerosene is feasible, though it has not yet
been commercially implemented [50, 175]. The primary reason for the lack of commer-
cially operated, large-scale production plants is economic uncertainty despite managea-
ble technical risks. There is currently no established market for power-based kerosene,
making long-term revenue projections difficult. Furthermore, studies indicate up to ten
times higher production costs than fossil fuel-based kerosene and two- to threefold higher
costs than biomass-based kerosene [46-49, 83, 176, 177]. In a comprehensive analysis,
Seymour et al. [178] analyzed the influence of geographical location on the production
costs of power-to-liquid fuels and showed that in the medium term, even in very promis-
ing locations, the production costs are still significantly higher compared to conventional
kerosene prices. Colelli et al. [179] analyzed a. 0. production costs for power-based kero-
sene from FT synthesis, assessing indirect FT synthesis (incl. reverse water-gas shift re-
action (RWGS) for CO2z reduction) as technically and economically more beneficial com-
pared to a direct CO2-converting FT synthesis. The analysis from Raab and Dietrich [180]
also takes supply chain aspects into account and finds that these only make a small con-
tribution to the overall power-based kerosene costs. In a recently published detailed anal-
ysis of decentralized Fischer-Tropsch concepts, Meurer et al. [181] demonstrate that the
advantages of decentralized production primarily stem from the reduction of indirect
plant costs for modular units, although there are also disadvantages due to efficiency
losses. Peacock et al. [182] investigated large-scale SAF production using FT synthesis,
emphasizing the importance of a constant energy supply to achieve lower fuel production
costs. While many available analyses provide a sound basis for general cost estimates of
power-based fuel, differences within possible production pathways and influences of by-
product revenues (and the respective cost allocations) are rarely considered. Moreover,
most studies assume fixed technical and economic parameters, sometimes greatly influ-
encing the cost outcomes and thus limiting the usability of the results. However, detailed

10 [n this paper, power is used as a substitute for electricity, as the production technology is a power-to-x
process, whereby power is used as an accepted term for electricity.
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consideration of process requirements and frame conditions is essential to compare dif-
ferent process pathways and identify the respective advantages and disadvantages. Re-
cent technical analyses that compare process pathways at a high level of detail provide a
suitable basis for economic considerations [138, 175, 183].

Against this background, this paper addresses these research gaps by providing a com-
prehensive cost analysis of kerosene production from power-based syngas, comparing
two different plant concepts, one using the Fischer-Tropsch synthesis and hydrotreat-
ment, the other applying direct methanol synthesis with downstream dehydration and
oligomerization. This study provides valuable insights into both pathways’ economic dif-
ferences and advantages by evaluating the individual kerosene production cost based on
identical system boundaries and framework conditions. Different cost allocations are ap-
plied to address uncertainties associated with unpredictable by-product revenues. An ex-
tensive variation of technical and economic parameters is carried out to derive sound cost
ranges and to identify advantageous conditions for the respective process pathways.

System boundaries of analysis
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Figure 5-2:  System boundaries of considered power-based kerosene production pathways.

The considered system boundaries with the primary process in- and outputs are depicted
in Figure 5-2. The analysis focuses on the synthesis and downstream processing, consid-
ering H2 and CO2 as feedstock. Kerosene is the targeted product, while naphtha and diesel
are considered as by-products. The fuel fractions are categorized based on the chain
length of the molecules. According to the system boundaries and in line with the general
power-to-liquid (PtL) concept, electricity is considered as the primary energy source and,
therefore, also for heat provision. Internally produced heat that exceeds the integrable
quantity is considered for re-electrification via steam turbines so that only low-tempera-
ture heat (removed via cooling water) is produced in addition to the fuel products. The
underlying concepts for the respective technical processes and simulation approaches are
based on an in-depth technical analysis conducted by Bube etal. [175] (Chapter 4). There-
fore, only the main technical results are outlined in this study.

This paper is structured as follows. The methodology section details the production cost
calculation methodology and the considered cost allocations. The subsequent section pre-
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sents the main technical and economic assumptions, including the technical process con-
cepts, feedstock prices, capital and operating expenditures, and variation parameters. The
results of the analysis are then presented, including the process simulation results, de-
tailed cost breakdowns, and parameter variation analysis. Finally, the results are summa-
rized and discussed, and conclusions are derived.

5.2 Cost analysis methodology

Figure 5-3 sketches the methodology used for the cost analysis based on prior process
design and simulation. Cost calculation requires technical process data like operating con-
ditions as well as mass and energy flows. The respective data is derived using steady-state
flowsheet simulation, whereby the process design and simulation are mainly based on
Bube et al. [175]. Modifications to the process concepts and modeling are defined in Sec-
tion 5.3.1 and Annex C. The cost analysis of the investigated process pathways is con-
ducted for the presented process configurations and based on the described modeling ap-
proaches. Thus, the results are directly related to the specific process design, while alter-
native process concepts may lead to different results.
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Figure 5-3:  Overall production cost calculation methodology (! based on process design and simu-
lation in accordance with [175]).

The cost analysis aims to derive and compare kerosene production costs from the ana-
lyzed process concepts under defined framework conditions. The individual cost compo-
nents are analyzed at fixed technical and economic parameters (reference case, RC) (Sec-
tion 5.4.2). The influence of selected parameters on total costs is examined within a pa-
rameter variation (PV) (Section 5.4.3).
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The kerosene production cost represents the minimum required selling price to achieve
economic feasibility in power-based fuel production (i.e., to cover all costs without assum-
ing profit). According to Eq. 5-1, the annual total cost (ATC) consists of the annual capital
costs (ACC), the fixed operational expenditures (OPEX;) and the variable operational ex-
penditures (OPEX,). The latter represent the material and energy feedstock, while the
fixed operational expenditures are costs considered to be independent of the product
amount (e.g., labor, taxes, overheads, maintenance). The annual total cost can be trans-
formed into kerosene production costs (KPC) according to Eq. 5-2, using different alloca-
tions with or without considering by-product revenues. Within multi-product generation
plants, achievable prices for the by-products (here, power-based naphtha and diesel) can
significantly impact the production cost of the targeted product (here, kerosene). Given
the absence of established markets for power-based fuels and the reliance of their future
value on the evolving regulatory framework, it is currently difficult to make reliable price
assumptions. This analysis employs two different cost allocation approaches to address
this challenge, providing an upper and lower bound for kerosene production costs and
defining an expected cost range. The cost allocations impacting Eq. 5-2 are presented in
Table 5-1.

e Within the kerosene allocation (KPCk), only the kerosene fraction is considered a val-
uable product, with no by-product revenues accounted for, establishing the upper cost
boundary.

e Conversely, the total fuel allocation (KPCtr) assumes all fuel fractions (naphtha, kero-
sene, diesel) as valuable products, resulting in equal production costs for all fractions
and defining the lower cost boundary.

e A variation of by-product revenues (BPR) is used to analyze trends in kerosene pro-
duction costs (KPC) across both pathways and identify favorable BPR ranges for each

pathway.
ATC = ACC + OPEX¢ + OPEX, Eq. 5-1
ATC — mgp BPR
KPC = Eq. 5-2
mp

Table 5-1: Allocation cases according to Eq. 5-2 (BPR: By-product revenue).

Key figure Abbreviation Product (p) | By-product (sp) [t]  BPR [€/tgp]
Kerosene allocation KPCk Kerosene | none 0
Total fuel allocation KPCrr Naphtha, kerosene, diesel | none 0
Kerosene production cost KPC Kerosene | naphtha, diesel varied

The annual production (m) is given by the nominal hourly output () multiplied by the
average capacity utilization (u) and the hours of one year (Eq. 5-3).
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m=m u 8,760h/a Eq. 5-3

Annual capital cost. The annuity method (Eq. 5-4) determines the annual capital cost.
The capital required for the construction of the plant (fixed capital investment; FCI) is
depreciated over the depreciation period (n [a]), taking into account the real weighted
average cost of capital (WACC, i) and the working capital share (w) [144].
i1+ _
ACC = FC1m+FC1a)L Eq. 5-4

The fixed capital investment is derived using the module costing technique, a method for
providing preliminary investment estimates for a.o. chemical plants [144]. This estimate
is based on the major process equipment (k), which is roughly dimensioned using process
design and simulation data. The size attribute A (e.g., area, volume, power, etc.) is used to
calculate bare module costs (CP) via equipment-specific component cost correlations (Eq.
5-5) with empirical correlation parameters (Ky) given by Turton et al. [110]. The bare
module costs are multiplied by equipment-specific mark-up factors, which depend on
(Fm,) or are independent of (F]gM’l) operating conditions and construction material. The
sum of all equipment costs multiplied by further mark-up factors for contingency and fee
costs (y) and auxiliary costs (f) results the fixed capital investment. This cost calculation
method can be classified as a study estimate with an expected accuracy range of =30 to
+50 9% [111].

log10(CP) = Ky + K;log10(A) + Ks[logy(A)]? Eq. 5-5
k k
FCI=(14Y) ) G Foms + B ) C8\ Fiw, Eq. 5-6
=1 =1

Fixed operational expenditures include labor costs, costs for maintenance, operating
supplies, and other charges for royalties, distribution and selling, research and develop-
ment, and so on. These costs are largely independent of production volumes. Empirical
factors are used to estimate the individual cost items based on the fixed capital invest-
ment. Labor costs calculation is, among others, based on an estimate of the operating em-
ployee to allow for an uninterrupted operation throughout a calendar year.

Variable operational expenditures include costs for material and energetic inputs, i.e.,
H2, CO2, and electricity. The respective requirements are based on the process simulation
and the technical evaluation of the plant concept specified in Section 5.3. The specific
prices to be applied are determined in accordance with the literature and vary within
foreseeable ranges in the parameter variation. For feedstock for which there is currently
no established market, the prices are defined based on the expected production costs.
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Parameter variation. The variation of technical and economic parameters derives po-
tential cost ranges and uncertainties resulting from different framework assumptions. For
the variation of technical parameters, higher-level process parameters (e.g., conversion
rates, selectivity) were chosen in line with the applied process modeling and, if applicable,
defined in accordance with the state-of-the-art. The process concepts are simulated and
analyzed for each varied parameter, whereby the same process conditions (e.g., inert gas
concentrations, synthesis gas compositions, etc.) are ensured by defined design specifica-
tions. Since the varied higher-level process parameters can be achieved through multiple
combinations of underlying operating conditions and design aspects (e.g., temperature,
pressure, space velocity), which may interact in complex ways, such underlying parame-
ters are considered constant during the parameter variation. This approach enables a
more general evaluation at the system level with a manageable number of variables to be
adjusted. The economic parameter variation is carried out for the technical reference case.

Further information on kerosene production cost calculation can be found in Annex C.

5.3 Data and assumptions

5.3.1 Technical concept assumptions

The following briefly describes the technical process concepts, the main assumptions, and
the decisive technical parameters. Detailed information about the considered technolo-
gies, the respective modeling approaches, and the technical process analysis are available
in [175], respectively Chapter 4). Below, in particular, the differences made to [175] are
highlighted.

The feedstocks H2 (100 vol%uz, 50 bar, 35 °C [65, 142]) and CO2 (99.5 vol%coz, 0.5 vol%nz,
1bar, 35°C [184]) are assumed to be available at the plant site. Process energy is con-
stantly available grid electricity, covering the given electricity and heat demands. The fuel
fractions naphtha (Cs to Cs), kerosene (Co to C17) [83, 185], and diesel (C1s to C20) can occur
as material process outputs. The chain lengths included in the kerosene fraction are se-
lected to ensure that ASTM conformity would be expected in real production processes.
However, due to the lower component diversity in the simulation (no iso-alkanes, no cy-
clic components) compared to real products, ASTM conformity cannot be verified within
the scope of the study. The properties of the kerosene fractions from the simulation, as
well as the ASTM requirements, are presented and discussed in Annex C, Section C.4.

Three utility systems are considered in addition to the main processes. Vacuum genera-
tors are considered according to [186] (0.05 bara), enabling the rectification of heavy hy-
drocarbons at lower temperatures. Steam turbines serve to recover excess process heat
as electricity, while furnaces are employed to generate high-temperature heat from light
fuel gases. Heat integration (pinch analysis) is used to reduce external energy demands.
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Since excess heat is utilized in the steam turbines, only low-temperature waste heat (cool-
ing water at 25 °C) leaves the system boundaries. A detailed description of the energy in-
tegration approach and the considered utilities is provided in Annex C, Section C.1.

5.3.1.1 Fischer-Tropsch pathway

Figure 5-4 shows a block flow diagram of the FT pathway. The synthesis gas (syngas) pro-
duction is carried out via a high-temperature (950 °C) reverse water-gas shift (RWGS) re-
action, enabling parallel reforming of light hydrocarbons. The H2:CO ratio in the produced
syngas is set to 2.05 by adjusting the Hz feed into the RWGS reactor. As the heat integra-
tion of the RWGS has a major influence on the overall efficiency of the process [187], feed
gas preheating with the product gas is assumed. However, to counteract coking and metal
dusting, the steam-to-carbon ratio in the reactor feed is set to 0.511. Furthermore, pre-
heating with product gas is limited to 200 K below the reactor temperature to enable
rapid product gas cooling!?. High-alloy nickel clad is chosen as a constructional counter-
measure for the affected RWGS equipment [189]. The syngas is converted into synthetic
crude oil (syncrude) using a low-temperature FT synthesis (LTFT) to produce a product
mixture rich in long-chain hydrocarbons that is favorable in terms of overall process effi-
ciency [175]. Heavy hydrocarbons (Cis+) are cracked via hydrocracking. Deviating to
[175], hydrocracking is also applied to the diesel fraction. Thus, only naphtha and kero-
sene are produced.
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Figure 5-4:  Fischer-Tropsch pathway block flow diagram (only main processes shown; LTFT: Low-
temperature Fischer-Tropsch, HC: Hydrocarbon, RWGS: Reverse water-gas shift).

11]n steam methane reforming the steam-to-carbon ratio is usually around 1.5, but water is consumed dur-
ing the reaction in a similar proportion as CO is formed [188]. Since the RWGS reaction is a steam generating
reaction, the ratio in the RWGS was adjusted accordingly to 0.5.

12 Metal dusting occurs with CO rich gases mainly between 400 and 800 °C [188, 189]. The risk of metal
dusting can be reduced via fast cooling (commonly performed in a high pressure steam quench [57]) to
restrict carbon formation kinetically.
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Some technical parameters have a major influence on technical and, therefore, potentially
also economic key figures. As described in the methodology, higher-level parameters are
varied which can be influenced by different operating conditions and design aspects. In
FT synthesis, a key parameter is the chain growth probability (a). It is the determining
factor for the chain length distribution, i.e., mass fractions (I,,) of a component with the
chain length n, in the FT product (Eq. 5-7). This value typically ranges between 0.8 and
0.95 in the LTFT process and can be affected by factors such as temperature, syngas com-
position, pressure, residence time, and the catalyst used [56, 58, 86, 190]. High chain
growth probabilities can be achieved with cobalt catalysts under low temperatures (180
to 240 °C), elevated pressures, and sufficient residence time.

W, =n(1l-a)?a™? Eq.5-7

Another critical parameter in the FT pathway is the intensity of hydrocracking. In real
processes, the intensity of hydrocracking is primarily adjusted by the reaction tempera-
ture and the catalyst used. Higher temperatures and more active catalysts increase the
probability of cracking reactions. In the idealized cracking model used here, as described
in [158, 175], the intensity is approximated by the number of possible cracking reactions
per molecule per reactor pass. Mild cracking is modeled assuming only one chain break
(primary cracking), while severe cracking enables up to three cracking reactions per-pass
(tertiary cracking). The technical parameters assumed within the reference case and the
parameter variation of the FT pathway are listed in Table 5-2.

Table 5-2: Technical parameters for the reference case and parameter variation of the Fischer-
Tropsch pathway (RC: Reference case, PV: Parameter variation).

Process Parameter Value
FT synthesis Chain growth probability (arr) RC: 0.89
PV:0.84-0.94
Hydrocracking Ideal cracking; chain length depending RC: Secondary cracking
conversion PV: Primary to tertiary cracking

5.3.1.2 Methanol pathway

No design changes are made in the methanol pathway compared to [175]. Figure 5-5
shows the simplified block flow diagram of the respective process concept. The methanol
produced in the direct (CO2-converting) methanol synthesis is converted via dehydration
(methanol-to-olefin, MtO) into light olefins (mainly ethene and propene). The product
mixture is cleaned (water and caustic wash, drying via molecular sieves) and fed into the
oligomerization. Different catalysts in multi-stage or multi-bed reactors are used to en-
sure high conversions of all olefins. Nickel-based catalysts allow for nearly complete con-
version of ethene [191]. Subsequent oligomerization using acid catalysts (e.g., in mesopo-
rous and microporous materials, zeolites, or resins) enables the production of a high pro-
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portion of highly branched Cio+ olefins [191, 192]. The oligomerization product is frac-
tionated into lighter hydrocarbons (Cs-), mainly recycled to increase the overall kerosene
fraction, and a heavier hydrocarbon fraction (Co+), which is hydrogenated and further
fractionated. Since no waxes are formed in this process, no hydrocracker is considered.
Therefore, diesel is also produced in addition to kerosene and naphtha.
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Figure 5-5:  Methanol pathway block flow diagram (only main processes shown; MeOH: Methanol,

MtO: Methanol-to-Olefins).

Within the MeOH pathway, the technical analysis (see [175]) indicates the strong influ-
ence of MtO olefin selectivity (So) and oligomerization chain growth probability. The
achievable olefin selectivity, defined as the proportion of carbon in methanol that is con-
verted into olefins, is approximately 80 to 90 % in industrial processes [162, 193]. Ongo-
ing research, particularly in catalyst development, is focused on achieving even higher
selectivities. As in FT synthesis, oligomerization can also be characterized by chain growth
probability. However, the monomers can consist of various olefins from the MtO reactor
or the oligomerization recycle stream. Depending on the reactant composition and the
target product (i.e., chain length and component type), oligomerization can occur via var-
ious technologies, primarily distinguished by the catalysts used. The chain length distri-
bution can be influenced by the catalyst and factors such as reactor temperature, pres-
sure, residence time, and feed composition [191, 192]. High temperatures and short resi-
dence times tend to reduce the chain growth probability. The generic model used here for
oligomerization is described in detail in Annex C, Section C.1. Due to the variety of oli-
gomerization processes and the large number of influencing parameters, significant dif-
ferences in product distributions can potentially occur in real oligomerization processes.
Therefore, the chain growth probability in this study varies across a wide range within
the parameter variation. Table 5-3 lists the parameters considered within the reference
case and the parameter variation.
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Table 5-3: Technical parameters for the reference case and parameter variation of the methanol
pathway (RC: Reference case, PV: Parameter variation).

Process Parameter Value
Dehydration Olefin-Selectivity (So) RC: 0.90
(Mt0) PV:0.85-0.95
Oligomerization Chain growth probability (aoi)? RC: 0.3
PV:0.2-0.4

a Advanced oligomerization modeling compared to [175] (see Annex C, Section C.1).

5.3.2 Economic data and assumptions

Besides the technical data and assumptions primarily used for process modeling and sim-
ulation, further parameters predominantly affect economic figures and do not change
technical results. The main economic parameters here are described and listed below (Ta-
ble 5-4).

The plant investments are calculated for a market-mature process (nth-of-a-kind plant)
built on a green field. The installed production capacity for both pathways at 8,760 h/a at
nominal load is around 100 ktrr/a, corresponding to the largest PtL projects currently tar-
geted [50]. However, as most of the currently planned projects have significantly lower
capacities, while conventional fuel productions (e.g., via gas-to-liquid (GtL)) have signifi-
cantly higher installed capacities, the production capacity is varied within the parameter
variation. The cost functions and factors used to calculate the costs for the construction
and commissioning of the plant (fixed capital investment) are listed in detail in Annex C,
Section C.3.

The capacity utilization determines the annual production quantity at a given plant capac-
ity, thus impacting the production costs. It depends on the customers’ demand, the feed-
stock availability, and the plant reliability. The cost of feedstock availability, especially for
H2 from renewable energy and CO2 of sustainable (non-fossil) origin, depends strongly on
the plant location (availability and timing of renewable energy) and the infrastructure
(existing Hz and COz grid). Since the constant supply of Hz requires large, sometimes sea-
sonal, storage facilities and overcapacities of the corresponding production facilities,
which increases the cost of H2 [108], it is assumed that capacity utilization of the conver-
sion plants will be lower than for conventional plants which operate at an average of 75
to 85 % [124]. However, since this can vary greatly depending on the locally given frame
conditions, the parameter variation also considers capacity utilization.

The fixed capital investment (FCI) depreciation period is assumed to be 15 years. Consid-
ering the weighted average cost of capital (WACC) of 6 % for production in highly indus-
trialized countries [50], resulting in an annual depreciation of around 11 %gci, being in line
with the literature [110, 124, 125]. Uncertainties associated with estimating plant costs
are assessed through the variation of annual capital costs within the expected uncertainty
range (-30/+50 %) [111].
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The prices for continuously available electricity are estimated based on the European av-
erage price (2008 - 2020) for non-household electricity contracts. This value is in the
same range as the constant electricity supply from renewable power in the EU derived
by [123]. As there are currently no established markets for non-fossil H2 and CO2, the
prices are estimated based on current analyses of supply costs. Thus, H2 and CO:2 prices
are varied over a wide range assigned to supply costs from different provisioning cases.
The expected Hz supply cost depends primarily on the production location and the trans-
portation distance; variations by a factor of more than two can result. For the reference
case, H2 prices are set according to European average supply costs for power-based Ho.
The expected cost range for COz is even greater. While CO2 can be provided without addi-
tional effort at advantageous point sources [69], capture costs of more than 1,000 €/tco2
are currently realistic for direct air capture (DAC) [73, 74]. COz prices corresponding to
capture costs from a point source are assumed for the reference case. However, it should
be noted that the market will determine pricing more in the future and that the supply
costs represent a lower price limit here.

Table 5-4: Economic data and assumptions (ACC: Annual capital cost, PV: Parameter variation, RC:
Reference case, WACC: Weighted average cost of capital).

Parameter Unit Value Reference
Plant Production capacity [kt/a] RC: 100 | [-]
related  (total fuel product) PV:10-200
Capacity utilization 2 [%] RC: 70 | PV:35-100 [-]
Capital ~ WACC (i) [%] RC: 6 | PV: 4-15 [50,108]
related  Depreciation period () [a] 15|5-20 [124, 125, 194]
ACCuncertainty (Factor) [-] 0.7-1.5 [111]
Costs H; [€2023/kg] RC: 5.0 | PV:3.0-7.0 [108, 195]
CO: [€2023/1] RC: 150 | PV: 0-1,000 [69, 73,74, 196]
Electricity [€2023/MWh]  RC: 72 | PV: 40-190 [123,128]

a Capacity utilization of 70 % equals 6,132 annual full load hours.

All costs are given in euro currency and adjusted according to the chemical plant cost in-
dex (CEPCI) for 2023. The exchange rate is 1.19 US$/€ and is based on the average for the
years 1999 to 2022 [197]. Additional data are provided in Annex C, Section C.3.

5.4 Results and discussion

In this section, the process simulation results are presented first (Section 5.4.1), serving
as the basis for subsequent cost analysis. The costs for the reference cases are analyzed in
section 5.4.2. Subsequently, the impact of the technical and economic parameter variation
on kerosene production cost (KPC) is depicted and discussed in section 5.4.3.
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5.4.1 Process simulation results

The results of the process simulations, which form the basis for calculating the variable
operational expenditures and fixed capital investments, are presented as mass and elec-
tricity flows in Figure 5-6 and Figure 5-7. Carbon and energy flow diagrams (incl. heat
streams) as well as system efficiencies under technical parameter variation, are described
in Annex C, Section C.4.

5.4.1.1 Fischer-Tropsch pathway

For the FT pathway, a specific hydrogen demand of 0.62 t/tk and 0.44 t/trr is observed.
The CO2 demand is 4.43 t/tk and 3.16t/trr. Considering heat integration and internal
power generation, the external electricity demand (including heating requirements)
amounts to 3.38 MWh/tk and 2.41 MWh/trr, respectively. Notably, the high power de-
mand of the electrically heated RWGS reactor is evident, which arises from both the en-
dothermic RWGS reaction itself and the endothermic reforming of light components (pri-
marily CH4) from the syngas recycle and the naphtha column headstream. The water pro-
duced during the synthesis reaction is separated by condensation after the RWGS reactor
and decantation from the light condensate in the cold separator after the FT synthesis.
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Figure 5-6:  Mass and electricity flows of the Fischer-Tropsch pathway (diagram represents the ref-
erence case; heat flows are not shown for reasons of visual clarity. Power flows below
0.1 MW not shown; FT: Fischer-Tropsch, RWGS: Reverse water-gas shift).

5.4.1.2 Methanol pathway

The simulation of the methanol pathway shows specific hydrogen demands of 0.58t/tk
and 0.52 t/trr. The CO2 demand is 4.12 t/tk and 3.74 t/trr. Steam turbines can almost sup-
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ply the entire electricity required for the process by utilizing excess heat, as all main re-
actions in the process are exothermic. The external electricity demand is 0.06 MWh/tk and
0.05 MWh/trr, respectively. Oligomerization allows for the direct recycling of unreacted
olefins without the need for reforming. However, material losses occur due to the absence
of RWGS (or further reforming options), as the resulting purge gas streams can only be
used for energy recovery. The direct CO2 conversion in methanol synthesis leads to low

conversion rates, resulting in large mass flows and corresponding sizing requirements in
the synthesis loop.

The higher kerosene selectivity of the MeOH pathway compared to the FT pathway results
primarily from the larger monomer building blocks (ethene, propene), which can form
hydrocarbons in the kerosene fraction with fewer chain growth reactions (lower chain
growth probability). This is further supported by light fractions recycled directly without
breaking the already-formed chains (Annex C, Section C.4).
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Figure 5-7:  Mass and electricity flows of the methanol pathway (diagram represents the reference
case; heat flows are not shown for reasons of visual clarity. Power flows below 0.1 MW
not shown; MtO: Methanol-to-olefins).

5.4.2 Production costs

Figure 5-8 depicts the kerosene production costs of both pathways (reference case) for
both cost allocation methods. The left side of the figure (KPCk) represents the allocation
of costs solely to the kerosene fraction without accounting for by-product revenues, there-
fore indicating an upper cost limit. The right side represents the equal allocation of costs
across all fuel products (naphtha, kerosene, diesel fraction), indicating a lower cost limit
(KPCrr). The proportions of the individual cost components shown are equal within both
allocations. Electricity production from internal heat conversion is offset against the ex-
ternal electricity supply.
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Figure 5-8:  Kerosene production costs of the Fischer-Tropsch and methanol pathway in the refer-
ence case (K: Kerosene allocation, TF: Total fuel allocation, FT: Fischer-Tropsch, MeOH:
Methanol, ACC: Annual capital cost, KPC: Kerosene production cost).

In the reference case, the FT pathway yields kerosene production costs between 3,630
and 5,070 €/t, depending on the allocation method/the by-product revenues, respec-
tively. For the MeOH pathway, costs are within a smaller range of 4,240 to 4,660 €/t. The
costs of both pathways are dominated by the costs of Hz (FT: 61 %, MeOH 62 %) and COz2
supply (both 13 %). The shares of the remaining cost components are distributed rela-
tively evenly across the kerosene production costs. The major difference between the cost
distribution of the FT and MeOH pathway lies in the electricity cost. The FT pathway re-
quires significantly more electricity (mainly for RWGS heating) than is supplied by inter-
nal heat conversion. In contrast, the electricity demand and generation are almost equal
within the MeOH pathway. The fixed capital investments, resulting from the major equip-
ment estimate used, are 150 M€ for the FT pathway and 240 M€ for the MeOH pathway
(see Annex C, SectionC.5). The higher fixed capital investments required for the MeOH
pathway result mainly from the larger synthesis loop and the higher pressure level of the
methanol synthesis. Therefore, the resulting share of annual capital cost is also slightly
higher for the MeOH pathway (9 %) than for the FT pathway (7 %).

Comparing both pathways’ kerosene production costs, the kerosene production via the
MeOH pathway results in lower costs when no revenues from naphtha or diesel are con-
sidered (KPCk). However, considering all fuel fractions as (equally) valuable products, the
FT pathway enables significantly lower production costs (KPCrr). The first result is caused
by the high kerosene selectivity of the olefin oligomerization (MeOH pathway). In con-
trast, the advantage of the FT pathway regarding KPCrr is due to the low material losses
and, thus, the higher total fuel production.

Figure 5-9 depicts the kerosene production cost over varying by-product revenues (BPR).
Both of the above-described allocations can be found in the figure.
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Figure 5-9:  Kerosene production cost of the Fischer-Tropsch and methanol pathway under varying
by-product revenues (FT: Fischer-Tropsch pathway, MeOH: Methanol pathway, eq.:
equal, KPC: Kerosene production cost, KPCx: Kerosene production cost from kerosene
allocation, KPCrr: Kerosene production cost from total fuel allocation).

KPCk occur at a by-product revenue of 0 €/tsp. KPC1r are located where the kerosene pro-
duction costs are equal to the by-product revenues. Due to the larger by-product quantity,
the kerosene production costs of the FT pathway in the analyzed plant concepts are sig-
nificantly more dependent on the by-product revenues. Equal kerosene production costs
for both pathways (KPC eq.) occur at a by-product revenue of around 1,370 €/tsp. The re-
spective kerosene production costs are 4,530 €/t. Below this value, the MeOH pathway
enables lower kerosene production costs; at higher by-product revenues, the FT pathway
enables cheaper kerosene production. In other words, the MeOH pathway would be eco-
nomically beneficial only for kerosene market prices, which are 3.3 times higher than
naphtha or diesel prices. Optimizing the process concepts toward maximized naphtha or
diesel production would be economically beneficial if higher revenues are achieved for
the by-products than for kerosene.

5.4.3 Parameter variation

In simulation-based techno-economic analyses, the cost calculation results strongly de-
pend on the underlying technical and economic concepts and assumptions. The variation
of key parameters is analyzed below to show the respective impacts on kerosene produc-
tion costs and to determine realistic cost ranges for power-based fuel production.

5.4.3.1 Technical parameters

The results of the technical parameter variation are shown in Figure 5-10. The solid lines
represent the kerosene allocation (KPCk), i.e., excluding by-product revenues, and the
dashed lines show the cost allocation to the total fuel fraction (KPCtr). In the FT pathway,
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the chain growth probability within the FT reactor and the degree of hydrocracking, i.e.,
single (pri.), double (sec.), and triple (ter.) cracking possibility per reactor pass, are varied
as higher-level process parameters (see Section 5.3.1). The diagram indicates that both
parameters have almost no impact in the varied range when costs are allocated to the
total fuel product - meaning KPCrr stay nearly constant. This is due to the fact that while
the relative proportions of the fuel fractions shift, the overall quantity of fuel produced
remains nearly constant. However, energy demand and wax distillation costs increase
slightly with increasing chain growth probability, while the energy demand of the RWGS
reactor increases with decreasing chain growth probability (increasing recycling of light
gases). This leads to minimal KPCtr at chain growth probabilities around 0.9. Mild hy-
drocracking (pri. HC) and high chain growth probabilities increase the kerosene fraction,
reducing kerosene production costs within kerosene allocation (KPCk).
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Figure 5-10: Kerosene production cost under technical parameter variation (K: Kerosene allocation,
TF: Total fuel allocation, So: Olefin selectivity pri.: primary, sec.: secondary, ter.: tertiary,
HC: Hydrocracking, RC: Reference case).

Within the MeOH pathway, KPCk and KPCrr are strongly affected by the varied parameters
of olefin selectivity (So) and oligomerization chain growth probability since total fuel and
kerosene yield change significantly. Generally, low chain growth probabilities and high
olefin selectivities positively affect technical efficiencies and kerosene production costs.
A comparison of the economic results with the technical results (Annex C, Section C.4)
reveals a strong correlation between the production costs and the process efficiencies. As
in the FT pathway, the KPCrr are less affected by the chain growth probability as this pa-
rameter mainly changes the proportions of fuel fractions. However, with high probabili-
ties of chain growth, an increasing wax fraction occurs, reducing the overall amount of
fuel produced. Low chain growth probabilities increase the kerosene selectivity of the
overall process as less diesel and waxes are produced. The increasing naphtha fraction is
recycled, thus increasing the energy input and dimensioning of the oligomerization loop.



5.4 - Results and discussion 103

However, this is more than compensated for by the higher efficiency of the process in
terms of kerosene production. A higher olefin selectivity directly reduces the amount of
purge gas and increases the overall process efficiency.

The methanol pathway shows lower kerosene production costs over a wide range of pa-
rameter variations when no revenues for naphtha or diesel are considered (KPCx). This is
due to the higher kerosene selectivity compared to the FT pathway, making by-product
revenue less critical. However, cost allocation to all fuel products (KPCrr) shows lower
production costs within the FT pathway that cannot be reached by the methanol pathway,
even under the most favorable assumptions. Within the FT pathway, the KPCk varies from
4,630 to 5,770 €/t (RC: 5,070 €/t; -9 %, +14 %). KPCtr change is minimal from 3,630 to
3,670 €/t (RC: 3,630 €/t; -0 %, +1 %). The variation is much stronger in the MeOH path-
way, where KPCx varies from 4,080 to 5,710 €/t (RC: 4,660 €/t; =12 %, +22 %) and KPCtr
changes from 3,920 to 4,640 €/t (RC: 4,240 €/t; -8 % +10 %).

5.4.3.2 Economic parameters

Figure 5-11 shows the kerosene production cost under the variation of four economic pa-
rameters. The solid lines represent the kerosene allocation (KPCk), and the dashed lines
show the total fuel allocation (KPCtr). The influence of the economic parameters analyzed
here on the MeOH pathway is slightly more significant, as the fixed capital investments
are higher. However, within the expected parameter ranges, the MeOH pathway always
enables lower kerosene production costs when no by-product revenues are assumed
(KPCx), while the FT pathway allows for lower kerosene production costs when all fuel
fractions are assumed to have the same value (KPCrr).

Weighted average cost of capital. Within the FT pathway, the KPCx varies from 5,020 to
5,320 €/t (RC: 5,070 €/t; -1 %, +5 %). The KPCrr varies between 3,590 and 3,800 €/t (RC:
3,630€/t; -1 %, +5 %). KPCx in the MeOH pathway varies from 4,600 to 4,970 €/t (RC:
4,660 €/t; -1 %, +7 %), and KPCrr changes between 4,190 and 4,520 €/t (RC: 4,240 €/t;
-1% +7 %). The weighted average cost of capital depends on plant location and numer-
ous further factors. However, the WACC has a minor impact on kerosene production costs
since annual capital costs only contribute a small fraction of overall costs. This parameter
is typically much more important for very capital-intensive production processes (e.g.,
electricity generation, water-electrolyzer).

Depreciation period. Within the FT pathway, the KPCx varies from 5,030 to 5,470 €/t
(RC: 5,070 €/t; -1 %, +8 %), and the KPCrr ranges from 3,590 to 3,910 €/t (RC: 3,630 €/t;
-1%, +8 %). Again, the MeOH pathway is slightly more affected, with KPCx between 4,600
and 5,170 €/t (RC: 4,660 €/t; -1 %, +11 %) and KPCrr varying from 4,190 to 4,700 €/t
(RC: 4,240 €/t; -1 %, +11 %). The length of the period assumed for investment deprecia-
tion has a non-linear influence on the kerosene production costs. Considerable cost in-
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creases particularly occur for amortization periods of less than ten years. For amortiza-
tion periods longer than ten years, the effect is limited due to the relatively small share of
annual capital cost within the kerosene production cost.
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Figure 5-11: Kerosene production costs under economic parameter variation (FT: Fischer-Tropsch
pathway, MeOH: Methanol pathway, K: Kerosene allocation, TF: Total fuel allocation, RC:
Reference case, WACC: Weighted average cost of capital, FCI: Fixed capital investment).

Annual capital cost. The major equipment estimate method used for fixed capital invest-
ment calculation, by definition, has an accuracy of -30/+50 %, which is reflected here us-
ing the fixed capital investment (FCI) deviation factor. The kerosene production costs
change linearly and relatively flat. Within the FT pathway, KPCxk increase from 4,970 to
5,240 €/t (RC: 5,070 €/t; -2 %, +3 %), and the KPCtr increase from 3,560 to 3,750 €/t (RC:
3,630 €/t; -2 %, +3 %). Due to the higher fixed capital investment required for the MeOH
pathway, KPCk and KPCtr change slightly stronger from 4,540 to 4,870 €/t (RC: 4,660 €/t;
-3%, +5 %) and 4,120 to 4,430 €/t (RC: 4,240 €/t; -3 %, +5 %) respectively.

Capacity utilization. Capacity utilization is decisive for the amount of product produced
to which all fixed costs are related. Accordingly, the impact on kerosene production cost
is non-linear and increases in particular at low utilizations. Within the FT pathway, KPCk
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and KPCrr can be decreased to 4,970 and 3,560 €/t (-2 % of RC) when nominal load pro-
duction can be achieved over the entire year. However, the Hz supply from fluctuating
power-based electrolysis might only be made available constantly at much higher prices,
making lower capacity utilization economically favorable at certain times. A lower utili-
zation at constant feedstock prices can increase the KPCx and KPCtr up to 5,410 €/t and
3,870 €/t (+7 %). The same applies to the MeOH pathway, where KPCk varies from 4,540
to 5,090 €/t (RC: 4,660 €/t; -3 %, +9 %), and KPCtr varies from 4,120 to 4,630 €/t (RC:
4,240€/t; -3 % +9 %).

The influences of feedstock prices are depicted in Figure 5-12.
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Figure 5-12: Kerosene production cost under feedstock price and nominal production capacity vari-
ation (FT: Fischer-Tropsch pathway, MeOH: Methanol pathway, K: Kerosene allocation,
TF: Total fuel allocation, RC: Reference case).

H: price. Within the assumed H2 price range, KPCx and KPCtr vary between + 24 % (FT)
and £ 25 % (MeOH) of the reference case cost. For the FT pathway, the KPCk ranges from

3,830 to 6,310 €/t and the KPCrr from 2,740 to 4,510 €/t. Within the MeOH pathway, the
cost ranges from 3,510 to 5,810 €/t and 3,190 to 5,290 €/t, respectively. Power-based Hz
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production is expensive due to the high electricity demand and the high capital invest-
ments for the electrolyzer. Furthermore, a significant amount of Hz is required since it is
the main energetic input within the analyzed process pathways. Accordingly, the Hz price
has a high impact on the KPC.

CO2 price. Even if the specific prices of Hz are significantly higher than those of COz, the
CO2 price equally influences the kerosene production costs. This is due, on the one hand,
to the (mass-related) higher demand for CO2 and, on the other hand, to the potentially
vast price range depending on the supply option and the market development. Possible
cost reductions, for example, if pure COz2 is produced as a waste product without alterna-
tive use (0 €/tcoz), can lead to reduced costs of 13 % compared to the reference cases. In
contrast, CO2 prices that refer to the provision costs via DAC, currently lying around
1,000 €/tco2, increase the kerosene production cost by 74 % (FT) and 75 % (MeOH) com-
pared to the reference case. The KPCx in the FT pathway ranges from 4,410 to 8,830 €/t.
The KPCrr increases from 3,150 to 6,320 €/t. Within the MeOH pathway, KPCx and KPCrr
vary from 4,040 to 8,160 €/t and 3,680 to 7,420 €/t, respectively.

Electricity price. The influence of electricity prices affects both pathways in very differ-
ent ways. While MeOH-based production requires almost no external electricity and is
therefore widely independent from the electricity price, the variation carried out here re-
sults in changes between -2 and +8 % (KPCx 4,960 to 5,470 €/t; KPCrr 3,550 to 3,910 €/t)
in the FT pathway. At an electricity price of around 330 €/MWh and higher, the MeOH
pathway would be cheaper even if the costs are allocated to total fuel product (KPCtr).
However, such high electricity prices seem unlikely for industrial customers.

Nominal plant capacity. The nominal plant capacity variation depicts the effects of scale
on the kerosene production cost. A strong effect of the realized plant sizes can be seen
between 10 and 50 ktrr/a. Decreasing equipment size and thus increasing specific equip-
ment costs lead to a significant rise in the share of annual capital costs, particularly for
plant capacities below 30 ktrr/a. In contrast, between 100 and 200 ktrr/a, further cost
reductions are minimal, among others, as some components reach standard industrial
equipment’s capacity limits. While in both production cases, only minor cost reductions
can be expected through further upscaling (based on the cost method used here, 3 % (FT)
to 2% (MeOH)), the costs for very small-scale systems can lead to production cost in-
creases clearly above 30 % compared to the reference case.

5.4.4 Summary and discussion

The different influences from parameter variation on the kerosene production costs are
depicted in Figure 5-13. The left diagram depicts the kerosene production costs excluding
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by-product revenues (KPCx), while the right diagram presents the costs derived by total
fuel allocation (KPCtr). Depending on the allocation method/by-product value and the as-
sumed parameters, the kerosene production costs are predominantly between 3,500 and
5,500 €/t. The figure shows that Hz and COz2 prices determine kerosene production costs
significantly within both pathways; thus, price changes lead to high cost variations. In par-
ticular, CO2 prices equivalent to the current supply costs via direct air capture can nearly
double kerosene production costs compared to applying CO2 supply cost from point
sources. The plant’s production capacity also significantly affects kerosene production
costs within 10 to 50 ktrr/a range. Here, economies of scale effects result in a significant
cost increase for small-scale production facilities.

] FT
QL
@ FT —
T2
a MeOH .
-E' g FT
o © MeOH
gg o
O ®
~ a MeOH o
438 FT [
O =
0 g MeOH i
g . FT O
TS
o MeOH E_
8 FT [~ im [L
S MeOH -
S8 FT O Omm
@ .2
w s MeOH
5 FT
& MeOH om om

3,000 4,000 5,000 6,000 7,000 8,000 2,000 3,000 4,000 5,000 6,000 7,000 8,000
KPCy [€/t] KPCq: [€lt]

Figure 5-13: Comparison of parameter variation impacts on kerosene production cost (FT: Fischer-
Tropsch pathway; MeOH: Methanol pathway; KPCk: Kerosene production cost based on
kerosene allocation; KPCr: Kerosene production cost based on total fuel allocation;
Tech. para.: Technical parameter; WACC: Weighted average cost of capital; Dep.: Depre-
ciation; FCI: Fixed capital investment, Cap. uti.: Capacity utilization; Elec.: Electricity;
Prod. cap.: Production capacity).

Technical parameter variations considerably influence the kerosene production cost of
both pathways when no by-product revenue is considered (KPCx). However, when naph-
tha, kerosene, and diesel are of equal value (total fuel cost allocation, KPCtr), only the
MeOH pathway is affected by technical parameter variation. The economic parameters
varied (depreciation period, weighted average cost of capital, fixed capital investment, ca-
pacity utilization) show a lower effect on kerosene production cost, with the MeOH path-
way being slightly more sensitive due to its higher plant costs. The electricity price only
affects the FT pathway since the MeOH pathway has hardly any external electricity de-
mand. However, lower KPCtr only result for the MeOH pathway when applying very high
electricity prices of 330 €/MWh and more.
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Concerning the technical parameters, the MeOH pathway shows more significant uncer-
tainties than the FT pathway. Based on the utilization of fossil syngas, the FT pathway is
commercially used for the synthetic production of various fuels and has been extensively
studied and described in the literature [58, 86,87, 136, 150, 157]. The chain growth prob-
ability and hydrocracking intensity can be adjusted through appropriate catalysts and
process conditions, making a further maximization of the kerosene fraction (as shown in
the parameter variation) feasible. In contrast, there is significantly less data available in
the literature for methanol-based kerosene production, while various process concepts
are proposed, particularly regarding the combination of dehydration and oligomerization
[138, 183, 198]. As a result, the modeling is based on a much smaller data set compared
to the FT pathway, leading to greater uncertainties. Therefore, the results from the pa-
rameter variation rather represent an uncertainty range surrounding the reference case.

Further uncertainties exist about calculating plant costs (fixed capital investment) using
the module costing technique. Although this method has relatively high accuracy
(-30/+50 %), corresponding functions are not available in the literature for all types of
equipment and process conditions, which can result in larger deviations. The limited va-
lidity range of the functions severely restricts a statement beyond the varied size range.
Even if the cost reduction slowly flattens out between capacities of 100 and 200 ktrr/a,
further cost reductions can potentially occur in larger-scale projects, even if this cannot
be evaluated with the cost functions used here [86]. Since many of the fixed operational
expenditures are calculated on the basis of fixed capital investments, such uncertainties
also apply to parts of these costs.

5.5 Conclusion

The successful market integration of power-based aviation fuels necessitates a thorough
understanding of the cost structure and the key factors influencing kerosene production
costs. This study presents a comprehensive cost analysis of kerosene production from
power-based syngas, comparing two different plant concepts, one using the Fischer-Trop-
sch synthesis and hydrotreatment, the other applying direct methanol synthesis with
downstream dehydration and oligomerization. Two cost allocation methods are applied
to address uncertainties associated with unpredictable by-product revenues. Allocating
costs solely to the kerosene fraction, without considering by-product revenues, estab-
lishes the upper cost limit (KPCk), while allocating costs across the total fuel fraction, re-
sulting in equal production costs for all fuel products, defines the lower cost boundary
(KPCtr). Novel findings result from the detailed comparison of the process pathways
based on the same framework conditions and extensive parameter variation.

The main conclusions that can be drawn with regard to the analyzed process concepts in
the reference case can be summarized as follows:
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e Applying the above-mentioned cost allocations reveals a significantly lower impact of
achievable naphtha and diesel revenues on the kerosene production cost in the MeOH
pathway due to its high kerosene selectivity. In contrast, kerosene production costs in
the FT pathway are more sensitive to variations in by-product revenues, ranging from
3,630 to 5,070 €/t, while in the MeOH pathway, by-product price-related cost changes
range from 4,240 to 4,660 €/t.

e Due to its high material efficiency, the FT pathway becomes advantageous compared
to the MeOH pathway already at by-product revenues equivalent to 30 % (1,370 €/t)
of the associated kerosene production costs (4,530 €/t); i.e., kerosene must be 3.3
times more valuable than naphtha and diesel to result in lower kerosene production
costs for the MeOH pathway.

Analyzing the parameter variations yields the following results for the plant concepts in-
vestigated here:

e Variations in technical parameters have a more significant impact on the MeOH path-
way than on the FT pathway. Both, a more limited availability of process modeling
data and a greater sensitivity to the varied parameters cause a higher uncertainty for
the MeOH pathway; the KPCk range from -12 to +22 %, and the KPCrr from -8 to
+10 %. Within the FT pathway, KPCk and KPCrr vary only by -8 to +13 % and 0 to +1 %,
respectively.

e In general, KPCs strongly correlate with technical efficiencies, with changes in plant
investment (e.g., due to larger equipment dimensions) having only a minor effect on
overall costs.

e The Hz and CO:z prices have the most significant influence on kerosene production
costs. Lowering the costs of Hz production can reduce kerosene production costs by
up to 25 % (within the expected Hz price range). CO2 price, especially in the range of
current DAC costs, can increase kerosene production costs by up to 75 % compared to
price levels referring to point source carbon capture costs.

Since a broad data basis is already available for modeling the industrially established FT
pathway and the higher-level process parameters (chain growth probability, hydrocrack-
ing intensity) are largely adjustable, the parameter variation results can be considered as
a feasible optimization range. The MeOH pathway has significantly greater uncertainties
due to the lack of industrial validation and the smaller data basis. Therefore, the results
from the parameter variation primarily represent the uncertainties rather than the prac-
tically achievable optimization range.

In conclusion, based on the analyzed kerosene production costs, which primarily range
between 3,500 and 5,500 €/t, power-based aviation fuels are expected to be significantly
more expensive than most biomass-based kerosene alternatives. The primary cost drivers
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are found upstream of the synthesis process, i.e., H2 production and potentially CO2 sup-
ply. Thus, the efficiency of feedstock utilization becomes even more important. This sug-
gests that extensive measures to enhance feedstock conversion efficiency could be eco-
nomically viable despite increasing plant complexity. Therefore, further studies are
needed to develop and optimize concepts with maximized feedstock utilization and kero-

sene yield.



6 Synthesis and limitations of results

Based on the previously presented results, the objective of this chapter is to compile and
discuss the broader findings from the detailed results shown in Chapters 3, 4, and 5 to
address and answer the research questions outlined in Chapter 2.

Section 6.1 addresses research question 1, exploring how electrical energy can be utilized
to efficiently use non-fossil carbon in “green” fuel production. Section 6.2 focuses on re-
search question 2, highlighting the key differences between the Fischer-Tropsch (FT) and
methanol (MeOH) pathways for power-based kerosene production. Research question 3
is covered in Section 6.3, emphasizing the techno-economic parameters that determine
the efficiency and costs of producing kerosene or methanol as a potential intermediate
product in kerosene production from electrical energy. Finally, Section 6.4 tackles the lim-
itations in the accuracy and applicability of the analysis findings.

6.1 Electricity utilization for carbon-efficient fuel production

This section addresses the question of how, and with what implications, electrical energy
can enhance the efficient utilization of non-fossil carbon within “green” fuel production
approaches. To this end, hybrid and purely power-based production approaches are qual-
itatively compared with purely biomass-based production in terms of carbon efficiency,
electricity demand, and production costs (Figure 6-1). Key insights are synthesized from
Chapters 3 and 4.

The production approaches compared in Figure 6-1 are classified as introduced in Section
1.2. If the energy contained in the final product - specifically kerosene or methanol in the
context of this thesis - is derived entirely from “green” electricity provided by renewable,
non-biogenic sources of energy, and only non-energetic material feedstocks (H20 and
COz2) are utilized, the process is classified as a purely power-based production approach
(power-to-liquid; PtL). If the fuel product is derived from biogenic energy and electricity
is used solely to run the process (e.g., compression, pumping) without being incorporated
into the chemical energy of the fuel product, the process is referred to as biomass-to-lig-
uid (BtL). A combination of both approaches, where one part of the energy contained in
the product originates from organic matter and the other from “green” electrical energy,
is referred to as hybrid production (power- and biomass-to-liquid; PBtL). The results vis-
ualized in Figure 6-1 are discussed in the following sections.
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Figure 6-1:  Qualitative assessment of biomass-based, hybrid, and power-based fuel production
(BtL: Biomass-to-liquid, PBtL: Power- and biomass-to-liquid, PtL: Power-to-liquid).

6.1.1 Carbon efficiency

The carbon efficiency describes the proportion of carbon contained within the feedstock
(e.g., in the form of CO2, within the organic matter) that is chemically bound within the
final fuel product. In purely biomass-based fuel production concepts, a portion of the car-
bon must be discharged from the overall process because the carbon-to-hydrogen ratio
in biomass is lower compared to the final fuel product. This excess carbon is typically dis-
charged in the form of CO2 and released into the atmosphere, which is the final sink. In
biomass utilizing synthesis-based production pathways, the necessary addition of oxidiz-
ing agents (typically Oz, H20, or CO2) for thermochemical gasification or reforming results
in an increased H2 demand, which has to be compensated within the syngas conditioning
step (water-gas shift and CO2 separation) resulting in additional carbon losses in the form
of COz. Thus, purely biomass-based fuel production is strongly limited regarding the
achievable carbon efficiency. Through carbon-free Hz production, as enabled by water-
electrolysis using electrical energy, the Hz deficit within the syngas can be balanced,
avoiding carbon losses during syngas production and conditioning. Doing so, either sepa-
rated surplus (and otherwise unused) CO2 can be utilized in power-based fuel production
(PtL), or unconditioned syngas (CO and Hz) can be conditioned by Hz addition (PBtL) and
further processed within the same downstream synthesis process. Therefore, by adding
electrical energy in the form of Hz to such conversion pathways, a complete carbon utili-
zation (carbon efficiency of 100 %) can be achieved in theory within the PBtL and PtL
approach. However, the increase in carbon efficiency is directly linked to the amount of
H2 added to such a PBtL process, allowing for a largely arbitrary adjustment of the carbon
efficiency between that of BtL processes and theoretical full carbon utilization.

The results of the in-depth analysis described in Chapter 3 show that for the case of con-
verting biogas to methanol (a fuel and a potential intermediate for kerosene production),
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the addition of power-based Hz increases the carbon efficiency of purely biogas-based
production, ranging from ca. 58 to 73 %, to over 93 %. Depending on the reforming tech-
nology employed, the carbon utilization could be increased by 28 % (bi-reforming config-
uration: BiRef) or by 67 % (tri-reforming configuration: TriRef). The higher the carbon-
to-hydrogen ratio within the feedstock (i.e., the lower the CH4 to CO2 ratio in the biogas),
the greater the potential of the hybrid production approach to increase the carbon effi-
ciency compared to purely biogas-based production. Within the analyzed hybrid produc-
tion concepts designed to maximize the carbon use efficiency, carbon losses occur almost
exclusively through the removal of purge gases (i.e., a certain share of the gas needs to be
removed from the process to prevent an accumulation of inert gases). These losses de-
pend, among other things, on the maximum permitted inert gas concentration within the
synthesis loop, the biogas composition, and the per-pass conversion of the reforming
technology used.

The purely power-based production of methanol (Chapter 4) achieves a carbon efficiency
of over 97 %, excluding potential carbon capture losses (typical carbon capture rates ex-
ceed 90 %). Comparable to the hybrid production approach, carbon losses within the
power-based production process primarily result from removing purge gases. The re-
quired amount of gas to be removed from the overall process is mainly determined by the
purity of the feedstock (here: CO2 and H2) and the acceptable/allowed concentrations of
inert gases within the synthesis loop. While the direct synthesis from COz achieves a lower
per-pass conversion rate than the conventional CO-based synthesis used within the hy-
brid production approach, this may lead to increased syngas losses via purge gas removal.
However, since less inert gases can generally be expected in the power-based syngas com-
pared to syngas derived by biogas reforming (N2 and unconverted CHa4), the overall purge
gas demand in power-based production is typically lower, offsetting the syngas losses
caused by the lower per-pass conversion.

Summarizing the results of the carbon efficiency investigation, the simulation-based anal-
yses of the hybrid and purely power-based production approaches confirm the great po-
tential of using electrical energy to maximize the utilization of non-fossil carbon. The car-
bon bound within the feedstock can almost completely be transferred into the desired fuel
product. The achievable increase in carbon utilization compared to purely biomass-based
fuel production depends mainly on the biogenic feedstock used as well as the syngas pro-
duction technology utilized.

The carbon efficiency of any subsequent processing into kerosene depends on the selec-
tivity of the following conversion steps (Section 6.2) and does not differ whether the
methanol stream originates from biomass, power, or fossil resources.
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6.1.2 Electricity demand

In hybrid and purely power-based production approaches, electrical energy is primarily
integrated into the targeted product by adding Hz produced via electrolysis of water. This
H2 is needed to achieve the required syngas ratio (stoichiometric number, Eq. 3-6). The
total carbon and part of the required Hz within the hybrid production approach originate,
in this case, from the employed biomass. The carbon contained within the organic matter
is typically not fully oxidized during syngas production; instead, for efficiency reasons, it
is intended that the carbon remains predominantly in a reduced and not in a fully oxidized
form (i.e., the form of CO instead of COz). Thus, compared to purely power-based produc-
tion, where exclusively COz2 is utilized, and the entire Hz originates from electrolysis (wa-
ter splitting), the additional H2 demand - and so the electricity demand - for hybrid pro-
duction is significantly lower.

In contrast, the purely power-based production approach requires the entire energy con-
tent of the product, along with the occurring conversion losses, to be provided in the form
of electrical energy. For exclusively biomass-based production, electricity demand is pri-
marily limited to the provision of energy to operate the respective process components
(i.e.,, compressors, pumps), accounting for a comparatively small portion of the total en-
ergy requirements.

The analysis of a hybrid production using biogas and electrical energy to produce metha-
nol (Chapter 3) shows that the electricity demand of such a concept is influenced not only
by the hydrogen deficit of the biogas (CH4 to CO2 ratio) but also significantly by the chosen
process configuration. In addition to supplying power-based Hz, electrical energy can also
be converted into chemical energy by providing heat for endothermic reactions. In the
process configuration using electrically heated bi-reforming (BiRef), roughly as much en-
ergy is required for biogas reforming as for Hz production via electrolysis. Even with 50 %
of this energy supplied through internal heat integration, around 12 % of the input energy
is used for heating the respective reforming process. Conversely, in the process configu-
ration with autothermal tri-reforming (TriRef), there is no external energy demand for
heating. However, ca. 44 % of the total input energy is needed for H2 production (com-
pared to only 25 % in the BiRef configuration).

Regarding electricity demand and overall energy efficiency, the analysis reveals that
highly efficient electrical heating is energetically advantageous compared to using addi-
tional exothermic oxidation reactions for heat generation. The latter approach increases
the H2 deficit, necessitating more Hz from the energy-intensive electrolysis process. Nev-
ertheless, adding an oxidizing agent (02) in the tri-reforming improves methane conver-
sion and reduces downstream purge gas requirements. This slightly increases the carbon
efficiency of the TriRef configuration compared to the BiRef configuration. However, this
advantage does not fully offset the energy benefits of electrical heating. Thus, with an en-
ergy efficiency of 74 %unv, the BiRef configuration is more energy efficient than the TriRef
configuration (69 %unv).
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The purely power-based production approach analyzed in Chapter 4 shows an energetic
efficiency of 63 %unv13. If CO2 provision is excluded, more than 92 % of the input energy
occurs as Hz, corresponding to an electricity input for electrolysis of 96 %. Additional elec-
tricity demands arise for syngas compression and, depending on the heat integration con-
cept, for heating the methanol-water separation. Compared to the CO-based synthesis
used in the hybrid process, the CO2-converting methanol synthesis is less exothermic and
produces more water, increasing the separation effort.

To summarize, the electricity demand in hybrid process concepts can vary significantly
depending on the feedstock and the technologies used. Within the analyzed concepts, the
electricity demands range from 0.55kWhe/kWhuny (BiRef configuration) to
0.70 kWhel/kWhunv (TriRef configuration). Purely power-based production is associated
with the highest electricity demand, being almost entirely utilized for Hz2 production from
water. Within the analyzed PtM concept, an electricity demand of 1.58 kWhei/kWhnnv was
determined. The electricity required in purely biomass-based production is usually sig-
nificantly lower than in PtM and PBtM processes. Since additional electricity is required
for Hz production in PBtM concepts, the electricity demand is necessarily higher than that
of the corresponding BtM concept. However, it will most likely remain lower compared to
PtM concepts due to the lower H2 demand for syngas conditioning.

6.1.3 Production costs

Available studies indicate that power-based fuel production is more expensive than bio-
mass-based fuel production [46-49, 83, 176, 177]. This fact is primarily because biomass
or biomass-based conversion products (e.g., biogas, ethanol, product gas from gasifica-
tion) are typically a clearly cheaper feedstock compared to H2 from water-electrolysis
based on “green” electricity. Accordingly, the production costs of hybrid production ap-
proaches are expected to fall between those of purely biomass-based and purely power-
based production.

However, the cost analysis results (Chapter 3) reveal that in decentralized, small-scale
production concepts, where the producible fuel quantity (and thus the designed nominal
plant capacity) is limited by the locally available (biogenic) feedstock, methanol produc-
tion costs from hybrid processes might match those of purely biomass-based production.
Here, the cost-intensive production of Hz - while significantly reducing specific biogas
costs - increases the overall feedstock cost share of the total production costs. Neverthe-
less, within such small-scale production concepts, limited by the locally available amount
of biogenic feedstock, the significant increase in production capacity by adding “green”
electricity-based Hz may enable lower specific plant costs due to economies of scale, re-

13 Assuming electrolysis efficiency of 67 %.uv like in hybrid production (Chapter 3); carbon capture not in-
cluded.
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sulting in reduced annual capital costs. Additional cost reductions are achieved as mainte-
nance and labor expenses are distributed across a larger production volume, leading to a
significant decline in these costs compared to purely biogas-based production. Thus,
within the analyzed small-scale process concept (Chapter 3), methanol production costs
from purely biogas-based and hybrid production are both around 1,300 €2022/t.

Nevertheless, the capacity-related advantages of this small-scale application can only be
transferred to larger production concepts to a limited extent and only if the availability of
biogenic feedstock constitutes the primary limiting design factor. As production capacity
increases, the impact of economies of scale, as well as the relative share of maintenance
and labor costs decrease. Consequently, higher production costs for hybrid production
concepts compared to purely biomass-based approaches are to be expected at larger
scales.

The hybrid process configurations analyzed in Chapter 3 utilize continuously available
grid power for process energy (including heating) and volatile electricity from photovol-
taic systems and wind turbines for H2 production. Here, a comparison of the two assessed
configurations in terms of methanol production costs shows that the BiRef concept (re-
forming via electrically heated bi-reforming) is advantageous when grid power prices are
relatively low, and H2 production based on photovoltaic and wind power is relatively
costly. In contrast, the TriRef configuration (autothermal reforming through 02 addition)
remains largely unaffected by grid power prices but benefits from low H2 production
costs.

Purely power-based production is characterized by the highest production costs of the
considered production approaches (i.e., BtL, PBtL, and PtL). This is primarily due to the
higher H2 demand of PtL and the associated high production costs of “green” electricity-
based Hz. Additionally, within the biogas-limited small-scale concept analyzed in Chapter
3, the production costs of PtL are further increased by the lower production capacity, ex-
clusively utilizing surplus CO2 from the local biomethane plant as carbon input. Here,
methanol production costs of around 2,100 €2022/t - i.e., ca. 60 % higher than those of the
other production approaches - result from purely power-based production. Again, the
lower production capacity increases the specific investment (economies of scale) and op-
erating costs. Even though these capacity-related effects no longer apply in large-scale PtL
production concepts, the costs of purely electricity-based methanol production remain
high due to the significant demand for Hz produced through energy- and capital-intensive
water electrolysis.

In accordance with existing literature, the analyses conducted here show higher costs of
power-based fuel production compared to biomass-based production. In general, it is ex-
pected that the costs of hybrid fuel production will fall between BtL and PtL costs. How-
ever, where the feasible production capacity is limited by the locally available amount of
biogenic feedstock, hybrid production enables larger production capacities due to the
higher utilization of the overall available biogenic carbon (here: CH4 and CO2 contained
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within the biogas). In such cases, hybrid production enables capacity-related cost savings,
potentially offsetting the additional Hz production costs within selected system configu-
rations.

6.2 Comparison of the Fischer-Tropsch and methanol pathway

This section addresses research question 2 by highlighting the main differences between
the FT and MeOH pathway for power-based kerosene production concerning technical,
systemic, and economic aspects. These aspects are qualitatively compared in Table 6-1.
The results described below are based on the extensive technical analysis (Chapter 4) and
the detailed cost analysis (Chapter 5), focusing on carbon efficiency, energy efficiency, and
kerosene production cost. The systemic aspects can be derived from the designed process
pathways and discussed qualitatively based on the previously presented results.

Table 6-1: Qualitative comparison of the Fischer-Tropsch and methanol pathway (FT: Fischer-
Tropsch, MeOH: Methanol).

FT MeOH
Total fuel ++ +
Carbon
I efficienc
_§ ‘3 y Kerosene o +
S o
S &
O« Total fuel + o
= Energy
efficienc
y Kerosene o) ++
Process + +
Maturity
Fuel + o
2 »
g0
82 Feedstock ++ +
» &
»®
Flexibility Products + ++
Logistics 0 T+
=
£ ‘3 Total fuel - __
2 2 | Production costs
E e Kerosene - -
Negative Neutral Positive
—— - 0 + ++




118 6 - Synthesis and limitations of results

6.2.1 Technical aspects

The FT and the MeOH pathway are compared in terms of technical aspects in the following
section.

Carbon efficiency. In the power-based kerosene production pathways, CO2z serves as the
sole carbon input/source. Within the process concepts analyzed in Chapters 4 and 514, the
following efficiencies are derived.

e Total fuel-related efficiency. Within the FT pathway, COz2 can be nearly entirely con-
verted into fuel components, achieving a carbon efficiency of 98 to 99 % related to the
total fuel production (i.e., naphtha, kerosene, and diesel) in the reference case and un-
der the variation of technical parameters. Losses occur exclusively through purge gas
venting within the synthesis loop. The MeOH pathway achieves a total fuel carbon ef-
ficiency of 83 to 85 % in the reference case, with values ranging from 74 to 92 % under
technical parameter variations. Losses primarily arise from purge gas in the oligomer-
ization loop, mainly caused by the accumulation of light alkanes that cannot be recy-
cled due to the lack of a reforming option. Additionally, small amounts of wax compo-
nents are generated, which cannot be utilized due to the absence of a hydrocracker in
the defined process concept. These material streams are burned with purge gases
from the methanol synthesis for heat generation, which represents a carbon loss due
to the assumed release of flue gas into the atmosphere.

e Kerosene-related efficiency. The carbon efficiency considering only the kerosene frac-
tion is 70 to 72 % within the FT pathway’s reference case, varying between 61 and
78 % under parameter variations. The main by-product is naphtha, which is produced
as a straight-run product from the synthesis and during the subsequent hydrocracking
step. Within the MeOH pathway, a kerosene carbon efficiency of 76 % can be achieved
in the reference case, with values varying between 60 and 90 % under parameter var-
iations.

The FT pathway achieves an almost complete carbon utilization based on the process con-
figurations analyzed here. This is enabled by the subprocesses hydrocracking and reverse
water-gas shift (RWGS) converting product fractions outside the fuel range either directly
into suitable fuel components or reform them into syngas easily to be recycled. Such tech-
nologies are not available within the analyzed MeOH pathway, requiring some intermedi-
ate and by-products to be removed from the overall process, resulting in carbon and hy-
drogen losses. In terms of pure kerosene production, the MeOH pathway enables a more
selective production of kerosene due to the longer monomers and the ability to directly

14 The carbon efficiencies between the analyses carried out in Chapter 4 and 5 slightly differ, as the process
concepts and some modeling approaches differ slightly. The value ranges given represent the total range
from both analyses.
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recycle shorter olefins during oligomerization. In contrast, the FT synthesis allows the re-
cycling of light fuel fractions only after prior reforming. Consequently, the synthesized
chains must be fully cracked before chain growth can restart.

Energy efficiency. Since the Hz feed within both pathways analyzed in Chapters 4 and 515
accounts for the highest energy input (> 87 %), energy efficiency is closely linked to ma-
terial (carbon and hydrogen) efficiency rather than process energy demands. Conse-
quently, due to minor losses of carbon and hydrogen, the FT pathway shows a higher total
fuel energy efficiency of 67 %unv within the reference case and 63 to 70 %unv under pa-
rameter variation. Within the analyzed MeOH pathway, total fuel energy efficiency ranges
from 62 to 64 %unv in the reference case and 54 to 68 %unv under parameter variation.
However, the MeOH pathway shows a higher kerosene energy efficiency of 55 to 58 %unv
(44 to 66 %unv under parameter variation) against 48 to 49 %unv within the FT pathway
(38 to 54 %unv under parameter variation). Additionally, the MeOH pathway offers ther-
modynamic advantages since no high-temperature heat is required. In the FT pathway,
the RWGS reaction necessitates significant energy input being subsequently released at a
lower temperature level within the FT synthesis. The energy requirements of the RWGS
are also increased by the reforming of recycled gases and measures to avoid metal dusting
(i.e., the addition of steam and limited heat integration). A CO2-based methanol synthesis
ensures that the entire methanol pathway consists of exothermic processes and mini-
mizes losses from a chemical reaction perspective.

Both process pathways can be considered relatively efficient when compared to the ther-
modynamic maximum. However, significant losses occur when considering the necessary
upstream efforts for water electrolysis and CO2 capture, which can reduce efficiency by
up to 25 %pt (Section 4.2.3.2).

6.2.2 Systemic aspects

Process and fuel maturity. Figure 6-2 illustrates the maturity of Fischer-Tropsch- and
methanol-based kerosene production regarding process and fuel readiness. The path-
ways differ significantly in their conversion reactions and, thus, in the utilized process
technologies. Both pathways mainly rely on well-established, commercially used pro-
cesses/process steps. However, an exception is the process step of the reverse water-gas
shift (RWGS) reaction needed within the FT pathway. This process step reduces CO2 to CO
and is not required in fossil and biomass fuel-based syngas production, where CO-rich
syngas results from partial oxidation of the hydrocarbons used as feedstock. Therefore,
there is not yet a known commercial application of this technology. During recent years,
initial pilot-scale implementations of this technology have been developed within the con-
text of power-to-x (PtX) projects, resulting in an increase of the technology readiness

15 The energy efficiencies between the analyses carried out in Chapter 4 and 5 slightly differ, as the process
concepts, some modeling approaches and the energy integration concepts are slightly different. The value
ranges given represent the total range from both analyses.
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levell® (TRL) to be now between 5 and 7; i.e., this technology is not yet fully market ma-
ture. In contrast, the FT synthesis and the subsequent downstream hydrotreatment steps
are fully technologically mature, with a TRL of up to 11. As such, the overall TRL of the FT
pathway is currently rated mainly between 6 and 7, determined by the RWGS reaction
step and, thus, the lack of a commercial demonstration of the overall process chain.

The direct COz-converting methanol synthesis used in the MeOH pathway has been
demonstrated multiple times on an industrial-relevant scale and has even seen limited
commercial application (TRL 8 to 9). The necessary downstream conversion processes,
including dehydration, oligomerization, and hydrogenation, are fully mature for specific
applications (up to TRL 11). However, dehydration and oligomerization have not yet been
optimized and integrated for fuel products fulfilling the kerosene specification based on
the currently valid standards. So far, the dehydration process is predominantly used to
produce short-chain olefins such as ethene and propene. However, it can also target Cs4 to
Ce olefins. Common oligomerization technologies are mainly used to link pure olefin mon-
omers to gasoline components or specific chemical compounds (e.g., fine chemicals) used
within the chemical industry (i.e., as a raw material). Thus, the oligomerization of olefin
mixtures for kerosene production lacks commercial demonstration. Due to the pending
demonstration of overall concepts enabling standard-conform kerosene production by
combining these individually mature process steps, the overall TRL of the MeOH pathway
is currently rated between 5 and 7.
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Figure 6-2:  Technology (TRL) and fuel readiness level (FRL) of the Fischer-Tropsch (FT) and meth-
anol (MeOH) pathway (color gradient indicates degree of maturity; 1'TRL scale accord-
ing to IEA ETP Clean Energy Technology Guide [201], 2 direct, COz-converting methanol
synthesis).

16 The technology readiness level is a scale from 1 to 9 (expanded to 11 by the IEA) used to classify the
development stage of processes and technologies (also see [199-201]).
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From a Fuel Readiness Levell” (FRL) perspective, the FT pathway currently has an ad-
vantage, as ASTM certification has already been achieved (FRL 7 to 8). For the MeOH path-
way, ASTM approval (FRL 6) is still pending. However, several technology providers are
currently undergoing the necessary certification process under ASTM D4054, and ap-
proval is expected within the next few years [203].

Feedstock flexibility refers to the range of energy and material feedstocks that can be
utilized. The power-based production of kerosene-type SAF relies on electricity as the pri-
mary energy feedstock, while H20 and CO2 serve as non-energy material feedstocks.
Through electrolysis, Hz is produced from water and combined with CO2 to produce
power-based syngas. This syngas mixture acts as the feedstock for subsequent synthesis
and conversion processes, ultimately yielding synthetic kerosene via either the FT path-
way or the MeOH pathway. Since both pathways utilize syngas as the basic material, they
can, in principle, also be adapted for biomass-based or hybrid production processes.
Therefore, concerning technically feasible feedstocks, both conversion pathways are
characterized by a high flexibility.

Product flexibility refers to the capability to adjust production in response to market
changes. During times of high sustainable aviation fuel (SAF) demands, selectivity for ker-
osene as the target product is crucial. However, in times of lower SAF demand (e.g., during
a pandemic) and thus lower market revenues, the flexibility to produce alternative end
products within the kerosene production plant can offer significant advantages.

Kerosene-optimized production concepts based on the FT pathway primarily allow ad-
justments in the share of fuel fractions produced and the production of additional by-
products, such as waxes (e.g., for lubricant manufacturing). These adjustments can be
achieved by modifying the operating conditions of the FT synthesis (e.g., temperature,
pressure, residence time) within the allowable operating window and/or by redistrib-
uting downstream material streams (e.g., directing more or fewer components to hy-
drocracking).

In the MeOH pathway, methanol synthesis occurs as the first step, yielding pure methanol
as an intermediate. With a current global demand of over 100 Mt/a, methanol is one of
the most widely produced primary or base chemicals. Furthermore, “green” methanol is
expected to be increasingly used within the maritime sector as an alternative fuel. The
subsequent conversion to olefins, the first step in the methanol-to-kerosene process
chain, is already well-established, with more than 30 Mt/a used for ethene and propene
production. Thus, if the demand for kerosene decreases, the MeOH pathway can switch to
marketing the intermediate products methanol and olefins, which are already traded in
large quantities worldwide. Additionally, during the oligomerization step, some flexibility
in the product spectrum is expected through adjusted operation conditions and recycles.

17 The fuel readiness level is a scale from 1 to 9 used to classify the development stage of a fuel, specifically
used within aviation fuel development (see [199, 200, 202]).
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However, current applications suggest a shift toward shorter-chain fractions rather than
diesel or waxes.

Regarding the flexibility to transition away from kerosene production to other value-
added products, if economically required, the MeOH pathway shows an advantage due to
the intermediate products generated within the process chain, which can be supplied to
established markets as basic or high-value chemicals (also in need of defossilization).

Logistical flexibility refers to the ability to produce and transport products and interme-
diates with geographical flexibility. In this context, the MeOH pathway offers two signifi-
cant advantages over the FT pathway. While the latter pathway produces syncrude as an
intermediate, which is a diverse mixture with variable composition requiring considera-
ble logistical effort for transportation without additional processing, methanol is a pure
substance that can be easily handled based on available and proven technical rules using
existing infrastructure. This advantage opens the window for the MeOH pathway to sep-
arate the methanol production section and the conversion section geographically (e.g.,
methanol production in countries with a high potential for renewable energy; methanol
conversion within the kerosene-utilizing country) and facilitates a division of production
responsibilities between methanol producers and kerosene producers.

Additionally, methanol production is more straightforward to implement in small-scale
setups than the FT pathway. This may enable the utilization of smaller quantities of locally
available and potentially more affordable feedstocks. The subsequent conversion of meth-
anol to kerosene, requiring significantly less energy compared to methanol production,
can then be performed on a large scale, benefiting from economies of scale. In contrast,
although innovative reactor designs for small-scale FT synthesis exist, separating FT syn-
thesis from downstream processing is challenging due to the logistical constraints asso-
ciated with the long-distance transportation of syncrude. In this regard, the MeOH path-
way shows clear advantages.

6.2.3 Cost aspects

Chapter 5 provides an extensive cost analysis of power-based kerosene production, com-
paring the FT and MeOH pathways. Since significant amounts of by-products (such as
naphtha and diesel) occur during kerosene production in both pathways, the kerosene
production costs also depend heavily on the revenues from naphtha and diesel sales.
Thus, two cost allocation methods are applied to address uncertainties associated with
unpredictable by-product revenues: (i) allocating costs solely to the kerosene fraction
without considering by-product revenues establishes the upper-cost limit, while (ii) allo-
cating costs across the total fuel fraction defines the lower cost boundary. The latter as-
sumes that none of the produced by-products has a higher value than kerosene, as max-
imizing the more valuable by-product would then be economically more viable than the
kerosene maximization examined here.
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The total fuel production costs in the FT pathway are lower than in the MeOH pathway
(FT: 3,630 €2023/t, MeOH: 4,240 €2023/t). However, when considering exclusively the ker-
osene production costs (excluding by-product revenues), the MeOH pathway shows lower
costs (FT: 5,070 €2023/t, MeOH: 4,660 €2023/t). Variations in by-product revenues reveal
an advantage for the FT pathway if by-product revenues exceed 30 % of the kerosene pro-
duction cost.

In both pathways, the costs are predominantly influenced by the supply of Hz2 and CO..
Consequently, feedstock conversion efficiency is one of the most critical factors, alongside
feedstock prices, in determining production costs. Hz price variations (between 3 and
7 €2023/kg) result in cost variations of ca. 25 % for both pathways. CO2 prices corre-
sponding to supply costs from direct air capture (1,000 €2023/t) can lead to cost increases
of up to 75% compared to CO: prices associated with point source carbon capture
(150 €2023/t).

In conclusion, based on the analyzed kerosene production costs, ranging mainly between
3,500 and 5,500 €2023/t, power-based aviation fuels are expected to be significantly more
expensive than most biomass-based kerosene alternatives [11, 46, 48, 50]. The primary
cost drivers are upstream of the synthesis process, particularly Hz production and COz2
supply. Due to its lower Hz and CO2 demand relative to total fuel production, the FT path-
way shows lower production costs if the achievable relative revenue of the different fuel
fractions (kerosene, naphtha, diesel) are comparable. However, if the achievable relative
revenue of kerosene is significantly higher than that of naphtha or diesel, the MeOH path-
way may be economically advantageous due to its higher kerosene selectivity.

6.3 Techno-economic key parameters

In this section, the third research question is addressed by building upon the findings
from Chapters 3 to 5. The key parameters determining the efficiencies and costs of fuel,
especially kerosene production from electrical energy, are discussed in terms of technical
efficiencies and, subsequently, costs.

6.3.1 Efficiency affecting parameters

To analyze the influence of technical parameters on carbon and energy efficiencies, spe-
cific operating parameters (e.g., temperature, feedstock composition) and selected pro-
cess parameters (e.g., conversion rates, selectivities) were identified during process anal-
yses and varied within their expected ranges. Such a procedure allows for identifying po-
tential optimization areas for the overall process concepts while also visualizing uncer-
tainties resulting from assumed parameter values whose actual achievable ranges are not
precisely estimable for the time being.
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Hybrid methanol production. In the examined power-and-biogas-to-methanol concept,
the composition of the biogas stream entering the conversion process (inert gas (Nz2) frac-
tion of 0 to 5 vol%; CH4 to COz ratio of 1 to 3) is identified as a highly variable input factor.
Variations can occur in particular due to the substrate used, the fermentation technology,
and possible biogas pre-treatments (e.g., biogenic desulfurization). Parameter variation
results show that high N2 concentrations within the biogas have a larger impact on carbon
efficiency compared to the CH4 to CO2 ratio, leading to carbon losses of up to 5 %pt com-
pared to biogas free of N2. Energy efficiency is more affected by the CH4 to COz2 ratio, es-
pecially in the process configuration with electrically heated bi-reforming (BiRef), varying
by up to 6 %pt in the analyzed parameter range.

Variations of operating parameters such as reforming temperature (800 to 1,000 °C) and
allowable inert gas content during synthesis (0 to 50 vol%) are analyzed. Both parameters
show a significantly higher influence on carbon and energy efficiency than biogas compo-
sition (in some cases, there is a variation of more than 20 %pt). However, the parameters
are manageable through adjustments within the respective reactor design, making them
controllable optimization parameters. The results show that the reference cases assumed
here are already close to the maximum achievable efficiencies. Therefore, the parameters
do not give rise to significant uncertainties, and the optimization potential is relatively
low.

Power-based kerosene production. Concerning methanol synthesis based on power-
based syngas, no technical parameters are identified that are associated with major un-
certainties or cannot be technically controlled. In the comparative analysis of kerosene
production from power-based syngas via the FT and MeOH pathways, two process pa-
rameters are varied for each pathway. In the FT pathway, the well-controllable chain-
growth probability within the FT synthesis and the number of cracking reactions (“activ-
ity”) within the hydrocracker are varied; the hydrocracking activity can also be influenced
by reactor design and operating conditions. In the MeOH pathway, the focus is on the ole-
fin selectivity, which is currently technically limited, and the chain-growth probability
during oligomerization. While the chain-growth probability can be influenced by design
and operational adjustments, the achievable ranges and product distributions - especially
when accounting for recycle streams - remain largely uncertain.

e For the FT pathway, the varied parameters cause minimal changes in total fuel effi-
ciencies, with the energy efficiency (7 %pt) being more affected than the carbon effi-
ciency (1 %pt). However, higher chain-growth probabilities and mild cracking condi-
tions led to improvements in kerosene selectivity. The kerosene-related carbon and
energy efficiency vary by about 16 %pt within the technical parameter variation
range. Due to the controllability of the chain-growth probability and the hydrocrack-
ing intensity, the achievable improvements compared to the reference case are con-
sidered to be realistic optimization opportunities rather than uncertainties.



6.3 — Techno-economic key parameters 125

e Inthe MeOH pathway, a wide variation in total fuel efficiency and kerosene selectivity
is observed. The total fuel efficiency varies by around 18 %pt regarding carbon effi-
ciency and about 13 %pt regarding energy efficiency. The kerosene-related carbon
and energy efficiency vary even more by about 30 %pt and 21 %pt, respectively.
Achieving a high olefin selectivity during dehydration is critical for reaching high car-
bon and energy efficiencies. Additionally, low chain-growth probabilities, combined
with high naphtha recycling rates, enhance kerosene selectivity while reducing the
formation of heavier components. However, the extent to which further improve-
ments in olefin selectivity beyond the assumed reference value are possible and the
degree to which the product composition of oligomerization can be technically influ-
enced remain uncertain. Therefore, the broad range of results is better interpreted as
reflecting uncertainties.

Considering the entire PtL production chain, including the energy-intensive water-elec-
trolysis and the potentially elaborate CO2 capture, it becomes evident that the main en-
ergy demands are upstream of the syngas conversion. Thus, the achievable electrolysis
efficiency and the available carbon capture source significantly influence the overall en-
ergy efficiency of such a PtL concept. Varying the energy efficiency of the electrolysis step
results in variations of the overall energy efficiency of up to about 18 %pt, while the type
of available carbon source (i.e., the concentration of CO2 within the available gas mixture)
leads to overall energy efficiency variations of up to ca. 14 %pt. However, this also under-
lines the importance of an efficient downstream conversion of the elaborately produced
power-based syngas.

Comparison. The carbon and energy efficiency of kerosene and kerosene intermediate
production utilizing electrical energy is influenced by a broad range of pathway-depend-
ent process parameters. Syngas production in hybrid concepts is strongly affected by the
reforming of hydrocarbons and the feedstock composition, which directly further affects
the methanol synthesis, especially regarding purge gas amounts. In contrast, purely
power-based production mainly depends on the efficient supply of Hz (electrolysis effi-
ciency) and CO2z (point source or DAC), with no further effects on methanol synthesis as
long as common gas purities are achieved.

Downstream of the synthesis process, no major differences between biomass-, hybrid, or
power-based production occur. Regarding the conversion to kerosene, a distinction can
be made between total fuel-related efficiency and kerosene-related efficiency. For total
fuel efficiency, inert by-products formed within the process chain are particularly rele-
vant, as they lead to increasing amounts of purge gas within the subsequent conversion
steps. For kerosene efficiencies, the selectivity of the conversion process and the ability
to utilize by-products through recycling play a key role. High recycle streams increasing
the energy demand of production are outweighed by the gains achieved through higher
product yields.
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6.3.2 Cost affecting parameters

Besides efficiency affecting parameters that directly influence production costs, economic
parameters were varied. These parameters primarily encompass feedstock costs, produc-
tion capacities and utilization, as well as capital-related costs. These factors can impact
production costs significantly but do not affect technical efficiencies.

Hybrid methanol production. The cost analysis of decentralized, small-scale hybrid pro-
duction (power- and biogas-to-methanol, Chapter 3) shows that the variations in carbon
and energy efficiencies from technical parameter variation result only in minor cost
changes (<10 % from the reference case) within the expected parameter ranges. In con-
trast, within the assumed small-scale production concept limited by the available amount
of biogenic feedstock, the installed methanol production capacity significantly influences
the production costs. The considered biogas availability ranges from ca. 70 to
70,000 Nm?/h, representing relatively small agricultural sites up to the largest industrial-
scale facilities currently in operation. Halving the production capacity of the reference
case (670 Nm?/h) leads to an increase of 34 % (BiRef) and 28 % (TriRef), while doubling
the capacity shows a production cost reduction of 17 % (BiRef) and 14 % (TriRef). This
underscores the positive effect of increasing production capacity via the hybrid produc-
tion approach within small-scale production concepts, where the availability of biogenic
feedstock limits the maximum production capacity. Particularly for production capacities
smaller than in the reference case (8,000 tmeon/a), a strongly nonlinear cost increase is
observed, indicating that small-scale production concepts require a minimum capacity to
bring costs down to allow for a potentially economically feasible production. For larger
production capacities, further cost reductions can be achieved with increasing scale, al-
beit to a lesser extent. At the same time, the previously described capacity-related ad-
vantages of hybrid production diminish as production capacity increases.

Biogas and H: prices are particularly important in terms of feedstock costs. Since biogas
represents the largest material and energy input, and prices can vary in a wide range, it
strongly determines methanol production costs (variations around -10 to +40 % from the
reference case). The Hz price also has a significant influence. However, its impact on the
methanol production costs depends strongly on the respective H2 demand (i.e., the pro-
cess configuration and the biogas composition (CH4 to COz ratio)). Other factors, such as
the weighted average cost of capital (WACC) or annual full-load hours, play only a minor
role within the considered ranges (< 10 % from the reference case).

Power-based kerosene production. In power-based production, Hz and CO:z costs have
the most significant influence on production costs. Reducing Hz prices from 5 €/kg (ref-
erence case) to 3€/kg can lower kerosene production costs by up to 25 %. Conversely,
CO2 prices - particularly in the range of current direct air capture costs (up to 1€/kg) -
can increase kerosene production costs by up to 75 % compared to levels associated with
point source carbon capture costs.
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The influence of varying technical parameters differs depending on whether the costs are
allocated to all fuel products (total fuel (TF) allocation, representing the assumed lower
cost boundary) or whether no revenues from naphtha or diesel are assumed (kerosene
(K) allocation, representing the assumed upper cost boundary). Regarding the total fuel
allocation, the changes lie between 0 % and +1 % within the FT pathway since the total
fuel output stays almost constant. Within the MeOH pathway, the costs vary between -8 %
and +10 %, which directly correlate with the total fuel output. Technical parameter vari-
ation considering kerosene allocation yields variations of -9 to +14 % within the FT path-
way and -12 to +22 % within the MeOH pathway.

Plant production capacity also plays a crucial role in determining the overall costs. Since
the reference case capacity (100,000 trr/a) is already relatively high, further cost reduc-
tions from upscaling are expected to be relatively low. However, significant reductions in
plant capacity (< 25,000 trr/a) can increase kerosene production costs by more than 30 %.
Other economic parameters show a minor influence on the fuel production costs (<10 %
from the reference case) as long as the production capacity is in the range of the reference
case and capital-intensive Hz production (electrolysis) is outside the respective system
boundaries.

Comparison. In hybrid and purely power-based fuel production, production costs are
primarily determined by feedstock costs (i.e., H2 and CO:2 costs) as well as the costs of
biogenic feedstocks in hybrid production. Since feedstock costs constitute the largest
share of the overall production costs, efficient (technical) conversion to the target product
is of great importance. For small-scale concepts, it is evident that economies of scale can
cause high specific capital expenditures (fixed capital investments) and operational ex-
penditures. This also amplifies the impact of economic parameters such as WACC and de-
preciation period. The main influences on production costs in hybrid and purely power-
based process approaches are, therefore, fundamentally similar, although the importance
of Hz supply plays an even greater role in power-based production, and CO2z supply is not
relevant in hybrid production.

6.4 Limitations of analyses

The detailed techno-economic results described in chapters 3 to 5, as well as the broader
findings presented above, are based on the design, modeling, and simulation of process
concepts and their technical and economic analysis. In general, the process analyses con-
ducted within the scope of this thesis follow a uniform approach. The resulting limitations
regarding the accuracy and applicability of the findings are outlined below.

e Process design. The process design aims to develop representative and widely compa-
rable overall processes (reference concepts). To achieve this, sub-technologies for the
necessary process steps are selected and integrated into an overarching process flow
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diagram. The selection of these subprocesses and their integration can result in vari-
ous overall concepts characterized by significantly different techno-economic proper-
ties. Also, to derive representative and interpretable results, the production ap-
proaches are designed as generically as possible, and decisive process parameters are
varied. However, the detailed results are directly tied to the analyzed process concepts
and can thus only be transferred to other process concepts to a limited extent.

e Process modeling and simulation. To calculate the mass and energy flows occurring
within the respective process concepts, the overall processes are modeled and simu-
lated under steady-state conditions using appropriate software (Aspen Plus [109]). In
line with the conducted analysis, the modeling is performed at the plant system level.
The focus of process modeling is less on the detailed representation and analysis of
specific chemical reactions (e.g., through kinetic models) and more on translating pro-
cess characteristics (e.g., product distributions, selectivities, conversion rates) into
corresponding reaction units. The approaches implemented in the modeling process
significantly influence the techno-economic results, just as the process flow design
does. Thus, a generic representation and an additional analysis through parameter
variation are essential for the validity of the analysis results. The results are directly
related to the assumptions made during modeling and can only be properly inter-
preted, keeping the respective modeling approaches in mind. The approaches used in
modeling the investigated process concepts are largely based on previously published
and validated models or process data. However, due to the lack of real-world data, a
generic approach had to be developed to represent the product distribution in the ol-
igomerization step of the methanol pathway (see Chapter 4, Annex B, and the en-
hanced model in Annex C). To reflect the resulting uncertainties, an extensive varia-
tion of modeling parameters is conducted. The resulting uncertainties regarding the
methanol pathway’s results are identified and quantified and must be considered
when interpreting the results.

e Technical analysis. The process analysis translates the simulation results into relative
process flow diagrams (e.g., Sankey diagrams) and assesses them based on carbon and
energy efficiency. Estimating the heat integration potential and the resulting external
energy requirements is also necessary for energy-related considerations. The applied
pinch analysis determines the maximum integration potential under the assumption
of a minimal temperature difference. Depending on the defined overall concept and
the chosen energy integration approach, different overall energy efficiencies might re-
sult. Therefore, the respective energy integration approach is also relevant for inter-
preting and comparing the results. While there are differences between individual
analyses, they remain consistent within each analysis, ensuring comparability within
the investigation.

e Economic analysis. The simulation results serve as the basis of production cost analy-
sis. The production costs represent the minimum selling price required to ensure the
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economic viability of the respective production process. These results are based on
the outcomes of the technical analysis and are thus closely linked to the investigated
process concepts and modeling approaches (see above). For the calculation of fixed
capital investments, the module costing technique [110], a method for providing pre-
liminary investment estimates (e.g., for chemical plants), is applied. This method is
characterized by a calculation accuracy of +50 % / -30 %. However, since not all ap-
paratuses used can be exactly represented using the available cost equations, higher
cost deviations may occur. Furthermore, such cost calculations are always subject to
significant uncertainties because numerous assumptions must be made, relying on, for
example, geographic, economic, or political conditions that can vary considerably and
are not fully predictable. Consequently, the results of the economic analysis are asso-
ciated with relatively great uncertainties.

Nevertheless, the calculation of production costs across the different analyses is based
on the same methodology. Thus, full comparability is ensured within each publica-
tion/chapter. However, for comparisons between publications/chapters, the respec-
tive technical and economic framework conditions must be considered.

e Data availability. The process design, modeling, and framework assumptions of the
economic analyses are based on data available from public sources at the time of the
analysis. For the technical assessment, mainly peer-reviewed publications and free ac-
cessible real-plant data from existing facilities are used. However, the quality and
availability of the data might vary significantly between different process technolo-
gies. In particular, when comparing the power-based kerosene production pathways,
a broad data foundation is available for modeling the already industrially established
FT pathway, whereas the modeling of the less-explored MeOH pathway relies on a
more limited dataset, resulting in greater uncertainties. These uncertainties were ex-
plicitly addressed during the analyses to prevent any misinterpretation of the results.

The relative results and the general correlations across analyses are largely comparable
due to the consistent methodological approach and the similar system boundaries. How-
ever, the absolute results are valid only for the underlying process concepts and the as-
sumptions made regarding modeling and analysis. To ensure the interpretability of the
results, all process details have been thoroughly described and justified in the publica-
tions/chapters and the supplementary information (Annex A to Annex C). To mitigate the
effects of case-specific conditions and the uncertainties arising from limited data availa-
bility, key technical and economic parameters were varied across broad ranges. Conse-
quently, the results are valid for achieving the defined research objectives and answering
the research questions. Nevertheless, the transferability of detailed results to process con-
cepts not examined within the scope of this thesis is limited.
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In light of the accelerating global warming, the aviation sector faces the urgent challenge
of rapidly reducing its reliance on fossil fuels. Replacing conventional kerosene with sus-
tainable aviation fuels (SAF) is crucial for achieving aviation’s climate goals. However,
given the growing demand for SAF and the a priori limited availability of sustainably
sourced biomass, power-based kerosene is expected to play a significant role in meeting
future needs - if the GHG reduction targets are taken seriously. Utilizing electrical energy
enables kerosene production independent from biomass-derived energy or combined
power- and biomass-based SAF production, reducing the specific biomass demands. Ad-
ditionally, various synthesis pathways exist for power-based SAF production, each with
distinct technological and economic implications. Against this background, the overarch-
ing research objective of this thesis is to investigate how kerosene-type SAF can be effi-
ciently produced using electricity from renewable sources of energy as the primary en-
ergy source. The results quantify the techno-economic characteristics of different produc-
tion approaches and the most widely discussed synthesis pathways for producing power-
based kerosene or kerosene intermediates. The identified research gaps in this context
are addressed through three overarching research questions, focusing on (i) the implica-
tions of electrical energy utilization for carbon-efficient fuel production, (ii) common pro-
duction pathways for power-based kerosene production, and (iii) the respective deter-
mining technical and economic parameters. The analysis comprises three scientific pub-
lications (Chapters 3 to 5). Chapter 3 investigates the hybrid - i.e.,, power- and biogas-
based - production of methanol (a potential intermediate within synthetic kerosene pro-
duction) via two process configurations, comparing them with purely biogas- and purely
power-based production approaches. Chapters 4 and 5 investigate the power-based pro-
duction of kerosene via the Fischer-Tropsch (FT) and methanol (MeOH) pathway. The
broader findings derived from these detailed analyses are synthesized and discussed in
Chapter 6.

7.1 Summary

The methodological framework for analyzing the different production approaches and
concepts combines process conceptualization and design, modeling, steady-state process
simulation, and techno-economic assessment on a plant system level. The key figures as-
sessed within the investigations are carbon efficiency, energy efficiency, and production
costs. Process modeling and simulation are based on the design of representative and fair-
comparable process concepts derived by integrating the respective individual sub-pro-
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cesses into an overall process flowsheet. Process simulation derives mass and energy bal-
ances, allowing for a detailed assessment of material (especially carbon and hydrogen)
flows and energy demands. Technical key figures are determined from the simulation re-
sults, further considering energy integration (e.g., pinch analysis). The variation of oper-
ating and process parameters explores impacts on the overall process efficiencies and the
associated uncertainties and/or optimization potentials. The economic assessment anal-
yses production cost, also applying technical and economic parameter variations. Build-
ing on the described approach, the research questions are answered to achieve the overall
research objective.

The following key findings regarding the implications of electrical energy utilization for
carbon-efficient fuel production can be summarized.

¢ Integrating electricity from renewable sources of energy into biomass-based fuel pro-
duction by adding H2 from water-electrolysis (hybrid fuel production) enables nearly
complete carbon utilization, significantly reducing the specific biomass demand. In the
analyzed decentralized power-and-biogas-to-methanol approach, hybrid production
leads to carbon efficiencies above 93 %, a clear increase in carbon utilization com-
pared to purely biogas-based production (58 to 73 %). Within this small-scale concept,
where the availability of biogenic feedstock is assumed to be the limiting factor for the
realizable production capacity, methanol production costs around 1,300 €2022/t (sim-
ilar to those in the purely biogas-based approach) can be achieved, benefitting from
economies of scale despite the high cost of power-based Hz production.

e The comparison of two possible process configurations - one using electrically-heated
bi-reforming (BiRef configuration) and the other employing autothermal tri-reform-
ing (TriRef configuration) of biogas - reveals significant differences regarding the in-
tegration of electrical energy and its implications on techno-economic key figures.
While electrical heating of the endothermic reforming process efficiently converts
electrical energy into chemical energy, autothermal reforming requires higher Hz ad-
dition from electrolysis, resulting in higher energy losses. However, the addition of 02
as an oxidizing agent in tri-reforming enhances conversion efficiency, thus reducing
carbon and hydrogen losses and increasing carbon efficiency. The carbon and energy
efficiency derived are 93 % and 74 %unv for the BiRef configuration and 97 % and
69 %nunv in the TriRef configuration. Economically, both process concepts lead to sim-
ilar fuel production costs (BiRef: 1,280 €2022/t, TriRef: 1,310 €2022/t), with Hz costs be-
ing the determining factor in selecting the more cost-effective concept.

e Purely power-based methanol production involves converting electrical energy into
chemical energy solely through H2 production via electrolysis. The downstream syn-
thesis enables direct CO2 conversion into methanol with a very high carbon efficiency
(>97 %). Compared to hybrid production, significantly more H2 must be produced, as
half of the oxygen contained within the CO2 needs to be removed as water during the
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subsequent chemical reactions. In the analyzed small-scale, purely power-based
methanol production, production costs amount to ca. 2,100 €/t. The significant cost
increase compared to the biogas-based and hybrid approach results from the higher
H2 demand as well as from the lower production capacity, which is restricted in the
analyzed concept by the availability of CO2 from the assumed biogas production
facility.

The analysis of kerosene production from power-based syngas, comparing the FT and

MeOH pathway, results in the following key insights.

The FT pathway is characterized by a high total fuel (TF) carbon efficiency of 99 %
(including kerosene, naphtha, and potentially diesel). The syncrude produced through
the relatively unselective FT synthesis can be upgraded selectively, with light by-prod-
ucts being recycled and reformed into syngas within the reverse water-gas shift
(RWGS) reactor. Selective hydrocracking enables the conversion of long-chain waxes
into kerosene and naphtha fractions, increasing the kerosene (K) carbon efficiency
from around 70 % in the reference case to around 78 % when high chain growth prob-
abilities in the FT synthesis are combined with mild hydrocracking. Due to the high
carbon and hydrogen efficiency, energy efficiencies of around 49 %unv regarding the
kerosene yield and around 67 %uuv regarding the total fuel yield can be achieved.

In the MeOH pathway, hydrocarbon production occurs through methanol synthesis,
followed by extensive downstream processing. Methanol is synthesized very selec-
tively but requires a subsequent (downstream) conversion into hydrocarbon chains
based on dehydration and oligomerization processes. Due to the larger monomers (C2
to C4), compared to the FT reaction (CO monomers), fewer chain-growth reactions are
required within the oligomerization to achieve the same product chain length, ena-
bling a more selective production. This is further enhanced by recycling light fuel frac-
tions, such as naphtha, directly back to the oligomerization reactor, clearly reducing
the by-product formation. As a result, the MeOH pathway is more kerosene selective
(ca. 76 %) than the FT pathway. However, it incurs higher carbon losses due to purge
gas venting, primarily from alkane formation during dehydration, resulting in a total
fuel carbon efficiency of around 84 %. The efficiency of the pathway is thus primarily
determined by olefin selectivity in dehydration. In terms of energy efficiency, the
MeOH pathway benefits from a thermodynamic advantage, as it involves only exother-
mic reactions (kerosene and total fuel energy efficiency of 56 and 63 %unuv). In con-
trast, the FT pathway requires additional energy input for the RWGS reaction, with the
energy then released during the FT synthesis at a lower temperature level. However,
regarding the total fuel fraction, this reaction-related advantage of the MeOH pathway
is more than offset by higher carbon and hydrogen losses.

The kerosene production costs (KPC), depending on the allocation method/by-prod-
uct value and the assumed parameters, are predominantly between 3,500 and



134 7 - Final considerations

5,500 €2023/t. The FT pathway achieves comparatively lower KPC of 3,630 €2023/t
when costs are allocated to all fuel fractions. However, if no significant revenues can
be generated from the by-products, KPC increase significantly to about 5,070 €2023/t.
Production costs for the MeOH pathway are less dependent on by-product revenues
due to its higher kerosene selectivity (4,240 to 4,660 €2023/t). However, they exceed
those of the FT pathway if the achievable by-product prices are higher than 30 % of
kerosene production costs.

The results of the analyses are substantially influenced by the respective technical and
economic assumptions. To identify optimization potentials, assess uncertainties, and
quantify the effects of varying influencing factors, comprehensive parameter variations
were conducted. The key findings (quantified in the individual chapters) can be summa-
rized as follows.

e The carbon and energy efficiency of power-based kerosene and its intermediates de-
pend on a wide range of pathway-specific process factors. Upstream of the synthesis,
the purity of syngas is critical, being influenced by the purity of the feedstock and, in
the case of hybrid production, by the reforming efficiency. As H2 demand increases,
the efficiency of electrolysis becomes increasingly decisive for the energy efficiency of
syngas production. Downstream of the synthesis, the efficiency of kerosene produc-
tion can be divided into total fuel efficiency and kerosene-specific efficiency. For total
fuel efficiency, the formation of inert by-products within the process chain is critical,
as they contribute to higher purge gas losses within the subsequent conversion steps;
this is especially true for the MeOH pathway. For kerosene-specific efficiency, conver-
sion selectivity is paramount. While high recycle streams may increase the energy de-
mand of production, these are likely offset by the higher yields achieved through in-
creased product selectivity.

e The production costs of power-based kerosene from “green” electricity are predomi-
nantly driven by feedstock costs (Hz and CO2) rather than capital costs of the conver-
sion plant. Since feedstock costs account for the largest share of production costs,
achieving high conversion efficiencies and selectivities to the target product is vital for
reaching relatively low kerosene production costs. For small-scale production con-
cepts, economies of scale can significantly increase plant costs/fixed capital invest-
ments, thereby increasing overall production costs. Further, increasing fixed capital
investments magnify the influence of economic parameters, such as the weighted av-
erage cost of capital (WACC) and the depreciation period.
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7.2 Outlook

The analysis, along with the resulting conclusions, also indicate the remaining research

gaps and areas requiring further analysis. These are outlined in detail below.

Investigations of hybrid production systems. The analysis of power- and biogas-to-
methanol concepts (Chapter 3) demonstrates the carbon utilization potential and its
implications using the example of biogas. However, hybrid processes can be based on
a variety of biomass or biogenic intermediates, leading to differences in process de-
signs and achievable techno-economic outcomes. While generalized insights into hy-
brid production are provided here, a comparative analysis of diverse hybrid produc-
tion concepts could validate these findings, expand knowledge on other application
areas, and facilitate cross-concept comparisons.

Due to the small-scale nature of hybrid production analyzed here, an evaluation of the
full kerosene production chain has not been carried out since such an approach at this
scale seems not economically feasible. However, given the distinct syngas composition
in hybrid production being closer to conventional fossil fuel-based syngas, the reverse
water-gas shift reactor required in purely power-based approaches may no longer be
necessary for the FT pathway. This could eliminate a significant disadvantage of the
FT pathway compared to the MeOH pathway. Thus, a comparative analysis of kerosene
production in a large-scale hybrid setup could yield different results than those pre-
sented here.

Investigation of extended power-to-kerosene conversion concepts. The results of power-
based kerosene production indicate that conversion efficiency is particularly critical
due to the limited availability or cost-intensive provision of CO2 and Hz. Conversely,
the capital costs of conversion processes represent a relatively small share of total
production costs, especially for large-scale production. This underscores the economic
viability of extensive measures to enhance feedstock conversion efficiency, even if
they increase plant complexity and, thus, also overall costs. A key area for improve-
ment lies in the recovery and recycling of currently unused purge gas streams, which
could be processed using advanced separation technologies such as membrane or ad-
sorption systems.

In the context of power-based kerosene production, product selectivity might become
a more important aspect compared to fossil fuel-based refining. This may result from
the fact that the demand for product fractions, such as gasoline or diesel for road
transport, may decrease through, e.g., direct electrification or changes in mobility in-
frastructure. Additionally, given the higher production costs of power-based fuels
compared to biomass-based fuels, economic competitiveness relies on higher reve-
nues from the market or targeted subsidies for power-based products. Since such in-
centives are often limited to specific applications, economic advantages may arise
from a more selective production of the target product. For instance, current European
regulation [36, 204] incentivizes the use of power-based kerosene (PtL quotas). If such
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incentives are not extended to by-products like naphtha and diesel, production path-
ways with high selectivities for kerosene could prove to be more economically viable,
even at the expense of lower total fuel efficiency.

Production concepts can vary significantly depending on boundary conditions, poten-
tially including combinations of pathways and/or extensions of the technologies ana-
lyzed here. Therefore, further process analyses are needed to develop and optimize
concepts with maximized feedstock utilization and kerosene selectivity. For example,
the pathways could be expanded with additional reforming stages (e.g., for naphtha
components in the FT pathway or light fuel gases in the MeOH pathway) to increase
kerosene yields and minimize by-products or flue gases. Such concepts, designed for
100 % kerosene selectivity and full carbon utilization, could be economically advanta-
geous despite the significant increase in process complexity.

e Validation through technical concept demonstration. The concepts analyzed here were
designed and simulated based on publicly available data. Validation of these theoreti-
cal, simulation-based analyses in real-world, implemented technical concepts at a rep-
resentative scale remains pending. However, validating the results is challenging due
to the high costs of implementation and the limited data accessibility from plant oper-
ators and technology providers. However, such validations are crucial for further de-
veloping process concepts, accounting for real-world limitations, and increasing the
technological maturity of the investigated pathways.

Beyond the production approaches and process configurations examined here, further
additional options for power-based kerosene production exist. Future research should fo-
cus on optimizing process concepts to enhance both efficiency and selectivity in kerosene
production. The findings emphasize that the efficient utilization of non-fossil carbon will
be crucial to meet future aviation fuel demands while minimizing environmental and eco-
nomic impacts.



Annex A - Power and biogas to methanol

This section contains the supplementary information published with the manuscript
“Power and biogas to methanol - A techno-economic analysis of carbon-maximized green
methanol production via two reforming approaches” (Chapter 3). Formatting and word-
ing are slightly adjusted to ensure consistency throughout this thesis.

A.1 Technology description

A1l11 Process inputs

The main inputs are briefly described below:

Biogas. Biogas is an energy-rich gas mixture, primarily composed of methane (CH4) and
carbon dioxide (COz), derived through anaerobic digestion of biomass [117, 205]. Various
organic materials such as starch, proteins, lipids, chitin, or lignocellulose can serve as
feedstock (substrates); however, biogas yield and production effort can vary [117]. Addi-
tional pre-treatment (mechanical, thermal, or chemical) is required, particularly for bio-
gas production from lignocellulosic biomass [206]. Biogas composition depends on mul-
tiple factors, including the substrate, retention time, and the type of fermentation process.
Typically, 50 to 75 vol% CHa, 25 to 45 vol% COz, and 2 to 7 vol% H20 can be expected as
main components. Additionally, nitrogen (N2), oxygen (02), ammonia (NHs), and hydro-
gen (Hz2) impurities occur in the lower single-digit percentage range [118]. Furthermore,
sulfur compounds (mainly hydrogen sulfide (H2S)) and other trace gases may be present
in the ppm range. The raw biogas production costs range from 0.04 to 0.19 €/kWhLtny,
which strongly depends on the substrate and the plant size [126, 127].

Electricity from renewable sources of energy. According to European legislation, re-
newable electricity is derived from renewable non-fossil sources, such as solar radiation,
wind speed, or hydropower [207]. Photovoltaics and wind turbines exhibit the largest and
most cost-effective potential for exploiting these renewable energy sources [208]. The po-
tential and temporal occurrence of these energy sources are highly site-dependent and
non-controllable. In favorable locations, electricity from solar radiation and wind power
can be generated at costs below 40 €/MWhel (solar) and 60 €/MWhel (wind) [209]. How-
ever, the pronounced volatility must be considered. The combination of wind and solar
radiation utilization can positively influence the temporal constancy of the supply.
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A1.2 Syngas production

Syngas, a mixture of hydrogen, carbon monoxide (CO), and carbon dioxide, builds the in-
put of the methanol synthesis and must exhibit specific characteristics to enable a selec-
tive and efficient synthesis. The stoichiometric number (SN; Eq. A-1) and the carbon oxide
ratio (COR; Eq. A-2) are commonly used to describe the syngas composition. The SN is
adjusted between 2.05 and 2.15 [78, 95, 151]. Since the water produced during the con-
version of CO2 to methanol has a deactivating effect on many methanol catalysts, the COR
is kept as low as possible in conventional applications. A COR between 0.02 and 0.05 is the
optimum ratio for methanol formation since a complete absence of COz hinders conver-
sion [151].

oy = [Hal —[C05] Fa A
~ [col + [CO,] &
cor = —1021 Eq.A-2

[CO] + [CO,]

[x] Molar fraction of the respective component (x).

In addition to the reactants, inert gases and catalyst poisons may also be present in the
syngas. The inert gas proportion in the fresh gas® should be kept as low as possible to
avoid reactive component dilution [151]. However, depending on the feedstock used and
the syngas production process, up to 20 vol% is contained in conventional processes to-
day [151, 210]. The requirements regarding catalyst poisons are significantly higher and
must be considered for synthesis and reforming catalysts. Considering commonly used
Ni- and Cu-catalysts, attention has to be paid to sulfur (< 0.1 ppm) and chlorine (< 1 ppb)
compounds, tar (<1 mg/m?y), alkalis (<0.25 mg/m>y) and ammonia (<1 ppm) [78, 86,
117]. Since electrolysis-based Hz is usually very pure and not contaminated with poisons,
additional cleaning can be reduced to biogas treatment [86, 142, 211].

Biogas cleaning. Due to the relatively high H2S content in biogas, which can lead to ele-
vated emission levels and corrosion damage to compressors and engines, simple purifica-
tion processes - biological, chemical, or adsorptive - are commonly employed. Reducing
H2S to below 50 ppm is economically feasible in this context, even for energetic biogas
utilization [117]. However, biogas use in catalytic processes requires a significantly lower
concentration of sulfur components and other potential catalyst poisons. The necessary
fine purification can be achieved using various technologies already employed in natural
gas purification. Among others, adsorption on zinc oxide (ZnO) and cryogenic processes
are applicable for fine desulfurization to achieve concentrations below 0.2 ppm [212,
213]. However, both approaches are constructively and energetically demanding since
they require additional equipment and utilities, making small-scale implementation less

18 Fresh gas is the gas supplied to the synthesis loop that has not yet been mixed with recycled gases. It is
also referred to as make-up gas (MUG).
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advantageous. Desulfurization through adsorption using activated carbon is applied to-
day in many biogas plants and can be operated at ambient temperature [212]. Using im-
pregnated activated carbon - i.e., coated with active components (such as potassium com-
pounds) - can enhance adsorption for fine desulfurization and bind other poisoning com-
ponents, such as halogens. Regeneration of the activated carbon is not possible; however,
the adsorption intervals can be extended through intensive pre-cleaning.

Biogas reforming. In contrast to methane reforming, which has been used on a large
scale for syngas production for decades, the reforming of CH4/CO2 mixtures, as found in
biogas, is relatively uncommon. Since both molecules are very stable, high temperatures
of 700 to 1,000 °C are applied to achieve high conversion rates [63, 214-216]. Further-
more, reforming increases molar quantity, favoring lower operating pressures [62, 217].
Discussed reforming methods include allothermal dry reforming, bi-reforming, and auto-
thermal tri-reforming. All technologies are heterogeneously catalyzed, mainly on nickel
or novel metal catalysts [216].

In dry reforming, the CO2z contained in the mixture serves as the only oxidizing agent. Ac-
cording to Eq. A-3, complete CH4 conversion requires at least an equimolar ratio of reac-
tants, leading to an SN of 1 and a COR of 0.

CHy; + CO, = 2CO+ 2H, AHR (208 ) = 247 KJ/mol Eq. A-3

However, due to coke formation and metal sintering, long-term operation with high cata-
lyst activity is currently not feasible [60, 216]. The combination of dry reforming with
steam reforming (CSDR) is called bi-reforming [62, 218]. In this process, the likewise
strongly endothermic reaction Eq. A-4 takes place parallel to Eq. A-3. The resulting SN is
higher than in dry reforming since steam reforming generates additional H2 from water.
The water-gas shift (WGS) reaction (Eq. A-5) does not influence the SN (provided oxygen
is available in surplus) but increases COR.

CH, + H,0 = CO+ 3H, AHg 2055 = 206 kj/mol Eq. A-4
CO + Hzo = COZ + H2 AHR (298 K) = _409 k]/mOI Eq A'5
[CO,] + [H0]
OxyN = Eq. A-6
g [CH,]

[x] Molar fraction of the respective component (x).

Even though steam utilization counteracts potential coking, the challenges of this process
lie in ensuring long-term catalyst stability and optimizing CH4 conversion [62, 63]. The
ratio of oxidant to methane can be quantified using Eq. A-6. At values above 1.5, coke for-
mation can be sufficiently suppressed. Bi-reforming is not yet commercially established
[62]. Pure Oz can be added to steam to reduce the high thermal energy requirements; this
process is called tri-reforming. The exothermic partial oxidation (Eq. A-7) or complete
oxidation (Eq. A-8) releases heat, which reduces the required heat demand in the reactor
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[219]. Compared to bi-reforming, the SN reduces due to the increasing CO2 content while
the COR increases. Tri-reforming is also not yet commercially established.

CH, + 050, = CO+2H, AHR 208 x) = —36 kJ/mol Eq. A-7
CO + 0-5 02 ;\ COZ AHR (298 K) == _283 k]/mol Eq. A'8

Hydrogen supply. Power-based state-of-the-art H2 production can be realized via water-
electrolysis (Eq. A-9). The theoretical minimum energy required for electrochemical wa-
ter-splitting under standard formation conditions corresponds to the enthalpy difference
of the reaction.

H,0 > H, + 0.50, AHg (208 ) = 286 k] /mol Eq. A-9

Alkaline electrolysis (AEL), polymer electrolyte membrane electrolysis (PEMEL), anion
exchange membrane electrolysis (AEMEL), and high-temperature electrolysis (HTEL, also
performed as HT co-electrolysis) are currently the most widely discussed electrolysis
technologies [65-68]. Due to the lack of technological maturity, a commercial implemen-
tation of AEMEL and HTEL on a large scale is currently only possible at high technical and
economic risks [65, 66]. The AEL and the PEMEL, on the other hand, have been tested on
a commercial, small to large scale and are both state-of-the-art. Both technologies are op-
erated below 100 °C and reach system efficiencies of up to 68 %. Due to the high load flex-
ibility (power range and temporal load behavior) and the higher outlet pressures, the
PEMEL offers advantages over the AEL for operation with volatile electricity [65, 66].

In addition to hydrogen production, constant hydrogen supply from volatile power supply
requires hydrogen storage. This is usually realized for medium capacities through gas
storage at pressures up to 700 bar. However, the choice of the optimum storage pressure
involves, in each specific case, a trade-off between space requirements, capital expendi-
ture, and energy demand, which is why significantly lower pressures are also common for
immobile storage [108, 220].

A1.3 Synthesis and purification

Methanol synthesis converts the syngas into the target product. The resulting product
mixture must be purified downstream according to the required product quality. The
globally accepted specification for methanol used in the chemical industry aligns with the
Grade AA standards defined by the American Society for Testing and Materials (ASTM).
The acceptable concentration level here is 99.85 wt% [95].

Methanol synthesis. Methanol is produced worldwide exclusively by state-of-the-art
methanol synthesis (TRL 9, TRL 8-9 for CO2-based syngas) [86, 95, 144]. Today, the low-
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pressure technology is used exclusively for the heterogeneously catalyzed conversion op-
erated at 200 to 300 °C and 40 to 100 bar [86, 95]. The formation of methanol can be de-
scribed by the reactions shown in Eq. A-10 and Eq. A-11. The water-gas shift (WGS) reac-
tion (Eqg. A-5) couples both reactions.

CO + 2 H, = CH;0H AHR (205 k) = —90.8 k] /mol Eq. A-10
CO, + 3 H, = CH,0H + H,0 AHR (205 ) = —49.2 k] /mol Eq. A-11

Today’s commercial catalysts are based on copper oxide (CuO ) and zinc oxide (ZnO) sta-
bilized with Al203 or Cr203 and spiked with small amounts of promoters [95]. The synthe-
sis enables selectivities above 99.9 %c, slightly increasing with a higher COR. However, an
increasing COR also increases water formation and decreases per-pass conversion [86].
By-products, such as predominantly ethanol, dimethyl ether, and methyl formate, are only
formed in very small amounts [86].

Methanol purification. The synthesis output contains the main reaction products (meth-
anol and water) but also additional components (e.g., unreacted synthesis gas and by-
products). Methanol and water are separated from unconverted syngas through rapid
cooling and condensation, often applied by mixing with already condensed product
(quenching). Subsequently, methanol is separated from the condensed mixture using the
thermal separation process rectification. Depending on the synthesis selectivity and de-
sired product purity, one- to three-stage column configurations can be implemented for
methanol purification.

A.2 Economic calculations

Fixed capital investment (FCI) calculation. The FCI representing the capital required
for the plant’s construction, is calculated according to Eq. A-12. The applied module cost-
ing technique relates all costs to the purchased costs of equipment (purchased costs for
base conditions: C). Contingency and fees (¥) and costs for land, buildings, and auxiliary
facilities (auxiliary costs: ) are considered via markup factors. The raw component costs
are adjusted with specific cost factors (Fgy ), taking into account additional design adjust-
ments for pressure and material requirements.

The base equipment is calculated for the major process equipment and can be derived
from equipment-specific cost correlations available in the literature (Eq. A-13) [110]. For
this purpose, the individual apparatuses are each dimensioned with respect to the equip-
ment-dependent size parameter (4, e.g., volume, area, power) based on the simulation
results and further technical specifications (e.g., gas hourly space velocity, bulk density).
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K K
FCI=(14Y) ) G Foma + B ) C8\ Fiw, Bq. A-12
=1 =1
FCI Fixed capital investments [€2022]
Cp, Purchased cost for base conditions [€2022]
Fgm Component-specific cost factor [-]

Component-specific cost factor for base conditions [-]
y Share of contingency and fee costs [%]

B Share of auxiliary costs [%]

l Number of the equipment [-]

k Total number of equipment [-]

log1oCp = K; + K;log;(A) + K3[logy4(A)]? Eq. A-13
co Purchased cost for base conditions [€2022]
Ky Correlation parameter [-]
A Capacity or size parameter [m?, m, kW, etc.]

To adjust the purchased cost for base conditions to non-base-case conditions and to take
into account the direct and indirect costs of installation, CJ is multiplied by the bare mod-
ule factor (Fgym) (Eq. A-14). The specific elements of the formula depend on the type of
equipment and can be found in the respective literature [110].

Fgm = By + By,FpFy Eq. A-14
Fgm Bare module factor [-]
B, &B, Installation cost factors [-]
Fp Pressure factor
Fy Material factor

A.3 Modeling data

Additional information on the comprehensibility of the simulations and analyses per-
formed is provided below.

A.3.1 Process configuration model data

Thermodynamic models. Different thermodynamic models (equation of state or activity
coefficient models) are chosen to calculate the occurring mixture states, mass, and energy
flows depending on the interacting components and the process conditions. The syngas
production is predominantly modeled using the “Soave-Redlich-Kwong” (SRK) equation-
of-state for analyzing hydrocarbon systems [221, 222]. In the methanol synthesis and pu-
rification section, streams with considerable proportions of polar components, such as
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predominantly water and alcohols, occur. Thus, an equation-of-state model by
Schwarzentruber and Renon (SR-Polar) is used [120, 221].

Components. Table A-1 lists the modeled components considered in the process simula-

tion.

Table A-1: List of modeled components.
Component CAS number
Nitrogen (N3) 7727-37-9
Oxygen (02) 7782-44-7
Hydrogen (Hz) 1333-74-0
Carbon monoxide (CO) 630-08-0
Carbon dioxide (CO2) 124-38-9
Water (H20) 7732-18-5
Methane (CHa4) 74-82-8
Methanol (CH30H) 67-56-1
Ethanol (C2Hs0H) 64-17-5
Dimethyl ether (C2H¢0) 115-10-6
Methyl formate (C2H402) 107-31-3
Acetone (C3H60) 67-64-1

Inputs and Outputs. Biogas, water, and oxygen are the material inputs of the process.
The considered states of the components are listed in Table A-2. The assumed composi-
tion of biogas is defined by the CH4/COz-ratio, the inert gas fraction (IGF), and the water
content. For the latter, it is assumed that biogas, as conventionally practiced, is cooled
down to 10 °C during pre-purification for drying purposes (outside system boundaries).
Oxygen is a by-product of water-electrolysis and is available as a pure substance at ele-
vated pressure. Water is considered available at the plant side as a pure substance. Input
and Output streams are set to 35 °C to close the overall energy balance and to avoid im-
practical cooling demands from pinch analysis.

Table A-2: Definition of process inputs and outputs (PV: Parameter variation, RC: Reference case,
x: Molar fraction).

Stream Parameter Value Reference
Biogas Composition CH4/CO2-ratio RC: 1.5, PV:1-3 [117-119]
N2 [Yopry] RC: 2, PV: 0-5 [117,118]
Dew point [°C] 10 [117]
Conditions p [bar] | T [°C] 1.045] 10 [117]
Water Composition Xuzo0 [%] 100 [-]
Conditions p [bar]; T [°C] 1]35 [-]
Oxygen? Composition Xo02 [%] 100 [86,108]
Conditions p [bar]; T [°C] 50|70 [86,108]
Methanol Composition Xcuzon [%)] 99.85 [95]
Conditions p [bar]; T [°C] 1|35 [-]

a from water-electrolysis
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Technical. Table A-3 lists extended information on the Aspen plus® process models.

Table A-3: Extended list of technical modeling data and simulation approaches (DS: Design speci-
fication, HHV: Higher heating value, LHV: Lower heating value, PV: Parameter variation,
RC: Reference case, SN: Stoichiometric number, Q: Thermal energy stream, ,, : Electri-
cal efficiency).
Process Model Parameter Value Value Reference
Electroly- Calcula- Electricity Electrical efficiency 67 [86]
sis tor demand (Mer) [YoLuv]
Heating/ Based on energy balance: [-]
cooling Q = 1y, (LHV 5., ~" — HHV)
Reform- RGibbs  Operating T [°C] RC: 900 [62,119]
ing conditions PV:800-1,000
p [bar] 5 [62]
Equilibrium  Products considered: [83]
conversion CO, COz, H20, Hz, CH4, O2, N2
Calcula- Condition OxyN 1.5 [62]
tor
Methanol Design  Syngas com- SN 2.05 [95,151]
synthesis  spec position
REquil Operating T[°C] 250 [86,92]
conditions p | Ap [bar] 75| -5
Equilibrium  CO + 2H; = CH30H 15K [120]
conversion 0, + 3H, < CH30H + H20 15K [120]
withtem- 0 4 )« €O+ H,0 15K [120]
perature ap-
proach
Design ~ Amount of Inert gas share RC: 0.2 [-]
spec purge gas PV:0.02-0.50
RStoic+ By-product 2CO+4H;— 16.1 [86]
Calcula- formation C2Hs0H + H20
tor [mol/teuzon]  2€0 4 2H; - C;H40; 11.5 [86]
2CO + 4H; — C2H¢0 + H20 1.6 [86]
3CO + 5Hz = C3H60 + 2H:0 0.5 [86]
CO + 3H;— CH4 + H20 5.8 [86]
Topping Radfrac Internal DS  CO: purity bottom [wt%)] 0.001 [-]
column Top temperature [°C] 30 [-]
Methanol Internal Internal DS  CH3zOH purity top [wt%] 99.85 [95]
column DS CH30H recovery top [%] 99.9 [-]

General assumptions for compression modeling. The selected compressor models are

designed according to several criteria. Generally, a maximum compression ratio of 3 is

permitted [223, 224]. If higher pressure ratios are required for compression, multistage

compressors are selected. For the multistage compressor, the same pressure ratios are

assumed for all stages since the total work requirement is lowest here [223]. Intermediate

cooling is assumed down to 75 °C (air cooler [25 °Cair] with minimal temperature differ-

ence gas to gas 50 K). The maximum compression temperature is considered to be below
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250 °C [224]. All compressions are calculated polytropic using the ASME method (see As-
pen Help for further descriptions [109]). Aspen Plus® default compression efficiency
(72 %) is used.

General assumptions for purge gas combustion modeling. Fuel gas combustion is
modeled using stoichiometric reactor models generating combustion reactions. Oxygen is
provided by air (21 vol%o2/ 79 vol%n2). The combustion ratio is assumed with air in sur-
plus (A = 1.2) and a combustion temperature of 1,000 °C. The feed gas is pre-heated to
700 °C to consider heat integration potential. SRK equation-of-state is used for calculating
thermodynamic properties.

A.3.2 Heat integration

The heat integration carried out by pinch analysis considers a general minimum temper-
ature difference (AT) of 20 K. Apart from this, a AT of 10 K is assumed for evaporation and
condensation processes [225]. In order to approximate an ideal heat integration, heat-
ing/cooling and aggregate state changes of pure substances are simulated in separate
steps. Table A-4 lists the considered utility streams used in the pinch analysis.

Table A-4: Utility streams considered in heat integration (7: Temperature).
Task Utility stream Inlet T [°C] Outlet T [°C]
Cooling Water 15 25
Low-pressure steam generation 124 125
Medium-pressure steam generation 174 175
High-pressure steam generation 249 250
Heating Electrical power 1,001 1,000
A.3.3 Economic analysis

Economic analysis data. Table A-5 and Table A-6 list the assumed values for the general
cost calculation. For the operating labor costs (Cp;), six operators with a gross of
4,910 €2022/month and 13 salaries/a are considered. In addition, non-wage labor costs of
28 % are considered. In the parameter variation of the plant size, the number of necessary
operators was increased with increasing plant size (Scale factor/Operator: 5/12, 10/18,
50/24,100/30).

Table A-5: Assumptions for annual capital cost calculation (Parameters according to A.2 and 3.2).
Parameter Value Reference
Share of contingency and fee costs (y) [-] 0.18 [110]

Share of auxiliary costs (8) [-] 0.5 [110]
Working capital share (w) [-] 0.15 [110]
Weighted average cost of capital (WACC, i) [-] 0.06 [108]

Depreciation period (n) [a] 20 [125]
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Table A-6: OPEX; markup factors according to Turton et al. [110] (Co.: Operating labor costs, FCI:
Fixed capital investments).

Parameter Calculation
Direct supervisory and clerical labor (Cps) 0.18Cy;,
Maintenance and repairs (Cyr) 0.03FCI
Operating supplies 0.009FCI
Laboratory charges 0.15Cy;,

Local taxes and insurance 0.032FCI

Plant overhead costs 0.5(Cor + Cyr+Cps)
Administrative costs 0.15(Cyp, + Cygr + Cps)

Hydrogen supply cost database. The input parameters for the determination of the on-
site hydrogen supply cost are listed in Table A-7.

Assumptions for the calculation of the comparative cases PtM and BGtM. Simplified
assumptions are made for calculating the methanol production cost (MPC) of the non-hy-
brid concepts PtM and BGtM. For PtM, all apparatus for biogas reforming are excluded
from the fixed capital investments (FCI). In addition, an amine wash process is included
to separate CO2 from the biogas. The specific costs for the available biogas quantity are
assumed to be 1,500 €2022/Nm>gc/h [226]. Since, in the reference case, only 40 % of the
carbon in the biogas is COz, the plant’s production capacity is scaled by a factor of 0.4.
Given that very low inert gas contents in the feedstock and minimal purge gas losses are
expected when using CO2 and Hz, the carbon efficiency is assumed to be the same as in the
TriRef configuration (97 %). The specific electricity requirements for gas compression are
assumed to be identical to the TriRef configuration.

The MPC of the BGtM concept is based on the apparatus costs of the BiRef configuration
since additional Oz input would significantly lower the production capacity (without ad-
ditional H2 generation). Like in the PtM concept, an amine wash process is included to
separate the required CO2 amount from the biogas. The maximum production quantity is
determined based on Eq. A-15, resulting in an 80 % capacity compared to the reference
case (scale factor 0.8). The specific power requirement is equated to the BiRef configura-
tion due to the electrically heated reforming.

3CH, + CO, + 2 H,0 — 4CO + 8H, — 4CH,0H Eq. A-15

Table A-7 lists the data considered in the optimization model used for hydrogen supply
cost calculation.
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Table A-7: Input parameters (year 2022) for the onsite hydrogen supply cost determination
(Base: baseline scenario, derived from the data median; CAPEX: capital expenditure;
Cons: conservative scenario, derived from the worst 25 % percentile of the data; OPEX:
operational expenditure; PEMEL: proton exchange membrane electrolyzer; Prog: pro-
gressive scenario, derived from the best 25 % percentile of the data).
Component Parameter Unit Base Prog Cons Reference
Compressor CAPEX €2022/(kguz/h) 1,980 1,312 4,104 [220, 227, 228]
(250barout)  Deprecia- a 20 20 20 own assumption
tion
Efficiency - 0.79 085 0.68 [227,229, 230]
OPEX Yof capEx/a 5 5 5 [220, 228]
Li-lon- CAPEX €2022/kWhe 326 250 364 [231-234]
battery Deprecia- a 20 20 20 own assumption
tion
Efficiency - 0.87 090 0.85 [231, 232, 234]
OPEX Y0of caPEX/@ 3 3 3 [232-234]
PEMEL CAPEX €2022/kWel 1,386 1,045 1,757 [231, 235-242]
(50 barout) Deprecia- a 20 20 20 own assumption
tion
Efficiency - 0.67 069 0.63 own assumption
(LHV)
OPEX Y%of caPEx/a 3.5 3.5 3.5 [235, 236, 238-242]
Water kgrzo0/KkgHz2 10 10 10 [243]
demand
Water cost €2022/m31-120 2.6 2.6 2.6 [244]
Photovol- CAPEX €2022/kWel 625 541 728 [208, 232, 233, 245-249]
taic Deprecia- a 20 20 20 own assumption
tion
OPEX Yo capEX/a 2.4 2.4 2.4 [232,233, 245, 246, 248,
249]
Wind CAPEX €2022/kWel 1,402 1,290 1,545 [208, 235, 245, 248-252]
turbine Deprecia- a 20 20 20 own assumption
(onshore) tion
OPEX Y%of caPEX/a 2.4 2.4 2.4 [232, 245, 248, 249, 252]
H-Tank CAPEX €2022/kgn2 514 240 665 [220, 228, 253-255]
(200 barmax)  Deprecia- a 20 20 20 own assumption
tion
OPEX Yof capEX/a 2 2 2 [229]
Storage bar 100 100 100 own assumption
pressure

A.4 Extended results

A4.1

Pinch analysis results

Figure A-1 illustrates the composition curves depicting the outcomes of heat integration

for an assumed minimum temperature difference of 20 K. In the case of the BiRef config-

uration, an external heat demand of approximately 0.9 MW arises, which is exclusively

required for reforming and provided via electricity. The external cooling demand of
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1.9 MW is covered by more than 90 % via cooling water and can only be minimally utilized
for steam generation. Up to 2.3 MW can be internally transferred.

In the TriRef configuration, an external cooling demand of 2.5 MW results, which is nearly
entirely met by cooling water (98 %). Internal heat recovery can utilize up to 2.3 MW. No
external heat is required due to autothermal reforming.

BiRef configuration TriRef configuration

1,100 5 1,100 5

1,000 §|——Hot composite curve 1,000 §|——Hotcomposite curve

o 900 1 ——Cold composite curve o 900 4 ——Cold composite curve
800 800 1
£ 700 ; £ 700
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- ] - 1
g 500 g 500
£ 400 { £ 400 5
2 300 ] £ 300
200 7 200
100 3 100 1
0 T 0

0.0 05 1.0 15 20 25 30 35 40 45 50 00 05 10 15 20 25 3.0 35 40 45 50
Enthalpy [MW] Enthalpy [MW]

Figure A-1:  Compositive curves from heat integration.

A.4.2 Bare module costs

The results of pure component cost calculation for the respective process units are de-
picted in Figure A-2. The heat integration costs encompass all heat exchangers required
for the previously illustrated heat integration. This includes, among others, preheaters,
condensers, or boilers, which are accordingly not included in the costs of the listed units.
The synthesis unit encompasses the costs of the syngas compression and the methanol
reactor. The reformer unit comprises the vessels of the activated carbon filters and the
purge gas combustion in addition to the reactors. Since cost functions for electrically
heated reforming reactors are so far not available in the literature, the reformer was as-
sumed to be a fired reactor (i.e., including a reactor furnace).

O Purification unit

O Synthesis unit

@ Reformer unit

B Heat integration

Bare module costs [M€]
o =~ N W A O O N 0 © O

BiRef TriRef

Figure A-2:  Bare module costs for BiRef and TriRef configuration.
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A4.3 Hydrogen supply costs

The results of the hydrogen onsite supply costs (year 2022) by applying the optimization
model from Sens et al. 2022 [108] are shown in Figure A-3. Based on this, the hydrogen
costs are set to 7 €2022/kg in the reference case. According to average cost regions in the
progressive and conservative scenario, the parameter varies from 5 to 9 €2022/kg.

P
Onsite hydrogen supply costs [€2022/kgn2]
o
Onsite hydrogen supply costs [€2¢22/Kgn2]

B3
Onsite hydrogen supply costs [€2022/kgn2]

Figure A-3:  Costs for a constant onsite green hydrogen supply for the baseline (left), progressive
(middle), and conservative (right) scenario in 2022 (determined by applying the opti-
mization model from Sens et al. 2022 [108]).
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This section contains the supplementary information published with the manuscript
“Kerosene production from power-based syngas - A technical comparison of the Fischer-
Tropsch and methanol pathway” (Chapter 4). Formatting and wording are slightly ad-
justed to ensure consistency throughout this thesis.

B.1 Technology description

In addition to the flowsheets described in Chapter 4, detailed information on the technol-
ogies used are presented in the following, serving as the basis for the design of the refer-
ence concepts.

B.1.1 Fischer-Tropsch pathway

The following describes the technologies considered within the Fischer-Tropsch pathway.
Fischer-Tropsch syncrude production

Reverse water-gas shift. The reduction of CO2 to CO and syngas conditioning is considered
via a reverse water-gas shift (RWGS) reaction, using Hz as a reductant. The respective en-
dothermic equilibrium reaction is shown in Eq. B-1.

C02 + HZ =3 CO + Hzo AHR (298]() = 4‘2 k]/mOI Eq B'1

The RWGS reactor operates between 700 and 1,000 °C to enable sufficient CO formation
[83]. Operating pressures between 1 and 30 bar are mainly investigated in practical ap-
plications, with a rising formation of methane atincreased pressure [75, 83]. The required
heat for the endothermic reaction at high-temperature levels can be provided by electrical
energy or combustion. Nickel (Ni) or noble metal-based catalysts are mainly used to pro-
mote the reaction [75]. Since only some research and demonstration RWGS plants exist
but no RWGS reactors are commercially used yet, the TRL is estimated to be at about 6
[135, 256].

Low-temperature Fischer-Tropsch synthesis. The low-temperature Fischer-Tropsch
(LTFT) synthesis is a heterogeneously catalyzed conversion, mainly producing long-chain
n-alkanes in the kerosene, diesel, and wax range. Eq. B-2 shows the strongly exothermic
reaction where n represents the carbon chain length of the molecules produced. The chain
length distribution can be described by the Anderson-Schulz-Flory (ASF) distribution
shown in Eq. B-3, with W, giving the chain length(n)-related weight fraction according to

XV



XVI Annex B - Kerosene production from power-based syngas

the chain growth probability (a). However, considerable deviations occur in particular
due to a much higher C1 and a much lower Cz production [58].

nCO + (2n + 1)H, - C,,H,,,4, + nH,0 AHR (208 x) = n(—150k]/mol) Eq. B-2
W, =n(1—a)?a™? Eq. B-3

The chain growth probability mainly depends on the catalyst used, the composition of the
respective syngas, and the operating temperature and pressure within the reactor [190].
Iron (Fe) or cobalt (Co) can be used as an active catalyst component. The higher activity
of cobalt leads to improved conversions and is therefore preferred, especially for long-
chain hydrocarbon generation [87, 135]. At operating conditions from 180 to 250 °C and
20 to 60 bar, per-pass conversions from 60 to 85 % and chain growth probabilities be-
tween 0.80 and 0.95 can be reached [58, 86, 87, 144]. Besides n-alkanes, LTFT produces
olefins - whose proportion decreases with increasing chain length - and minor amounts
of oxygenates (mainly alcohols) [58, 190, 257]. The chain length (n) dependent olefin (0)
to alkane (paraffin; P) formation can be described by Eq. B-4 [149]. The adjustment pa-
rameter c lies between 0.19 and 0.49 [258].

(0/P), =e“" Eq. B-4

Syncrude refining

Hydrocracking. Hydrocracking is the catalytic conversion of long-chain hydrocarbons into
lighter ones within an Hz-rich environment. Thus, heavy syncrude fractions, especially
waxes, can be converted into common fuel fractions. The splitting of carbon double bonds
(C-C bonds) is enabled via bi-functional catalysts under elevated pressures and tempera-
tures (35 to 70 bar and 325 to 375 °C [144, 159]). Hydroisomerization reactions always
accompany cracking reactions, leading to a product with a higher degree of branching and,
therefore, better cold flow properties. The used catalysts have two active centers: an
acidic center that causes isomerization and chain breaking and a metallic center with a
hydrogenation-dehydrogenation effect [259]. The probability of chain breaking increases
with the increasing carbon chain length of the molecules. Ideal cracking is characterized
by equal cracking probability along the carbon chain and direct desorption of the cracked
molecule from the catalyst. This results in a single cracking event predominantly achieved
at mild process conditions [144]. However, secondary and tertiary cracking can also oc-
cur, shifting the product distribution to shorter hydrocarbons. Using shape-selective zeo-
lites as catalysts can additionally improve the hydrocracking selectivity. The hydrocrack-
ing of FT wax can reach per-pass conversions of 20 to 100 %.
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Hydrogenation and fractionation. Hydrogenation of FT-derived kerosene is required to
ensure the long-term stability of the molecules, i.e., to avoid undesired reactions of un-
saturated hydro-carbons during kerosene storage. Saturating olefins is slightly exother-
mic and decreases molar quantities, according to Eq. B-5. Complete hydrogenation is
achieved under a high hydrogen surplus and elevated pressures (5 to 60 bar [160, 171])
catalyzed by nickel (Ni), platinum (Pt), or palladium (Pd) on alumina (Al203) [159]. The
temperature lies between 50 and 350 °C, depending on the degree of branching and the
catalyst used [159, 160]. The amount of hydrogen required corresponds to the amount of
olefins in the feedstock, which is relatively low for LTFT products. However, excess hy-
drogen within the reactor is necessary to achieve complete saturation.

CnHZn + HZ - CnHZn+2 Eq- B-5

To separate the different fuel fractions, fractionation of the hydrocarbon mixture is per-
formed via rectification. Depending on the mixture, separating into different product frac-
tions can be carried out in one or more interconnected rectification columns. Distillation
of high-boiling components might be operated under a vacuum to avoid thermal cracking.

B.1.2 Methanol pathway

The methanol pathway is distinguished into the process sections “Methanol production”
and the subsequent “Methanol-to-Kerosene” process.

Methanol production

The methanol synthesis is a heterogeneously catalyzed conversion usually operated in a
temperature and pressure range of 200 to 300 °C and 40 to 100 bar [86, 95]. The for-
mation of methanol can be described by the reactions in Eq. B-6 and Eq. B-7. Both reac-
tions are coupled via the water-gas shift (WGS) reaction occurring in parallel (Eq. B-8).

CO + 2 H, = CH;0H AHR 298y = —90.8 kJ/mol Eq.B-6
COZ + 3 Hz = CH30H + Hzo AHR (298 K) = —4‘92 k]/mOI Eq B'7
CO+ H20 = C02 + H2 AHR (298 K) = —40.9 k]/mOI Eq B-8

Due to the exothermic and volume-decreasing nature of the equilibrium-limited methanol
formation reaction, product generation is favored by low temperatures and high pres-
sures [217]. Compared to the conventional CO-converting synthesis, the per-pass conver-
sion for direct CO2 conversion is significantly lower (<45 %). However, the selectivity is
slightly higher (99.90 to 99.96 %) [86]. Today’s commercial catalysts are based on copper
oxide (CuO) and zinc oxide (ZnO) stabilized with Al203 or chrome oxide (Crz203) and



XVIII Annex B - Kerosene production from power-based syngas

spiked with small amounts of promoters [95]. The predominant by-products are ethanol,
dimethyl ether, and methyl formate, which are formed only in very small amounts [86].

Methanol-to-Kerosene process

Figure B-1 shows the processes steps of the Methanol-to-Kerosene (MtK) process. Com-
mercially available processes are the Mobil olefins to gasoline and distillate (MOGD) and
the MtSynfuel process from Lurgi (today AirLiquide). However, none of these processes
is currently optimized for kerosene production.

> Dehydration

Oligomerization Hydrogenation Process step

A\ 4
A\ 4

Methanol
H

H—(|3—OH
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Figure B-1:  Basic conversion steps for Methanol-to-Kerosene (MtK) processes.

Dehydration. Methanol dehydration to light olefins is also known as the Methanol-to-Ole-
fins (MtO) process. Around 30 Mt/a of methanol are converted worldwide via MtO, mak-
ing the process a state-of-the-art technology (TRL 9) [91]. According to Eq. B-9, the sepa-
ration of the hydroxyl group, takes place by the formation of water and a carbon-to-car-
bon double bond.

nCH;0H - C,H,, + nH,0 with2 <n <6 Eq. B-9

Depending on the selected catalyst and the applied operating conditions - i.e., pressure,
temperature, and space velocity - predominantly short-chain olefins are formed. Low
temperatures and pressures favor the exothermic conversion. However, methanol dehy-
dration needs considerable activation energy, requiring temperatures above 350 °C and
catalysts to achieve a complete methanol conversion [81, 168, 260]. Protonated ZSM-5
and SAPO-34 zeolites are common catalysts used. The olefin-selectivity lies between 80
to 90 % related to the carbon input [162, 193]. By-products are mainly coke depositing
on the catalyst, short-chain alkanes, and COz, which may be separated before the olefins
are further processed [79, 169, 170]. Most commercial processes are operated at around
400 °C and pressure levels below 5 bar [78, 162].

Today, MtO is primarily applied to generate ethene and propene as an alternative route
to naphtha cracking from crude oil. However, for the downstream oligomerization, olefins
with higher carbon chain lengths, like butene or propene, can be a more beneficial starting
material for producing higher hydrocarbon fuels [155, 261]. Olefins with a shorter carbon
chain length may lead to a more homogenous product distribution, with a smoother dis-
tillation curve being more comparable with conventional (crude oil-based) kerosene
[262].
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Oligomerization. By oligomerization, the carbon double bonds (C=C bonds) of the olefins
(monomers) are broken and linked with other olefin molecules by the formation of C-C
bonds (Figure B-1). Monounsaturated hydrocarbons (oligomers) are mainly formed. Eq.
B-10 shows the exothermic and volume-decreasing reaction with the number of mono-
mers (m) and their carbon number (n).

mCyHyy = ConHomn ~ With2 <n < 4 Eq.B-10

Depending on the reactant composition and the target product (i.e., chain length and com-
ponent type), oligomerization can occur via various technologies, primarily distinguished
by the catalysts used. For kerosene production, acidic catalysts play a major role, further
enabling aromatics production [263]. Homogenous transition-metal catalysis can also
produce olefins in the kerosene range [264]. Depending on the MtO product, different sin-
gle- or multi-stage processes are conceivable. Today, commercial oligomerization appli-
cations focus on producing gasoline from Cz to Cs olefins.

Pure iso-butene can be used for primary oligomerization on a polymeric acid resin cata-
lyst at temperatures below 100 °C, targeting products in the kerosene range. However,
more stable olefins like ethene or propene are not converted to a sufficient amount in such
an oligomerization concept. Solid phosphoric acid (SPA) catalysts can also be used at
higher temperatures to produce a more diverse and branched product since concomitant
oligomerization, cracking, and isomerization occur [155]. Some extensively studied oli-
gomerization catalysts for fuel production are shape-selective, acidic zeolites. Depending
on the operating conditions and the pore size, different olefin mixtures can be converted
into more or less branched kerosene and diesel fractions. Light olefins in the gasoline
range can be recycled to oligomerization, increasing the overall kerosene fraction [79,
155]. In addition to individual oligomerization technologies, combining consecutive oli-
gomerization processes can also enhance the kerosene fraction, particularly when dealing
with olefin mixtures [155].

According to a more generic approach, the oligomerization product is described using the
adjusted ASF distribution according to Eq. B-11.

W,=(n—x—-1)(1—a)?a™*2 forn > x Eq.B-11

Carbon chain length [-]
Weight fraction [wt%]
Chain growth probability [-]
Adjustment parameter [-]

R K]S
RS

Hydrogenation and fractionation. Hydrogenation and fractionation of the oligomerization
products can occur similarly to processing FT crude (see B.1.1). However, compared to FT
crude, more H2 is needed for the hydrogenation since the input stream is a pure olefin
mixture. Furthermore, the hydrocarbons might be more challenging to hydrogenate as
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they are more branched than the linear paraffinic (linear alkanes) FT product. Analo-
gously to the FT pathway, fractionation can be realized via rectification.

B.2 Extended information on the simulation model

B.2.1 Components and property methods

In practice, the synthesis and further downstream processes considered in the analysis
lead to the production of various chemical components. Some of them differ only slightly
in their structure and respective properties or are produced only in vanishingly small
quantities. To reduce this product variety to an appropriate level with regard to the re-
quirements of the analysis, only the main components that sufficiently approximate a real
product mixture are considered in the simulation. In terms of hydrocarbon products,
therefore, only linear olefins (Cz to C24) and linear alkanes (Ci to Css), for which all neces-
sary parameters can be taken from the Aspen Plus databases, are considered in the model.
Table B-1 lists the modeled components in the respective pathway simulations.

Table B-1: List of modeled components.
Component CAS number Pathway
Nitrogen (N2) 7727-37-9 Fischer-Tropsch, Methanol
Oxygen (02) 7782-44-7 Fischer-Tropsch, Methanol
Hydrogen (Hz) 1333-74-0 Fischer-Tropsch, Methanol
Carbon monoxide (CO) 630-08-0 Fischer-Tropsch, Methanol
Carbon dioxide (CO2) 124-38-9 Fischer-Tropsch, Methanol
Water (H;0) 7732-18-5 Fischer-Tropsch, Methanol
Alkanes (C1-Cas) | (C1-C24) - Fischer-Tropsch, Methanol
Olefins (C2-Cz4) - Fischer-Tropsch, Methanol
Methane (CHa4) 74-82-8 Fischer-Tropsch, Methanol
Methanol (CH30H) 67-56-1 Methanol
Ethanol (C2HsOH) 64-17-5 Methanol
Dimethyl ether (C2H¢0) 115-10-6 Methanol
Methyl formate (C2H402) 107-31-3 Methanol
Acetone (C3H60) 67-64-1 Methanol
Coke (C11H16) 61827-86-9 Methanol
Sodium hydroxide (NaOH) 1310-73-2 Methanol
Sodium carbonate (Na;COs3) 497-19-8 Methanol
Sodium bicarbonate (NaHCO3) 144-55-8 Methanol
Ions (H30+, NA+, HCO3-, OH-, CO32) - Methanol

Different thermodynamic modeling approaches (equation of state or activity coefficient
models) must be chosen to calculate the occurring mixture states and mass and energy
flows depending on the interacting components and the process conditions. For the model
of the Fischer-Tropsch pathway, the “Peng-Robinson with Boston-Mathias alpha function”
(PR-BM) is chosen as the global property method for analyzing hydrocarbon systems [83,
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144]. For streams with considerable proportions of polar components, such as predomi-
nantly water, the combined method “Non-random two-liquid - Redlich-Kwong” (NRTL-
RK) is also used [221]. Light gases - such as Hz, N2, or CHs - are, in this case, considered
Henry components. PR-BM is also predominantly used in the methanol pathway model
(oligomerization and further downstream processes). The synthesis gas generation and
methanol synthesis are modeled using the property method “Soave-Redlich-Kwong”
(SRK) [221]. In the dehydration of methanol, NRTL-RK is used due to the high water for-
mation [221, 222]. The caustic wash is simulated using “Electrolyte NRTL with Redlich-
Kwong” (ELECNRTL) [221].

B.2.2 Chain growth probability variation

This subsection defines the analyzed value ranges for the variation of the chain growth
probability. For this purpose, the relevant straight-run fractions of the Fischer-Tropsch
synthesis and the oligomerization and their interactions with the overall concepts are de-
scribed.

Figure B-2 illustrates the straight-run kerosene (Cs to C16) and wax (= C21) fractions re-
sulting from varied chain growth probabilities (a) of the assumed ASF distributions for
the FT and the methanol pathway considered. “Straight-run” represents the reactant con-
version in the reactor without recycling and downstream processing. The analysis of
straight-run fractions serves as a means to depict the product fractions resulting from the
assumed distributions and allows for the derivation of meaningful value ranges for the
overall system investigation. The FT synthesis, represented by the standard ASF distribu-
tion, shows a maximum straight-run kerosene fraction of about 40 wt%, achieved at a
chain growth probability value of 0.84. It is evident that the maximum straight-run kero-
sene fractions for all assumed methanol pathway variations are significantly higher than
the maximum FT kerosene yields. The maximum shifts towards lower chain growth prob-
abilities for the assumed hydrocarbon chain formation through oligomerization. As the
monomer (olefin) size increases, fewer chain growth reactions are required to reach a
kerosene chain length during the oligomerization. Consequently, the maximum achieva-
ble straight-run kerosene fraction increases with an increasing monomer size (modeled
by the parameter x (Eq. B-11). Thus, for a light olefin input stream (x = 2), a maximum
straight-run kerosene fraction of 54 % can be achieved at a chain growth probability of
0.78.In contrast, an oligomerization feedstock composed of longer olefins (x = 4) achieves
a higher maximum straight-run kerosene fraction, which amounts to about 70 % at a
chain growth probability of 0.71.
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Figure B-2:  Straight-run kerosene and wax fractions over chain growth probability variation (FT:
Fischer-Tropsch, Invest. areas: Investigated areas in overall plant simulation, K: Kero-
sene, Oli.: Oligomerization, W: Wax, x: parameter of Eq. B-11).

Furthermore, while the share of components below the naphtha fraction (with regard to
the chain length) decreases with an increasing alpha (a) value, the wax proportion signif-
icantly increases for both pathways. The plant concept of the FT pathway allows waxes to
be further cracked into fuel fractions, which is why the analyzed range (FT area) is cen-
tered around the straight-run maximum. In contrast, there is no hydrocracking step in the
plant concept of the methanol pathway (although this would also be technically feasible),
resulting in waxes as non-fuel products, reducing the value product yield. Consequently,
the analyzed range in the overall concept simulation is located to the left of the maxima of
the straight-run profiles.

B.2.3 Process modeling

Compression. The selected compressor models are designed according to several crite-
ria. Generally, a maximum compression ratio of 3 is permitted [223, 224]. If higher pres-
sure ratios are required for compression, multistage compressors are selected. For the
multistage compressor, the same pressure ratios are assumed for all stages since the total
work requirement is lowest here [223]. Intermediate cooling is assumed down to 75 °C
(air cooler [25 °Cair] with minimal temperature difference gas to gas 50 K). The maximum
compression temperature is considered to be below 250 °C [224]. All compressions are
calculated polytropic using ASME method (see Aspen Help for further descriptions [109]).
Aspen Plus default compression efficiency (72 %) is used.

Fuel gas combustion. Fuel gas combustion is modeled using stoichiometric reactor mod-
els generating combustion reactions. Oxygen is provided by air (21 vol%o2 / 79 vol%nz2).
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The combustion ratio is assumed with air in surplus (A = 1.2) and a combustion tempera-
ture of 1,000 °C. The feed gas is pre-heated to 750 °C to consider heat integration poten-
tial. Peng-Robinson equation of state is used for calculating thermodynamic properties.

Fischer-Tropsch synthesis. The implementation of the FT-synthesis reactions in the
flowsheet simulation takes place according to the procedure presented in [265]. A stoi-
chiometric reactor (RStoic) is used, and the reactions Eq. B-12 (1 < n < 42) and Eq. B-13
(2<n<24) are implemented. The selectivity for methane, ethane, and ethene is approxi-
mated according to [159] with a value of 5.6, 1.0, and 0.1 %, respectively.

nCO + (2n + 1)H, - C,H,, 4, + nH,0 Eq. B-12

nCoO + (2n)H, - C,H,, + nH,0 Eq. B-13

The amount of purge gas controls the feed gas composition. Thereby, the reactant concen-
tration is set to 70 % (different values are reported: 50 % [83], 80 % [159]).

Olefin cleaning. The caustic wash is modeled using the Aspen Plus modeling example
“ELECNRTL_Rate_Based_NaOH_Model”. The “Dryer” is considered to be a molecular sieve
modeled with a separator and a calculator block, which determines the required heat
based on the evaporation enthalpy.

Distillation. The rectification columns were simulated for the reference cases using rig-
orous column models. For this purpose, “Radfrac” columns were selected, which allow the
head and bottom product purities to be defined via internal design specifications, which
are achieved by adjusting reflux and distillate-to-feed ratios. A preliminary design was
carried out on shortcut models (DSTWU) to determine suitable stage numbers. The set-
tings of the columns are listed in Table B-2.

Simulation changes from reference case to parameter variation. To perform the pa-
rameter variation in a simulation-based manner without violating internal design speci-
fications under varying plant conditions, the rigorous column models of hydrocarbon
fractionation were replaced by separator blocks. Due to the relatively low energy require-
ments of the columns, the resulting inaccuracies can be neglected.
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Table B-2: Specification of column modeling (MeOH: Methanol pathway, FT: Fischer-Tropsch path-
way).
Pathway Column Specification Value Unit
FT Middle column 1 Stages 24 -
Mass purity, head, C7- and light gases 99.8 %
Mass recovery, head, C7. and light gases 99.5 %
Middle column 2 Stages 24 -
Mass purity, bottom, Cs-Czo 99.5 %
Mass recovery, bottom, Cg-Czo 99.5 %
Wax column Stages 40 -
Mass purity, head, C21Ha4 0.025 %
Mass recovery, head, C2oHa2 98.0 %
Kerosene column Stages 50 -
Mass purity, head, Cs-C16 99.6
Mass recovery, head, C1¢ and lower 99.7
Naphtha column Stages 24 -
Mass purity, bottom, Cs-Co 99.0 %
Mass recovery, bottom, Cs-Co 99.0 %
MeOH Topping column Stages 6 -
Mass purity, bottom, CO> 0.001 %
Mass recovery, bottom, CH;0H 99.9 %
Methanol column Stages 26 -
Mass purity, head, CH;0H 99.85 %
Mass recovery, head, CH;0H 99.95 %
Middle column Stages 24 -
Mass purity, bottom, Cs and higher 99.7 %
Mass recovery, bottom, Cgand higher 99.5 %
Diesel column Stages 50 -
Mass purity, head, C16-Czo 99.5 %
Mass recovery, head, C16-Czo 99.5 %
Kerosene column Stages 50 -
Mass purity, head, Cs-Ci6 99.5 %
Mass recovery, head, Cs-Ci6 99.5 %
Naphtha column Stages 20 -
Mass purity, bottom, Cs-Co 99.0 %
Mass recovery, bottom, Cs-Coy 99.0 %
B.2.4 Heat integration approach

The heat integration carried out via pinch analysis considers a general minimum temper-
ature difference (AT) of 20 K. Apart from this, a AT of 10 K is assumed for evaporation and
condensation processes [225]. In order to approximate an ideal heat integration, heat-
ing/cooling and aggregate state changes of pure substances are simulated in separate
steps. Table B-3 lists the considered utility streams used in the pinch analysis.



B.3 - Extended results XXV

Table B-3: Utility streams considered in heat integration.

Task Utility stream Inlet T [°C] Outlet T [°C]

Cooling Refrigerant 1 -25 -24
Water 15 25
Low-pressure steam generation 124 125
Medium-pressure steam generation 174 175
High-pressure steam generation 249 250

Heating Power 1,001 1,000

The demand for refrigerants from heat integration is further converted into additional
cooling water and power demand for low-temperature generation. The theoretical coeffi-

cient of performance (COP) is adjusted with an approximated cooling cycle efficiency of
72 % [110].

B.3 Extended results

The following presents additional analysis results, supplementing those outlined in Chap-
ter 4.

B.3.1 Hydrogen flows

Generally, the hydrogen flows resemble those of carbon and energy flows. Additionally, it
is evident at which points molecularly bound hydrogen in the form of water is separated
as a by-product.

= Water: 0.4%
Syngas recycle: 80.3% N Furnace >
[ —— Light gas recycle: 1.3%

L/

C7-:6.5%

Naphtha
column

X
- ‘D.
5 5 28l
- q .
- 3§ 3 S 5 Naphtha: 7.7%
o
2| °: e
Hz: 99.3% @ @ = b - 25 59
© o Kerosene: 25.5%
< <)
@ -
<] ¥
2 &
200D |« » 2| &2
Hydrogen flow ) 8\: % Cold condensate: 25.4% :|>:' 5 £
- ) [
sized N g 2 H2:0.1% °3
(sized) & M 8 (2 06% 2o 5 8
= = > ] = ~
° X ~ ©
Hydrogen flow I g 5 oc ¥ Diesel: 2.0%
(cut off) 6 == ©° 3 E 3
o : C20-: 11.4% E =]
5 o
X
C21+:0.3% Wax: 0.2%

Figure B-3:  Hydrogen flows of the Fischer-Tropsch pathway.

The most significant hydrogen loss in the FT pathway (Figure B-3) occurs through water
separation in the cold separator. Before this, approximately half of the hydrogen amount
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is separated after the RWGS. In the methanol pathway (Figure B-4), water formation oc-
curs in methanol synthesis and dehydration in almost equal amounts. These hydrogen
losses are unavoidable since water formation is stoichiometrically dictated in both pro-
cess pathways. As water can be separated easily, no significant carbon losses occur. Com-
pared to energy flow diagrams, it is apparent that the loss of hydrogen does not lead to
equivalent energy losses, as most energy is transferred to the target product with the for-
mation of hydrocarbon compounds. The difference corresponds to the reaction enthalpy.
The ratios of the fractions to each other differ only slightly since the H/C ratios of the
products are similar. Compared to carbon losses, hydrogen experiences a higher loss
through flue gas (in the form of water), as a substantial portion of hydrogen and light,
hydrogen-rich hydrocarbons are burned.
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Figure B-4:  Hydrogen flows of the methanol pathway.

The hydrogen efficiency regarding kerosene is 25.5 % in the FT and 27.2 % in the metha-
nol pathway. Regarding the total fuel, the efficiencies are 35.2 % and 30.2 %, respectively.

B.3.2 Product composition

The product properties of the fuel fractions derived are decisive for their applicability as
a fuel and the potentially required refining and blending steps. However, due to the quan-
titative consideration of the efficiencies within the scope of the work, no detailed, simula-
tion-based analysis of the product properties of the fractions produced is possible (e.g.,
cold flow properties). However, essential characteristics concerning chain length distri-
bution can be derived; these provide information about product quality and necessary
adjustments in production and processing.

Figure B-5 shows the resulting chain length distribution of kerosene fractions and se-
lected product properties. The FT kerosene shows a relatively even chain length distribu-
tion with a slight decrease in longer chain lengths. In contrast, the product distribution of
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methanol-based production shows a strong shift toward light hydrocarbons and, thus, a
significantly less balanced distribution. This is also reflected in the estimated product
properties, especially in the low flash point. Both kerosene fractions are below the densi-
ties required in the specification but have a sufficiently high gravimetric energy content.
According to the boiling curve, the distillate data are within the specification.

Even if the product fractions obtained here do not fully meet the ASTM requirements, us-
ing the fractions in the corresponding fuels is possible. Compliance with the specifications
can be achieved by mixing the fuel fractions, adapting the rectification process, or making
technical adjustments to the process. For the methanol pathway, in particular, the
weighting of the product distribution towards shorter-chain products must be taken into
account. In terms of process technology, for example, an increased return of Cs+ compo-
nents to the oligomerization process could ensure a more balanced distribution. However,
the effects on the efficiencies and influencing variables considered in this work are rated
low, as this does not significantly change overall carbon and energy demands.
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Figure B-5:  Chain length distribution and specific properties of the kerosene fractions (Dist. temp.
rec.: Distillation temperature at X % recovered, FT: Fischer-Tropsch pathway, MeOH:
MeOH pathway).

The curves of the chain length distributions of naphtha and diesel shown in Figure B-6
differ slightly between the process pathways. Due to the wide range of applications in the
chemical industry (cracking) or fuel production (gasoline), a suitable application can be
expected for the naphtha fraction. Concerning the diesel fraction, it can be seen that due
to the high chain length, the product fractions tend to represent heavy diesel, which can
potentially be added to lighter diesel.
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Annex C - Cost analysis of kerosene production from power-
based syngas via the Fischer-Tropsch and methanol pathway

This section contains the supplementary information published with the manuscript
“Cost analysis of kerosene production from power-based syngas via the Fischer-Tropsch
and methanol pathway” (Chapter 5). Formatting and wording are slightly adjusted to en-
sure consistency throughout this thesis.

C.1 Process modeling and simulation

The pathways are analyzed by coupling the Aspen plus® simulation with an additionally
developed Python-Excel script, enabling automated simulation and evaluation.

Detailed information about the individual process technologies, process modeling, and
the considered process data can be found in Bube et al. [175]. Adaptations of the process
concepts and assumptions made in this paper result from the evaluation of [175] with
recent literature and technical experts in power-based fuel production. In addition to the
aspects described in Chapter 5, the most important adjustments made compared to [175]
are described below.

C1.1 Methanol pathway - Oligomerization approach

The oligomerization of an olefin mixture, particularly a blend of ethylene and higher ole-
fins, is challenging due to the different reaction mechanisms involved. To ensure high con-
versions of all olefins, the use of different catalysts in multi-stage or multi-bed reactors is
necessary. Nickel-based catalysts (e.g., Ni-AISBA-15) allow for nearly complete conver-
sion of ethene [191]. Subsequent oligomerization using acid catalysts (e.g., in mesoporous
and microporous materials (MCM-41; SBA-15), zeolites or resins(Amberlyst-35)) enables
the production of a high proportion of highly branched C1o+ olefins [191, 192]. In the over-
all concept investigated in the methanol pathway, such advanced oligomerization of the
light olefin mixture is assumed.

The model in [175] was adapted for the process concepts examined here to depict a more
deterministic and feed-dependent product formation. The model is based on the assump-
tions and steps explained below.

The product distribution resulting from the oligomerization reactions is calculated based
on the normalized molar olefin fractions of the feed stream (xg) (i.e., non-olefin compo-
nents remain unchanged during the reaction and are excluded from the following calcu-
lation) and the chain growth probability (). Full conversion of all olefin components is

XXIX
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considered. The formation probability of an oligomer from n monomers (Pagsg,, ) is ob-
tained by assuming an Anderson-Schulz-Flory (ASF) distribution [171]. Taking into ac-
count the fact that an oligomer consists of at least two monomers, Eq. C-1 results. The
carbon chain length (y) of the oligomer formed depends on the chain length of the coupled
monomers (i, j) and results from the sum of the monomers chain lengths (y =i +j) .The
probability of the monomers colliding is approximated as a multiplication of the molar
fractions. The probability that an oligomer with the carbon chain length y is formed from
n monomers (B, ,) therefore corresponds to Eq. C-2, taking into account the feedstock
composition (x; ) and the concentration of the oligomers formed up to this point (x; ,_1).
Only oligomers up to a maximum chain length of C24 are considered, as it is assumed that
formation restrictions occur in this range due to the shape selectivity of the catalyst. This
also means that there can only be a maximum of 11 oligomerization steps; i.e., oligomers
can be formed from a maximum of 12 monomers. By forming the sum of the multiplied
probabilities over all oligomerization steps, the overall formation probability of a compo-
nent with the chain length y (P, ) can be calculated (Eq. C-3). The total fraction of the
substance in the product (x, 1) is obtained by relating the overall formation probability of

the individual olefin to the sum of the formation probabilities of all formed olefins
(Eq. C-4).

Ppspn =1 —a)a™? forn>1 Eg.C-1
24 24
Py = Z XipXjp—1 (fir(+j) =y A(i+j) <24An>1) Eq. C-2
i=2 j=2
12
Pyr = Z Paskn By Eq.C-3
n=2
Py r
Xy, T = 24yp Eq. C-4
i=2%0,R
a Chain growth probability [-]
Ppspn Formation probability of an oligomer from n monomers taking into

account ASF distribution [-]

Byn Formation probability of an oligomer from n monomers with the chain
length y taking into account collision probabilities

XiF Mole fraction of an olefin (chain length i) in the feed stream [-]

Xjn-1 Mole fraction of an olefin (chain length j) in from previous oligomerization
step [-]

n Number of monomers bound in oligomer [-]

Pyr Overall formation probability of an oligomer (chain length y) through
reaction

Xy, T Mole fraction of an olefin (chain length y) in total product [-]
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The model is implemented in Aspen plus® by coupling a Calculator block with a RYield
reactor. The reaction product is fractionated by using a flash and a subsequent distillation
column. The flash (3 bar, 0 °C) separates light fuel gases and thus counteracts the accumu-
lation of inert gases. The distillation column separates the oligomerization product fur-
ther into a Cs- and Co+ fraction. Octene and lighter components are recycled to the oli-
gomerization, while nonene and heavier olefins are processed in the hydrogenation and
fractionation. A splitter within the olefin recycle is used to adjust the olefine fraction of
the oligomerization feed to at least 80 %.

C.1.2 Energy integration approach

The plant concept is considered to convert Hz and COz2 into hydrocarbon fuels, with kero-
sene as the targeted product. Internal heat streams are integrated via pinch analysis (As-
pen Energy Analyzer®). Utility streams satisfy the remaining heating and cooling de-
mands. Reactors are usually not heated or cooled with other process streams and are ex-
cluded from direct heat integration and cooled or heated with utilities. The resulting util-
ity requirements are balanced with the requirements of the pinch analysis to form the
total utility demand. According to the system boundaries and in line with the general
power-to-liquid (PtL) concept, electricity is considered as the primary energy source and,
therefore, also for heat provision. Internally produced heat that exceeds the integrable
requirements is considered for re-electrification via steam turbines so that only low-tem-
perature heat (removed via cooling water) is produced in addition to the fuel products.

The heat integration carried out via pinch analysis considers a general minimum temper-
ature difference (AT) of 20 K. Apart from this, a AT of 10 K is assumed for evaporation and
condensation processes as well as product cooling, to avoid unnecessary refrigerant re-
quirements [225]. In order to approximate an ideal heat integration, heating/cooling and
aggregate state changes of pure substances are simulated in separate steps. Table C-1 lists
the considered utility streams used in the pinch analysis.

Table C-1: Utility streams considered in heat integration.

Task Utility stream Inlet T [°C] Outlet T [°C]

Cooling Refrigerant -25 -24
Water 15 25
Low-pressure steam generation 124 125
Medium-pressure steam generation 174 175
High-pressure steam generation 249 250
Super high-pressure steam generation 324 325

Heating Low-pressure steam 125 124
Medium-pressure steam 175 174
High-pressure steam 250 249
Super high-pressure steam 325 324

Electrical heating 1,100 1,099
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Fuel gas furnace. Fuel gas combustion is assumed via stoichiometric combustion reac-
tions. Oxygen is provided by air (21 vol%o2/ 79 vol%nz2). The combustion ratio is assumed
with air in surplus (A = 1.2) and a combustion temperature of 1,000 °C. The feed gas is
pre-heated to 750 °C to consider heat integration potential.

Low-temperature cooling. The demand for refrigerants from heat integration is further
converted into additional cooling water and electricity demand, considering a conven-
tional cooling cycle for low-temperature generation. The theoretical coefficient of perfor-
mance (COP) is adjusted with an approximated cooling cycle efficiency of 72 % [110, 124].

Re-electrification. Electricity generation from waste heat using steam turbines is calcu-
lated using the Carnot efficiency. A condensation temperature of 40 °C is considered. To
account for technical conversion losses, a technology factor of 85 % is applied [266].

Electrical heating. Since electricity is considered the primary energy source, it is also
used for heat provision. The electricity-to-heat efficiency for steam generation is set to
100 % [267], while high-temperature heating above 325 °C has an efficiency of 95 %
[268].

Vacuum generation. The energy demand for vacuum generation in distillation is derived
from [186], considering a combined system of steam jet ejectors and liquid ring vacuum
pumps. At an absolute pressure of 0.05 bar, the energy demand results in around 13 kWh
of electrical power and 485 kWh MP-steam per ton of distillate. The energy is then re-
leased into cooling water.

The electricity demand for cooling of cooling water is assumed to be 2 % of the actual
cooling demand, according to [125, 124, 269].

C.2 Cost calculation methodology

C.2.1 Fixed capital investment (FCI) calculation

The FCI (here, similar to grassroots or greenfield cost) is calculated according to Eq. C-5,
representing the capital required for the plant’s construction. The applied module costing
technique, according to Turton et al. [110], relates all costs to the purchased cost of equip-
ment evaluated under base conditions (C?). The purchased costs for base conditions are
multiplied with specific bare module cost factors individually for each equipment (1),
some of which take into account additional design adjustments for pressure and material
requirements (Fgy) and other not (Fgy). Contingency and fee costs (y ) and costs for,
among others, site development, buildings, and utilities (auxiliary costs: §) are considered
via mark-up factors multiplied by the sum of the total cost of equipment (k).

K k
FCI=(1+Y) Z C8, Fam; + B Z Cp1 Fem, Eq. C-5
=1 =1
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The base equipment costs are calculated for the major process equipment and can be de-
rived from equipment-specific cost correlations (Eq. C-6) using empirical correlation pa-
rameters (Ky) [110]. For this purpose, the individual equipment is dimensioned concern-
ing the equipment-dependent capacity parameter (4, e.g., area, volume, power) based on
the simulation results and further technical specifications (e.g., gas hourly space velocity,
bulk density, etc.).

loglo(CS) = K; + Kzlog,0(4) + K; [10g10(A)]2 Eq. C-6

To adjust the purchased cost for base conditions to non-base-case conditions and to take
into account the direct and indirect costs of installation, C§ is multiplied by the bare mod-
ule cost factor (Fgym) (Eq. C-7).

FBM = Bl + BszFM Eq C-7

Fdy = By + B, Eq.C-8

The calculation of the pressure factor (K, ) depends on the selected equipment. The se-
lected formulas and basic assumptions are listed in Table C-2. The design pressure is cho-
sen by multiplying a safety factor of 1.5 with the operating pressure [110]. The material
factor (Fy ) is selected depending on the equipment and the construction material. For a
conservative cost estimate, stainless steel is assumed unless otherwise stated in this
work. The specific installation cost factors (B; & B,), are also available in the literature
for the respective equipment. Certain components, such as compressors, have a standard
bare module cost factor that is used independently of the operating conditions [110]. The
bare module cost factor under standard conditions (Fgy) is used to calculate the grass-
roots cost since auxiliary facilities are generally unaffected by the operating conditions
and material of process equipment (Eq. C-8).

Table C-2: Pressure factor (Fp) calculation.
Equipment Pressure factor Applied for
Vessels and column 1 t < tpin and p > —0.5 bar
towers p-D
555+t CA
25 E—12p t > tmin and p > —0.5 bar
tmin
1.25 p < —0.5bar
Furnaces, heat ex- logy0(F,) = C; + Cylogyo(p) only applied when F, > 1, else 1
changers, pumps + C3[log1o(p)]?

Formula symbols and assumptions: Equipment diameter (D [m]); absolute pressure (p [bar]); max-
imum allowable stress (S [bar] according to Turton [110] p. 1017); wall thickness (¢t [m]); corrosion
allowance (CA [m]) 0.00315 m; weld efficiency (E [-])0.9; minimal allowable wall thickness (tyin
[m]) 0.0063 m.
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The literature does not provide cost functions for all equipment needed. The respective
equipment costs (C;) are derived based on literature cost values and scaled according to
Eq. C-9 using an equipment-dependent scaling exponent (x), the size of the respective
base equipment (s;) and cost of the base equipment (C;).

i =¢(%i/s,) Eq. C-9

C.2.2 Operational labor calculation

The number of operating employees per shift (Ngg) is calculated based on the number of
process steps (Npg) according to Eq. C-10 [110].

Nog = /6.29 + 0.23 - Nps Eq.C-10

The annual operational labor cost (Cq;,) is determined according to Eq. C-11, taking into
account the gross monthly salary (S,,) and the non-wage labor costs (w). Furthermore,
5.15 shifts and 13 salaries per year are assumed.

COL = 515NOE - 13- (1 + W)Sm Eq C-11

C.3 Cost calculation data

C.3.1 Equipment design data and assumptions

The main assumptions made within the equipment design are listed below for each type
of equipment.

Reactors and vessels. Reactors are generally designed as vessels with an internal heat
exchanger so that the vessel volume contains the reaction chamber and the heat ex-
changer volume. Unless otherwise stated, fixed catalyst beds with a void volume of 50 %
are considered [270]. The height-to-diameter ratio of vessels is generally defined as 4
[270]. Considering these assumptions, the residence time (gas hourly space velocity,
GHSV; weight hourly space velocity, WHSV; liquid hourly space velocity, LHSV) can be
used for reactor dimensioning. Table C-3 lists the residence times considered for the re-
quired reactors.

Within the considered MtO technology (fluidized bed reactor), a SAPO-34 zeolite catalyst
with a tap density of 826 kg/m? is used. The fluidized bed is assumed to have a porosity
of 0.8 [271, 272]. Gas-liquid separators are designed to enable a residence time of the lig-
uid phase of 5min [270].
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Table C-3: Residence times of reactors.

Pathway Reactor Residence time Unit Reference

Fischer-Tropsch RWGS 36,000 h-1 (GHSV) [150]
Fischer-Tropsch 1,200 h-t (GHSV) [58, 273]
Hydrocracker 1,5 h-t (LHSV) [58, 158, 274]
Hydrogenation 1.2 h-t (LHSV) [160, 275]

Methanol Methanol 7,000 h-t (GHSV) [95, 276, 277]
MtO 1 h-1 (WHSV) [168, 260, 278]
Oligomerization 2 h-1 (WHSV) [279-281]
Hydrogenation 1.2 h-t (LHSV) [160, 275]

Heat exchanger. The heat exchangers are considered tube bundles with a tube diameter
of 0.02m [270]. The heat streams are derived by process simulation, and heat transfer
coefficients are assumed according to the states/phases of the respective flows. The log-
arithmic mean temperature difference is calculated under the assumption of counter-flow
operation.

Heaters not installed in reactors are included in the heat integration analysis (Pinch anal-
ysis). This shows the total area and the required number of heat exchangers. The area of
the individual heat exchangers is assumed to be identical. The average operating pressure
is defined as 25 bar. The heat integration is carried out for the reference case and is scaled
within the parameter variation according to the CO2 feed flow.

Columns. Columns are sized according to the number of stages and the stage diameter
given by the flow sheet simulation. A stage height of 0.6 m, bottom height of 1.5 m, head
height of 3 m, and inlet height of 1.5 m are considered [144].

Molecular sieve. The energy demand for molecular sieve regeneration is assumed to be
1.5 times the pure energy demand for heating and evaporation of water. A 3A molecular
sieve, mainly used for olefin drying (CAS: 308080-99-1.; K12[(Al02)12(SI102)]-XH20), is
considered. The relevant properties for the vessel design are the water adsorption maxi-
mum of 20 wt% and the bulk density (pellet) of 700 kg/m? [282].
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C.3.2 Fixed capital investment

The parameters assumed for fixed capital investment calculation, according to the meth-
odology mentioned above, are listed in Table C-4 and Table C-5.

Table C-4: Empirical equipment cost functions (Eq. C-6) according to Turton et al. [110].

Equipment Parameter Unit Min Max K, K, K;

Centrifugal compres- Fluid power kW 450 2,600  2.2897 1.3604 -0.1027
sor

Drives (compressor)  Shaft power kW 75 2,600 1.956 1.7142  -0.2282
Pump (centrifugal) Shaft power kw 1 300 3.3892 0.0536  0.1538
Heat exchanger Area m? 10 1,000 4.3247 -0.3030 0.1634
(fixed tube)
Steam boiler Power kW 1,200 9,400 69617 -1.4800 0.3161
Process vessel Volume m3 0.1 628 3.5565 03776  0.0905
(horizontal)
Process vessel Volume m3 0.3 520 3.4974 0.4485 0.1074
(vertical)
Column Volume m? 0,3 520 3.4974 0.4485 0.1074
Stages (Sieve) Area m? 0.07 12.3 2.9949 0.4465 0.3961
Turbines Fluid power kW 100 4,000 2.7051 14398 -0.1776
Furnace Power MW 1 100 7.3488 -1.1666 0.2028
Reformer furnace Power MW 3 100 3.0680 0.6597 0.0194
Reactor jacket Volume m3 0.1 35 41052  0.5320 -0.0005
(agitated)
Table C-5: Fixed capital investment assumptions and special equipment cost.
Costs Value Base Reference
Contingency and fee share (y)[%] 18 see Eq. C-5 [110]
Auxiliary cost share () [%] 50 see Eq. C-5 [110]
Equipment cost (Eq. C-9) Cq S1 X Reference
Vacuum generation 790,000 US$2016 11.8t/h 0.7 [186]
High-temperature electrical heating 135,000 US$2020 1MW 1.0 [268]
C.3.3 Fixed operational expenditures

The fixed operational expenditures (OPEX¢) are calculated according to the values listed
in Table C-6. Labor costs are calculated on a European wage level. Maintenance costs are
assumed in the lower range of the literature data since only fluids and no mechanical sol-
ids are processed. Relatively low costs are also assumed for distribution and selling, as
the products are produced in large quantities and can be handled by the existing infra-
structure.
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Table C-6: Assumptions on fixed operational expenditures (FCI: Fixed capital investment, KPC:
Kerosene production cost).

Costs Value Base Reference
Gross monthly salary (Sm)[€/month] 5,202 - [283]
Non-wage labor costs for EU-27 (w) [%] 32 gross monthly salary [284]
Direct supervisory & clerical labor (Cbs) [%] 18 operational labor cost (CoL) [110]
Maintenance and repairs (Cumsr) [%] 3 FCI [110, 124]
Operating supplies [%] 15 Cmer [110]
Laboratory charges [%] 15 CoL [110]
Patents and royalties [%] 3 KPC [110]
Plant overhead costs [%] 60 (CoL+Cwmar+Cps) [110]
Administration costs [%] 15 (CoL+Cmar+Chs) [110]
Distribution and selling costs [%] 2 KPC [110, 125]
Research and development [%] 5 KPC [110, 125]

C.4 Technical results

Due to the process and modeling adjustments compared to Bube et al. [175], there are
also slight deviations within the technical results. These are presented and briefly de-
scribed below to assess the economic results better.

c4.1 Carbon streams

This section shows the carbon flows of the process pathways in relation to the overall
carbon input streams. The carbon share of the fuel output streams represents the carbon
efficiency.

Fischer Tropsch pathway. Figure C-1 shows the relative carbon flows of the analyzed FT
plant concept. The CO2 feed stream (100 %) is the only carbon input into the process. It is
supplied to the RWGS reactor along with the synthesis gas recycle (in terms of carbon,
primarily CO, COz, and CH4). Accumulation of inert components is prevented by a purge
gas stream, which is separated from the recycle stream (cold separator). Downstream,
around 50 % of the FT syncrude consists of heavy components (wax and hot condensate)
which are directed to the hydrocracking unit. Approximately 70 % of this can be con-
verted into kerosene (C9-C17), with the remaining 30 % consisting of naphtha and lighter
gases (Cs-). The cold condensate is fractionated into kerosene (67 %) and lighter compo-
nents (33 %). After subsequent hydrogenation, the kerosene fractions are combined and
result in a carbon efficiency of 70.3 %. The remaining naphtha stream contains 27.7 % of
the carbon used. The remaining 2.0 % are recognized as losses.
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Figure C-1:  Carbon flow diagram of the Fischer-Tropsch pathway (Diagram represents the refer-
ence case; FT: Fischer-Tropsch).

Methanol pathway. Figure C-2 shows the relative carbon flows of the methanol pathway.
Again, the CO2 stream serves as the only carbon input. Upstream, methanol production
yields a carbon efficiency of almost 98 %, with purge gases being the only significant
losses. The major carbon losses occur downstream, as upstream methanol production
only shows carbon losses of around 2 %. Within the MtO reactor, 3 % of the carbon is dis-
charged from the process as coke. Purge gas losses in the oligomerization loop add up to
overall carbon losses of 16.7 %. The kerosene fraction contains 75.7 % of the carbon used,
naphtha (2.3 %) and diesel (5.3 %) add up to a total fuel carbon efficiency of 83.3 %.
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Figure C-2:  Carbon flow diagram of the methanol pathway (Diagram represents the reference case;
MeOH: Methanol; MtO: Methanol-to-olefins).
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C.4.2 Energy streams

The energy flows shown in the following are normalized to the total energy input of each
pathway, including electricity, heat, and chemical energy (higher heating value) flows.

Fischer-Tropsch pathway. The energy flows of the FT pathway are shown in Figure C-3.
The main energy is provided by Hz, accounting for around 88 % of the total energy re-
quirement. The main energy consumption in the process arises from electrical heating
within the RWGS (950 °C). This energy is needed both for the endothermic RWGS reaction
and for the endothermic reforming of light hydrocarbons in the syngas recycle. While
some of this energy is subsequently released during the highly exothermic FT synthesis,
heat integration is significantly constrained due to the much lower reaction temperature
(220 °C). By implementing heat integration and re-electrification using steam turbines,
the external electricity demand can be reduced to ca. 12 %.
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Figure C-3:  Energy flow diagram of the Fischer-Tropsch pathway (Diagram represents the refer-
ence case; FT: Fischer-Tropsch).

Methanol pathway. The relative energy flows of the MeOH pathway are shown in Figure
C-4. The Hz input accounts for 99.7 % of the total energy input. Due to the higher pressure
level and lower conversion of the methanol synthesis compared to the FT synthesis, as
well as the increased pressure of the oligomerization reactor, the energy demand for com-
pression is relatively high. However, the electricity demand is almost completely covered
by internal re-electrification of waste heat, leading to an amount of external electricity of
only 0.3 %.
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Figure C-4:  Energy flow diagram of the methanol pathway (Diagram represents the reference case;
MeOH: Methanol).

C4.3 Carbon efficiency

Carbon efficiency is defined as the ratio of carbon atoms in fuel products (naphtha, kero-
sene, diesel) to carbon atoms provided by feedstock (COz). Figure C-5 shows the carbon
efficiencies of both pathways under varying technical parameters. In the FT pathway, the
chain growth probability within the FT reactor and the degree of hydrocracking, i.e., single
(pri.), double (sec.), and triple (ter.) cracking possibility per reactor pass, are varied as
higher-level process parameters (see Section 5.3.1). In the MeOH pathway, the olefin-se-
lectivity (So) of the methanol dehydration and the chain growth probability within the
oligomerization are varied.

Within the FT pathway, the carbon efficiency of the total fuel fraction, similarly to [175],
exhibits an almost constant value across variations in chain growth probability without
being influenced by the assumed hydrocracking behavior. This is because only the pro-
portions of the product fractions change, but the total amount of fuel produced remains
the same. However, differences are observed in the carbon efficiency of the kerosene frac-
tion. Due to the complete recycling of the diesel fraction, the amount of kerosene contin-
uously increases with increasing chain growth probability until the maximum achievable
chain growth probability is reached. Since waxes and diesel from the hydrocracking prod-
uct are also recycled, particularly mild hydrocracking (primary HC) is advantageous, as it
produces fewer light components (naphtha). The additional hydrocracking of the diesel
fraction reduces the total fuel carbon efficiency compared to [175] by around 1 %. Alt-
hough this increases the amount of kerosene, it is reduced to a similar extent by the
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changed assumptions of the kerosene fraction (Cs-Ci6 in [175](Chapter 4); Co-C17 here
(Chapter 5)).
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Figure C-5:  Carbon efficiency of the Fischer-Tropsch and methanol pathway (K: Kerosene fraction,
TF: Total fuel fraction, So: Olefin selectivity pri.: primary, sec.: secondary, ter.: tertiary,
HC: Hydrocracking, RC: Reference case).

For the methanol pathway, similar trends are observed as simulated in [175], though at
significantly lower chain growth probabilities due to the extended oligomerization model.
A maximum is also observed here at very low chain growth probabilities, as the formation
of heavier fractions (diesel) can be reduced. However, this results in additional effort due
to the increased recycling of light fractions, which is not reflected in the carbon efficiency.
The MtO olefin selectivity is the most important parameter within the methanol pathway.
Industrial MtO plants can reach around 90 % selectivity. A further increase could reduce
direct carbon losses within the MtO reactor (lower coke and CO2 formation) and, even
more importantly, reduce purge gas demands within the oligomerization loop. Lower se-
lectivities significantly reduce the kerosene and total fuel carbon efficiency. However, to-
tal fuel efficiency is less affected since naphtha can partly be recovered from the purge
gas.

The higher selectivity towards kerosene of oligomerization compared to FT synthesis pri-
marily results from two factors. First, the monomers used in oligomerization (ethylene,
propylene) are larger building blocks than carbon monoxide (FT synthesis), requiring
fewer chain growth reactions to achieve the chain lengths of the kerosene fraction. The
ASF distribution shows broader product distributions, with increasing chain growth
probabilities, reducing the selectivity for specific chain lengths. Therefore, low chain
growth probabilities combined with larger monomers result in higher kerosene selectiv-
ity. The second factor is that light product fractions in oligomerization can be directly re-
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cycled, i.e., the chain length generated during the first reactor pass can further be in-
creased. In FT synthesis, recycling is only possible after prior reforming, i.e., the synthe-
sized chains are fully cracked before chain growth can start again. However, to achieve
this higher selectivity in real processes, the catalysts and reaction conditions must enable
sufficient activity for all olefins and sufficient chain growth probability. The oligomeriza-
tion of olefins for hydrocarbon production in the kerosene range has already been demon-
strated, but industrial validation of kerosene-optimized production is still pending [155,
171, 191, 285].

C4.4 Energy efficiency

Figure C-6 shows the energy efficiencies of both pathways under varying technical param-
eters. In the FT pathway, the energy efficiency regarding the total fuel fraction exhibits a
slightly curved profile, reaching a maximum of around 67 % at 90 % chain growth proba-
bility. At higher alpha values, the efficiency decreases due to the increasing amount of re-
cycled light components from hydrocracking, which raises the heat demand of the RWGS,
i.e., the reforming occurring here. In addition, the energy requirement for rectification in
the hydrocracking unit is increased as more heavy components are formed and have to
be fractionated after hydrocracking. For kerosene-related efficiency, this increasing en-
ergy demand is offset by the growing amount of kerosene, resulting in a rise in energy
efficiency across the entire parameter variation.
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Figure C-6:  Energy efficiency of the Fischer-Tropsch and methanol pathway (K: Kerosene alloca-

tion, TF: Total fuel allocation, So: Olefin selectivity pri.: primary, sec.: secondary, ter.:
tertiary, HC: Hydrocracking, RC: Reference case).

In the methanol pathway, decreasing chain growth probabilities increase the compres-
sion demands for the oligomerization recycle. However, this is overcompensated by a
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growing amount of fuel product resulting from reduced non-fuel hydrocarbon formation
(C20+). Low-chain growth probabilities prevent the formation of longer-chain fractions
and allow for the targeted separation of kerosene. Significant quantities of the oligomeri-
zation recycle must be removed, particularly at low olefin selectivity in the MtO reactor,
decreasing kerosene yield. The total product quantity decreases less significantly, as
naphtha can still be partially separated from the purge gas.

C.4.5 Product composition

The fuel properties of the produced kerosene fractions play a critical role in determining
their suitability for use as fuels, as well as the refining or blending processes that may be
required. These properties, primarily cold flow properties, density, and also the distilla-
tion curve, are highly dependent on the exact composition of the fuel.

In addition to chain length, these characteristics are influenced by factors such as the de-
gree of branching of paraffin and the proportion of cyclic components. In the modeling
conducted here, chain length was primarily used as the key factor to quantify the resulting
product fractions. While this common approach does not allow for the precise determina-
tion of specific fuel properties, as they are influenced by the factors mentioned above, the
chain length distribution obtained from the simulation results provides an approximate
basis for discussing fuel characteristics.

Figure C-7 shows the resulting chain length distribution of the kerosene fractions and se-
lected product properties derived from the simulation. The distribution of the kerosene
fraction resulting from the FT pathway is relatively even. The methanol-based kerosene
exhibits a higher proportion of lighter components, particularly Co and C1o. This could po-
tentially be adjusted, if necessary, by modifying the recycle flow in the oligomerization
process. The properties of the fractions derived from the simulation largely fall within the
required ASTM specifications. Only the simulated density is below the standard, although
this further depends on the types of components formed (e.g., cyclic components can in-
crease the density [30, 58]).

Regarding boiling points, a reduction in boiling temperature and flash point can be ex-
pected, depending on the degree of branching in the actual mixture. Overall, the proper-
ties are close to the ASTM requirements, suggesting that compliance with ASTM standards
could realistically be achieved, possibly with adjustments to process parameters. How-
ever, the effects on the efficiencies and costs derived in this work are rated low, as this
does not significantly change overall carbon and energy demands.
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Figure C-7:  Chain length distribution and specific properties of the kerosene fractions (Dist. temp.
rec.: Distillation temperature at X % recovered, LHV: Lower heating value, FT: Fischer-
Tropsch pathway, MeOH: Methanol pathway).

C.5 Economic results

Figure C-8 presents the breakdown of the fixed capital investments determined for both
production pathways in the reference case. Due to the calculation methodology (see Sec-
tion C.2 and C.3), heat exchangers outside reactors are reported separately and not as-
signed to specific process units. The utilities include steam turbines, fuel gas furnaces, and
vacuum generation.

The electrically heated reverse water-gas shift unit in the FT pathway represents the most
capital-intensive section. Heat integration, the FT synthesis unit, and plant utilities con-
tribute similar cost shares, while hydrotreatment, compressors, and distillation account
for smaller shares.

In the methanol pathway, higher capital costs arise from the direct methanol synthesis,
which, in addition to the inherently higher pressures compared to FT synthesis, exhibits
much lower per-pass conversions, necessitating a substantially larger design. This also
impacts the required compressor capacities and their associated costs. The oligomeriza-
tion unit also requires a large-scale design due to the high product recycling rate, which
also necessitates distillation for the targeted separation of fuel fractions. The methanol-
to-olefins (MtO) unit is also relatively capital-intensive, as the selected reactor concept
involves two fluidized bed reactors.
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Figure C-8:
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