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   Compared to the literature, the determined costs of approximately 1,300 €
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CO2 + H2 ⇋ CO + H2O            ∆𝐻R(298 K) = 42 kJ/mol

𝑛CO + (2𝑛 + 1)H2 → C𝑛H2𝑛+2 + 𝑛H2O            ∆𝐻R(298 K) ≈ 𝑛(−150 kJ/mol)
𝑊𝑛 = 𝑛(1 − 𝛼)2𝛼𝑛−1

(𝑂/𝑃)𝑛 = e−𝑐 𝑛
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The methanol pathway is distinguished into the process sections “Methanol production” and the subsequent “Methanol Kerosene”.

𝑆𝑁 =  [H2] − [CO2][CO] + [CO2]𝑆𝑁[𝑥] 𝑥CO2 + 3 H2 ⇌ CH3OH + H2O            𝛥𝐻R(298 K) = −49.2 kJ/mol
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∆ −  ⇋ CH 15 K  ⇋ CH 15 K⇋ CO + H 15 KEthanol | DME | methyl for-mat [w ppm]
Ratio = Recycle (mol/s)/fresh gas (mol/s)
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The global aviation sector strives to achieve net carbon dioxide neutrality by 2050 
ically unfeasible on a large scale for air transportation in the coming decades 
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𝐴𝐶𝐶 =  𝐹𝐶𝐼 𝑖 (1 + 𝑖)𝑛(1 + 𝑖)𝑛 − 1 + 𝐹𝐶𝐼 𝜔 𝑖

𝐶P0 𝐾x𝐹BM,𝑙 𝐹BM,𝑙0
𝛾 𝛽 −+50 % 

log10(𝐶P0) = 𝐾1 + 𝐾2log10(𝐴) + 𝐾3[log10(𝐴)]2
𝐹𝐶𝐼 = (1 + γ) ∑𝐶P,𝑙0𝑘

𝑙=1 𝐹BM,𝑙 + 𝛽∑𝐶P,𝑙0𝑘
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heating with product gas is limited to 200 K below the reactor temperature to enable 

Metal dusting occurs with CO rich gases mainly between 400 and 800 °C 
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built on a green field. The installed production capacity for both pathways at 8,760 h/a at nominal load is around 100 kt
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) depreciation period is assumed to be 15 years. Consid-) of 6 % for production in highly indus-trialized countries  resulting in an annual depreciation of around 11 %with the literature 
−30/+50 %) 
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by 

, capture costs of more than 1,000 €/tare currently realistic for direct air capture (DAC) 

− −−−−[€ −[€ −[€ −Capacity utilization of 70 % equals 6,132 annual full load hours
dex (CEPCI) for 2023. The exchange rate is 1.19 US$/€ and is based on the average for the years 1999 to 2022 

section  ) is depicted and discussed in section 
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and 5,070 €/t, depending on the allocation method/the bytively. For the MeOH pathway, costs are within a smaller range of 4,240 to 4,660 €/t. The (FT: 61 %, MeOH 62 %) and COsupply (both 13 %). The shares of the remaining cost components are distributed rela-

ment estimate used, are 150 M€ for the FT pathway and 240 M€ for the MeOH pathway 
higher for the MeOH pathway (9 %) than for the FT pat (7 %).’

5,072 €
4,662 €

3,627 €

4,240 €
 
er
os

en
e 
pr
od

uc
tio

n 
co

st
s 
[€

  
  
/t]

  ₂       
 ₂       



–

product revenue of 0 €/t
product revenue of around 1,370 €/tspective kerosene production costs are 4,530 €/t. Below this value, the MeO
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4,630 to 5,770 €/t (RC: 5,070 €/t; −9 %, +14 %). 3,670 €/t (RC: 3,630 €/t; −0 %, +1 %). The variation is much stronger in the MeOH path-varies from 4,080 to 5,710 €/t (RC: 4,660 €/t; −12 %, +22 %) and 4,640 €/t (RC: 4,240 €/t; −8 % +10 %).

5,320 €/t (RC: 5,070 €/t; −1 %, +5 %). The varies between 3,590 and 3,800 €/t (RC: 3,630 €/t; −1 %, +5 %). in the MeOH pathway varies from 4,600 to 4,970 €/t (RC: 4,660 €/t; −1 %, +7 %), and changes between 4,190 and 4,520 €/t (RC: 4,240 €/t; −1 % +7 %). The weighted average cost of capital depends on plant location and numer-

varies from 5,030 to 5,470 €/t (RC: 5,070 €/t; −1 %, +8 %), and the ranges from 3,590 to 3,910 €/t (RC: 3,630 €/t; −1 %, +8 %). Again, the MeOH pathway is slightly more affected, with and 5,170 €/t (RC: 4,660 €/t; −1 %, +11 %) and varying from 4,190 to 4,700 €/t (RC: 4,240 €/t; −1 %, +11 %).
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5,240 €/t (RC: 5,070 €/t; −2 %, +3 %), and the increase from 3,560 to 3,750 €/t (RC: 3,630 €/t; −2 %, +3 %). Due to the higher fixed capital investment requchange slightly stronger from 4,540 to 4,870 €/t (RC: 4,660 €/t; −3 %, +5 %) and 4,120 to 4,430 €/t (RC: 4,240 €/t; −3 %, +5 %) respectively.
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can be decreased to 4,970 and 3,560 €/t (−2 % of RC) when nominal load pro-

up to 5,410 €/t and 3,870 €/t (+7 %). The same applies to the MeOH pathway, where to 5,090 €/t (RC: 4,660 €/t; −3 %, +9 %), and 4,630 €/t (RC: 4,240 €/t; −3 % +9 %).

 24 % (FT) 
 25 % (MeOH) of the reference case cost. For the FT pathway, the 3,830 to 6,310 €/t and the from 2,740 to 4,510 €/t. Within the MeOH pathway, the cost ranges from 3,510 to 5,810 €/t and 3,190 to 5,290 €/t, respectively. Power
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tive use (0 €/t ), can lead to reduced costs of 13 % compared to th
1,000 €/t , increase the kerosene production cost by 74 % (FT) and 75 % (MeOH) com-in the FT pathway ranges from 4,410 to 8,830 €/t. 6,320 €/t. Within the MeOH pathway, vary from 4,040 to 8,160 €/t and 3,680 7,420 €/t, respectively.

−2 and +8 % ( 4,960 to 5,470 €/t; 3,550 to 3,910 €/t) in the FT pathway. At an electricity price of around 330 €/MWh and higher, the MeOH 

between 10 and 50 kt
plant capacities below 30 kt

’can be expected through further upscaling (based on the cost method used here, 3 % (FT) to 2 % (MeOH)), the costs for very smalles clearly above 30 % compared to the reference case.
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5,500 €/t. The figure shows that H
’costs within 10 to 50 kt

electricity prices of 330 €/MWh and more.
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3,630 to 5,070 €/t, while in the MeOH pathway, byrange from 4,240 to 4,660 €/t.
• product revenues equivalent to 30 % (1,370 €/t) of the associated kerosene production costs (4,530 €/t); i.e., kerosene must be 3.3 

•
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demand of PtL and the associated high production costs of “green” electricity
methanol production costs of around 2,100 € – ca. 60 % higher than those of the –
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as an intermediate. With a current global demand of over 100 Mt/a, methanol is one of “green”
established, with more than 30 Mt/a used for ethene and 
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(FT: 3,630 € /t, MeOH: 4,240 €
costs (FT: 5,070 € /t, MeOH: 4,660 € exceed 30 % of the kerosene pro-

 € ±25 % for both pathways. COsponding to supply costs from direct air capture (1,000 €of up to 75 % compared to CO(150 €
3,500 and 5,500 €
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5 vol%;

of up to 5 %pt com-
  (800 to 1,000 °C) (0 to 50 vol%) 

more than 20 

of cracking reactions (“y”)
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• (7 %pt) (1 %pt)
by about 16 %pt
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• The total fuel efficiency varies by around 18 %pt regarding carbon effi-ciency and about 13 %pt regarding energy efficiency. by about 30 %p and 21 %pt

18 %pt
14 %pt
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(< 10 %
70,000 Nm³/h, representing relatively small 
case (670 Nm³/h) leads to an increase of 34 % (BiRef) and 28 % (TriRef)  (BiRef) and 14 % (TriRef). 
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methanol production costs around 1,300 €
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  4   9  (BiRef: 1,280 € /t, TriRef: 1,310 €
•

(> 97 %).
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2,100 €/t. The significant cost 
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𝑆𝑁 =  [H2] − [CO2][CO] + [CO2]𝐶𝑂𝑅 = [CO2][CO] + [CO2] 

 
     1 ppb)  1 mg/m³  0.25 mg/m³  1 ppm) 

– –S to below 50 ppm is economically feasible in this context, even for energetic biogas 

are applicable for fine desulfurization to achieve concentrations below 0.2 ppm 



–
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of 700 to 1,000 °C are applied to achieve high conversion rates –

CH4  +  CO2  ⇌  2 CO + 2 H2            𝛥𝐻R (298 K) =  247 kJ/mol

               CH4  +  H2O ⇌  CO +  3 H2            𝛥𝐻R (298 K) =  206 kJ/mol
                        CO + H2O ⇌ CO2 + H2                𝛥𝐻R (298 K) = −40.9 kJ/mol

  𝑂𝑥𝑦𝑁 = [CO2] + [H2O][CH4]               



–

             H2O → H2 + 0.5 O2            𝛥𝐻𝑅 (298 K) = 286  kJ/mol

–
erated below 100 °C and reach system efficiencies of up to 68 

storage at pressures up to 700 bar. However, the choice of the optimum storage pre

The acceptable concentration level here is 99.85 wt% 
−

CH4  +  0.5 O2  ⇌  CO + 2 H2            𝛥𝐻R (298 K) = −36 kJ/mol
       CO + 0.5 O2  ⇌  CO2                        𝛥𝐻R (298 K) = −283 kJ/mol



–
erated at 200 to 300 °C and 40 to 100 

  CO + 2 H2 ⇌ CH3OH                           𝛥𝐻R (298 K) = −90.8 kJ/mol
CO2 + 3 H2 ⇌ CH3OH + H2O             𝛥𝐻R (298 K) = −49.2 kJ/mol
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𝐹𝐶𝐼 Fixed capital investments [€𝐶P,𝑙0 [€𝐹BM𝐹BM0𝛾𝛽𝑙𝑘
log10𝐶P0 = 𝐾1 + 𝐾2log10(𝐴) + 𝐾3[log10(𝐴)]2

𝐶P0 Purchased cost for base conditions [€𝐾x
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and Output streams are set to 35 °C to close the overall energy balance and to avoid im-
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𝑄̇ 𝜂𝑒𝑙.

𝜂𝑒𝑙.𝑄̇ = 𝑚̇𝐻2 (LHV 𝜂𝑒𝑙.−1 − HHV) –

| Δ −     ⇋  15 K     ⇋      15 K     ⇋      15 K
–     →         →      →          →     → CH

cooling is assumed down to 75 °C (air cooler [25 °Cence gas to gas 50 K). The maximum compression temperature is considered to be below 
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     plus (λ = 1.2) and a combustion temperature of 1,000 
 

ΔT   ΔT  

𝐶𝑂𝐿4,910 € 
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𝐶𝐷𝑆) 0.18𝐶𝑂𝐿𝐶𝑀𝑅) 0.03𝐹𝐶𝐼0.009𝐹𝐶𝐼0.15𝐶𝑂𝐿0.032𝐹𝐶𝐼0.5(𝐶𝑂𝐿 + 𝐶𝑀𝑅+𝐶𝐷𝑆)0.15(𝐶𝑂𝐿 + 𝐶𝑀𝑅 + 𝐶𝐷𝑆)

assumed to be 1,500 €  ’
 

 
3CH4 + CO2 + 2 H2O → 4CO + 8H2 → 4CH3OH
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(250 bar €
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–(50 bar € –
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(200 bar € –

for an assumed minimum temperature difference of 20 K. In the case of the BiRef config-uration, an external heat demand of approximately 0.9 MW arises, which is exclusively 
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costs are set to 7 € from 5 to 9 €
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between 700 and 1,000 °C to enable sufficient CO formation . Operating pressures between 1 and 30 bar are mainly investigated in practical ap-

𝑛
𝑊𝑛 𝑛

CO2 + H2 ⇋ CO + H2O            ∆𝐻R (298 K) = 42 kJ/mol



–
𝛼

. At operating conditions from 180 to 250 °C and 20 to 60 bar, per pass conversions from 60 to 85 % and chain growth probabilities be-
– –

   

 

𝑛CO + (2𝑛 + 1)H2 → C𝑛H2𝑛+2 + 𝑛H2O         ∆𝐻R (298 K) ≈ 𝑛(−150 kJ/mol)
𝑊𝑛 = 𝑛(1 − 𝛼)2𝛼𝑛−1

(𝑂/𝑃)𝑛 = e−𝑐 𝑛
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 ˚C, depending on the degree of branching and the 

C𝑛H2𝑛 + H2 → C𝑛H2𝑛+2

The methanol pathway is distinguished into the process sections “Methanol production” and the subsequent “Methanol Kerosene” process.
   

  CO + 2 H2 ⇌ CH3OH                              𝛥𝐻R (298 K) = −90.8 kJ/mol
CO2 + 3 H2 ⇌ CH3OH + H2O                𝛥𝐻R (298 K) = −49.2 kJ/mol
  CO + H2O ⇌ CO2 + H2                          𝛥𝐻R (298 K) = −40.9 kJ/mol
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Tropsch pathway, the “Peng Mathias alpha function” 
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nantly water, the combined method “Non – Kwong” (NRTL– –
methanol synthesis are modeled using the property method “ Kwong” 
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The combustion ratio is assumed with air in surplus (λ = 1.2) and a combustion tempera-   

(1 ≤  ≤       

tration is set to 70 % (different values are reported: 50 % , 80 % 
“ELECNRTL_Rate_Based_NaOH_Model”. The “Dryer” is considered to be a molecular sieve 
orous column models. For this purpose, “Rad rac” columns were selected, which allow 

𝑛CO + (2𝑛 + 1)H2 → C𝑛H2𝑛+2 + 𝑛H2O𝑛CO + (2𝑛)H2 → C𝑛H2𝑛 + 𝑛H2O
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“Cost analysis of kerosene production from power”
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𝑃ASF,𝑛 

𝑦𝑖, 𝑗) 𝑦 = 𝑖 + 𝑗)  
𝑦𝑃y,𝑛𝑥𝑖,F) 𝑥𝑗,𝑛−1

(𝑃𝑦,R𝑥y,T

𝑃ASF,𝑛 = (1 − 𝛼) 𝛼𝑛−2    for 𝑛 > 1
𝑃y,𝑛 = ∑∑𝑥𝑖,F𝑥𝑗,𝑛−124

𝑗=2
24
𝑖=2 (für (i + j) = y ∧ (i + j) ≤ 24 ∧  𝑛 > 1)

𝑃𝑦,R = ∑ 𝑃ASF,𝑛 𝑃y,𝑛12
𝑛=2𝑥y,T = 𝑃𝑦,R∑ 𝑃𝑖,R24𝑖=2𝛼𝑃ASF,𝑛𝑃y,𝑛𝑥𝑖,F i [-]𝑥𝑗,n−1 j[-] [-]𝑃𝑦,R𝑥y,T
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column. The flash (3 bar, 0 °C) separates light fuel gases and thus counteracts the accumu-

the oligomerization feed to at least 80 %.

ΔT   ΔT  

− −



–
     with air in surplus (λ = 1.2) and a combustion temperature of 1,000 

 

 
lated using the Carnot efficiency. A condensation temperature of 40 °C is considered. To account for technical conversion losses, a technology factor of 85 % is applied 
100 %  °C has an efficiency of 95 % 
pumps. At an absolute pressure of 0.05 bar, the energy demand results in around 13 kWh of electrical power and 485 kWh MP
The electricity demand for cooling of cooling water is assumed to be 2 % of the actual 
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𝐹M )

𝐵1 & 𝐵2
𝐹BM0

1 𝑡 < 𝑡min and 𝑝 > −0.5 bar𝑝 ∙ 𝐷2𝑆 ∙ 𝐸 − 1.2𝑝 + 𝐶𝐴𝑡min 𝑡 > 𝑡min and 𝑝 > −0.5 bar𝑝 < −0.5 barlog10(𝐹𝑝) = 𝐶1 + 𝐶2log10(𝑝)         + 𝐶3[log10(𝑝)]2 𝐹𝑝 > 1, else 1𝐷 𝑝𝑆 𝑡𝐶𝐴 [m]) 0.00315 m; weld efficiency  (𝐸 𝑡min0.0063 m.
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𝐶i 𝑥𝑠1 𝐶1

𝐶𝑖 = 𝐶1 ∙ (𝑠i 𝑠1⁄ )𝑥

𝑁OE𝑁PS)
𝑁OE = √6.29 + 0.23 ∙ 𝑁PS𝐶OL) 𝑆m 𝑤

𝐶OL = 5.15𝑁OE ∙ 13 ∙ (1 + 𝑤)𝑆m

changer volume. Unless otherwise stated, fixed catalyst beds with a void volume of 50 % 

with a tap density of 826 kg/m³ is used. The fluidized bed is assumed to have a porosity 
uid phase of 5 min 



–

–
of 0.02 m 

is defined as 25 bar. The heat integration is carried out for the reference case and is scaled 
given by the flow sheet simulation. A stage height of 0.6 m, bottom height of 1.5 m, head height of 3 m, and inlet height of 1.5 m are considered 

mum of 20 w % and the bulk density (pellet) of 700 kg/m³ 
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𝛾 18 𝛽 𝑪𝟏 𝒔𝟏 𝒙000 US$ 11.8 t/h000 US$ 1 MW
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around 50 % of the FT syncrude consists of heavy components (wax and hot condensate)   ). The cold condensate is fractionated into kerosene (67 %) and lighter compo-nents (33 %). After subsequent hydrogenation, the kerosene fractions are combined and result in a carbon efficiency of 70.3 %. The remaining naphtha stream contains 27.7 % of  

)[€/month] 5,202 
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slightly curved profile, reaching a maximum of around 67 % at 90 % chain growth proba-
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