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1 | INTRODUCTION
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Abstract

Membrane processes are considered as comparably mild separation processes offer-
ing the potential for significant energy savings compared with azeotropic distillation
processes. Despite higher investment and material costs, they are of particular inter-
est for improving the energy efficiency in the chemical industry. However, energy
savings of more than 20%-30% are rarely reported and even a general superiority
can be disputed. To further elucidate this controversial, the current study pursues a
quantitative assessment of the thermodynamic efficiency of pervaporation and vapor
permeation processes with stand-alone distillation and hybrid membrane-assisted
distillation processes for the separation of azeotropic mixtures. The results confirm
the case-dependent potential of distillation processes to outperform membrane-
assisted separations in terms of energy efficiency, considering proper heat integra-
tion. Although energy efficiency is becoming significantly important, it should be
considered in the context of economic performance to determine an optimal trade-

off and to select the best process alternative during conceptual process design.
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operations, which contribute to a common separation task.! The inte-

gration of various techniques allows to exploit synergetic effects and

While distillation is a mature and well-known technology, it is gener-
ally considered energy intensive and of limited use for the separation
of azeotropic mixtures, requiring either pressure-variations or properly
selected solvents, which have to be recycled. Membrane processes on
the other hand are not limited by vapor-liquid equilibrium and poten-
tially offer high selectivity as well as a compact modular design, given
sufficient molecular differences and the availability of suitable mem-

brane. Hybrid separation processes combine at least two unit

Abbreviations: ED, extractive distillation; NRTL, non-random two-liquid; MED, minimum
energy demand; MESH, mass balances, equilibrium conditions, summation constraints and
enthalpy balances; PSD, pressure-swing distillation; PV, pervaporation; TAC, total annual
costs; THF, tetrahydrofuran; VP, vapor permeation; VLE, vapor-liquid equilibrium.

to overcome limitations of the individual unit operation. Hybrid pro-
cesses combining distillation and membrane processes belong to the
most prominent hybrid processes allowing for the separation of close-
boiling or azeotropic mixtures.>~* Especially the combination of perva-
poration (PV) or vapor permeation (VP) with distillation have been
subject to several publications.’”® The review articles of Lipnizki
et al.2 as well as Liu et al.!° give an elaborate overview of possible
applications.

Although hybrid separation processes offer a significant potential
for performance improvement, the design of a flowsheet structure is a
challenging task as a high number of operational and design degrees

of freedom has to be considered.* The latter is caused by various
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possibilities for the combination and interconnection of potential unit
operations resulting in various alternatives. In order to identify the
best performing configuration, it is advantageous to perform a prelimi-
nary screening of promising process variants by applying evaluation
criteria based on simplified calculations that are especially important
for membrane processes. A prominent screening procedure is based
on the driving force for each unit operation as described by Bek-
Pedersen et al.1112 who provide a graphical method for the synthesis
and design of distillation-based processes. However, application of
the graphical approach is limited to binary mixtures or requires the
selection of adequate key components.

Further evaluation criteria regard the energy consumption or the
economic viability of a process, which are based on the costs of the
involved unit operations including investment and operating costs. The
latter one can be easily estimated by mass and energy balances, but the
accurate determination of investment costs requires in-depth informa-
tion for a proper sizing of the equipment. Therefore, each unit operation
must be described in sufficient detail. Shortcut calculations are very effi-
cient and robust for the determination of the minimum energy

requirement,13

while rigorous optimization models are applied if an eco-
nomically optimal process is to be identified.}* In any case, the estimate
of the resulting costs depends strongly on the level of detail the process
is described and the accuracy of the cost and sizing correlations. How-
ever, for a large number of process alternatives, a high computational
effort and a lot of information, especially on the membrane process, are
required. At the initial stage of conceptual design, suitable flux models
describing the membrane performance are often not available, while
acquisition of that information requires experimental investigations.*®

In contrast, the minimum energy demand (MED) of a membrane-
assisted process can already be determined accurately at an early concep-
tual design phase. The MED is often regarded as a measure for operating
costs, commonly applied to heat-driven processes, such as distillation.*®
Therefore, only the reboiler duty is considered, while the condenser duty
plays a minor role if air cooling or cooling water can be used. For a
membrane-assisted process, especially the membrane replacement adds
considerable operating costs. Here, the MED of an optimized and approx-
imately ideal process provides a lower bound for the potential perfor-
mance of the membrane-assisted process. For PV-assisted processes,
Scharzec et al.*® considered the MED for a first assessment of potential
processes variants prior to any experimental investigations or detailed rig-
orous optimization. While this evaluation serves as initial criteria for the
justification of costly experiments, it does not distinguish between differ-
ent energy forms, such as heat or electricity, or temperature levels. Espe-
cially for membrane-assisted distillation processes this approach is often
impractical as both energy forms are involved and especially pressure-
driven membrane processes operate at low temperatures.

To overcome this limitation, an exergy analysis can be conducted
to determine the thermodynamic efficiency of a process, which con-
siders the minimum and the actual work of separation. The term
“exergy,” also called availability,X” was first introduced by Zoran®® in
1956 and describes the maximum useful work which a system can pro-
vide when it is brought to equilibrium with its surroundings in reversible

mode.'? Therefore, the process is related to the temperatures of the
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heat source and heat sink as well as the thermodynamic pathways.
Thus, not only the specific form of energy is considered but also the
temperatures at which heat is introduced or removed. Such thermody-
namic analysis is a common tool for evaluating individual processes, as

I* provides a

well as identifying and quantifying inefficiencies. Demire
comprehensive overview of conventional approaches for thermody-
namic analysis with a focus on distillation operations, providing elabo-
rate derivation of the underlying thermodynamic equations. In the
following, a short overview of recent applications in the field of distilla-
tion and membrane processes is given.

Agrawal and Woodward?® performed exergy analysis of a distilla-
tion system for cryogenic air separation to identify process inefficien-
cies. Later, Agrawal and Herron?! and Bandyopadhyay?? analyzed the
effect of feed conditions for the thermodynamic efficiency of distilla-
tion columns for ideal and non-ideal binary systems, respectively. The
first approach was further extended by Agrawal and Fidkowski?® to
investigate ternary distillation configurations, including basic
sequences as well as thermally coupled column configurations for the
separation of ideal mixtures. Further studies have dealt with energy-
and heat-integrated distillation systems, respectively.24"2¢ Similar to
Agrawal and Herron,?! Blahusiak et al.?” investigated the influence of
the feed composition for binary separations in order to derive recom-
mendations for improving the thermodynamic efficiency of
distillation-based separations.

While numerous applications for distillation-based separations
have been presented, there are only few publications that address
membrane processes. Detailed investigations focus on reverse osmo-
sis?® and gas permeation.?? Cussler and Dutta®® considered the maxi-
mum possible thermodynamic efficiency of gas permeation and reverse
osmosis under simplified assumptions of ideal separations, avoiding
complex thermodynamic models. Castel and Favre®! analyzed non-
selective membrane separations, considering impure product streams.
The analysis of minimum as well as real work requirements were dem-
onstrated for the separation of a perfect gas mixture (air) and a non-
ideal liquid mixture (seawater). Furthermore recent studies by the group

of Agrawal®?3®

applied thermodynamic efficiency to compare distilla-
tion with selected gas permeation and reverse osmosis, respectively.
While the thermodynamic efficiency of VP has not been thoroughly
investigated in literature (to the best of our knowledge), an exergy anal-
ysis of PV and distillation has been conducted by Ishida and
Nakagawa,®* who evaluated ideal and non-ideal binary systems by a
graphical tool, a so-called energy utilization diagram.

Within this work, we perform a thermodynamic analysis of PV/VP
and distillation-based hybrid processes, building on a derivation of the
real work of separation for each process. For this purpose, only a few
simplified assumptions are made regarding, for example, driving force
reducing effects. However, non-ideal mixtures are considered with a
specific selectivity for the membrane separation. The current study is
supposed to introduce thermodynamic efficiency as additional criteria
for the evaluation of PV/VP-assisted distillation processes. This evalua-
tion is therefore supposed to bridge the gap between an energy-based
and cost-based evaluation, which requires equipment selection and

specification of available utilities, allowing for a more representative
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FIGURE 1 Schematic of a separation process with j =1, ..., J inlet

and k =1, ..., Koutlet streams,n =1, .., N heatand m = 1, ..., M work
streams related to its surroundings at reference state

evaluation of hybrid processes in an early design phase with consider-
ation of the respective type of energy required. Therefore, a thermody-
namic efficiency is determined for the individual configurations based
on the performance of the overall process considering optimal process

design. Especially, the following questions will be addressed:

e How do membrane processes perform in respect to exergy losses
compared to distillation processes and are they generally more
efficient?

e Can the thermodynamic efficiency be improved by membrane-
assisted hybrid processes?

e How does the thermodynamic efficiency relate to performance
metrics such as energy requirements and costs?

The computation of the thermodynamic efficiency of the individ-
ual processes is described in Section 2. In a first step, the standalone
performance of PV and VP is evaluated in comparison to a distillation
process in Section 3, examining the influence of different feed and
product compositions. Section 4 assess the applicability of the ther-
modynamic efficiency as evaluation criterion for PV/VP-assisted
hybrid processes by comparing the determined efficiencies with the
results of the MED analysis and cost optimization. Section 5 finally

presents the respective conclusions and an outlook on future work.

2 | METHODOLOGY

As depicted in Figure 1, we consider a separation process with a
defined system boundary with j =1, ..., Jinlet and k = 1, ..., K outlet
streams, separated from the surrounding reservoir with reference
temperature To and pressure po. Mixing of components is a spontane-
ous irreversible process generating entropy, while the ideal separation
of a mixture can be regarded as a reverse mixing process that requires
external work to be accomplished, for example, by adding higher
potential shaft or heat work,2” which are denoted as W,, and Qn,

respectively. While the latter refers to a respective temperature T,
Qo represents the heat stream at reference temperature To, which,
however, is eliminated in the derivation of the exergy in Section 2.2.
In the following, work and heat streams leaving the system follow the
rules of mechanics and are considered negative.

In order to determine the thermodynamic efficiency of a given
separation process, we refer to the definition of King®® as the ratio of
the minimum (reversible) work W, to the real (actual) work W,eq,

which can be calculated for any type of separation processes:

_ Wmin _ Wmin (1)
Wreal Wmin + Wirr
This definition is in line with the preceding publications.2324%° The

minimum work is the lower bound for the energy requirement of any
separation process, while the real work is generally larger resulting in
values of the thermodynamic efficiency between zero and one. The
real work is the sum of the minimum work and the irreversible losses
in the process W,,, cf. Section 2.2.3*

21 | Minimum work

The minimum work W, is calculated assuming a reversible, isother-
mal and isobaric process, which does not depend on the specific sepa-
ration unit but solely on the composition, temperature and pressure
of the mixture to be separated as well as the respective product
streams.®> For such a process, the minimum work can be calculated
by an exergy balance accounting for the inlet and outlet streams as

d?° or Demirel.??

demonstrated by Agrawal and Woodwar: The exergy
of a material stream comprises of a physical, chemical, kinetic and
potential part of the exergy. For a classical separation process, no
chemical reaction is considered, and the kinetic and potential exergy

can be neglected, which results in the following expression

Wmin = Zhout,k (hout,k - Tosout,k) - Zhin,j (hin,i - Tosin,j) (2)
k j

with h being the enthalpy and s the entropy of the inlet and outlet mate-
rial streams. At ambient conditions, this term equals the negative Gibbs

free energy of mixing AGy 222

and represents the work required to
reverse the mixing process. Thus, the minimum work can also be
determined by Equation (3) assuming liquid inlet and outlet streams.

Wiin = —AGpix(To,po)
=—RTo| > inj > Xini N (Xini¥ins) = D Moutk D Xouti N (Xouti¥out;) |-
i i K i
3
Here, x; is the molar fraction and y; the activity coefficient of compo-
nent i of the inlet and outlet material stream, respectively. This equa-

tion is applicable to non-ideal mixtures with j = 1, ..., J inlet streams

which are separated into k = 1, ..., K (possibly impure) product
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streams. The assumption of ideal mixtures and pure product streams
leads to considerable simplifications of the equation. Refer, for exam-
ple, to the work of Agrawal and Herron?! for the respective

derivations.

2.2 | Real work

The real work is derived following Demirel,'? building on the first law
(energy balance) and second law of thermodynamics (entropy balance).
Equation (4) gives a general energy balance for a control volume assum-
ing steady state conditions and negligible kinetic and potential energy.

0= Finjhinj = > foutkhoutk + Qo+ > _Qn+>_ Wn. (4)
J k n m

The first terms are the enthalpy flow rates of the inlet and outlet
streams, QO is a heat stream from the surrounding at temperature Ty,
Q,, are heat streams at temperature T,, and W,, are work contributions
to the system, including mechanical, expansion, contraction or electri-
cal work. Equation (5) gives the entropy balance for the control vol-
ume assuming steady state conditions, where S, is the rate of

entropy production due to irreversibilities.
s _ Z q-h . QO g n
irr = nin,j inj — Znout,khout,k +T7+ Z Ti (5)
i K 0 n n

Combining the energy balance, Equation (4), with the entropy balance,

Equation (5), yields an exergy balance as derived in Equation (6).
ToSir =Y _in(hinj — ToSinj) — Y _ outk (Moutk — ToSout)
j k
. To .
1-— Wh. 6
#3017+ T @

The first terms on the right side of the equation are the exergy flow-
rates of the material streams representing the negative minimum work
<7V'Vm,~n) as described in Equation (2). The product of the reference
temperature and the produced entropy (ToS;,) is called lost work or
exergy loss and corresponds to Wj, in Equation (1), which relates the
evolution of the control volume to the conditions of the surroundings.
The real work of separation is the sum of the reversible and lost work
and can be expressed by Equation (7). The first term of the right side
of the equation corresponds to the exergy of heat streams, while the

second term summarizes the external work on the system.

. . . . T, .
WreaI:Wmin+Wirr:ZQn (1*7_*0) +ZWm‘ (7)
n n m

2.3 | Real work of process units

While the minimum work is independent of the specific separation

process, the real work has to be calculated individually for each unit

AI?BIFJ R NALJLW
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FIGURE 2 Schematic of a reboiler (left) and a condenser (right) to

describe heat exchangers contributing to the real work

as it depends on operating conditions and process design. For the
considered separation processes (distillation, PV, and VP), we specify
the system boundaries as well as work and heat contributions accord-
ing to Equation (7) including assumptions made for the specific units
as well as for the auxiliary equipment, such as heat exchangers, pumps
and compressors. Based on these individual considerations, hybrid
process configurations can be generated and evaluated. To guarantee
comparability of the processes, equal reference conditions of the inlet
and outlet material streams are assumed and warranted through inte-
gration of additional auxiliary equipment.

2.3.1 | Auxiliary equipment

To determine the exergy loss of a heat exchanger, the temperature of
the heating or cooling utility (T,) is required as defined in Equation (7).
This is illustrated in Figure 2 with Q being the heat flowrate and h,»,,
and hy the in- and outgoing enthalpy flowrates. In case of external
heating, the minimum work required corresponds to a hot stream that
supplies Qh at the temperature T, at which the heated stream will
leave the heat exchanger. This results in zero temperature driving
force and thus minimum exergy loss in the heat exchanger. For cool-
ing, the maximum work that can be utilized from the released heat Q,
is obtained at temperature T, which corresponds to the outlet tem-
perature of the cooled stream. This again results at zero temperature
driving force and respective minimum exergy loss in the heat
exchanger.

While these assumptions would result in infinitely large con-
denser and reboiler areas due to the vanishing temperature driving
force, any increase in the hot utility temperature or decrease in the
cold utility temperature would induce additional external exergy
losses in the heat exchangers, which would diminish the thermody-
namic efficiency of the separation processes.?®

For the sake of the current study, we focus on the comparison of
the (internal) efficiency of the considered separation processes, delib-
erately selecting this rather optimistic assumption for the utility tem-
peratures, pointing out that the subsequently reported results are
reflective of this decision. However, practical (external) efficiencies of
the processes will be lower accounting for exergy losses in the heat
exchangers due to increased hot utility temperatures and decreased
cold utility temperatures. The article of Tumbalam Gooty et al.,?®
which evaluates the thermodynamic efficiencies of distillation col-
umns and potential means for their improvement, provides an illustra-
tive quantitative example that evaluates the effect of different utility

temperatures for the heat exchangers of a distillation column.
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FIGURE 3 Schematic of a distillation unit (worst-case scenario)
with all heat and work streams contributing to the real work related
to its surroundings at reference state. Gray heat exchangers do not
contribute to the real work.

The required work to change the pressure p from a certain state
1 to state 2 of a volume V can be described by the integral given in
Equation (8).

2
W, = JlVdp. (8)

Assuming an incompressible fluid, the compression and relaxation
work stream is given by

Wy =V(ps —p1), 9

while for a vaporous stream, an ideal gas can be assumed resulting in

W, = ARTIn (”-2) (10)
p1

with n being the molar flow, R the ideal gas constant, T the tempera-
ture and p the pressure.

2.3.2 | Distillation

Assuming that the ingoing and outgoing streams are at reference con-
ditions, only exergy in form of heat has to be considered to determine
the real work of the distillation process, as illustrated in Figure 3. The
feed is preheated to the operating conditions of the column assuming
a boiling liquid, while the bottom and top stream are partially evapo-
rated and (fully or partially) condensed, respectively. Both product

streams leave the distillation column at different temperatures than

the reference temperature Ty, requiring an additional heat exchanger
to adjust the temperature. Determining the exergy of the product
streams for the temperature that is finally reached (cf. Section 2.3.1),
the respective exergy flowrate in Equation (7) becomes zero in case of
the reference temperature (T, = Tp). Both heat exchangers are
depicted in gray in Figure 3, indicating that they have no influence on
the real work under this assumption.

Accordingly, the real work is composed of the heat contributions
presented in Equation (11). Here, the preheating as well as the reboi-
ler duty are positive, while the condenser duty is negative, which gives

a discount on the real work of separation.
. . T . T . T
Wiegas =Qr (1-22) +Qs(1-2) +Qc(1-22).  (11)
Tr Ts o

Although we are not considering additional temperature differences
for utilities and respective external exergy losses for the heat
exchangers, we refer to this scenario as “worst case,” since the usable
heat of the product streams is discarded to the environment and
external heat is used to preheat the feed. The required heat Q is cal-
culated by an enthalpy balance for the heat exchanger. For further
comparison, an additional “best-case” efficiency is calculated, consid-
ering that the sensible heat of the product streams provides sufficient
heat to preheat the feed stream, such that no external preheating is
required. This “best case” efficiency corresponds to the analysis per-
formed by Tumbalam Gooty et al.?® and enables a comparison with
this analysis. Both assumptions represent limiting values, which can
be considered as lower and upper bounds for the thermodynamic effi-
ciency, depending on the actual degree of heat integration. For the
best-case scenario, we assume that the product streams provide
the necessary amount of heat for preheating (QF =0), such that the
exergy flowrate for the preheater is omitted from Equation (11).

The condenser and reboiler duties, Qc and Qg, depend on the
reflux ratio and boil-up rate for the desired separation, requiring data
on the energy demand of the distillation column. For this purpose,
either experimental data can be used or model-based calculations can
be conducted, for example, with shortcut or rigorous models.3* Fur-
thermore, for a vacuum or high-pressure distillation process, addi-
tional pumps and relaxation valves have to be considered in the feed

and product streams, according to Equation (9).

2.3.3 | Pervaporation

In PV processes, a liquid feed enters the membrane unit, while the
permeating components evaporates after passing through the mem-
brane due to applied vacuum on the permeate side, resulting in a
lower partial pressure of the permeating components than the corre-
sponding saturation pressure. To calculate the real work of PV, the
process scheme in Figure 4 is considered. The liquid feed is pumped
and preheated to membrane operating conditions pr and Tpem,
respectively. The vaporous permeate stream is condensed to satu-

rated liquid conditions and then compressed to the reference pressure
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FIGURE 4
Gray heat exchangers do not contribute to the real work.

po, While the liquid retentate stream is relaxed to po. Both streams are
then returned to the reference temperature Ty by a heat exchanger,
which is only indicated in gray as the contribution is again assumed to
be zero.

It is important to note, that depending on the permeate pressure
and the respective boiling temperature, the real work for the conden-
sation of the permeate can either result in a positive or negative
exergy stream. If the boiling temperature is below the reference tem-
perature, the condensation will result in an additional exergy loss,
while a boiling point above the reference temperature will provide
some discount in the calculated efficiency. This behavior does at least
qualitatively reflect the economic burden that a condensation below
ambient temperature brings.

PV is characterized by the evaporation of the permeating
component(s), which causes a temperature drop on the feed-side
along the membrane. Especially for water as permeating compo-
nent, which is typical for hydrophilic PV membranes, this tempera-
ture drop is significant due to the high enthalpy of vaporization.
For this reason, intermediate heaters are commonly used. As indi-
cated in Figure 4, such interstage heating is considered by dividing
the membrane into ngs. elements. Therefore, the total permeate
stream is divided by ngs., which represents the partial permeate
stream in one discrete element. This way, each element is balanced
with the feed stream being the retentate stream of the previous
element. Between each element the feed is heated up to the spec-
ified membrane operating temperature Tp,.m. The resulting temper-
ature drop is calculated by an energy balance neglecting the heat

of mixing®®:

_ hp AR

NF CoF

Tmem — IR (12)

Considering a constant feed and permeate pressure, the real
work of separation is defined by Equation (13), where ngjsc is
defined as the number of permeate streams for the calculation
of the intermediate heating and condensation. Considering all
illustrated contributions, the real work of PV is defined as

follows:

Q(Tp)  Wp

Schematic of a PV unit with all heat and work streams contributing to the real work related to its surroundings at reference state.

. . . T . T
Wieaipv = VE(PE —Po) + Qr (1* 5 )+ > Q:Hj(lfT—())
mem

Tmem
Ngise—1

. . T, .
+Vr(Po —pr) +Qc <1*sz) +Vp(Po — Prmem)- (13)

For the calculation of the real work, the volume flows V of each
stream have to be determined. For a specific application, the mem-
brane performance is usually described by a respective flux model
based on experimental investigations. However, for an early assess-
ment in conceptual design and in case a proper model is not available,
a (nearly) perfect separation into permeate and retentate can be
assumed for an initial screening based on a predefined selectivity of
the membrane. Thus, the retentate and permeate stream are calcu-
lated by mass balances for a given retentate and permeate purity.
Experimental investigations can thus be motivated once sufficient
potential for the membrane or membrane-assisted separation is deter-
mined. The heat duty required for preheating the feed stream is calcu-
lated based on the membrane feed temperature, which in this case
corresponds to boiling liquid conditions.

While similar to the distillation column, the heat released by
retentate cooling could be used to compensate a part of the heat for
feed preheating, the permeate stream is first condensed at low tem-
perature due to the low permeate pressure. Thus, for proper heat
integration, the vaporous permeate stream would first need to be
cooled in a heat exchanger with the feed stream, prior to condensa-
tion. Such configuration is rather uncommon as the vacuum on the
permeate side is maintained by a vacuum pump attached to the con-
denser. Therefore, no best-case approximation for feed and product
heat integration is considered for the membrane process, although
there is potential for improvement of the thermodynamic efficiency
by means of such heat integration.

Furthermore, the operating conditions of the membrane, includ-
ing the pressure of the feed pr and permeate pp as well as the operat-
ing temperature T, need to be specified. In order to approximate
the minimum energy requirement, a vanishing driving force for the
mainly permeating component at the end of the membrane unit is
assumed. This would in fact require an infinite membrane area and

corresponds to the assumption of an infinite number of equilibrium
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FIGURE 5
Gray heat exchangers do not contribute to the real work.

stages in distillation for the approximation of the minimum energy
requirements.

The driving force of a component i for any membrane process is
defined by the difference in the chemical potential between the feed-
and permeate-side of the membrane. For PV, the driving force of

component i of PV is defined by Equation (14).%¢

S LV
XiFYiFPoi®o,i

Ap;py =RTIn
Ll YipPp®ip

(14)

For a fixed permeate pressure, the driving force depends only on the
temperature, which cannot be determined explicitly as the vapor pres-
sure p; as well as the fugacity coefficients ¢/ and ¢;p are functions
of the temperature. Ensuring a liquid feed and retentate stream, the
feed-side pressure and temperature are determined iteratively until a
vanishing driving force is achieved. Therefore, a minimum feed-side
pressure is defined as starting point, while the temperature corre-
sponds to the boiling temperature of the feed. Then, the temperature
is successively decreased for a constant feed-side pressure. If a van-
ishing driving force cannot be achieved, the feed-side pressure is
increased until the driving force is zero.

2.34 | Vapor permeation

VP is characterized by vaporous feed and product streams, which con-
tain only condensable vapors. The contributions to the real work are
illustrated in Figure 5 neglecting a possible pressure drop along the
membrane. The feed stream is first pumped to the desired feed-side
pressure pr and then evaporated and superheated to reach the mem-
brane operating temperature Tpem. Inside the membrane module, iso-
thermal operating conditions are assumed. Thus, the retentate and
permeate streams leave the module at temperature Tpem.

For the current evaluation, it is considered that the vaporous
retentate stream is further relaxed to atmospheric pressure po fol-
lowed by a condensation to boiling liquid conditions, releasing heat
QC,R at temperature Ty and reducing the temperature to ambient con-

ditions, which does not contribute to the real work. Another option

QC,P (TP) WP

Schematic of a VP unit with all heat and work streams contributing to the real work related to its surroundings at reference state.

would be to first condense and further subcool the retentate stream
prior to relaxation to atmospheric pressure. In this case, the heat of
condensation could be released at a higher temperature level resulting
in an increased thermodynamic efficiency, which is however not
considered here.

The vaporous permeate stream is first condensed to the low-
pressure boiling temperature Tp, before pressure and temperature are
increased to ambient conditions. Similar to the introduced PV process,
the real work for condensation of the permeate can result in a positive
or a negative exergy stream depending on the permeate pressure and
boiling temperature.

Summarizing the depicted contributions leads to the real work of
VP calculated by Equation (15). In case of an already vaporous feed
stream, the compression work has to be determined based on

Equation (10) instead of Equation (9).

, . . T
Wieave = Ve (Pr —po) + QF (1 -7 0

. Po, - To
) + RTmemnR In Pr + QC,R <1 TR)

mem

. . T
+Vp(po —pp) +QC,P<1*T*O>-
P

(15)

The volume flows and the description of the membrane performance
are determined analogously to PV. For the membrane operating con-
ditions, we again assume a vanishing driving force of the mainly per-
meating component at the end of the membrane unit. The driving
force of component i of VP can be expressed by the difference in par-
tial pressures caused by either a pressure reduction on the permeate-
side and/or a pressure increase on the feed-side. Equation (16) shows
the driving force for a non-ideal gas considering the molar fractions y;,
the pressures p and the fugacity coefficients ¢ of the feed- and

permeate-side.3

YiFPFPr
Apiyp =RTIn 22222 16
Hive YipPp@p (16)

For a driving force of zero at the end of the membrane, that is, in the
retentate stream, Equation (16) can be written in the following way by

setting Ap;vp to zero and rearranging it to the permeate pressure:
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In order to determine the permeate pressure, atmospheric pressure
on the feed side is assumed, seeking a net driving force of zero. As
the permeate fugacity also depends on the permeate pressure, it is
determined iteratively. If the permeate pressure falls below a prede-
fined threshold value, the feed-side pressure is increased instead to
reach a vanishing driving force in the retentate outlet stream. The
feed temperature is calculated for the resulting feed pressure assum-
ing a saturated vapor. Of course, the feed pressure could be increased
first until the maximum allowable pressure of a potential membrane is
reached. A higher feed pressure results in a higher feed temperature,
which on the one side requires added heat duty to preheat and evap-
orate the feed stream. On the other side, the flux is doubled by a tem-
perature increase of 20 K,*¢ such that higher temperatures result in a
lower membrane area, which does however not directly affect the
thermodynamic efficiency.

2.3.5 | Hybrid processes

For hybrid processes, the same assumptions and equations apply as
deduced in the previous sections for heat exchangers, pumps and
compressors, distillation columns as well as the considered membrane
processes. In case of internal recycle streams, a holistic consideration
of the whole process has to be conducted to determine the respective
heat and work streams of the units. Hybrid processes are specified in

more detail in the respective case studies in Section 4.

3 | INVESTIGATION OF STANDALONE
UNITS

Before analyzing the efficiency of a hybrid separation process, the
stand-alone unit operations (distillation, VP, and PV) are examined to
investigate the influence of the feed composition as well as product
purities on the minimum work and the thermodynamic efficiency.
While distillation is often referred to as inefficient separation tech-
nique, thorough comparisons with other processes are scarce. As
pointed out by Cussler and Dutta,*° alternative processes, such as
absorption, extraction, or membrane separations, show inefficiencies
like those found for distillation, which are more pronounced for sepa-
rations with high purities and recoveries. These statements are sup-

1.,%% who conclude

ported by the recent study of Chavez Velasco et a
that the general conception that thermal separation processes are
inherently energy efficient are ill-founded.

The current investigation allows to identify the maximum possible
thermodynamic efficiency of each of the considered separation pro-
cess and enables a comparison. In industry, PV and VP are primarily
applied for the dehydration of alcohols, such as ethanol or isopropa-
nol.®” Especially the dehydration of ethanol is of tremendous impor-

tance for the biochemical industry, with an estimated annual
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worldwide production of more than a 100 billion liters of bioetha-
nol.%8 Therefore, we consider the separation of a binary mixture of
ethanol and water with a feed stream of 100 mol s* at a reference
temperature of 298.15 K and atmospheric reference pressure as a
representative case study. At this pressure, the mixture also exhibits

an azeotropic point at 89.1 mol% ethanol,®’

impeding separation by
simple distillation.

For all following investigations within this section, the vapor-
liquid equilibria are modeled with the NRTL activity coefficient model
and the Redlich-Kwong equation of state combined with the
extended Antoine equation. The enthalpies are determined based on
DIPPR correlations for the specific heat capacities and heat of vapori-
zation. The parameter sets for the individual models are derived from
ASPEN APV-V88 VLE-IG and PURE32 database.

3.1 | Minimum work

The minimum work of a separation process represents the lower
bound of the work that must be performed to separate a mixture
reversibly and isothermally. This threshold only depends on the mix-
ture to be separated and is thus equal for all considered separation
processes. It should be noted that thermodynamic limitations for an
individual separation, for example, the azeotropic point, are not taken
into account here.

The minimum work is calculated for an equimolar ethanol-water
mixture considering the total product range of ethanol and water in
the respective product streams as depicted in Figure 6. While ethanol
enriches in product stream one, water enriches in product stream two,
which could be either the top and bottom stream of a distillation col-
umn, or the retentate and permeate stream of a membrane process,
respectively. The contour plot shows that the minimum work
increases with higher product purities reaching a maximum of almost
100 kW at pure component compositions of both product streams.
While a purification of both components to only 70 mol% requires
less than 10 kW, a purification to 90 mol% already requires a mini-
mum work of 40 kW steeply rising to 100 kW for high purity prod-
ucts. In contrast, obtaining only one pure component results in a
significantly lower energy demand.

The influence of the feed composition on the minimum work was
investigated as well, for which the results are presented in the Supple-
mentary Information (Section A.1). The separation of a mixture
requires the highest energy for an almost equimolar feed with both

products to be obtained in pure state.

3.2 | Thermodynamic efficiency

Based on the previously determined minimum work and the real work
calculated with the methods presented in Section 2.3, the thermody-
namic efficiency is determined for each presented unit operation. For
the distillation process, we compare the best-case with the worst-case

scenario extended by an analysis of the considered temperature in the
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heat exchangers. Furthermore, we compare the resulting information
on the thermodynamic efficiency with the driving force analysis pro-
posed by Bek-Pedersen and Gani'? to analyze the correspondence of

these methods and identify optimal combinations of unit operations.

3.2.1 | Distillation
To determine the real work of separation for a distillation process, the
reboiler and condenser duty is required, as given in Equation (11).
Therefore, the distillation column is described with a rigorous
equilibrium-stage model, which is based on mass balances, equilibrium
conditions, summation constraints and enthalpy balances known as
MESH equations. A superstructure model is implemented in GAMS
(General Algebraic Modeling System) with equilibrium calculations
and additional thermodynamic calculations performed by means of
external equations‘40 To derive the MED of the distillation column, an
optimization problem needs to be solved, minimizing the overall
energy demand, given the product specifications. For a fixed number
of equilibrium stages and a fixed feed position, the design degrees of
freedom are the reflux and boil-up ratio. A detailed description of the
model equations is described by Skiborowski et al.*° For the current
investigations, a column with 150 equilibrium stages is considered,
resulting in a good approximation of the minimum heat requirements.
Considering the separation of an equimolar ethanol-water mix-
ture, a water-rich stream in the bottom and an ethanol-rich stream in
the top of the column are produced. While water can be purified, the
ethanol purity of the top product is limited by the azeotropic point.
The thermodynamic efficiencies of the distillation process are

depicted for the whole range of achievable purities in both product

streams in Figure 7. The worst-case scenario is depicted in the left
diagram, while the best-case scenario is shown in the right diagram.

The overall thermodynamic efficiency for the worst-case scenario
is generally low with a maximum of 18% in the range of 85 mol% eth-
anol and water in the distillate and bottom stream, respectively, which
is caused by the different trends of the minimum and real work.
Although both increase with higher purities of the product streams,
the change in minimum work is stronger for purities up to 85 mol%.
The diagram for the real work is given in the Supplementary Informa-
tion (Section A.2). Water compositions in the bottom close to the feed
composition achieve efficiencies of only 4%-10%, because the sepa-
ration work is generally small but the work for preheating the feed of
90 kW (constant for each considered product purity) accounts for
more than 50% of the real work.

To determine the best-case efficiency, a full compensation of the
heat required for feed preheating by cooling the product streams is
assumed, which requires a heat duty of 586 kW to reach the boiling
temperature of 79.8°C. Depending on the product purities the prod-
uct cooling provides sufficient heat duties between 584 and 635 kW,
with max. temperatures between 78.2 and 78.9°C for the top product
and 79.8 and 99.7°C for the bottom product. Thus, the simplified
assumption of a full compensation of the heat duties for feed preheat-
ing by cooling of the product streams provides a reasonable upper
bound.

The respective results for the best-case scenario are depicted in
Figure 8, right. The thermodynamic efficiency rises up to about 70%
for low water compositions and ethanol product purities in the range
of 75-85 mol%, which is in good agreement with the internal efficien-
cies reported by Tumbalam Gooty et al.2¢ for the separation of ideal

binary mixtures. The thermodynamic efficiency decreases with higher
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FIGURE 7 Thermodynamic efficiency in % for the worst-case scenario (left) and the best-case scenario (right) of a stand-alone distillation unit
of an equimolar ethanol-water mixture for different distillate and bottom compositions with To = 298.15 K, po = 1.013 bar, i = 100 mols~*
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FIGURE 8 Thermodynamic efficiency (left) and driving force according to Bek-Pederson and Gani? (right) of a stand-alone distillation unit of
ethanol and water for different feed compositions with Xgtonp = 0.85, Xp20,8 = 0.999, To = 298.15 K, po = 1.013 bar, ng = 100 mol st

water purities in the bottom because more ethanol has to be sepa-
rated. Approaching the azeotropic point, the thermodynamic effi-
ciency rapidly decreases to values lower than 10% comparable to the
worst-case scenario.

It is obvious that heat integration between the hot product
streams and the feed stream is of significant importance for maxi-
mizing the thermodynamic efficiency of the distillation column. For
moderate purities, for example, 85 mol% ethanol and water, the effi-
ciency is doubled, while for high water purities, still an increase of

about one third is noticeable. However, for product purities near to

the azeotropic point, both cases exhibit the same low thermody-
namic efficiencies indicating that distillation is inefficient for product
purities in this range.

The influence of the feed composition on the thermodynamic
efficiency is further analyzed for a top product purity of 85 mol% eth-
anol, close to the azeotrope, and a bottoms product purity of
99.9 mol% water, which is illustrated in Figure 8 (left). For the worst
case, a maximum efficiency of about 22% is achieved at a feed com-
position of 13 mol% ethanol. Approaching the azeotropic composi-

tion, the thermodynamic efficiency decreases as the required reboiler
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duty increases due to a higher amount of ethanol which has to be
evaporated. Generally, the feed compositions close to the product
specifications require a small amount of minimum work but the contri-
bution of the feed preheating as well as reboiler duty to the real work
is high resulting in low efficiencies. The best-case scenario shows a
similar trend but with considerable higher thermodynamic efficiencies.
The maximum of 55% exceeds the maximum of the worst case by a
factor larger than two, highlighting the importance of utilizing the sen-
sible heat of the product streams through heat integration.

In a second step, the thermodynamic efficiencies are recalculated,
considering additional exergy losses in the heat exchangers, due to
increased and decreased utility temperatures. Therefore, we consider
steam with a temperature of 120°C for evaporation and preheating,
as well as cooling water with a temperature of 25°C for condensation.
Due to the additional exergy losses, the thermodynamic efficiency is
considerably lower with maximum values of 13% and 10% for the
best and worst case, respectively. The values differ only slightly as the
influence of the preheater is small compared to the condenser and
reboiler work. While the exergy flowrate for the reboiler increases to
some extend due to the temperature increase from 99.7°C (almost
pure water in the bottom stream) to 120°C (saturated steam), the
main difference results from the lost discount for the condenser, as
the previously utilizable heat at 78.2°C (almost azeotropic composi-
tion in the distillate), is lost to the environment at 25°C (cooling
water). This further demonstrates the importance of utilizing the
latent heat of condensation for the distillation column and the consid-
erable drop in efficiency linked to wasting this energy to the environ-
ment, which is also in line with the findings of Tumbalam Gooty
etal.?®
For all cases, it is apparent that the feed composition has a con-
siderable impact on the efficiency as well, as already presented by
Agrawal and Herron,?* Bandyopadhyay?? and Tumbalam Gooty
et al.?® The same trend is observed for the driving force DF deter-
mined by DF; = y; - x; according to Bek-Pedersen and Gani,*? which is
shown in Figure 8 (right) for ethanol. The maximum is obtained at
about 14 mol% ethanol, while it decreases to pure water and to the
azeotropic point. However, the decline of the thermodynamic effi-
ciency is much less pronounced as the driving force for increasing eth-

anol fraction in the feed.

3.2.2 | Pervaporation

To investigate the thermodynamic efficiency of PV, the actual work
requirement for different product purities of the retentate and perme-
ate stream is analyzed. Considering a hydrophilic membrane, water is
the preferentially permeating component and ethanol is obtained in
the retentate with variable compositions up to pure ethanol. For the
permeate, only two distinct permeate compositions are considered:

e A pure water permeate representative of a high selectivity mem-
brane, such as an NaA zeolite membrane with water/ethanol

permselectivity up to 10.000.4*

100

80 1

Thermodynamic efficiency n/ %

-1
EOHR / mol mol

Retentate mole fraction x,

FIGURE 9 Thermodynamic efficiency of a stand-alone PV of an
equimolar feed of ethanol and water for different retentate purities
with pp = 50 mbar, To = 298.15 K, po = 1.013 bar, fif = 100 mols~*

e An imperfect membrane with a reduced selectivity resulting in a

permeate composition of 90 mol% water.

The permeate pressure should be as low as possible to establish a
high flux, while condensation with cooling water should be preferred
economically. As both factors affect the economy of PV and are not
evaluated within the analysis of the thermodynamic efficiency, a per-
meate pressure of 50 mbar is selected as representative.

The resulting thermodynamic efficiencies are illustrated in
Figure 9, while the respective membrane temperature is given in the
Supplementary Information (Section A.3). For a pure permeate, the
highest efficiency of 60% is reached at about 62 mol% ethanol, where
only a minimal ethanol purification is accomplished. The efficiency
decreases constantly for higher water recoveries and respective
higher purities in the retentate. At 99.7 mol% ethanol in the retentate,
we have only an efficiency of 10% confirming that PV is not very effi-
cient for sharp splits. The resulting maximum of the thermodynamic
efficiency is caused by the real work of the intermediate heating,
which is dominant in this case, as depicted in the overview of the real
work contributions in the Supplementary Information (Section A.3).
With higher temperatures, the real work for intermediate heating
increases, resulting in decreasing thermodynamic efficiencies. Addi-
tionally, the preheating term also rises. For a water composition in the
permeate of 90 mol%, the thermodynamic efficiency drops signifi-
cantly to about 21% with no distinct maximum. This is caused by the
contribution of the condensation work to the real work. For a pure
permeate, the condensation temperature is 32°C, while for the impure
permeate, the condensation temperature is 24°C, as the more volatile
component has to be condensed. This results in a positive condensa-
tion work which increases the real work of separation. The results
illustrate that the membrane selectivity has a direct and potentially

significant effect on the thermodynamic efficiency. Thus, the
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increased costs of highly selective membranes, such as the frequently
reported tenfold increase in costs when comparing polymeric and zeo-
lite membranes,** may be bearable in favor of an increased efficiency
and sustainability.

The influence of the feed composition on the thermodynamic
efficiency is shown in Figure 10. At higher ethanol fractions of about
70 mol%, for both permeate purities, thermodynamic efficiency drops
to generally low values with a maximum of about 12% and 10%,
respectively. Thus, the lower the amount of water in the feed, which
has to be separated, the higher the efficiency, which also confirms the
expectations that membrane separations are more favorable when
extracting a smaller fraction of the feed stream. However, this
requires a highly selective membrane since the driving force for mass
transfer of the preferred permeating species decreases with a
decrease of the species composition in the feed. The general trend for
the dependency of the thermodynamic efficiency from the feed com-
position is however independent from the permselectivity.

Bek-Pedersen and Gani? also investigated the driving force for
PV as illustrated in Figure 10 (right). Again, the qualitative trends are
in good accordance with the highest values at higher ethanol fractions
of about 80 mol% showing an influence of the feed composition.
Thus, as applied in real applications, PV-assisted distillation should be
configured with the distillation column in front and the PV processing
the top product of the distillation column.

3.2.3 | Vapor permeation
Similar to the PV process, also for the VP processes, a hydrophilic
membrane is considered, such that water is the preferred permeating

component, while ethanol is enriched in the retentate. The same
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FIGURE 11 Thermodynamic efficiency of a stand-alone VP of an
equimolar ethanol-water mixture for different feed compositions
with a liquid feed at Tr = 298.15 K with To = Tg, po = 1.013 bar,

fir =100 mols~?!

range of product compositions as shown for PV are investigated
for VP.

Figure 11 illustrates the resulting thermodynamic efficiencies for
which the whole feed stream first needs to be evaporated, requiring
the work equivalent of the heat of evaporation as additional contribu-
tion to the real work of separation. For the high selectivity membrane
with a pure permeate, a maximum of almost 22% is reached at 86 mol
% ethanol in the retentate, while a maximum of only 12% is obtained
for an imperfect membrane with lower purity permeate at slightly

higher ethanol fractions. A pure permeate exhibits higher efficiencies
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FIGURE 12 Thermodynamic efficiency of a stand-alone VP of
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because the condensation work is lower compared to an impure per-
meate. For VP, the permeate purity has a great influence on efficiency
and therefore the membrane selectivity should be evaluated.

In Figure 12, the influence of the feed composition on the ther-
modynamic efficiency is further illustrated for a fixed retentate purity
of 99.5 mol% ethanol. At higher ethanol fractions of about 89 mol%, a
maximum thermodynamic efficiency of 29% is reached for a high-
selectivity membrane that enables a pure permeate. For an imperfect
membrane with an impure permeate, a maximum of 23% is obtained,
which indicates a small influence of the permeate purity on the ther-
modynamic efficiency.

The results show an influence of the feed composition similar to
that of VP. In line with the presented conclusions, comparison of
Figure 9 and Figure 13 indicates that, for the separation of a mostly
aqueous up to equimolar feed, a hybrid configuration with a distilla-
tion column in front and a membrane process for ethanol purification
processing the top product of the column is advantageous to operate

both unit operations at high thermodynamic efficiency.

4 | INVESTIGATION OF HYBRID
CONFIGURATIONS

Following the preceding analysis of the individual unit operations, the
thermodynamic efficiency of different membrane-assisted hybrid pro-
cesses is investigated for two representative case studies. The first
case study follows the previously considered separation of a binary
mixture of ethanol and water. One feed composition is considered
within this manuscript and another one is given in the Supplementary
Information (Section C). Second, the separation of tetrahydrofuran
(THF) from a feed mixture with methanol and water is examined,

representing another case study of industrial relevance.

Both case studies have already been subject to previous investi-
gations for a techno-economical optimization for which hybrid pro-
cesses were assessed with respect to MED and TAC.8141% |n these
investigations, the MED was calculated as the minimum sum of the
reboiler duties of the distillation columns and the energy requirement
for the evaporation of the permeate for the PV unit.'® Thus, the actual
temperature at which the individual heat streams had to be provided
was not considered. The TAC were determined from a superstructure
optimization with respect to sizing and costing models, reflecting both
operating and capital cost. In the following, the results of the MED
and TAC analysis are evaluated with respect to the derived thermody-
namic efficiencies of the considered process variants for each case
study.

To determine the thermodynamic efficiency for the hybrid con-
figurations, the condenser and reboiler duties, which are necessary
to describe the real work of the distillation column, are determined
by an optimization of the overall energy demand of the hybrid pro-
cess accounting for the integration of the involved unit operations,
subject to the desired product specifications. Distillation columns
are described analogously to Section 2.3.2 while the membrane pro-
cesses are evaluated under the assumption of a (nearly) perfect
membrane, according to Sections 2.3.3 and 2.3.4. The reference
state is set to a temperature of 298.15K and a pressure of
1.013 bar.

41 |
water

Case study 1: Separation of ethanol and

The first case study analyzes the dehydration of an aqueous ethanol
mixture with a feed stream of 500 mol s~! with 10 mol% ethanol,
which is purified into 99.5 mol% ethanol and 99.9 mol% water. For
this separation, three different process configurations: (1) a perfectly
selective PV unit, (2) a PV-assisted distillation process with the mem-
brane unit as polishing step for the distillate (cf. Figure 13) and (3) a
heteroazeotropic distillation (HAD) with cyclohexane as entrainer

1.1% in terms

(benchmark process), were investigated by Scharzec et a
of MED. Based on this analysis, a further cost optimization was con-
ducted for the benchmark process and the PV-assisted configuration.
Thermodynamic calculations are conducted according to Section 3.
Another viable benchmark process option is extractive distillation
(ED), which is for certain feed compositions even superior to HAD.
However, Waltermann et al.*? demonstrate that HAD with cyclohex-
ane is superior to ED with ethylene glycol for a low-concentrated
aqueous ethanol feed, while ED becomes favorable the higher the
ethanol concentration is.

Assuming a perfectly selective membrane with only water perme-
ating through the membrane, the permeate can directly be mixed with
the bottom stream of the distillation column. For a lower permselec-
tivity with a permeate with 10 mol% ethanol, the permeate stream is
recycled to the lower part of the distillation column for further purifi-
cation. The permeate pressure is assumed to 30 mbar for both

scenarios.
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For the subsequent analysis, again a worst—no heat integration

for preheating best-case—full

and product cooling—and a
integration—efficiency for the hybrid process are considered. The lat-
ter one is given in the Supplementary Information (Section B). To ana-
lyze the PV-assisted distillation process, the thermodynamic efficiency
is evaluated for different ethanol fractions in the distillate, for which
the results are shown in Figure 14 for the worst case (left) and the
respective MED on the right.

It is interesting to note that unlike the stand-alone PV pro-
cess, the selectivity of the membrane does barely affect the MED
or thermodynamic efficiency of the hybrid process. Thus, almost
the same optimum of 23% at a distillate composition of 80.4 mol
% ethanol is achieved. This is because the main contributions to
the real work are the column preheating and the heat duty pro-
vided in the reboiler, which are similar in both cases. The preheat-

ing of the permeate recycle stream in case of an impure permeate

has only a minor effect. The respective flowsheets and related
heat input values are depicted in the Supplementary Information
(Section B). With increasing ethanol content in the distillate, the
thermodynamic efficiency decreases until the azeotropic point
impedes the separation by distillation. The decrease in thermody-
namic efficiency relates to the increase in MED
(cf. Figure 14, right).

The thermodynamic efficiency of the PV-assisted distillation pro-

steep

cess is considerably larger compared to the HAD (17%) and the stan-
dalone PV process with perfectly selective membranes (4%), which
highlights the benefits of the hybrid process. For HAD, the main con-
tribution to the real work is the heat duty in the column reboilers,
especially that of the first column. The ranking according to the ther-
modynamic efficiency is in line with the ranking according to the MED
and the maximum in thermodynamic efficiency corresponds to the
minimum in MED. Thus, in this case, the thermodynamically optimal
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distillate composition of the hybrid process can in fact be identified
directly from the MED analysis.

The hybrid membrane process is the most promising variant in
case of a distillate composition <88 mol%. Otherwise, the HAD pro-
cess shows a comparable efficiency and MED, respectively, while the
standalone PV unit cannot compete. However, the techno-economical
optimization®® reveals that the TAC of the hybrid process of 3.8 mio.
€ a1 significantly exceed the TAC of the HAD with 2.9 mio. € a~?,
despite the indicated energy savings. This illustrates the importance
of a combined consideration of energy efficiency and process eco-
nomics. The main reason for the high cost of the membrane-assisted
distillation process are in this case the need for an expensive cooling
brine to operate at the low permeate pressure of 30 mbar, which
accounts for one third of the TAC. The expensive utility can be
avoided by operation at increased permeate pressure, which however

results in a lower driving force and increased membrane area.

4.2 | Case study 2: Separation of tetrahydrofuran,
methanol, and water

In the second case study, a ternary azeotropic mixture of tetrahy-
drofuran (THF), methanol and water is investigated, considering a

feed stream of 10 mols!

with a composition of 45 mol% THF,
40 mol% methanol and 15 mol% water, as considered by Scharzec
et al.® However, unlike the initial study, which assumed a liquid boil-
ing feed, the feed stream is considered at ambient temperature and
pressure. The separation is supposed to obtain THF with a purity of
99.9 mol% and a recovery of 99.9%. As the focus of the separation
is on THF purification, water and methanol are not separated fur-

ther, and thus only two product streams are considered.

Thermodynamic calculation are conducted according to Scharzec
et al.® which the Gibbs triangle is provided in the Supplementary
Information in Section D.

For this case study, a PV unit (cf. Figure 4) and a PV-assisted pro-
cesses (cf. Figure 13) are evaluated in comparison to a PSD process as
a benchmark process. The results of the previous MED and techno-
economic optimization® serve as the basis of the thermodynamic effi-
ciency analysis in the current study, which furthermore considers the
necessary preheating and evaluates different product purities. The
MED of the standalone PV process is approximated with a perfectly
selective membrane, which operates at a permeate pressure of
30 mbar. While this provides an interesting best-case approximation
for a standalone PV process, which basically requires an almost per-
fectly selective membrane to enable such high purities and recoveries,
no such membranes is currently available. Therefore, for the MED
evaluation of the PV-assisted hybrid process, an imperfect membrane
that retains 95% THF is considered. The first distillation column is
operated at 0.4 bar vacuum, and thus a pressure reduction has to be
considered for the calculation of the real work.

Under these considerations, the PV-assisted process shows a
slightly lower MED (520 kW) than the heat-integrated PSD (569 kW).
However, the PV-assisted process results in significantly higher TAC
(793 vs. 223 ke a~1).8 The techno-economic optimization revealed
that the limited performance of the hybrid process is mainly caused
by the high purity and recovery requirements for THF. For this reason,
we investigate the thermodynamic efficiency of the mentioned pro-
cesses on the basis of re-optimized processes for MED for different
product purities in the range of 95-99.9 mol% THF. The resulting
thermodynamic efficiencies are illustrated in Figure 15 (left) in line
with the determined temperatures and pressures for the membrane

separation according to Section 2.3.3, cf. Figure 15 (right).
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Considering the PSD process without explicit modeling of the
heat integration, a thermodynamic efficiency of around 20% for the
worst case, and 38% for the best-case approximation (ideal heat inte-
gration between product/recycle streams and feed heating, as well as
beneficial use of condenser heats), is calculated. These values are
almost independent of the THF purity. While an ideal PV-based sepa-
ration would enable a thermodynamic efficiency of about 38.5% for
95% THF purity, the thermodynamic efficiency of the PV as well as
the PV-assisted process drop to 9% and 11% for a THF purity of
99.5%, respectively. Even if a perfectly selective membrane would be
available, the purity specifications would mandate a feed temperature
of 145°C at 11 bar feed-side pressure for the stand-alone PV separa-
tion in order to maintain a positive driving force, which is significant
beyond the range of 100°C and 4 bar for polymeric membranes,*3
and even at the limit of 150°C and 10 bar for inorganic membranes,
for example, hybrid silica membrane.** No such membrane with a suf-
ficient performance is currently available.®

Overall, the membrane-assisted processes are less efficient com-
pared to the best-case PSD process highlighting the importance of heat
integration. The better performance of the PSD process is also confirmed
by the results of the techno-economic optimization of Scharzec et al.?

which explicitly considers the heat integration of the PSD process.

5 | CONCLUSION

Although frequently recited, membrane separations are not generally
more energy efficient compared to distillation and potential savings of
up to 90%* are rarely reached. This was recently illustrated by
Chavez Velasco et al.>® for p-xylene/o-xylene and propylene/propane
separations and is further confirmed in the current study by investiga-
tion of the thermodynamic efficiency of pervaporation and vapor
permeation processes in comparison to distillation as well as
membrane-assisted distillation processes for the important case of
alcohol dehydration.

The analysis of the thermodynamic efficiency of the standalone
processes confirms the previously reported results for distillation
processes, 21?226 highlighting the possibly high internal efficiencies for
distillation-based separation, if heat integration between feed and prod-
uct/recycle streams is pursued and the heat of condensation is utilized
beneficially. Especially for feed streams with a lower fraction of low-
boiling components high efficiencies are feasible. For pervaporation
and vapor permeation, especially the feed and product purities as well
as the membrane selectivity are important factors affecting the thermo-
dynamic efficiency. Under the assumption of an optimal heat integra-
tion, distillation potentially outperform pervaporation or vapor
permeation in terms of the thermodynamic efficiency for a range of
feed and product specifications. Unlike the distillation-based separa-
tions, the thermodynamic efficiency of the membrane separations
drops significantly with increasing product recovery and purity. As illus-
trated in the current study, hybrid combinations of membrane-assisted
distillation processes bear the potential to further improve the energy

efficiency, while reducing the need for heat integration.

AICBE R ALY

While the conducted study allows for an effective analysis of the
different process concepts with respect to the thermodynamic effi-
ciency, it has to be pointed out that the reported efficiencies are
reflecting internal efficiencies under ideal assumptions, which espe-
cially include the beneficial use of dissipated heat, as well as the negli-
gence of losses in the heat exchangers and heat losses in the unit
operations. These additional losses can lead to a significant reduction
of the thermodynamic efficiency, which is however not caused by the
separation process, but the overall energy integration, insulation, and
design of heat exchangers.

Comparing the results of the current exergy-based evaluation of
the different process concepts, with previously conducted techno-
economic process optimization studies, it becomes apparent that the
latter is especially important for material-intensive processes, such as
the considered membrane separations, but also processes such as
adsorption. Although the results of the energy-based and efficiency-
based evaluation are quite similar for the current investigations, this
similarity results from the majority of the real work being grounded in
thermal contributions. These results may be considerably different if
mechanical work, for example, for vapor recompression, or pressure-
driven membrane processes are considered. These considerations are
therefore to be evaluated in future work, which also should consider a
multi-criteria optimization with respect to energy, efficiency, and
costs.
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