
Selective Oxidation of Ethylene to

Ethylene Oxide on Silver Catalysts at

Industrial Conditions: Reactor Profiles,

Kinetics and Chlorine Inhibition

Vom Promotionsausschuss der
Technischen Universität Hamburg

zur Erlangung des akademischen Grades

Doktor-Ingenieur (Dr.-Ing.)

genehmigte Dissertation (Monografie)

von

Viktor Berg

aus
Alexandrowka, Russland

2025



1. Gutachter: Prof. Dr. rer. nat. Raimund Horn
2. Gutachter: Prof. Dr.-Ing. habil. Prof. e.h. Dr. h.c. Stefan Heinrich
3. Gutachterin: Prof. Dr.-Ing. Irina Smirnova
Tag der mündlichen Prüfung: 09. Dezember 2024
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Abstract

Selectivity is the key parameter in industrial ethylene oxide (EO) production by ox-
idation of ethylene with oxygen on Ag/α 2 Al2O3 catalysts. Accurate temperature
control in wall-cooled multitubular fixed-bed reactors and chlorination of the silver
surface by feeding small chlorinated hydrocarbons such as 1,2-dichloroethane (DCE)
are required to fine-tune electrophilicity and surface oxygen coverage for maximum
EO selectivity at economic ethylene conversion.

In this work, a kinetic test setup was designed and built to measure initial reaction
rates at differential conditions in an isotherm fixed-bed reactor which was located in
a heated fluidized sand bath. Temperature and molar flow rate profiles of C2H4, O2,
CO2, H2O, DCE and the chlorine containing reaction products vinyl chloride (VC)
and ethyl chloride (EC) were measured in a Compact Profile Reactor (CPR) and in
a Pilot Scale Profile Reactor (PSPR) to explore the spatial interplay between DCE
concentration, temperature, inlet flow rate, and O2 conversion. Chlorine and oxygen
compete for the same active silver sites despite four orders of magnitude different
concentrations (ppm vs. vol-%). Chlorine coverage increases from inlet to outlet due
to the decreasing partial pressure of O2 along the bed leading to shut down of all
reactions if all active Ag sites are blocked by chlorine.

A kinetic model was derived from a dual-site mechanism taken from literature.
Kinetic parameters were determined from differential initial rate measurements, Arrhe-
nius plots and by fitting the rate expressions implemented in a plug flow model to the
species and temperature profiles in the CPR. Very good agreement was reached.

To validate the measured kinetics a Pilot Scale Profile Reactor (PSPR) with a static
capillary sampling technique was desgnied and built. PSPR profiles were modeled by
implementing the derived kinetic model into a 2D pseudohomogeneous reactor model.
At conversions < 10 % the experimental profiles were well captured, but the model
failed to accurately reproduce the point of thermal runaway in the catalyst bed of
the PSPR being caused by a too low reactor temperature and resulting insufficient
chlorine coverage of the silver surface.
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1Introduction

The majority of chemical reactions in industry take place in heterogeneously catalyzed
reactors (fixed-bed reactors), in which a fluid, usually gas, flows through or over the
catalytically active solid material, which is arranged in an immobile manner inside the
reactor [1]. Due to its simple construction and the absence of any moving parts, the
investment and maintenance costs are rather low. Therefore, a wide range of process
conditions such as high pressure and temperature can be applied due to the robust
construction usually made of steel. For highly exothermic or endothermic reactions,
the temperature can be controlled by design modifications of the fixed-bed reactor [2].
The active catalyst can be loose particles, coated walls or structured packings [3, 4].
The main advantage is that the catalyst remains inside the reactor and the separation
step of fluid and solid is omitted. On the other hand, complex reactions with several
reaction steps, with produced and consumed intermediates as well as temperature and
concentration gradients that take place inside the fixed-bed reactor are difficult to
understand because of the complex behavior and the few possibilities to gain insight
into the reaction. Typically, the ”inlet-outlet” approach is used to measure inlet and
outlet temperatures, conversions, and selectivities, which are used to draw conclusions
about the reaction steps taking place inside the reactor [5]. In such cases, the reactor
itself remains a black box. To overcome this obstacle, profile measurement techniques
are used to monitor temperature and concentration profiles inside the catalytic fixed-
bed reactor [6, 7]. Two different approaches are commonly used: profile reactor with
sampling via a moving capillary and with static sampling points (e.g. side sampling
ports). The sampling position from side ports sampling is therefore unfortunate be-
cause of bypass flow due to the high porosity at the wall. Moving capillaries, typically
made of fused silica or stainless steel, have the advantage that the sampling position
can be adjusted by a stepper motor during the measurement to achieve high spatial
resolution of temperature and concentration in the axial direction, taking samples from
the center of the catalyst bed. With such a setup, steep gradients and the formation
and consumption of intermediates can be identified even under harsh reaction condi-
tions such as the epoxidation reaction of ethylene to ethylene oxide (EO). The partial
oxidation of ethylene to ethylene oxide has a long history and is a good example of the
importance of heterogeneously catalyzed reactions in our daily lives. Ethylene oxide is
a highly reactive molecule and is used in numerous reactions to produce ethoxylates,
ethanolamines, polyesters and ethylene glycol, in which approximately 70 % of the
total ethylene oxide produced is converted to [8]. The annual production of ethylene
oxide was nearly 30.7 million metric tons in 2021 [9]. The ethylene epoxidation reac-
tion takes place at 10 2 20 bara and a temperature range of 220 2 275 çC by partial
oxidation of ethylene with oxygen over a supported low surface Ag/α2Al2O3 catalyst
[10]. EO is the desired product, while CO2 and H2O are formed by the unselective
parallel reaction [11]. The subsequent oxidation of EO leads to further formation of
CO2 and H2O. Selectivity is the key parameter for the industrial epoxidation reac-
tion because the cost of ethylene determines the cost of production. An unpromoted
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catalyst achieves selectivities of 50 %, by cofeeding chlorinated hydrocarbons such as
1,2-dichloroethane (DCE), vinyl chloride (VC) or ethyl chloride (EC) a selectivity in-
crease up to 70 % to 80 % is achieved [12]. Nowadays, industrially applied catalysts
are highly promoted with Cs, Re, Li, Mo reaching selectivities toward EO of 90 %
[13]. The study of the ethylene epoxidation reaction is challenging due to the highly
exothermic unselective parallel and consecutive oxidation reaction, which makes heat
removal critical. To avoid thermal runaway, industrial EO production takes place in
multitubular fixed-bed reactors, in which many small-diameter reactors are used to
control the reaction temperature by removing excess heat [10]. In addition, EO is toxic
and carcinogenic and tends to polymerize or decompose detonatively, making this re-
action very dangerous [14]. To better understand the epoxidation reaction, especially
the moderation by halogenated hydrocarbons, information from inside the reactor is
needed.

The aim of this work is to investigate the epoxidation reaction under industrially
relevant temperature and pressure conditions using the profile reactor technique based
on the development of Horn et al. [15]. Therefore, intrinsic kinetic parameters, reac-
tion orders and activation energies were determined by in-house measurements using
a differentially operated fixed-bed reactor heated by a fluidized sand bath to maintain
isothermal conditions [16]. The kinetic test reactor was designed, built, and operated
to determine kinetic parameters at O2 conversion below 5 % to maintain differential
operation. Initial reaction rates were determined from measured product formation
rates [5].

A Compact Profile Reactor (CPR) developed by Reacnostics GmbH, based on the
patent of Horn and Korup [17], was used to measure concentration and tempera-
ture profiles in a compact manner, minimizing radial temperature and concentration
gradients. The CPR uses the moving capillary technique by moving the entire reactor
and keeping the capillary in position. The sample is taken through a laser drilled
orifice in the capillary. The sample volume can be adjusted either by a micrometer
valve for higher reaction pressure or by a vacuum pump for lower reaction pressure.
Using the CPR, the influence of DCE on the reactor performance could be tested by
measuring concentration profiles in the subppm range inside the catalyst bed. The
radial gradient-free profiles were therefore suitable for kinetic parameter regression
for O2 conversion above 5 %, using a 1D pseudohomogeneous model to fit the kinetic
parameters to the profiles at different reaction conditions. The catalyst used was an
unpromoted supported low surface Ag/α2Al2O3 catalyst provided by BASF SE. The
catalyst used in the differentially operated fixed-bed reactor and CPR was a crushed,
split shape catalyst with a sieve fraction of 200 2 400 µm and a silver loading of
14.5 wt-%.

In addition, a modified Pilot Scale Profile Reactor was designed and built to sample
through 10 static capillaries with 400 µm diameter located in the center of the catalyst
bed. The capillaries are placed equidistantly in the center of the catalyst to provide
a representative sample of the reaction mixture rather than measuring at the wall
with side sampling ports. Temperature is measured by 16 thermocouples distributed
equidistantly in the axial direction of the reactor, surrounded by a steel liner that holds
the thermocouples in position. Safety instrumentation and process control have been
implemented for 24/7 unattended operation with automatic sampling by selecting each
position with a switching valve and gas composition analysis by two gas chromato-
graphs (GC) used in series to accelerate the profile measurement. With this setup,
the partial oxidation reaction was measured at near industrial process conditions with
a gas hourly space velocity (GHSV) of 4750 h21 at 17 bara and a temperature range
of 180 2 200 çC. With cofeeding of DCE up to 3 ppm for a catalyst bed length of
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up to 0.5 m and a catalyst sieve fraction of 500 2 900 µm. The profiles measured in
the Pilot Scale Profile Reactor (PSPR) were used to validate the kinetic parameters
by simulating the profiles using a 2D pseudohomogeneous model with the kinetic rate
expression derived from differentially operated fixed-bed reactor and profile regression
from CPR measurements using a literature dual site mechanism [18].



2Theoretical Background

This chapter gives a general introduction to heterogeneous catalysis. The Chapter 2.1
explains how a catalyst affects a chemical reaction and gives examples of catalysts
used in the chemical industry. The chemical and physical background that takes
place during a heterogeneously catalyzed reaction is discussed, such as mass and heat
transfer, and a general concept of kinetics is given. Chapter 2.2 presents the theory
of kinetic measurements in differentially operated fixed-bed reactors. Chapter 2.3
provides a brief literature review of the ethylene epoxidation reaction. Lastly, reactor
modeling is discussed in Chapter 2.4.

2.1 Heterogeneous Catalysis

The term catalysis was introduced by Berzelius in 1836 [19]. He concluded that a
new force, the catalytic force, is active in addition to affinity. An appropriate definition
in modern terms is:

”A catalyst is a substance that affects the rate or direction of a chemical reaction,

but is not significantly consumed in the process.” [20]. There are three important as-
pects to this definition. First, a catalyst can increase or decrease the rate of a reaction.
Second, the catalyst can affect the selectivity of a reaction or its direction. Third, the
amount of catalyst consumed is negligible compared to the amount of reactants con-
sumed. A catalyst cannot change the equilibrium point set by thermodynamics, but
it can accelerate the rate at which the point is approached. Figure 2.1 schematically

Figure 2.1: Thermodynamic equilibrium.

shows the energy levels of the reactants and the products. The products are at a lower
Gibbs free energy, which means that the reaction is favored and can occur spontan-
eously. The change in Gibbs free energy is related to the equilibrium constant (Keq)
of a reaction by [21]:

∆G0 = 2RT · ln(Keq) (2.1)

Keq represents the equilibrium composition of a reaction by the product of the activity
coefficients (ai) to the power of its corresponding stoichiometric coefficient (¿i) involved
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in the chemical reaction (eq. 2.2).

Keq =
∏

i

aνii (2.2)

But if the reactants are not in their thermodynamically favored state, why do they
not spontaneously react to form the products? This question can be answered with
Figure 2.2, which shows the energy and the reaction coordinate. To convert the
reactants to the products, the activation energy (Ea) must be provided to overcome
the energy barrier separating the reactants from the products. If the reaction is
thermodynamically favorable but kinetically unfavorable, the reaction is either too
slow or does not occur simply because of the high energy barrier.

Figure 2.2: Reaction path diagram.

A catalyst lowers this energy barrier by providing a different reaction coordinate
at which the required activation energy is lower without affecting the reaction equi-
librium [5]. In a heterogeneously catalyzed reaction, the reactants (at least one) must
adsorb onto the catalyst surface, releasing heat of adsorption (∆Hads). Less energy
is required to reach the transition state compared to an uncatalyzed reaction. The
products formed must desorb from the catalyst, which requires energy (∆Hdes). In
case of an exothermic reaction heat is released (negative ∆HR), in case of an en-
dothermic reaction heat is consumed (positive ∆HR). Catalytic reactions are often
divided into homogeneous and heterogeneous reactions. A homogeneously catalyzed
reaction occurs when both the catalyst and the reactants are in the same liquid phase.
A heterogeneously catalyzed reaction is generally limited to a solid catalyst and react-
ants in the gas or liquid phase. The majority of industrial catalytic processes involve
gaseous reactants and a solid catalyst [20]. The catalysts can be further classified as
bulk, coated or supported catalysts and consist of either organic materials such as
enzymes (e.g. alcohol dehydrogenase) and ion exchange resins (e.g. carboxylic acid)
or inorganic materials such as metals (e.g. Ag), oxides (e.g. TiO2) or sulfides (e.g. Ni-
MoS) [22]. Bulk catalysts consist only of the catalytic active material, such as platinum
gauze for ammonia oxidation and alumina for alkene isomerization [22, 23]. Coated
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catalysts are a catalytically active layer applied to an inert structured surface. The
most popular application of coated catalysts is the monolithic honeycomb for emission
control in automotive applications [24]. Other applications include structured pack-
ings, foams, and sponges [4, 25]. Supported catalysts consist of a small catalytically
active phase deposited on a support surface [26, 27]. The support provides mechanical
stability and a porous structure with increased surface area for catalyst dispersion and
can be fabricated in a wide range of shapes, sizes, porosities and surface areas [22].
The catalyst support is not inert in all cases, in some applications catalytic activity
is desired, e.g., bifunctional catalysts such as zeolites and alumina [27, 28]. During
the lifetime of a catalyst, the performance decreases because the catalyst deactivates.
One reason for deactivation is sintering of the dispersed active phase by prolonged
exposure to high reaction temperatures, which reduces the surface area available for
the reaction. Another reason is coking, which occurs especially in reactions involving
hydrocarbons, e.g., dry reforming of methane to synthesis gas [29]. Coking blocks the
active sites making them unavailable for further reactions [30]. Another reason for
deactivation of catalysts is irreversible chemisorption on an active site, which is called
poisoning [31]. Used feed in chemical reactions is always accompanied by impurities
such as sulfur, which can lead to poisoning. Selective poisoning applied in multiple
reaction systems with parallel and consecutive reactions can lead to improved cata-
lyst performance, increasing activity and selectivity of a catalyst, such poisons are
called promoters [32]. Promoters are also used to extend the lifetime of the cata-
lyst by preventing e.g., agglomeration of the active dispersed phase of a catalyst as
applied to alumina promoted iron in ammonia synthesis [33]. Additives can act as
structural promoters, e.g. cesium in ethylene epoxidation that blocks sites where the
strongest (unselective) Ag O bonds are formed [34]. Promoters can influence the elec-
tronic structure as well e.g. cofeeding chlorine in the ethylene epoxidation enhances
the electron deficiency of silver making it more selective to ethylene oxide [35]. Most
catalytic surfaces are polycrystalline, with each surface having terraces, vacancies,
edges, and corners. In addition, solid catalysts have defects of atomic or electronic
nature and unknown impurities in the bulk and on the surface. As the catalytic reac-
tion progresses, the atomic structure and composition may change [36]. As mentioned
above, the reaction takes place on an active site according to the concept introduced
by Taylor in 1925 [37]. Taylor’s idea was that there are surfaces with few atoms
that are catalytically active (structure sensitive) and surfaces with many atoms that
are catalytically active (structure insensitive). Next, Taylor said: ” The amount of

catalytically active surface is determined by the reaction catalyzed”, meaning that the
catalyst and the catalyzed reaction adapt to each other. This adaptive behavior can
be explained by surface reconstruction. The importance of surface structure, defects
and impurities underlines the difficulty of identifying the active site for a catalyzed
reaction, although much progress has been made in identifying and quantifying active
sites, e.g. with selective chemisorption methods [36, 38].

2.1.1 Heterogeneous Catalytic Reactions

A heterogeneous catalytic reaction takes place following a proper sequence of physical
and chemical processes illustrated in Figure 2.3 [39].

1. Mass transfer of reactants from the bulk fluid to the external surface of the
catalyst particle.

2. Diffusion of reactants from the particles surface to the internal pore structure.

3. Chemisorption of at least one of the reactants on the active site.
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Figure 2.3: Heterogeneous catalyzed reaction and mass transport.

4. Reaction on the active site.

5. Desorption of the adsorbed species from the active site.

6. Diffusion of the products from the catalyst pore to the external surface of the
catalyst.

7. Mass transfer of the products from the external surface of the catalyst to the
bulk fluid.

If the catalyst is nonporous, steps 2 and 6 are absent. Steps 3 and 5 are basically
chemical, while steps 1, 2, 6 and 7 are physical. Steps 1 and 7 are highly dependent on
the fluid flow characteristics. If the catalytic reaction is very fast and the mass transfer
is slow, the observed rate will depend on the mass transfer. Measures that increase
mass transfer will result in an increased observed rate. To overcome the limitations
of mass and heat-transfer, several analytical and experimental methods can be used,
which are discussed in the following chapter.

2.1.2 Heat and Mass Transfer in Kinetic Measurements

The steps shown in Chapter 2.1.1 make it challenging for an engineer to design a reactor
from measured kinetics. The mass and heat transfer processes required to transport
reactants to the active site and to provide heat for the reaction can limit the observed
rate. To measure intrinsic kinetics, the heat and mass transfer limitations must be
small enough to be negligible. According toMouljin andKapteijn [40], temperature
limitations (T-grad) are more likely to occur than mass transport limitations (c-grad),
which can be ranked according to their influence as follows:

T-gradbed > T-gradext > c-gradint > T-gradint > c-gradext (2.3)

Temperature limitations within the catalyst bed have the greatest influence, followed
by external temperature and internal mass transfer limitations. Internal temperature
and external mass transfer limitations have the least influence. Therefore, avoiding
any temperature gradient within the catalyst bed is the first priority for experimental
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kinetic measurements. Additionally to the experimental procedure for limitation test-
ing, an analytic approach based on empirical correlations show whether internal or
external limitations are present at measurement conditions.

Extraparticle Gradients

At steady state, the rate of energy released (or consumed) by the reaction must be
equal to the rate at which heat is transferred to the fluid. The same is true for mass
transfer, where the rate of mass supply to the outer surface of the catalyst must be
equal to the rate at which it is consumed or transported to the inner pore structure.
The heat and mass transfer is analyzed by the so-called film transport model, which
defines the heat and mass transfer flux from the bulk fluid to the particle in terms of
transfer coefficients for mass (kf ) and heat (h).

Figure 2.4: Schematic illustration of the film layer around the particle with their
corresponding temperature and concentration gradients for an exothermic and endo-
thermic reaction, taken from [40].

The mass transfer rate is proportional to the concentration difference across the
film, as can be seen by performing a mass balance across the film:

Vp · rv,obs = Ap · kf · (cb 2 cs) [mol/s] (2.4)

with the volume of the particle (Vp) and the area of the particle (Ap). The measured
or observed reaction rate can be expressed as:

rv,obs =
Ap

Vp
· kf · (cb 2 cs) [mol/(m3 · s)] (2.5)

When the surface concentration is equal to the bulk concentration, there are no mass
transfer limitations. In order to relate the surface concentration to observable vari-
ables, the dimensionless Carberry number was introduced [41]. The Carberry num-
ber represents the ratio of the observed reaction rate to the maximum possible mass
transfer rate, i.e. when the surface concentration is zero, which corresponds to the best
possible catalyst [40].

Ca =

Ap

Vp
· kf · (cb 2 cs)

Ap

Vp
· kf · cb

=
cb 2 cs

cb
(2.6)
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For the absence of external mass transfer limitation a criterion derived from the
effectiveness factor, which relates the measured reaction rate to the rate at bulk con-
centration and temperature conditions, can be applied:

·e =
rv,obs(cs, Ts)

rv,bulk(cb, Tb)
= (12 Ca)α = 1± 0.05 (2.7)

Taking into account the order of the overall reaction (³), the deviation from unity
should not exceed 5 %. The evaluation of the external heat transfer can be treated
analog to the mass transfer limitation. The heat balance over the film results in:

rv,obs · (2∆HR) = 2Ap

Vp
· h · (Tb 2 Ts) [W/m3] (2.8)

Combining Equations 2.5 and 2.8 yields:

³e · Ca =
kf · cb · (2∆HR)

h · Tb
· cb 2 cs

cb
=

Ts 2 Tb

Tb
(2.9)

The external Prater number (³e) represents the ratio between the maximum heat
production on the catalyst surface resulting from the chemical reaction and the heat
transfer rate from the particle to the fluid, i.e. ³e determines the maximum tem-
perature increase (or decrease in the case of endothermic reactions). Assuming the
effectiveness factor is particularly influenced by heat effects for small Ca values, it is
dominated by the rate constant ratio:

·e ≈
k(Ts)

k(Tb)
= exp

[

2 Ea

R · Tb

(

Tb

Ts
2 1

)]

= 1± 0.05 (2.10)

A series expansion of the exponential function and combination of eq. 2.9 leads to:

|³b · ³e · Ca| =
∣

∣

∣

∣

(

Ea

RTb

)[

(2∆HR)kf cb
hTb

](

rv,obs
kfa2cb

)
∣

∣

∣

∣

< 0.05 (2.11)

Where a2 is the ratio of the particle surface area to the particle volume in m21 and the
dimensionless activation energy or Arrhenius number (³b) is the ratio of the apparent
activation energy Ea to the universal gas constant R and the bulk temperature Tb,
which gives the sensitivity of the reaction to temperature change.

Mass transfer coefficients can be determined by evaluating the dimensionless Sher-
wood (eq. 2.12) and Schmidt number (eq. 2.13). For heat transfer coefficients, the
Nusselt number (eq. 2.14) and the Prandtl number (eq. 2.15) must be determined for
the valid range defined by the Reynolds number (eq. 2.16).

Sh =
kf · L
D1f

(2.12)

Sc =
·f

Ãf ·D1f
(2.13)

Nu =
h · L
»f

(2.14)

Pr =
·f · cp,f

»f
(2.15)

Rep =
Ãf · u0 · dp

·f
(2.16)

With L as the characteristic length, the dynamic fluid viscosity ·f , the fluid density
Ãf , the fluid heat conductivity »f , the fluid heat capacity cp,f , the superficial velocity
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Table 2.1: Appropriate Dimensionless Numbers for Gases in Laboratory Reactors.
Adapted from [40].

Mass transfer Heat transfer Range of validity

Sh = 0.357
εbed

Re0.641p Sc
1
3 Nu = 0.428

εbed
Re0.641p Pr

1
3 3 < Rep < 2000

Sh ≈ 0.07Rep Nu ≈ 0.07Rep 0.1 < Rep < 10

u0, and the molecular diffusion of the species of interest in the fluid D1f . Correlations
for the dimensionless numbers in packed-bed reactor applications are given in Table 2.1
[42–45].

In laboratory studies, external gradients in mass and temperature can be made
negligible by using a diluted reactant stream to reduce the reaction rate, thereby re-
ducing the energy evolved per unit volume. Next, high mass velocities are used to
minimize heat and mass transfer resistances. The thickness of the boundary layer
around the catalyst particle is highly dependent on the hydrodynamics present in the
chemical reactor. By increasing the velocity around the catalyst particle, thus increas-
ing the Reynolds number, the boundary layer thickness is reduced. An experimental
test shows what Reynolds number is required to overcome the outer film transport
limitation. This is done by increasing the flow rate while keeping the GHSV constant.
If the conversion remains constant with increasing flow rate, the external film trans-
port limitation can be neglected. Figure 2.5 (a) schematically shows the experimental
external limitation test.

Intraparticle Gradients

Internal concentration gradients are often caused by diffusion limitations through the
catalyst pores. Reactants diffuse through the pores and react, creating a concentration
gradient across the particle diameter. Macropores offer the advantage of reduced
diffusion resistance. On the other hand, macropores provide less surface area and thus
fewer active sites available for the catalytic reaction than micropores. A bimodal pore
distribution combines the advantages of micro and macro pores as shown in [46]. If
the catalyst has macropores, molecular diffusion occurs, in which molecule-molecule
collisions dominate. The molecular diffusion of an ideal gas is described by the binary
diffusion coefficient Dij and can be calculated e.g. according to the Chapman-Enskog
theory [47]:

Dij =
1.8583 · 1023 · T 3/2 ·

√

1
Mi

+ 1
Mj

P · Ã2
ij · Ω

[cm2/s] (2.17)

where M is the molar mass in g· mol21, P is the total pressure in atm, Ã is the
mean collision diameter in Å which can be calculated from the Equation 2.18 with
tabulated values for the pure components [48, 49] and the collision integral Ω (eq.
2.19) [48, 50, 51].

Ãij =
1

2
· (Ãi + Ãj) (2.18)

Ω = [A(T 7)2B ] + C · [exp(2D · T 7)] +E · [exp(2F · T 7)] (2.19)

T 7 =
kB · T

ë
(2.20)

With T 7 as the dimensionless temperature related to the characteristic energy ë cal-
culated according to the Equation 2.20, where kB is Boltzmann’s constant. Constants
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for the calculation of the collision integral can be found in [52]. If only micropores are
present (dpore f 2 nm), i.e. if the mean free path between collisions is larger than the
pore diameter, the diffusion is reduced to the so-called Knudsen diffusion, in which
molecule-wall collisions dominate [53]. The Knudsen diffusion coefficient is directly
proportional to the pore radius r̄ and can be calculated with [54]:

DiK = 9.7 · 103 · r̄ ·
√

T

Mi
[cm2/s] (2.21)

In mesopores, both molecular and Knudsen diffusion may be present. In this transition
region, the Bosanquet equation, which accounts for both contributions, can be used
[55]:

1

Dav
=

1

Dij
+

1

Di,K
(2.22)

Diffusion in the catalyst pores is described by the effective diffusion coefficient
Deff , which takes into account the particle porosity ·p and the tortuosity Çp. Due to
the solid catalyst material, the volume in which diffusion can take place is reduced
to the void volume defined by the particle porosity ·p. The tortuosity accounts for
the increased diffusion length relative to the spatial coordinate. Depending on the
diffusion regime, the effective diffusivity can be expressed as [40]:

Deff =
·p
Çp

·Dav ≈ 0.05 2 0.1Dav (2.23)

To describe the connection between reaction rate and diffusion limitation, Thiele

[56] introduced a dimensionless number called the Thiele modulus. For an nth-order
irreversible reaction, the Thiele modulus can be expressed as:

Ç =
k

a2 ·Deff
·
√

³+ 1

2
cα21
s (2.24)

The Thiele modulus gives the ratio of the chemical reaction rate (expressed as the rate
constant k) to the diffusion rate (expressed as the effective diffusion coefficient Deff ).
A small Thiele modulus indicates that there is no internal concentration gradient,
while a large number indicates that the reaction is influenced by diffusion limitation.
The internal effectiveness factor is defined as:

·i =
observed reaction rate

rate without internal gradients
=

∫

rv(c, T )dV

rv,s(cs, Ts)Vp
(2.25)

For a first order reaction and a slab geometry, the internal effectiveness factor can be
written as:

·i =
tanh(Ç)

Ç
= 1± 0.05 (2.26)

For the absence of internal diffusion limitation, the effectiveness factor should be
1 with a tolerance of 5 %. Since the kinetic measurement measures the observed
reaction rate instead of the intrinsic reaction rate, it is not possible to verify whether
the criterion is met, so a more convenient criterion is introduced, the Weisz-Prater
modulus [57]. The following criterion can be derived for an nth-order reaction from a
series expansion [58].

·iÇ
2 =

rv,obs
cs ·Deff · (a2)2

(

³+ 1

2

)

f 0.15 (2.27)

The surface concentration can either be approximated by the bulk concentration cb or
calculated with the Equation 2.6. The approximation whether internal heat limitations
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are present can be done analog to the evaluation of external gradients. Therefore the
internal Prater number ³i, which represents the ratio of the heat production rate and
the heat conduction rate in the particle, has to be evaluated (eq. 2.28):

³i =
(2∆HR) ·Deff · cs

»p,eff · Ts
=

∆Tmax

Ts
(2.28)

where »p,eff is the effective thermal conductivity of the particle. Taking the product
of the internal Prater number, the Weisz-Prater modulus and the Arrhenius num-
ber ³s based on the surface temperature, the following criterion for the absence of
temperature effects on the experimental data is obtained [58, 59].

∣

∣³s · ³i · ·iÇ2
∣

∣ =

∣

∣

∣

∣

(

Ea

R · Ts

)

·
[

(2∆HR) ·Deff · cs
»p,eff · Ts

]

·
(

rv,obs
(a2)2 ·Deff · cs

)
∣

∣

∣

∣

< 0.1 (2.29)

In laboratory measurements, the internal diffusion resistance can be reduced by re-
ducing the size of the catalyst particles (crushing and sieving), thus increasing the
number of exposed active sites. By reducing the size of the catalyst particles, the tem-
perature gradients within the catalyst are also reduced. Internal diffusion limitation
can be tested experimentally by operating a reactor at constant GHSV with differ-
ent particle sizes. If the conversion decreases with increasing particle size, diffusion
limitation is present (Figure 2.5 (b)).

Figure 2.5: Experimental test of external (a) and internal (b) mass transfer limita-
tion. Adapted from [40].

Catalyst Bed Gradients

According to Moulijn and Kapteijn [40], a temperature gradient within the packed-
bed (T-gradbed) can most likely occur. As the conversion increases, a temperature
gradient develops that must be kept as small as possible. In the case of an exothermic
reaction, the heat produced must be removed by the fluid phase flowing through the
bed and by axial and radial heat conduction of the catalyst particles. In order to
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minimize temperature gradients within the bed, radial heat conduction to the wall
has the largest effect, while axial heat conduction is generally negligible due to the
large length to diameter ratio in packed-bed applications. Thermal conduction occurs
primarily through the fluid phase and the particles, which are poor conductors due
to their porous structure and the fact that conduction between the particles occurs
by their contact points. In addition, heat removal from the particle to the wall is
hindered by the higher porosity in the wall region [60]. For a plug-flow reactor Mears

[61] obtained an approximate solution for the maximum temperature in the catalyst
bed. For an isothermal rate considering the entire cross section of the reactor to obtain
an average reaction rate a criterion with < 5 % deviation can be derived by Taylor
series expansion of the rate based on Mears results [40, 61]:

|³w · ³w ·Bw| =
∣

∣

∣

∣

(

Ea

R · Tw

)

·
∣

∣

∣

∣

rV,obs · (2∆HR) · d2t
4 · »bed,eff · Tw

∣

∣

∣

∣

·
(

1

8
+

dp
Bih,w · dt

)
∣

∣

∣

∣

< 0.05 (2.30)

Where the reaction rate rV,obs considers the catalyst bed porosity and the volume
fraction b of an inert material from bed dilution (eq. 2.31).

rV,obs = rv,obs · (12 ·bed) · (12 b) (2.31)

Equation 2.30 resembles the criterion for the absence of external (eq. 2.11) and
internal (eq. 2.29) gradients. The dimensionless activation energy based on the wall
temperature Tw represents the first term. The ratio of the heat production rate to the
heat conduction rate in the radial direction is described by the second term with the
tube diameter dt and the effective bed heat conductivity »bed,eff . The last term relates
the radial conductivity to the heat transfer at the reactor wall with dp as the particle
diameter and Bih,w as the Biot number for heat transport at the wall (eq. 2.32).

Bih,w =
hw · dp
»bed,eff

(2.32)

The heat transfer coefficient hw and the effective thermal conductivity of the bed
»bed,eff can be calculated using the correlations given in [41, 62–64].

To overcome the obstacle of gradients within the catalyst bed in kinetic studies,
the catalyst can be diluted in an inert solid with high thermal conductivity such as
silicon carbide (»SiC = 40 W·m21·K21). In addition, small reactor tubes can be used
for catalyst testing to reduce reactor diameter, thereby reducing the thermal transport
resistance within the bed. For smaller reactor diameters it has to be considered that
the particles have to be sufficiently small (dt/dp > 10) to obey the plug-flow criteria
[65].

2.1.3 Basic Concepts in Chemical Kinetics

As explained in Chapter 2.1.1, heterogeneous reactions take place at the interface
between two phases. How fast these reactions proceed is expressed by the reaction
rate, which describes how many moles of a reactant are consumed or how many moles
of a product are produced. To account for the catalyst phase in the rate expression,
the mass (W ) of the catalyst must be considered.

r =
1

W
· dξ
dt

, [mol/kg · s] (2.33)

With the time derivative dt and ξi as the extent of reaction, describing the changes
in the number of moles ni involved in a reaction with the stoichiometric coefficient ¿i,
defined as:

ξi =
ni 2 ni0

¿i
[mol] (2.34)
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Reaction rate studies aim at a phenomenological description of a system by a limited
number of empirical constants. The aim is to measure the intrinsic reaction rate
without any superimposed transport effect. Variables that influence reaction rates
can be generalized as follows [66]:

1. The investigation of the reaction rate depends on the pressure, composition and
temperature of the system.

2. Species that do not appear in the stoichiometric equation for the reaction can
largely affect the reaction rate, even when present in trace amounts. These ma-
terials are known as catalysts or inhibitors, depending on whether they accelerate
or slow down the reaction rate.

3. At constant temperature, the reaction rate decreases monotonically with time.

4. If the reaction is considered to be far from equilibrium, the rate can generally
be expressed as:

r = k · Φ(ci) (2.35)

where Φ(ci) is a function of the species concentration in the reaction mixture and
k is the reaction rate constant. The rate constant is independent of composition
and time in an isothermal system.

5. The rate constant depends on the reaction temperature according to the law
proposed by Arrhenius:

k = A · e(−Ea
R·T ) (2.36)

where A is the pre-exponential factor, which is assumed to be temperature
independent, Ea is the activation energy and the universal gas constant R.

6. The function Φ(ci) can be expressed as the product of the species concentration
to the power of the reaction order:

Φ(ci) =
∏

i

cαi

i (2.37)

The ³i are reaction orders with respect to each of the i species and can be small
integers or fractions and can take both negative and positive values as well as
zero.

The order indicates how the reaction rate varies with changing concentration and is a
quantity to be determined experimentally.

In heterogeneous catalysis, the reaction takes place on the surface of the catalyst,
so at least one reactant must be adsorbed on the surface. The adsorption must be
strong enough to chemisorb the reactant and weak enough not to suppress interactions
with the reactant and release the molecule. To account for the adsorption and desorp-
tion of a molecule Langmuir [67] introduced the Langmuir equation to express these
steps mathematically. According to Langmuir, the rate of adsorption on a surface is
proportional to the product of the partial pressure of the reactant in the gas phase
and the fraction of empty surface (eq. 2.38).

rads = kads · Pi · (12 »i) (2.38)

The fraction of the surface covered by the adsorbed species i is denoted as »i, the
fraction of the empty surface is 12»i if no other species is adsorbed. The rate constant
kads is the pseudo rate constant for the adsorption. The desorption depends only on
the number of adsorbed molecules (eq. 2.39).

rdes = kdes · »i (2.39)
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At equilibrium, the rates of adsorption and desorption are equal, taking the ratio
of the pseudo rate constants of adsorption and desorption, the equilibrium constant
for adsorption (Ki) is obtained, leading to a fraction of sites occupied by species i,
assuming a monolayer adsorption, to:

»i =
Ki · Pi

1 +Ki · Pi
(2.40)

A common and general approach of rate equations for solid or liquid catalyzed reac-
tions is the Langmiur-Hinshelwood-Hougen-Watson (LHHW) model [68]. The LHHW
model assumes that [20]:

1. At least one chemisorbed species is involved in the reaction.

2. For reactions with two adsorbed species, they must be adsorbed at adjacent sites.

3. The reaction of two adsorbed species is proportional to the product of the frac-
tions of the sites occupied by each species.

The LHHW rate equation consists of three terms, as shown in Equation 2.41 [69].

r =
(rate factor) · (driving force)

(adsorption term)n
=

krds · Γ ·Ki · Pi

(1 +
∑

j Kj · Pj)n
(2.41)

In the numerator, the rate factor consists of the apparent rate constant of the limiting
step krds, the active site concentration Γ, and the adsorption equilibrium constant Ki.
The driving force is a measure of how far the reaction is from thermodynamic equi-
librium. The ethylene epoxidation reaction is known to be kinetically controlled and
therefore far from equilibrium [70]. In the denominator, the adsorption term consists
of all species adsorbed on the active sites, even if some of them do not participate in
the surface reaction. This term always reduces the reaction rate by blocking active
sites that cannot be used for the reaction. The exponent n on the adsorption term
describes the number of surface species participating in the rate determining step [69].

In general, one of two mutually incompatible boundary cases is chosen for the
analysis of a reaction rate expression. The assumptions are:

1. Adsorption equilibrium is maintained at all times and the overall reaction rate
is controlled by the surface reaction.

2. The surface reaction is so fast that adsorption equilibrium is not reached. The
adsorption or desorption rate is assumed to be much slower than the surface
reaction and is therefore the rate controlling step.

Examples of several rate derivations are given in [71].

2.2 Differentially Operated Fixed-Bed Reactor

The ”work-horse” and simplest type of a laboratory reactor for gas-solid reactions
is the packed-bed tubular reactor, which consists of a reaction tube containing the
catalyst between plugs or quartz wool. The reaction conditions dictate the material
of the reactor, which is either glass for low temperature and pressure, quartz for high
temperature, ceramic for high temperature and pressure, and steel for high pressure
applications. Its optimal inner diameter is 426 mm, especially to ensure sufficient heat
transport to or from the catalyst [58]. The reactor can have a concentric geometry
or, as in this work, a U-shaped tube containing the catalyst diluted with an inert
material to reduce the heat generation by the exothermic reaction per unit volume
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(thus operating under isothermal conditions) and to satisfy the plug flow criterion,
which will be discussed further. Operating the plug flow reactor in differential mode
means operating at very low conversions (< 5 %) of the limiting reagent, resulting
in almost constant reactant concentrations throughout the reactor and approximately
equal to the inlet concentration, as can be seen in Figure 2.6, where the inlet molar
flow Fi0 of species i, the outlet molar flow Fi, and the mass of catalyst ∆W inside the
tubular reactor at low conversion of species i are shown. The reaction rate is assumed

Figure 2.6: Illustration of a differential reactor with low consumption of species i.

to be spatially uniform within the bed and the reactor is assumed to be gradient-free
[5]. Thus, the initial reaction rates (r0) can be measured, since the inlet molar flow
and the catalyst mass used are known, by performing a series of rate measurements at
different initial reactant concentrations. Due to the differential behavior, the reaction
rate can be obtained directly by applying the Equation 2.33, resulting in:

r0 =
Fi0 2 Fi

¿i ·∆W
(2.42)

Equation 2.42 is applicable to simple reactions; in the case of ethylene epoxidation,
which is a parallel reaction, it is more convenient to evaluate the formation of products,
assuming that the subsequent reaction of EO oxidation plays a minor role and can be
neglected for O2 conversion < 25 % and no EO in the feed stream [72, 73]:

rselective =
FEO

∆W
(2.43)

runselective =
FCO2

2 ·∆W
(2.44)

By varying the initial concentration of each component individually, it is possible to
determine the order of reaction with respect to each species by linear or nonlinear
regression. In addition, the plug flow criterion must be satisfied to apply the initial
reaction rate Equations 2.43 - 2.44. A plug flow reactor can be considered as an infinite
number of continuously stirred tank reactors (CSTR), each represented by a certain
height of a slice of the catalyst bed, which corresponds to the equivalent height of
mixing [40]. By reducing the length of the catalyst, deviations from plug flow towards
more axial mixing can occur. This is described by the axial dispersion model, which
relates the dimensionless Péclet number (Pe) to the N number of mixers in series [40].

2N = Pe =
Lbed · u0
Dax

=
Lb

dp
· Pep (2.45)

Where Lbed represents the catalyst bed length, Dax the dispersion coefficient, dp the
particle diameter, and Pep the particle Péclet number, defined as:

Pep =
u0 · dp
Dax

(2.46)
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To obtain a sufficiently close approach, the Péclet number should exceed a certain
value (for low Rep < 20 ³ Pep j 0.3 2 0.7) depending on the conversion X and the
reaction order, resulting in a criterion for the minimum ratio of bed length to particle
size [74].

Lb

dp
>

8 · ³
Pep

· ln
(

1

12X

)

(2.47)

Values for Pep as a function of Rep can be found in the literature [41]. The reactor
diameter also plays an important role in the plug flow behavior of the packed-bed
process. Due to the higher porosity in the near wall region, higher local velocities can
occur, causing channeling and deviation of the plug flow velocity field. To avoid this
phenomenon, the following condition should be satisfied [65]:

dt
dp

> 10 (2.48)

where dt represents the tube diameter. Especially for low conversions, the ratio of
tube to particle diameter has a stronger effect than the ratio of bed length to particle
diameter [40].

2.3 Ethylene Epoxidation

Ethylene oxide (Figure 2.7) is a colorless gas with a sweet, etheric odor and the simplest
cyclic ether [10]. Due to its ring structure it is very active and therefore used for
many applications in the chemical industry. Most of the ethylene oxide produced is
converted to ethylene glycol, which is essential for the production of antifreeze. In
addition, amines, surfactants and polyester are produced from ethylene oxide [10].
Due to its versatile application, ethylene oxide is one of the most important chemicals
with an annual production of nearly 30.7 million metric tons in 2021 [9].

C

H

H

O

C

H

H

Figure 2.7: Sketch of an ethylene oxide molecule.

2.3.1 Industrial Ethylene Epoxidation Process

Ethylene oxide was first described by Wurtz [10] in 1859 by eliminating hydrochloric
acid from ethylene chlorohydrin. The chlorohydrin process started in 1914 and was the
first industrial process for ethylene oxide production. The chlorohydrin process was
later replaced by the direct catalytic oxidation of ethylene with air (Union Carbide
Corporation) or oxygen (Shell), discovered by Lefort [75] in 1931.

Chlorohydrin Process

The chlorohydrin process is a two-step process: In the first step, ethylene is converted
with chlorine and water to ethylene chlorohydrin (eq. 2.49). In the second step, ethyl-
ene chlorohydrin is reacted with calcium hydroxide to form ethylene oxide (eq. 2.50).
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C2H4 + Cl2 + H2O ³ HOCH2CH2Cl + HCl (2.49)

2HOCH2CH2Cl + Ca(OH)2 ³ 2C2H4O + CaCl2 + 2H2O (2.50)

Although this reaction pathway has high selectivities with respect to EO, it was
not competitive with the direct oxidation reaction. Due to the large amounts of waste
produced, mainly CaCl2, and by-products such as 1,2-dichloroethane that had to be
separated, the chlorohydrin process was expensive compared to direct oxidation, whose
main by-products are CO2 and H2O.

Catalytic Direct Oxidation

Union Carbide Corporation developed the first industrial process for the direct oxid-
ation of ethylene to ethylene oxide with air over a silver catalyst in 1937, which was
patented by Lefort [75] in 1935. Because of the high concentration of nitrogen in air,
some of the reaction gas must be purged to keep the nitrogen concentration constant.
To reduce ethylene losses, high ethylene conversions must be achieved, which in turn
leads to lower EO selectivities. The reaction is carried out in two separate reactors.
After passing the first reactor, high amounts of ethylene are still present in the re-
action mixture. To reduce the ethylene content, a second reactor is used at a higher
temperature to convert the remaining ethylene to EO. Industrially, direct oxidation
via oxygen (developed by Shell) is the most common process to produce ethylene ox-
ide; in this type of process, it is necessary to keep the C2H4 conversion below 10 % to
prevent runaway conditions [76]. EO and CO2 are separated from the product stream
and the remaining ethylene is recycled. By recycling the unconverted ethylene, higher
selectivities are achieved compared to the air oxidation process. Industrial reactors

Table 2.2: Operating Parameters Used in the Air and Oxygen Based Ethylene Oxide
Production [10].

Parameter Air-based process Oxygen-based process

C2H4 concentration [vol-%] 22 10 152 40

O2 concentration [vol-%] 42 8 52 9

CO2 concentration [vol-%] 52 10 52 15

C2H6 concentration [vol-%] 02 1 02 2

Ar concentration [vol-%] 2 52 15

CH4 concentration [vol-%] 2 12 60

Temperature [çC] 220 2 277 2202 275

Pressure [bar] 102 30 102 22

GHSV [h21] 2000 2 4500 2000 2 4000

C2H4 Conversion [%] 202 65 72 15

Selectivity [%] 80 802 90

consist of several hundred tubular reactors with low dt/dp ratio (< 10) in parallel to
enhance heat removal. The usual catalyst consists of a hollow cylinder of α-alumina
on which promoted silver is supported. The hollow cylinder allows high velocities and
a moderate pressure drop over the length of the reactor [22]. Halogenated hydrocar-
bons are added to the feed gas to suppress side reactions, which has a positive effect
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on heat generation and EO selectivity. As can be seen in Table 2.2, the ethylene con-
centration is too high under industrial reaction conditions. To run the reaction safely,
the ethylene concentration must be above the upper explosion limit (2.62 36 vol-% in
air). Due to the higher reaction pressures typical of C2H4 production, the explosion
limits for O2 are different. At ambient conditions, an O2 concentration of 15 vol-%
is critical. At 20 bar the critical value shifts to 8 vol-% [77]. Comparing this value
with the reaction parameters in Table 2.2, it can be seen that the reaction is already
running at the limit, which makes the process very dangerous and difficult to control.
Methane is added as an inert gas to the feed mixture because of its high heat capacity
to reduce hot spots inside the reactor. In addition, impurities in methane and ethylene
such as ethane are necessary to achieve adequate chlorine moderation of the catalyst,
as reported by Berty [78]. The direct partial oxidation of ethylene to ethylene oxide

Figure 2.8: Triangular reaction scheme of partial ant total oxidation of ethylene and
consecutive oxidation of ethylene oxide.

(Fig. 2.8) is a mildly exothermic reaction with a reaction enthalpy of 2105 kJ·mol21,
while the parallel total oxidation of ethylene and the subsequent oxidation of ethylene
oxide are highly exothermic with 21327 kJ·mol21 and 21223 kJ·mol21, respectively.
Due to the high energy output of both side reactions, heat removal is a key issue to
run the reaction safe and efficiently.

2.3.2 Literature Review

As mentioned above, EO is one of the most important intermediates produced in the
chemical industry and the simplest example of a kinetically controlled, selective epox-
idation reaction [70]. Many process improvements led to higher selectivities and work
rates without changing the silver-based catalyst. Improvements included supporting
the silver on α-alumina, on which the silver can be uniformly dispersed to avoid sin-
tering of the silver particles, leading to decreased catalyst activity, or promoting the
catalyst by adding ppm amounts of Cs, for example, leading to higher selectivities.
By also adding halogenated hydrocarbons to the feed gas, selectivities up to 90 % can
be achieved [10]. Silver catalyzes the parallel reactions, while the consecutive reaction
is an isomerization of EO to acetaldehyde (AA), which is rapidly oxidized by silver to
CO2 and H2O. The isomerization reaction is sensitive to the acidity of the catalyst
support as found by Bulushev and Bukhtiyarov [79, 80]. Most of the research on
EO production has focused on investigating why silver is the most efficient catalyst
available. The EO selectivity of an unpromoted silver catalyst is about 40 % [81], but
by continuously adding a halogenated hydrocarbon such as 1,2-dichloroethane or vinyl



20 2 Theoretical Background

chloride, the selectivity increases up to 70 % [81]. It has been shown that the addition
of alkali metals during catalyst preparation leads to an even higher increase in selectiv-
ity to about 80 % [81]. Industrially used catalysts reach selectivities up to 90 % and
are highly promoted with rhenium, tungsten, molybdenum and sulfur for example [10].
Although selectivities of 90 % can be considered sufficient, the ethylene epoxidation
reaction is still the subject of academic and industrial research because even a slight
increase in selectivity can have huge economic benefits. For a better understanding of
past research and improvements, a brief overview of research on ethylene epoxidation
is given here.

In early mechanistic studies, it was considered that molecular oxygen was the active
component for the selective reaction to form EO, whereas atomic oxygen was respons-
ible for the total oxidation. Kilty and Sachtler [72, 82] proposed that chlorine
prevents the dissociation of molecular oxygen to atomic oxygen, thereby increasing
the selectivity towards EO. According to this proposal, the EO selectivity is limited
to 6/7 (85.7 %). Soon after the hypothesis was published, selectivities above 6/7 were
reported [83, 84]. The active oxygen species for the selective reaction was found to
be atomic oxygen [70, 85–88]. Force and Bell [89–91] postulated that chlorine’s
site blocking function lessens the quantity of surface atomic oxygen near vacancies,
where the C H activation occurs. Blocking of unoccupied sites adjacent to active
atomic oxygen species prevents direct interaction between ethylene and the silver sur-
face, thereby inhibiting the nonselective pathway that follows a Langmuir-Hinshelwood
mechanism. Later, Özbek et al. [92] provided additional evidence for this site-blocking
effect through investigation of chlorine promotion via DFT simulation.

Rocha et al. [93] and Bukhtiyarov et al. [94] reported the presence of three
types of oxygen on the catalyst surface: a more selective oxygen (electrophilic), an
unselective oxygen (nucleophilic), and a subsurface oxygen, the latter of which is re-
ported to be required for selective oxidation of ethylene. Subsurface oxygen affects
adsorbed atomic surface oxygen charge density, resulting in electrophilic surface oxygen
(see Figure 2.9). The electron deficient oxygen interacts with the π-bond of ethylene,
forming EO, rather than attacking C2H4 nucleophilically and leading to the combus-
tion reaction. The impact of chlorine on the Ag O bond strength is a frequently
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Figure 2.9: Influence of subsurface oxygen.

referenced topic. According to Torres [95], chlorine promotion results in increased
EO selectivity by inducing a shift in the electronic structure of the Ag O bond. The
introduction of a compound with higher electronegativity than oxygen leads to elec-
tron withdrawal from silver, resulting in a more electrophilic oxygen species on the
surface. Studies by Bowker and Waugh [96] indicate that at higher concentrations,
chlorine diffuses into the subsurface of the catalyst, which increases the amount of
subsurface oxygen (see Figure 2.10) as demonstrated by Campbell [86]. In addition,
the combination of surface and subsurface chlorine promotes the desorption of EO
and prevents the total oxidation of ethylene oxide as reported by Özbek et al. [92].
As has been recently pointed out by Lockemeyer and Lohr from Shell [97], EO
catalysts must be carefully differentiated according to which promotors they contain.
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Figure 2.10: Influence of subsurface chlorine.

Apart from the plain ‘Silver-Only’ catalysts, alkali promoted ‘High Activity’ catalysts
are distinguished from ‘High Selectivity’ catalysts containing additionally rhenium as
a promotor. All the three catalyst classes, ‘Silver-Only’, ‘High Activity’ and ‘High Se-
lectivity’ respond differently to chloride moderation in the feed and each type of cata-
lyst operates at a different chloride optimum. For rhenium-free catalysts the activity
decreases with higher chlorine moderation, whereas for rhenium-doped catalysts the
activity increases with higher chlorine moderation [97].

The mechanism of chlorine deposition on silver catalysts was also studied by Berty

[78], who proposed the following reactions:

C2H4Cl2 + Ag +
1

4
O2(Ag) ³ C2H3Cl + AgCl +

1

2
H2O(Ag) (2.51)

C2H3Cl + Ag +
1

4
O2(Ag) ³ C2H2 + AgCl +

1

2
H2O(Ag) (2.52)

C2H6 + AgCl +
1

4
O2(Ag) ³ C2H5Cl + Ag +

1

2
H2O(Ag) (2.53)

In his experiments, he promoted a silver catalyst with 1,2-dichloroethane (DCE) and
observed that a significant amount of DCE was missing at the outlet of the reactor.
Small amounts of vinyl chloride (VC) and ethyl chloride (EC) were detected, as well as
traces of methyl chloride (MC). Berty concluded that VC is formed when DCE reacts
with the silver surface to form AgCl, while HCl is abstracted to form VC (eq. 2.51).
Since VC can also be used to promote the catalyst, it can be further oxidized with
surface oxygen (eq. 2.52) to form acetylene, which could not be detected during the
measurement. The formation of EC is explained by the reaction of AgCl and surface
oxygen with trace amounts of ethane present as an impurity in the C2H4 feed via
oxychlorination to EC (eq. 2.53) [78, 98]. The oxychlorination reaction removes silver-
bound chlorine, forming EC. This moderation of chlorine coverage is facilitated by
organic molecules with sufficiently low C H bond dissociation enthalpy, intermediate
deprotonation enthalpy, and surface oxygen as shown by Harris et al. [99].

The kinetics of ethylene epoxidation have been studied in numerous publications.
Different authors have proposed different rate expressions. Klugherz and Harriot

[100] proposed a model in which ethylene and oxygen adsorb competitively on an oxy-
gen layer adsorbed on the silver surface, with the rate-limiting step being a bimolecular
reaction between ethylene and oxygen. Metcalf and Harriot [101] used the results
of Klugherz and Harriot by adding a product inhibition term to the rate expres-
sion. Rates proceeding on the same catalytic site for both reactions were presented
by Petrov et al. [102]. Bimolecular Langmuir-Hinshelwood relations were used by
Ghazali et al. [103] and Park [104] to represent their data, where part of the cata-
lytic surface is covered by deposits under reaction conditions. Stoukides and Pavlou

[105] proposed an expression in which the selective and unselective reactions take place
on the same catalytic site, also taking into account the consecutive oxidation of EO
to CO2 and H2O. Al-Saleh et al. [106] accounted for the inhibition of CO2 in their
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studies using a Berty reactor. Borman and Westerterp [107] proposed a rate ex-
pression based on a Langmuir-Hinshelwood mechanism with a bimolecular reaction of
adsorbed ethylene and dissociatively adsorbed oxygen. Lafarga et al. [108] presen-
ted a Langmuir-Hinshelwood mechanism in which the influence of oxygen adsorption
was neglected. Carucci et al. [109] proposed two different models, considering either
the surface reaction as the rate-determining step or the dissociative oxygen adsorp-
tion using a Langmuir-Hinshelwood mechanism. Microkinetic models were developed
by Linic [110] and Stegelmann et al. [111] to describe the epoxidation reaction by
formation of an oxametallacycle (OMC). Stegelmann et al. [111, 112] proposed a
microkinetic model in which the reactants adsorb on an adsorbed oxygen layer, with
a mechanism through formation of OMC. Linic and Barteau [12, 113–115] showed
that the selective and unselective oxidation pathways have an OMC as a common sur-
face intermediate. An OMC (see Figure 2.11) is formed as a result of surface atomic
oxygen reacting with adsorbed ethylene through a Langmuir-Hinshelwood mechan-
ism to produce either EO or AA, the latter being further oxidized to CO2 and H2O.
As a consequence, the EO selectivity depends strongly on the relative barriers of the
product formations through decomposition of the OMC intermediate [92]. Harris
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Figure 2.11: Sketch of oxametallacycle.

and Bhan [116] proposed chlorine deposition and removal kinetics by measuring the
steady-state formation rates of propyl chloride with propane and EC in the feed stream.
More recently, Iyer and Bhan [117] proposed a packed-bed reactor model that incor-
porates the independent catalytic cycles of ethylene epoxidation, chlorine deposition
and removal, and EO degradation reactions, and describes the interdependencies of
these reactions. The kinetic model of Iyer and Bhan [117] allows modeling of EO
reactors filled with highly promoted Ag/³2Al2O3 catalysts over a wide range of op-
eration conditions because they managed to measure reaction rates at well defined
chlorine coverages of the silver surface and report rate constants and reaction orders
depending on »Cl.

2.4 Reactor Modeling

According to Froment and Bischoff [41], continuum models can be divided into
two categories: the pseudohomogeneous and the heterogeneous model. The distinction
is based on an analysis of the difference in temperature and concentration from the
bulk fluid (b) to the catalyst surface (s):

• pseudohomogeneous models are applied for systems with: Tb j Ts and cb j cs

• heterogeneous models are applied for systems with: Tb 6= Ts and cb 6= cs

The simplest reactor model is the plug flow model, which assumes a radially uniform
and constant velocity field. This pseudohomogeneous model considers the catalyst to
be completely exposed to the bulk fluid phase without the presence of fluid-particle
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heat and mass transfer resistances. The accuracy of this model approach can be
improved by introducing a nonuniform velocity field. However, this comes at the cost
of increased complexity. The heterogeneous model, on the other hand, describes the
bulk fluid and the solid separately.

Pseudohomogeneous models are sufficient and can be used instead of heterogeneous
models if both the interfacial mass and heat transfer gradients are small. Whether
interfacial mass and heat transfer are negligible, can be verified using the criteria
described in Chapter 2.1.2.

2.4.1 Axial and Radial Dispersion

If the inter- and intra-particle resistances can be neglected, the pseudohomogeneous
model can be used to model the reactor. To account for a given non-ideal velocity
flow field, it must be determined whether axial or radial dispersion should be included
in the model. The dispersion coefficients describe the deviation from the ideal plug
flow in the catalyst bed. In packed-beds, dispersion results not only from ordinary
molecular diffusion and turbulence present in the absence of packing, but also from
deflection and mixing due to the presence of catalyst particles [118]. Axial dispersion
is negligible at the inlet when [119]:

∣

∣

∣

∣

³ ·DaI
Pep

2 ³w ·DaIII
Peh

∣

∣

∣

∣

< 0.05 (2.54)

where DaI is Damköhler I, giving the ratio between chemical reaction rate and mass
flow rate (eq. 2.55), DaIII is Damköhler III, giving the ratio between heat release
and bulk heat transport (eq. 2.56). Pep is the particle Péclet number giving the ratio
between bulk and conductive mass transfer, and Peh is the heat Péclet number giving
the ratio between bulk (convective) and conductive heat transfer with »ax as the axial
thermal conductivity (eq. 2.57):

DaI =
rv,obs · dp
u0 · ci0

(2.55)

DaIII =
(2∆HR) · rv,obs · dp
Ãf · u0 · Tw · cp,f

(2.56)

Peh =
Ãf · u0 · dp · cp,f

»ax
(2.57)

Equation 2.54 can be applied to both types of models, pseudohomogeneous and pseudo-
heterogeneous. If radial dispersion is present, a 2D model must be chosen to account
for radial mixing in the packed-bed reactor. Since radial mass transfer effects are
negligible compared to radial heat transfer effects [120], it is sufficient to evaluate
the criteria for heat transfer limitations in the catalyst bed (eq. 2.30) introduced in
Chapter 2.1.2 [119].

2.4.2 1D Pseudohomogeneous Model

Accurate kinetic parameters are essential to correctly reproduce experimental concen-
tration and temperature profiles by simulation. In this work, kinetic parameters were
determined by initial reaction rate measurements in a differentially operated fixed-
bed reactor and by fitting concentration and temperature profiles measured in the
CPR described in Chapter 5.1 and Chapter 5.2.4, respectively. After the evaluation of
transfer resistances and dispersion criteria (Chapter 5.2.1 and Chapter 5.2.4), the 1D
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pseudohomogeneous plug flow model was chosen to simulate the concentration and
temperature profiles, in the axial direction of the bed. At steady state, the molar
balance for this particular case takes the following form:

u0
dci
dx

=
∑

k

¿ik · rk · Ãbed [mol ·m23 · s21] (2.58)

The mole balance equals the plug flow model with u0 being the superficial velocity
and ci the concentration of each gas component. The sum includes the stoichiometric
coefficient of the component i in the reaction k and the reaction rate of the reaction k
multiplied by the bed density. The following heat balance was used for the temperature
behavior:

Ãf · cp,f · u0
dT

dx
=
∑

k

rk · (2∆Hr,k(T )) · Ãbed 2 4 · U
dt

· (T 2 Tw) [W ·m23] (2.59)

The heat production by the exothermic reactions is considered by the product of
reaction rate rk and the heat of the kth reaction ∆Hr,k(T ) at the reaction temperature
T . The density of the reaction mixture was calculated using the ideal gas law:

Ãf =
Mf · p
R · T [kg ·m23] (2.60)

The heat capacity of the mixture was calculated according to the VDI Heat Atlas
[121]. The temperature change was taken into account as follows:

cp,i
J/kg ·K = Ai +Bi

(

T

K

)

+ Ci

(

T

K

)2

+Di

(

T

K

)3

+
Ei

(T/K)2
(2.61)

The heat capacity of the reaction mixture was calculated according to Equation 2.62
using the mass fractions wi of all components i and their heat capacities at constant
pressure:

cp,f =
∑

i

wi · cp,i [J · kg21 ·K21] (2.62)

The overall heat transfer coefficient U was calculated according to Dixon [122]:

1

U
=

1

hw
+

dt
6»bed,eff

· Bih,w + 3

Bih,w + 4
[m2 ·K ·W21] (2.63)

with Bih,w being the Biot number at the wall. The momentum balance was solved
according to Ergun [123]:

2dp

dx
= 150 · (12 ·bed)

2

·3bed

·f · u0
d2p

+ 1.75 · (12 ·bed)

·3bed

Ãf · u20
dp

(2.64)

The set of governing equations is closed by the continuity equation:

Ãf · u0 = const. (2.65)

To solve the set of first-order ordinary differential equations, the following conditions
were applied at the inlet of the catalyst bed in the CPR:

inlet conditions: x = 0, ci = ci0, T = Tin, p = pin (2.66)
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2.4.3 Parameter Regression from Profile Measurements

The rate laws were derived by means of a differentially operated fixed-bed reactor and
a literature mechanism postulated by the group of Schlögl [18]. Profiles measured
in the Compact Profile Reactor were used to fit the pre-exponential factors, activa-
tion energies and adsorption enthalpies using Comsol Multiphysics 5.5TM applying the
Levenberg-Marquardt solver algorithm. The method of the sum of squares minimiza-
tion was applied to minimize the error of the measured and the fitted profiles using a
plug flow model as described in Chapter 2.4.2. All profiles were fitted simultaneously
to obtain parameters valid for all measured conditions.

2.4.4 2D Pseudohomogeneous Model

Profile measurements were performed in a PSPR with static capillaries for kinetic
model validation described in Chapter 4.3. Due to the evaluation of eq. 5.42 described
in Chapter 5.3.1 of the criteria of axaial and radial dispersion (Chapter 2.4.1), a 2D
pseudohomogeneous model was chosen to simulate the molar flow rate and tempera-
ture profiles in the PSPR using ComSol Multiphysics 5.5TM. Mass and heat transfer
were taken into account, together with the momentum balance considering the ra-
dial porosity of the bed by the Brinkman equation including radial porosity profiles
and effective viscosity [63, 124]. The profiles were simulated by solving the following
equations:

Mole balance:

·bed ·Dr,i

(

"2ci
"r2

+
1

r

"ci
"r

)

=
"(uci)

"z
2 ·bed ·Dax,i

"2ci
"z2

+
∑

k

¿ik · rk · Ãbed (2.67)

Heat balance:

»r

(

"2T

"r2
+

1

r

"T

"r

)

= Ãf · u · cp,f
"T

"z
2 »ax

"2T

"z2
2
∑

k

rk · (2∆Hr,k(T )) · Ãbed (2.68)

The mass and heat transfer parameters were calculated according to Tsotsas [63]
and Winterberg et al. [125]. The equations were modified to meet the needs of the
simulation in this work, where the reactions take place in an annular gap between
the reactor wall and the sampling capillaries. The radial and axial dispersion were
calculated according to the following equations:

Dr,i = 12 2
√

12 ·bed(r) ·D12 +K1,q · Pem · u(r0)
u

· f(R2 r)1 ·D12 (2.69)

with

r0 =
Ro +Ri

2
(2.70)

Dax,i = 12 2
√

12 ·bed(r) ·D12 +
u · dp
2

(2.71)

with K1,q as the slope parameter for spherical split particles, K2,q as the damping
factor close to the reactor wall [63]:

K1,q =
1

5.7
·
[

1 +
3:

Pem, c

]

21

(2.72)

K2,q = 0.44 (2.73)
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f(R2 r)1 =
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û

[

r2Ri

K2,q·dp

]2
if Ri < r f K2,q · dp +Ri

1 if K2,q · dp +Ri < r

1 if r < Ro 2K2,q · dp
[

Ro2r
K2,q·dp

]2
if Ro 2K2,q · dp f r < Ro

(2.74)

andD12 as the molecular diffusion coefficient of C2H4 in N2 according to the Chapman-
Enskog theory (eq. 2.17) [47]. The remaining species were neglected, since the C2H4-N2

mixture contains more than 90 % of the total gas volume.

»r = »bed(r) +
1

Kr
· Peh · u(r0)

u
· »f · f(R2 r)2 (2.75)

»ax = »bed(r) + Peh · »f

2
(2.76)
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K2,r ·dp

]2
if Ri < r f K2,r · dp +Ri

1 if K2,r · dp +Ri < r

1 if r < Ro 2K2,r · dp
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K2,r ·dp

]2
if Ro 2K2,r · dp f r < Ro

(2.77)

K1,r =
1

5.7
(2.78)

K2,r = 0.44 + 4 · exp
(

2Re

70

)

(2.79)

The momentum balance corresponds to the extended Brinkman equation, which is
a modification of the general Navier-Stokes equation that takes flow through porous
media and free flow into account [63, 126]:

dp

dx
= 2f1 · u(r)2 f2 · [u(r)]2 +

·f
r

· "

"r

(

r
"u(r)

"r

)

(2.80)

Friction loss caused by the packed-bed is calculated using the Ergun resistance param-
eters:

f1 = 150 · [12 ·bed(r)]
2

[·bed(r)]
3 · ·f

d2p
(2.81)

f2 = 1.75 · [12 ·bed(r)]

[·bed(r)]
3 · Ãf

dp
(2.82)

with the effective viscosity depending on the Reynolds number and the viscosity of
the gas mixture [124]:

·f = 2 · exp (Re · 0.002) · ·mix (2.83)

Continuity equation:
' · (Ãfu) = 0 (2.84)

The extended Brinkman equation is recommended for velocity field calculations due
to the consideration of wall effects on the flow in fixed-bed reactors by the introduced
radial function of the bed porosity ·bed(r). The radial porosity distribution for an
annular fixed-bed can be written as [127]:

·bed(r) = ·0 ·
[

1 + C · exp
(

2N · r 2Ri

dp

)]

for Ri f r f Ro +Ri

2
(2.85)
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·bed(r) = ·0 ·
[

1 + C · exp
(

2N · Ro 2 r

dp

)]

for
Ro +Ri

2
f r f Ro (2.86)

where Ri is the inner radius of the annulus, Ro is the outer radius, and ·0 = 0.38 as
the bulk porosity of the bed. The value of C = 1.63 was taken to give a porosity of 1
at the wall, and the value of N = 2 according to Vortmeyer and Schuster [128].

The boundary conditions in Table 2.3 were used to solve the set of conservation
equations.

Table 2.3: Boundary Conditions Applied to the Two Dimensional Reactor Model.

z = 0, "r: ci = ci,0 T = T0 |~u| = u0

z = L, "r: ∂ci
∂z = 0 ∂T

∂z = 0 p = 1 [atm]

r = Ri, "z: ∂ci
∂r = 0 ∂T

∂r = 0 u = 0

r = Ro, "z: ∂ci
∂r = 0 T = Tw u = 0
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For kinetic investigations of the ethylene epoxidation reaction, a kinetic test setup
was constructed to measure kinetic parameters under differential conditions, which
is described in Chapter 3.1. In addition, the design of a Pilot Scale Profile Reactor
in which partial oxidation was studied by measuring concentration and temperature
profiles under near-industrial conditions, resolving promoter profiles in the subppm
range, is described in Chapter 3.2.

3.1 Differential Reactor Design

A kinetic test reactor was designed to measure intrinsic kinetic parameters at industrial
pressure and temperature conditions in a differentially operated fixed-bed reactor. The
flow diagram of the setup is shown in Figure 3.1. The reactor consisted of a U-shaped
stainless steel tube (reaction zone: 1/4 inch (=6.35 mm), upstream and downstream:
1/8 inch (=3175 mm)) located in a fluidized sand bath for optimal temperature control.
The sand bath was fluidized and heated by compressed air, which could be adjusted by
a rotameter. Typical flow rates of 228 LN/sec were applied depending on the minimum
fluidization velocity, which is a function of temperature, particle density and particle
size [129]. A heater consisting of a steel pipe with a glass-wrapped heating wire was
used to heat the compressed air. In case of malfunction of the compressed air system
in the building, a safety device was implemented in front of the heater, which requires
a minimum flow rate of 0.1 LN/sec. If the compressed air flow is too low, the heater
automatically switchs off and can only be reseted manually. The hot air temperature
is controlled by a Eurotherm temperature controller (Model No. 2132) which controls
the temperature via a type-K thermocouple. It was placed in the bottom of the
fluidized bed between the heater and the bubble tray. The heated air passed through
the tray into the sand bath where it heated and fluidized the sand. The advantage
of the fluidized bed approach is that the heat is distributed evenly throughout the
sand bath, creating an isothermal zone [130]. In addition, a heating jacket, which
could be heated up to 1100 çC, was wrapped around the fluidized bed to reduce heat
loss through the wall. To further minimize heat loss, a steel plate enclosure was built
around the fluidized bed with insulation built in (Figure 3.2). With such a setup,
temperatures up to 550 çC could be reached.
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Figure 3.1: Flow diagram of the kinetic test setup.

The kinetic test setup was designed to run reactions in three reactors in parallel,
e.g. for catalyst testing. Since the volumetric flow rate inside the reactor is highly
dependent on the pressure drop across the fixed bed, needle valves were used to adjust
the pressure drop across the fixed bed reactors, thus controlling the volumetric flow
rate to each of the reactors. The needle valves were located above the fluidized sand
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bath in a heated zone to prevent condensation inside the valves.

Figure 3.2: Sketch of the differentially operated isothermal fixed-bed reactor inside
a heated fluidized sand bath.

In the case of the EO reaction investigated in this work, additional precautions
had to be taken: due to the risk of EO condensation and the fact that EO tends to
polymerize, all tubes that could contain EO had to be heated to ensure safe operation
of the reactor. For this purpose, 6 mm concentric holes were made in the upper part
of the fluidized bed to direct the hot air used to heat the sand to the upper part of
the fluidized bed where all the tubes to the inlet of the U-shaped reactor and the
outlet were located. Since the reaction took place at a higher pressure of 17 bara, the
pressure regulator was also located in the upper part, as well as the needle valves used
to divide the inlet feed to the three parallel reactors. To maintain the temperature
in the section above the fluidized bed, a cover was placed on top of the bed. To
reduce heat loss from the cover, it was wrapped in an insulation jacket filled with
glass wool. High temperatures are necessary for kinetic measurements to ensure fast
reactions. However, these conditions can cause problems with gaskets whose materials
are typically only applicable to 260 çC (in the case of PTFE) or lower. Since the
setup was designed for temperatures up to 550 çC, there was a risk of damage and
leakage of the pressure regulator used, which was designed for a maximum of 200 çC.
To prevent damage, a fresh air inlet was installed to control the temperature under
the cover. Fresh air could be supplied tangentially, creating a flow field similar to
that of a cyclone, which in turn provided a uniform temperature distribution through
turbulent mixing of fresh and hot air. The position of the inlet was chosen based
on the results of a CFD study by Eugenio Gil Quessepp (project thesis) to obtain
a uniform temperature distribution under the lid without creating hot or cold spots
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that could cause EO decomposition. The temperature under the cover was measured
with a type-K thermocouple covered with a tube. The limit temperature was set at
200 çC. When this temperature was reached, a proportional valve was opened and
cold compressed air was injected into the cover until the temperature dropped below
200 çC. The lower the temperature dropped, the less fresh air was supplied by the
proportional valve. This was done to avoid large temperature fluctuations under the
hood.

Gas composition analysis was performed by gas chromatography (Agilent 7890B).
For GC calibration, the reactor was bypassed and the gas flow was directed to a selector
valve. The stream selection (reacted gas mixture or bypass flow) was realized by a
common outlet selector valve (Vici Valco). One stream was selected for measurement
in the GC, while the remaining gas streams were routed to the exhaust in the fume
hood.

The feed gas was provided by a modular gas supply designed and built for high
flexibility in gas species. Gas modules have the advantage of being ”plug and play”
type and provide standards for connecting multiple modules together. Everything
necessary for a gas supply (except the electronics) is already built into a module.
Figure 3.3 shows a gas module for flammable gas, which includes a filter, a pressure
reducer, the mass flow controller, the solenoid valve, and electronic connectors for the
control box purchased from Bronkhorst to control the mass flow and pressure of the
reaction.

Figure 3.3: Sketch of the gas module designed for the gas supply.

Three-way valves mounted on the front panel provide the option of directing the
gas either to a calibration port on the front panel, to the reactor, or to a bypass
that establishes a mass flow before directing the gas to the reactor, thus preventing
overshooting of the gas dosage. Each gas species was metered with such a module,
with only the flammable gas modules equipped with a solenoid valve. Since water
vapor was one of the required species in the reaction mixture, liquid water was dosed
into an evaporator before being fed into the reactor. For this purpose, water required a
special module that allowed pressurizing a water-filled reservoir to provide pressurized
water to the Bronkhorst Liqui-Flow. The water module is shown in Figure 3.4.
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Figure 3.4: Sketch of the water module supply design to supply liquid water to the
evaporator.

The water module is similar in design to the gas module. The main difference is
the vessel inside the module, which can be pressurized up to 40 bara. Helium was
used to pressurize the water-filled vessel because it was one of the gases already used
in the setup (carrier gas for the GC) and the solubility in water is lower than that of
e.g. nitrogen [131]. The water level inside the vessel could be monitored by the PTFE
tube mounted on the front plate. The liquid flow inside the module controlled the
water mass flow to the evaporator, which was a 1/2 inch (=12.7 mm) tube filled with
steel spheres. The evaporator was heated by two 100 mm long heating cartridges with
a total power of 320 W placed in drilled holes of two aluminium shells around the 1/2
inch tube (Figure 3.5).

Figure 3.5: Sketch of the water evaporator design to supply vapor feed to the reactor.
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The water entered the evaporator through a 1/16 inch (=1.5875 mm) tube with
an inner diameter of 400 µm, which was in direct contact with the steel spheres to
prevent sudden evaporation. The contact of the water feed tube with the sphere
packing was designed to provide uniform wetting of the sphere and avoid droplet
formation, resulting in a continuously constant vapor concentration in the feed. The
remaining feed gas, flows through the packing and acts as a carrier gas to transport
the steam into the reactor.

A heated tube was installed at the outlet of the evaporator to heat the gas feed tube
to the reactor, to prevent water condensation at the reaction pressure of 17 bara. In the
case of the ethylene epoxidation reaction system, only one of the three parallel reactors
was used, since only one pressure regulator was available. The pressure regulator
(Equilibar) consists of a steel block with orifices. The desired reaction pressure was
set by applying pressure (extra line of nitrogen) to a membrane covering the orifices
inside the steel block. This technique allows very precise pressure adjustments, with
low oscillations during the reaction.

The electronics housing, which was necessary to operate the reactor, contained all
the temperature controllers for heating the fluidized bed, the heating tubes and the
evaporator. The power distribution and emergency shutdown were also built into the
electronics housing. The whole setup is shown in Figure 3.6.

Figure 3.6: Sketch of the kinetic test setup with the fluidized sand-bath, gas feed
modules, GC and electronics housing.

Because EO is flammable and carcinogenic, the kinetic reactor was built inside a
fume hood connected to the building’s exhaust system. The hot air from heating all
tubes under the cover was routed through a hose where it entered the exhaust port
of the fume hood and the building’s exhaust system. In order to ensure that the hot
exhaust air would not damage the building’s exhaust system and to ensure proper air
exchange in the kinetic setup enclosure, an exhaust port was designed to connect the
building’s exhaust system to the setup. This connection combined the hot air from
the fluidized bed and the air inside the enclosure, thus cooling the exhaust prior to
entering the building’s exhaust system.
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3.2 Pilot Scale Profile Reactor Design

This chapter focuses on the spatial reactor design, developed to study the ethylene
epoxidation reaction within a Pilot Plant Scale Fixed Bed Reactor. The measurement
principle is based on the profile measurement technique developed by Horn et al. [15].
This required a gas supply unit, a reaction unit and an exhaust gas treatment unit. In
addition, a fully automated process control system was designed to operate the reactor
unattended.

3.2.1 Piping and Instruments

A PSPR was designed to measure concentration and temperature profiles for the
epoxidation reaction of ethylene to EO. For proper planning, the flowchart was divided
into sections 10 to 40, each consisting of a part of the entire reactor setup, which was
created according to DIN EN ISO 10628 [132]. Section 10 defines the gas supply,
section 20 the evaporation and dosing of water, section 30 the reaction and analysis
zone and section 40 the off-gas treatment.

Symbols for equipment and valves were taken from DIN 28000-5 if a definition
existed [133]. If there was no definition for a certain part, a symbol was created. A
legend of the symbols used for the P&ID is shown in Figure 3.7. All instruments are
numbered for exact identification. The starting number defines the section in which
the instrument is located, followed by an abbreviation of the instrument name and
a sequential number, e.g. 10GV07 means the instrument is located in section 10, the
instrument is a Globe Valve (GV) and its individual number is seven. The P&ID gives
a good overview of the setup and allows for detailed engineering.

On the bottom side of the P&ID (Figure 3.7) section 10 is shown with the gas
supply and all instruments required to control the gas supply. Water is pressurized
with helium in a steel vessel to provide the Liqui-Flow controller (Bronkhorst) with
liquid water at the pressure required for the reaction. Due to the hazardous conditions
of the ethylene epoxidation reaction, i.e. highly exothermic unselective reaction, all
flammable and oxidizing gases are equipped with pneumatic shut-off valves to cut off
the gas flow in case of emergency similar as it was done in the differential reactor setup
in Chapter 3.1.

A nitrogen line is guided to the reactor outlet to dilute the outlet flow to prevent
EO decomposition or polymerization in the pressure regulator. Section 20 is located
directly in front of the reactor and shows the gas mixing equipment and the evaporator
for the vapor feed. Section 30 shows the packed reactor, sampling equipment and GC’s.
Section 40 shows the buffer vessel and combustion chamber for exhaust gas treatment.
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Figure 3.7: Flow diagram of the Pilot Scale Profile Reactor (PSPR) setup.
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3.2.2 Gas Supply and Evaporator

The gas supply has been designed as ”gas trains” for each species. A three-way outlet
gas supply was chosen for ease of calibration and gas flow adjustment. Globe valves
are used to direct the gas in the desired direction. It is possible to direct the gas to
the reactor, to the bypass, or to the calibration line for flow rate calibration. Each
gas type has its own pressure reducer to achieve a very precise pressure setting for the
mass flow controller (MFC: Bronkhorst Prestige line). The species used were C2H4

Figure 3.8: Sketch of the gas feed supply module design.

and O2 as feed with N2 as inert gas. Helium was used to pressurize the water and as a
carrier gas for the GC. Also CO2 to simulate industrial conditions and DCE mixed in
N2 as promoter gas. C2H6 and CH4 could also be added to achieve precise industrial
gas phase conditions.

To limit the local oxygen concentration for safety reasons, all gases were routed
to the vaporizer, which consisted of a heated 1/2 inch tube filled with a packing of
glass beads. Oxygen was added just before the evaporator inlet and mixed by the
packing as it flowed through the evaporator. Water was dosed through a 1/16 inch
tube that was in direct contact with the packing of the evaporator, similar to what
was described in Chapter 3.1. After mixing the gas and evaporating the water, the
gas feed was guided to the reactor through a heated tube to prevent condensation.
Just before entering the reactor, the gas mixture passed through a T-piece where the
promoter was added to the total gas flow. The gas feed was then mixed in a static
filter consisiting of a sintered metal inlay, before entering the reactor.

3.2.3 Reactor Unit

The reactor tube is placed in an oven to keep all connections to and from the reactor
heated to prevent e.g. EO from condensing or polymerizing. For the ethylene epoxid-
ation it has to be taken into account that EO is a carcinogen and the lower explosive
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limit starts at 2.6 vol-% in air at ambient conditions [10]. During the reaction there
is always a risk of exceeding the lower explosive limit. Pre-experiments conducted by
our project partner showed that in case of an explosion, the pressure of the reaction
mixture would increase to 2.5 times the initial pressure. The upper pressure for the
ethylene epoxidation reaction is approximately 17 bara, which means that the reactor
must resist a maximum pressure of 51 bara in the worst case. To ensure this, even
at higher temperatures, a reactor was designed using the AD-Regelwerk 2000 [134].
Flanges were taken as DN50 PN100. The nominal diameter of 50 was chosen for a
better handling when filling the reactor with particles. A nominal pressure of 100
means that the reactor can be operated at 100 bar at ambient temperature. At higher
temperatures (300 çC) the reaction pressure decreases to about 83 bar according to
DIN EN 1092-1 [135]. The total length of the reactor was one meter with an inner dia-
meter of 15 mm. Stainless steel (1.4571) was selected for the reactor tube and flange
material. This steel material is already used in the industry for the epoxidation pro-
cess. In addition, 1.4571 offers higher stress tolerance even at elevated temperatures.
To provide the heat required for the reaction, a tube-in-tube design was chosen, with
the inner tube where the reaction takes place, while the heat transfer medium flows
through the outer tube. The heat was provided by a thermostat (Julabo HT-30-M1)
with a silicone based heating oil. In case of an uncontrolled pressure increase in the
reactor, two redundant safety devices were implemented. First, an overflow valve was
installed in front of and behind the reactor. The overflow valve can release pressure
until the adjusted pressure is reached before the valve closes again. This installation
provides good safety for small pressure increases and allows the reactor to continue
operating when the pressure is readjusted. The second installation, the rupture disc,
is irreversible and focuses on rapid pressure relief. The rupture disc ensures a com-
plete release of the reactor gas content to return the reactor to a safe condition. Two
rupture discs (one in front and one behind the packing) have also been implemented
in the event of a blockage in the reactor due to a polymerization reaction.

The reactor has been designed for use with either a static or a moving capillary.
For the moving capillary, it is very important that the capillary is perpendicular to the
reactor flange. This ensures that the capillary moves in the reactor in an axial position
in the center of the bed. For this purpose, a tripod has been designed, which provides
the possibility of a safe reactor attachment with simultaneously high flexibility of angle
adjustment to keep the capillary perpendicular to the reactor flange, as can be seen in
the overview of the designed setup in Figure 3.11. As a first step, static sampling was
implemented using 10 stainless steel capillaries of 400 µm outer diameter, mounted at
different heights in the center of the packed bed (Figure 3.9). All sampling lines must
be continuously purged to avoid EO decomposition or polymerization. Each position
could be addressed separately by a selector valve, which directed the sample to the GC
while all other gas samples were guided to the combustion unit. In the center of the
reactor was a 1/8 inch tube liner, which was also used to mount the capillaries. The
capillaries were arranged in the circumference of the liner to hold them in place. Inside
the liner 16 type-K thermocouples with a diameter of 250 µm were placed. To obtain
a spatial temperature profile, the thermocouples were placed equidistantly inside the
liner in axial direction.
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Figure 3.9: Sketch of the PSPR with arranged capillaries to measure spatial species
profiles.

Sample volumetric flow rates were adjusted by needle valves located inside the
furnace. The steel capillaries were connected to the needle valves through the top
flange, which contained 10 threaded holes. Valco screws with polyimide graphite liners
and 1/16 inch sealing cones were used to seal the holes from the outside atmosphere.

3.2.4 Combustion Unit

Before the product gas enters the building’s exhaust system, it is burned in a com-
bustion unit (Figure 3.10). In this unit, the product gas first enters a buffer vessel
to prevent too much gas from entering the combustor in the event of an emergency
shutdown. During a critical emergency, the reactor is depressurized and the entire
reactor content enters the combustion unit.
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Figure 3.10: Schematic drawing of the combustion unit.

After the buffer tank, the product gas enters the combustion chamber where 850 çC
hot air is injected to homogeneously oxidize all organic matter. The hot flue gas is
then cooled by quenching with finely dispersed water before being sent to the in-house
air treatment. The combustion unit has been purchased from the company I-TPT
e.K.

3.2.5 Process Control

Since the ethylene epoxidation reaction was planned to run 24 hours a day, 7 days a
week, an automated process control system was designed. The process control allows
unattended measurement of the reaction. In the event of an emergency, the reactor
process control system takes over and puts the setup in a safe state. Five different
system levels were introduced:

1. Green level: everything is working without any malfunction, process is save.

2. Blue level: non-critical malfunction e.g. open doors of the fume hood or a by-
passed process control.

3. Orange level: critical malfunction which releases the reactor pressure, cuts off
the gas supply and purges the reactor with nitrogen. This level can be triggered
by several relays implemented in the process control system, e.g. temperature
overshoot, fume hood gas detector alarm, and too high or too low inlet oxygen
concentration, which are continuously monitored by the TDL GPro 500 pur-
chased from Mettler Toledo. This instrument spectroscopically measures the
oxygen concentration in the gas mixture with one second resolution. If the inlet
oxygen concentration exceeds 8 vol-% or the outlet oxygen concentration drops
below 3 vol-%, the process control would activate the orange alarm.

4. Red level: electricity failure, this alert cuts off the power to the setup which
means all heaters stop heating and the reactor is purged by nitrogen with a
normally opened magnetic valve.

5. Red level + acustic signal: fire, same procedure as for the red level.

An orange alert or higher can only be reseted manually, which ensures that the reaction
can only be restarted by a person intentionally. The process was controlled by a
programmable logic controller (PLC) based on LabVIEW™.
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Figure 3.11: Pilot Scale Profile Reactor setup designed (top) and build (bottom).
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This chapter describes the experimental conditions for the measurements performed.
The synthesis of the used catalyst is described in Chapter 4.1. The kinetic meas-
urements with the differentially operated fixed-bed reactor and the Compact Profile
Reactor are described in Chapter 4.2. Experimental conditions for profile measure-
ments in the Pilot Scale Profile Reactor are presented in Chapter 4.3.

4.1 Catalyst

4.1.1 Catalyst Synthesis

The employed catalyst was provided by BASF SE and manufactured according to
the patent WO2019/154832 [136]. Silver oxalate ethylenediamine complex solution
was prepared according to example 3.1 of patent WO2019/154832. Amount of KOH
solution was adjusted to yield a target K-concentration of 160 ppm. Complex solution
had an Ag-content of 29.4 wt-% and density of 1.532 g/mL. A commercially available
α2Al2O3 support with BET-surface area of 0.8 m2/g and a water uptake of 0.44 mL/g
was obtained from EXACER s.r.l. The supported Ag/α2Al2O3 catalyst was prepared
according to example 3.2 of WO2019/154832. An amount of Ag complex solution was
adjusted to yield an Ag-content of 14.5 wt-% in the calcined catalyst. The impregnated
support was thermally treated for 12 min at 290 çC under 23 m3/h nitrogen flow in
an calcination oven. The typical shape of such catalysts are hollow cylinders, for the
use in this work the cylinders were crushed and sieved to obtain split particles to be
utilized in the applied reactors.

4.1.2 Catalyst Activation

Before starting a measurement, the catalyst was deaminated under a nitrogen flow with
a GHSV of 4200 h21 and a heating ramp of 10 K per hour from room temperature to
210 çC at atmospheric pressure. The experimental steps are as follows: after purging
overnight with nitrogen, the reaction was started by pressurizing to 17 bara with no
O2 in the gas phase. Once the reaction pressure was reached, oxygen was added to
the reaction mixture, and the reaction was run at a GHSV of 4900 h21 and 240 çC for
100 h on stream with 25 vol-% of C2H4 and 4 vol-% of O2. The other species were kept
at standard concentrations according to Table 4.2. This catalyst startup procedure
was applied in all experiments. After the equilibration time of 100 h on stream, the
first profile measurement was started which took 56 h in total. When this first profile
measurement was completed, a second profile measurement was started immediately,
which took another 56 h. Both profile measurements were compared. If the difference
of the profiles was within error bars, we concluded that steady state was reached.
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4.2 Kinetic Measurements

4.2.1 Differential Reactor

Initial reaction rate measurements in a differentially operated fixed-bed reactor were
made in the kinetic test reactor described in Chapter 3.1. Therefore, 150 mg of
the Ag/α 2 Al2O3 sieve fraction of 200 2 400 µm was mixed with 850 mg of Al2O3

support of the same sieve fraction and packed into a 1/4” tube. A pre-pack of carrier
material filled the tube. The pre-packing is designed to establish the velocity field
before the reaction mixture enters the catalyst bed. The sieve fraction ensures that
even in the worst case, i.e. when the coarse particles are the largest fraction, the
plug flow criterion is met (dt/dp = 4.57 mm/0.4 mm > 10) [65]. Temperature was
measured with a K-type thermocouple in direct contact with the packing. The GHSV
of 66.000 h21 was set to ensure measurements free of film transport limitations due
to the reduced boundary layer (see Chapter 2.1.2). In order to quantify the reaction
orders of the various species in the feed, initial rate measurements were conducted
by limiting the conversion of oxygen to less than 5 % [5]. Table 4.1 lists the feed
species and the ranges in which their concentrations were varied to determine their
impact on the initial reaction rates. Additionally, measurements at a set of standard
concentrations (Table 4.2) were performed in between the concentration variations of
each single species to account for activity losses. In each concentration variation, the
total volumetric flow rate was kept constant. After the catalyst activation, as described

Table 4.1: Operating Parameters Used for the Kinetic Measurements.

Parameter Value/Range Unit

C2H4 25 2 40 vol-%

O2 3 2 8 vol-%

H2O 0.15 2 1.5 vol-%

CO2 1 2 3 vol-%

N2 balance vol-%

DCE 1.25 2 2.5 ppm

Temperature 220 çC

Pressure 17 bara

GHSV 66000 h21

O2 Conversion < 5 %

in Chapter 4.1.2, the kinetic measurements were started with standard concentration
conditions at 220 çC and a GHSV of 66000 h21. Each species was varied separately
while all other species were held constant at their standard value. The concentrations
of CO2 and H2O were chosen to mimic the industrial application of the measurements.
In industry, residues of H2O are present in the feed as a result of the gas scrubbing
process to extract EO from the product gas and the recycling of C2H4. The activation
energies for both reactions were determined by measuring the formation of EO and
CO2 under standard conditions while varying the reaction temperature. By evaluating
the Arrhenius plot, i.e. the slope of the natural logarithm of the reaction rate versus
the reciprocal of the temperature, the activation energy can be determined. Two
experiments were performed, each with a different DCE concentration. The first run
was at the standard concentration listed in Table 4.2, for the second run the DCE
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Table 4.2: Standard Species Concentrations for the investigation of the epoxidation
reaction.

Parameter Value Unit

C2H4 35 vol-%

O2 7 vol-%

H2O 0.15 vol-%

CO2 1 vol-%

N2 balance vol-%

DCE 1.25 ppm

Impurity (hydrocarbons, e. g. C2H6) 500 ppm

concentration was doubled to 2.5 ppm.

To automate the measurements, a 24/7 measurement was implemented with auto-
matic sampling that could adjust the gas flow, switch the selector valve between meas-
urements, and trigger the GC to analyze the product stream. To account for activity
loss, standard gas composition measurements were performed between each measure-
ment. Each condition was measured at least three times to increase the accuracy of
the measurements by averaging the measured values.

4.2.2 Compact Profile Reactor

Setup

The CPR was developed by Reacnostics GmbH to measure spatial profiles in a compact
reactor setup that fits under a Raman microscope. The CPR can be used to measure
in-situ, concentration and temperature profiles as well as under operando conditions,
e.g. by measuring Raman profiles simultaneously. In this work, the CPR was used to
measure concentration and temperature profiles on a laboratory scale. The CPR offers
a new approach compared to conventional reactor types such as ”normal” fixed-bed
reactors. Reactions can be studied in small reactors (6 mm diameter) and still obtain
concentration and temperature profiles that can be measured over a length of 60 mm,
thus identifying intermediates or gradients that are normally not visible. The reactor
tube can be either a glass or stainless steel tube placed in a brass block which is
heated up to 550 çC by heating cartridges. The brass block is mounted on a movable
carriage with micrometer step resolution, whose speed and direction of movement
can be programmed. Moving the carriage moves the entire reactor tube. Inside the
reactor, in the center of the bed, a capillary can be mounted with an orifice from 50
to 400 µm, depending on the reaction pressure. This capillary is mounted statically.
By moving the reactor and keeping the capillary static, spatial concentrations can be
measured. By placing a thermocouple inside the capillary, temperature measurements
can be made simultaneously. Figure 4.1 shows the CPR used with the reactor tube
mounted and the sampling capillary inside the reactor. More information about the
CPR setup can be found elsewhere [17].

Due to the unique configuration of the small reactor, even when using a glass tube
reactor (1 mm wall thickness), the reaction pressure can be adjusted up to 20 barg.
To keep the room around the reactor hot to avoid condensation of e.g. water, brass
heating blocks can be heated by heating cartridges and the heat is distributed by
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Figure 4.1: Compact Profile Reactor (CPR) used to investigate the reaction network
of ethylene oxide synthesis on a Ag-catalyst and the mechanism of chlorine inhibition.
a) Working principle. b) Annotated photograph of the open reactor.

two propellers mounted in the brass blocks. The temperature in the space around
the reactor is measured by PT-100 elements and controlled to the measured value.
Depending on the reaction conditions, spatial profiles can be obtained either by using a
vacuum system, e.g. a mass spectrometer, or by gas chromatography. When measuring
at a reaction pressure higher than ambient, samples are taken by the pressure gradient
from the reactor to the analyzer. By controlling the pressure drop, e.g. via a needle
valve, the amount of sample gas can be adjusted to ensure that less than 5 % of the
total volumetric flow is used for sampling, thus minimizing perturbation of the flow
field.

Due to the small size of the CPR, reaction conditions can be controlled very pre-
cisely, e.g. isothermal measurements. This allows not only profile measurements of
reaction conditions but also kinetic measurements. By measuring the profiles and
obtaining concentration and temperature data, all the information for a kinetic data
regression is obtained by fitting the measured profile over the entire reactor length.

Profile measurements

For the profile measurements in the CPR, the standard reaction conditions tabulated
in Table 4.2 in Chapter 4.2.1 were used, unless a different value is explicitly mentioned.
The reactor tube (18 mm length and 6 mm outer diameter) was filled with a sieve
fraction of 2002 400 µm of Ag/α2alumina catalyst. The length of the active catalyst
bed was always less than 60 mm, which represents the maximum movement range of
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the reactor slider. The reactor tube was filled with catalyst in such a way that the
capillary was completely surrounded by catalyst particles to avoid bypassing the feed
stream and to obtain reliable concentrations at the sampling point. In front of the
catalyst bed, an inert packing was filled into the reactor to heat the gas stream prior
to starting the reaction and to establish a flow profile and good mixing of all reactants.
Behind the catalyst packing, a plug of fused silica was formed to hold the catalyst in
place during the measurement. Prior to the start of the measurement, the capillary
sample volume was measured with a flow meter to accurately adjust the sample volume
to keep the total sample volume below 5 % of the total volumetric flow. After the
same start-up procedure as described in Chapter 4.2.1, the profile measurement was
started.

Each sampling position was measured at least three times before the next sampling
position was set. The measurement was equidistant between the sampling positions
with a distance of 2000 µm. Concentrations were evaluated quantitatively by gas
chromatography. To ensure that all probed species were measured in the GC, all
tubes to the GC and the sampling valves were heated. Since the reaction pressure
was 17 bara, the sample volume was controlled by a micrometer needle valve, which
is commonly used in GCs to control the volumetric flow of carrier gases. To avoid
condensation inside the micrometer needle valve, the valve was placed in a heated
box. Profile measurements were performed at two different space times, the standard
GHSV of 4750 h21 and 9500 h21. In addition, the effect of DCE on the profiles was
tested by applying different concentrations including no DCE cofeeding. The process
conditions for the profile measurements are summarized in Table 4.3.

Table 4.3: Operating Parameters Used for the Profile Measurements with the CPR.

GHSV [h21] Temperature [çC] DCE [ppm]

9500 225 2.5

9500 225 1.25

4750 200 1.25

4750 210 1.25

4750 225 1.25

4750 225 0

4.2.3 Analytics

The sample gas from the differential reactor and the CPR measurements was analyzed
on an Agilent 7890B gas chromatograph. The sample inlet was heated to 150 çC
by the sampling valve located in a valve box on top of the GC housing. To avoid
condensation or polymerization reactions due to static gas volume, the sample loop
was always purged with the reaction gas mixture. The analysis was started by loop
volume injection and the gas mixture was first passed through the HaysepQ column,
which retains long chain hydrocarbons as shown in Figure 4.2. After 2 minutes of flow
time, the HaysepQ was backflushed by switching the changeover valve. The next steps
have to be explained separately because the measurement was done with two different
detectors. The loop volume of 250 µL was passed through the PlotQ column to the
molsieve and finally to the thermal conductivity detector (TCD). Permanent gases
such as argon, nitrogen and oxygen cannot be separated in the PlotQ, but they leave
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the column as the first species. Therefore, the molsieve was in line at the beginning of
the measurement, and after about 4 minutes the molsieve was switched to a dead-end
position to prevent CO2 or H2O from being deposited on the molsieve. The PlotQ
was used to separate carbon dioxide, ethylene and water. When the water peak was
detected on the TCD, the molsieve was switched to the TCD to analyze the separated
peaks of oxygen, nitrogen, and methane. The 1000 µL loop was diluted to 10:1 by the
split before the sample gas was passed to the PlotU column where methane, ethylene,
and ethylene oxide were retained. After passing through the PlotU column, the gas
mixture was passed directly to the flame ionization detector (FID). The Rtx Wax
column was not required for this analysis and was bypassed.

Figure 4.2: GC switching valves and columns arrangement to analyze the gas sample
composition for the profile measurements.

4.3 Pilot Scale Profile Reactor

4.3.1 Measurement Conditions

Prior to the experiments, the reactor was filled with the crushed Ag/α2Al2O3 catalyst
of a sieve fraction of 5002 900µm. Therefore, the liner containing the thermocouples
was placed in the center of the reaction tube. Sampling capillaries were placed around
the liner for later sampling and catalyst was added around the liner to fill the reactor
tube. After filling the catalyst and checking for leaks, the start-up procedure described
in Chapter 4.2.1 was started.

Due to the highly exothermic reaction and the higher amount of catalyst, the
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reaction temperature was lowered compared to the profile measurements with the
CPR (Chapter 4.2.2). The set of measured profiles is given in Table 4.4. Tabulated
are the parameters that were varied, the remaining parameters were kept at standard
conditions tabulated in Table 4.2 in Chapter 4.2.1.

Table 4.4: Conditions for Spatial Profile Measurements.

Experiment No. Temperature [çC] DCE [ppm] CO2 [vol-%]

1 180 1.5 1

2 180 0.75 1

3 180 0 1

4 190 1.5 1

5 190 1.5 0

6 194 1.5 1

7 194 3 1

8 200 3 1

The experiments were started with 180 çC to avoid runaway conditions while the
catalyst is still very active. DCE was adjusted at 1.5 ppm and dosed continuously to
the feed.

The capillaries were evenly distributed in the axial direction so that the first sample
was taken in front of the active catalyst bed, eight probe positions were taken inside
the catalyst bed, and the last sample was taken behind the bed, as shown in Figure 4.3.
For temperature measurement, the 16 thermocouples were distributed such that the
first measurement position was in front of the bed and the last one was behind the bed,
while the remaining 14 positions were distributed equidistantly in the axial direction
within the active catalyst packing of 500 mm length.

4.3.2 Analytics

To speed up the profile measurements, two GCs were used in parallel, connected in such
manner that the selected sample flow passes through both GCs. Since the sampling
position was controlled by a selector valve, the profile measurement was automated.
The measurement algorithm was as follows: the desired sampling position was selected,
then the GC measurement was started by an external trigger. The second GC was also
triggered if a measurement at the same position with the second GC was also desired.
Another option was to change the sample position and measure with the second GC at
a different position to speed up the profile measurement. This measurement algorithm
was performed in a loop to obtain multiple profiles under the same conditions to
reduce measurement errors. For quantitative analysis of the gas samples, each GC
was equipped with two detectors, a thermal conductivity detector (TCD) and a flame
ionization detector (FID). Multiple columns with a complex switching procedure were
required to separate and analyze the sample gas. The GC analysis was performed with
the same procedure as described in Chapter 4.2.3.
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This chapter presents the results of the kinetic and profile measurements performed.
The results for the differential fixed-bed measurements are described in Chapter 5.1.
The results for the profile measurements and parameter regression using the profiles
measured in the Compact Profile Reactor are given in Chapter 5.2. The kinetic val-
idation was performed using the profiles measured in the Pilot Scale Profile Reactor
described in Chapter 5.3.2.

5.1 Differential Reactor

5.1.1 Heat and Mass Transfer Gradients

In order to perform limitation-free kinetic measurements, external, internal, and bed
gradients should be small enough to be negligible. Therefore, the analytical methods
introduced in Chapter 2.1.2 were applied.

External Gradients

Equation 2.11 was evaluated to determine if external gradients were present. There-
fore, the observable variables were determined experimentally at the standard con-
centration conditions listed in Table 4.2. The result of the criterion for the absence
of extraparticle gradients is given by eq. 5.1 using the parameters listed in Table 5.1.
The Arrhenius number based on the bulk fluid temperature was calculated using the
apparent activation energy for the selective reaction listed in Table 5.4. The temper-
ature and pressure as well as the GHSV used are listed in Table 4.1. The mass and
heat-transfer coefficients kf were calculated using the Sherwood and Nusselt numbers
listed in Table 2.1 for a Rep = 1.8. For the molecular diffusion coefficient, the binary
diffusion coefficient was calculated according to eq. 2.17 for ethylene in nitrogen, since
its amount exceeds 90 % of the total gas volume. The conductivity of the fluid mixture
was determined according to the mixing rule proposed by Wassiljewa [137] with the
modification of Mason and Saxena [138]. The bulk concentration was determined
via the ideal gas law and for the surface to volume ratio of the particle, the largest
possible particle was taken, i. e. 400 µm, to test for the worst case and it was assumed
that the particles are spherical. The analytical test shows that the external limitation
can be neglected in the kinetic measurements.

|³b · ³e · Ca| = |20.177 · 0.294 · 0.003| = 0.018 < 0.05 (5.1)

Part of this work was published in: Berg, V., Geske, M., Korup, O., Schmidt, M., Rosowski, F.,
Karpov, A., Kraemer, M. and Horn, R., Selective Oxidation of Ethylene to Ethylene Oxide on Silver
Catalysts at Industrial Conditions: Reactor Profiles, Kinetics and Chlorine Inhibition. Industrial &
Engineering Chemistry Research 63 (9) (2024) 3891-3909 https://doi.org/10.1021/acs.iecr.3c04345
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Table 5.1: Parameter for External Limitation Criteria.

Parameter Value Unit

∆HR -105000 J · mol21

kf 7.2 · 1024 m· s21

h 15.3 W · m22 · K21

cb 29.03 mol · m23

rv,obs 0.93 mol · m23· s21

a2 15000 m21

DC2H42N2
2.29·1026 m2· s21

»f 0.05 W · m21 · K21

Internal Gradients

The catalyst used, described in Chapter 4.1, is supported on a low surface area alu-
mina, indicating only large pores. Large pores are required for the ethylene epoxidation
reaction to transport EO out of the catalyst and avoid subsequent oxidation. To test
whether internal limitation might be present, eq. 2.29 was evaluated using additional
parameters listed in Table 5.2: The value for the effective thermal conductivity of the

Table 5.2: Parameter for Internal Limitation Criteria.

Parameter Value Unit

Ts 493.43 K

Deff 1.20 · 1027 m2· s21

»p,eff 0.1 W · m21 · K21

cs 28.94 mol · m23

particle has been estimated. For porous materials in gaseous atmospheres, »p,eff is in
the range of 0.1 to 0.5 W/(m·K) [54]. To consider the worst case, the lower value was
taken. The surface concentration cs was calculated with eq. 2.6 and the surface tem-
perature with eq. 2.9. Since the catalyst had only large pores, the effective diffusion
coefficient was calculated using the binary diffusion coefficient from Table 5.1. Particle
porosity and tortuosity values were not available, so the effective diffusion coefficient
was calculated according to eq. 2.23 considering the worst case with the lower value.
The evaluation of eq. 2.29 gave the following result:

∣

∣³s · ³i · ·iÇ2
∣

∣ =
∣

∣20.159 · 0.739 · 1022 · 0.119 · 1022
∣

∣ = 0.178 · 1023 < 0.1 (5.2)

The result of eq. 5.2 shows that the kinetic measurements were free of internal limit-
ations.

Catalyst Bed Gradients

As mentioned above, the most likely limitation to kinetic measurements is the tem-
perature limitation within the catalyst bed. To overcome this limitation, the catalyst
was diluted with its support (15 wt-% catalyst with 85 wt-% support) and the ratio of
particle size to tube size was smaller than 10. To ensure limitation free measurements,
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Table 5.3: Parameter for the Catalyst Bed Limitation Criteria.

Parameter Value Unit

Tw 493 K

»bed,eff 0.08 W · m21 · K21

dt 4.57 mm

rV,obs 8.4·1022 mol · m23·s
Bih,w 1.52 -

the eq. 2.30 was checked with the parameters in Table 5.3: The Biot number was
calculated according to the eq. 2.32 with the wall heat-transfer coefficient determined
by the wall Nusselt number from the correlation of Tsotsas [63]. The effective bed
heat conductivity was calculated from the correlation of Neubronner et al. [64].

|³w · ³w ·Bw| =
∣

∣20.177 · 0.120 · 1022 · 0.183
∣

∣ = 0.44 · 1022 < 0.05 (5.3)

From the result of eq. 5.3 it can be concluded that temperature gradients within the
catalyst bed can be neglected for kinetic measurements, thus the kinetic measurements
were free of limitations.

5.1.2 Reaction Order

The results of the initial rate measurements at C2H4 partial pressure variation are
shown in Figure 5.1. C2H4 had a negligible effect on the rates of the selective and
unselective reaction in the tested concentration range, which is not surprising, taking
the large excess of ethylene into account (C2H4/O2 = 5). C2H4 was considered in
the derived rate law, but due to the large excess of ethylene in the reaction mixture,
a variation of up to 50 % of the initial concentration had only a small effect on the
reaction rate. Similar results for C2H4 were reported by Cant and Hall [73]. The
dependence of O2 on the reaction rate is shown in Figure 5.2. O2 is the limiting species
for the investigated reaction conditions with a standard O2 concentration of 7 vol-%.
The reaction rate increases with increasing O2 partial pressure for both the selective
EO formation and the unselective CO2 formation. For both reactions, the reaction
order is about 1. The kinetic dependence of the O2 partial pressure implies that a spe-
cies derived from molecular oxygen is involved in the kinetically relevant step. These
results are in agreement with the literature published by Chen et al. [13]. In addition,
Chen et al. reported an increase in oxygen reaction order with increasing chlorine
cofeeding, indicating that chlorine reduces oxygen coverage on the catalyst surface
and enhances oxygen desorption, respectively. The CO2 partial pressure dependence
of both rates is shown in Figure 5.3. With increasing CO2 partial pressure, both rates
decrease slightly, resulting in a slightly negative reaction order. This finding indicates
that the active sites responsible for both the selective and the unselective reactions
are occupied by CO2. For variations of the H2O partial pressure, reaction orders of
20.08 and 20.06 were found for the selective and the unselective reaction respectively.
H2O had almost no effect on the reaction rate and was therefore neglected in the rate
law. Similar results were reported by Metcalf and Harriott [101] who also meas-
ured reaction orders in a differential reactor. In contrast to CO2 and H2O, DCE had a
strong impact on the reaction rates as can be seen in Figure 5.5. Even a slight increase
in DCE concentration resulted in strongly decreasing the reaction rates of both the
selective and unselective reactions with a negative reaction order of (20.97) for EO
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Figure 5.1: Reaction rate for selective (rEO) and unselective oxidation (rCO2
) vs.

C2H4 partial pressure at 225 çC and 17 bara with 1.25 ppm DCE.
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CO2 partial pressure at 225 çC and 17 bara with 1.25 ppm DCE.
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formation and (21.16) for CO2 formation. With increasing DCE partial pressure, the
catalyst activity decreases due to site blocking by chlorine [139]. In accordance with
increasing selectivity to EO upon increasing DCE concentration, the rate decreases
stronger for the unselective reaction, expressed by a more negative reaction order.

5.1.3 Activation Energy

To determine the activation energies for the selective epoxidation to EO and the un-
selective total combustion to CO2 were derived from Arrhenius plots. Initial rate
measurements were evaluated by plotting of the logarithmic selective and unselective
reaction rate versus the reciprocal temperature.

Figure 5.6 shows the result for the standard DCE concentration of 1.25 ppm. The
selective reaction shows an apparent activation energy of 82.7 kJ/mol compared to
88.2 kJ/mol for the unselective CO2 formation. The activation energy for the selective
reaction is lower than for the unselective reaction, which corresponds to results pub-
lished by other authors [13, 140, 141]. The lower activation energy for the selective
reaction leads to a high initial EO selectivity which was around 75 % in these meas-
urements. The activation energy measurement results for a DCE concentration of
2.5 ppm are shown in Figure 5.7. With increasing DCE partial pressure, the apparent
activation energy for EO formation (EaEO) increases slightly to 94.6 kJ/mol, whereas
EaCO2

almost doubles to 160.5 kJ/mol. This relatively small increase of EaEO com-
pared to EaCO2

indicates that chlorine promotion inhibits the unselective reaction
much more than the selective reaction by increasing the energy barrier of CO2 forma-
tion more than that of EO formation. An increase in activation energy with increasing
partial pressure of the chlorine containing compound was already reported by Chen

et al. [13], who performed measurements on a commercially promoted and supported
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Figure 5.6: Arrhenius plot for initial reaction rates measured at GHSV = 66,000 h21,
17 bara pressure, and DCE concentration of 1.25 ppm under differential conditions.
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silver catalyst. They obtained activation energies for both reactions of 212 kJ/mol
resulting from high chlorine dosing. This high value indicated an overinhibition of the
catalyst suppressing both reaction paths. Industrially, a compromise must be made
between achieving an economically attractive conversion at a yet acceptable EO se-
lectivity. This requires an extremely accurate control of the DCE inlet concentration
at the ppm level and of the reactor temperature due to the sensitive dependence of
ethylene conversion and EO selectivity on both parameters.

Table 5.4: Experimentally Determined Apparent Activation Energies for the Epox-
idation and Total Combustion Reaction.

Temperature range [K] EaEO [kJ/mol] EaCO2
[kJ/mol] DCE [ppm]

450 2 515 82.7 ± 2.8 88.2 ± 7.4 1.25

460 2 500 94.6 ± 5.5 160.5 ± 25.9 2.5

5.1.4 Rate Law Derivation

The rate laws were derived using a differentially operated fixed-bed reactor and a
literature mechanism postulated by the group of Schlögl [18]. According to the
extensive research published on the mechanism of ethylene epoxidation by Schlögl

et al. [18, 142, 143], the catalyst shows a distinct dynamic behavior of defect formation
by adsorbed oxygen, leading to metal reconstruction at mild temperature, which in
turn affects the oxygen adsorbates. Depending on the state of the adsorbed oxygen, the
ethylene oxidation is either selective or unselective, with electrophilic oxygen leading
to ethylene oxide and nucleophilic oxygen to carbon dioxide [142]. Depending on
the active site, the reaction produces EO either selectively on an Ag O site with
subsurface oxygen (AgOsub) or unselectively CO2 and H2O on a nucleophilic oxygen
atom adsorbed on an Ag step site (Agstep). The relevant reaction steps are as follows
[18]:



5.1 Differential Reactor 57

O2 +Ag 22á½22 AgO2
7 (5.4a)

AgO2
7 + 2 Agstep 22³ 2 AgO7

nu +Ag (5.4b)

AgO7

nu +Agsub 22á½22 AgOsub +Agstep (5.4c)

AgO7

nu +AgOsub 22³ (AgOsub)Oel +Agstep (5.4d)

AgOsub +C2H4 22á½22 (AgOsub)C2H4
7 (5.4e)

(AgOsub)C2H4
7 + (AgOsub)Oel

rdsEO2222³ (5.4f)

C2H4OEO + 2 AgOsub

(AgOsub)C2H4
7 +AgO7

nu

rdsCO
22222³ (5.4g)

C2H4OAA +AgOsub +Ag

C2H4OAA +Ag 22á½22 AgC2H4O
7

AA (5.4h)

AgC2H4O
7

AA + 4 AgO7

nu + (AgOsub)Oel 22³ (5.4i)

2CO2 + 2H2O+ 5 Ag +AgOsub

First, gas-phase oxygen adsorbs on the metallic silver surface. Subsequently, the
adsorbed oxygen then dissociates on a step to form nucleophilic oxygen species and
metallic silver [144]. The nucleophilic oxygen diffuses into the subsurface to form sub-
surface oxygen which is required for the formation of EO [93, 94]. On this subsurface
oxygen, the electrophilic oxygen is formed. Ethylene adsorbs on the subsurface oxygen
site and reacts with either electrophilic or nucleophilic oxygen to form EO or AA, re-
spectively. After formation, EO is desorbing, while AA adsorbs to a metallic silver site
and is totally oxidized to CO2. The epoxidation mechanism of Schlögl [18] shows a
complex formation and loss of active sites, which can only be captured by micro kin-
etic modeling. In macro kinetics, the rate determining step dictates the reaction rate.
Therefore, the LHHW mechanism was chosen to derive the rate law for a selective
and unselective site, assuming that the surface reaction is the rate determining step.
This assumption requires that all adsorptions are in equilibrium. The nonselective site
is represented by Agstep where the nucleophilic oxygen is adsorbed while the electro-
philic oxygen is adsorbed on a pre-adsorbed subsurface oxygen AgOsub. The creation
and loss of active sites is neglected. Assuming that the surface reaction is the rate
determining step for both reactions, the rate law for the selective site can be derived
in the following steps. First, the adsorption equilibrium for CO2 and DCE leads to
the following equations:

m = CO2,DCE (5.5)

km,ads Pm »AgOsub
22á½22 km,des »m,AgOsub

(5.6)

»m,AgOsub
= Km,AgOsub

Pm »AgOsub
(5.7)

km,ads Pm »Agstep 22á½22 km,des »m,Agstep (5.8)

»m,Agstep = Km,Agstep Pm »Agstep (5.9)

(5.10)
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Ethylene is assumed to adsorb only on the selective site [18].

kC2H4,ads PC2H4
»AgOsub

22á½22 kC2H4,des »C2H4,AgOsub
(5.11)

»C2H4,AgOsub
= KC2H4,AgOsub

PC2H4
»AgOsub

(5.12)

Since for the selective site subsurface oxygen is already present, two sites are required
to form the electrophilic oxygen:

kO2,ads PO2
»2AgOsub

22á½22 kO2,des »2Oel,AgOsub
(5.13)

»Oel,AgOsub
=
√

KO2,AgOsub
PO2

»AgOsub
(5.14)

Analogically to the formation of electrophilic oxygen, two unselective sites are required
to form nucleophilic oxygen:

kO2,ads PO2
»2Agstep

22á½22 kO2,des »2O∗

nu
(5.15)

»O∗

nu
=
√

KO2,Agstep PO2
»Agstep (5.16)

The sum of fraction of each active site results in 1, giving following equations:

»AgOsub
= 12 »Oel,AgOsub

2 »C2H4,AgOsub
2 »CO2,AgOsub

2 »DCE,AgOsub
(5.17)

»AgOsub
=

(

1 +
√

KO2,AgOsub
PO2

+KC2H4,AgOsub
PC2H4

+KCO2,AgOsub
PCO2

(5.18)

+KDCE,AgOsub
PDCE

)

21

»Agstep = 12 »O∗

nu
2 »CO2,Agstep 2 »DCE,Agstep (5.19)

»Agstep =
1

1 +
√

KO2,Agstep PO2
+KCO2,Agstep PCO2

+KDCE,Agstep PDCE
(5.20)

For the surface reaction as the rate determining step, following equations are obtained:

rEO = kEO »Oel,AgOsub
»C2H4,AgOsub

(5.21)

rCO2
= kCO2

»O∗

nu
»C2H4,AgOsub

(5.22)

Combining eq. 5.7 - 5.22 leads to the final rate expression for the epoxidation reaction
and total combustion of C2H4.

rEO =
kEO ·

√

KO2,AgOsub
· PO2

·KC2H4,AgOsub
· PC2H4

(1 +DENAgOsub
)2

(5.23)

rCO2
=

kCO2
·
√

KO2,Agstep · PO2
·KC2H4,AgOsub

· PC2H4

(1 +DENAgOsub
) · (1 +DENAgstep)

(5.24)

with

DENAgstep =
√

KO2,Agstep PO2
+KCO2,Agstep PCO2

+KDCE,Agstep PDCE (5.25)

DENAgOsub
=
√

KO2,AgOsub
PO2

+KC2H4,AgOsub
PC2H4

+KCO2,AgOsub
PCO2

(5.26)

+KDCE,AgOsub
PDCE

The bimolecular reaction rate for the selective reaction, rEO, takes into account the ad-
sorption of reactants O2 and C2H4 and the reactants adsorbed on the selective catalytic
sites such as CO2 and DCE. First rate measurements showed that the reaction rates



5.1 Differential Reactor 59

are independent of the C2H4 concentration. This is due to the excess of C2H4 in the
reaction mixture, which is 5 times the concentration of O2. C2H4 was still considered in
the rate law, which was derived from the mechanism proposed by the group of Schlögl
[18], assuming the surface reaction as the rate determining step. For the unselective
reaction, rCO2

, the adsorption term for both sites has to be considered since C2H4 is
assumed to adsorb only at the same site as electrophilic oxygen, see eq. 5.4e. The
adsorption of H2O was completely neglected because the reaction order was close to
zero. Chlorine adsorption takes place on both nucleophilic and electrophilic sites since
both reaction rates to EO and CO2 are decreasing (Figure 5.5). Chlorine adsorption
increases the EO selectivity by suppressing the unselective reaction rate to CO2 more
than the selective reaction rate to EO. The chlorine deposition via oxychlorination of
the silver surface with DCE is assumed to take place only with the nucleophilic oxygen,
occupying the unselective site with chlorine and decreasing the fractional coverage of
nucleophilic oxygen atoms [93]. The rate law for the chlorine deposition reaction can
then be written as:

rDCE = kDCE,AgOsub
· »DCE,AgOsub

· »O∗

nu
(5.27)

+ kDCE,Agstep · »DCE,Agstep · »O∗

nu

rDCE =
kDCE,AgOsub

·
√

KO2,Agstep · PO2
·KDCE,AgOsub

· PDCE

(1 +DENAgOsub
)(1 +DENAgstep)

(5.28)

+
kDCE,Agstep ·

√

KO2,Agstep · PO2
·KDCE,Agstep · PDCE

(1 +DENAgstep)
2

To improve the robustness in the parameter estimation with the least-squares al-
gorithm, the kinetic expression was reparametrized [145]. The reparametrization re-
duces the correlation between the frequency factor and the activation energy, as well
as between the sticking coefficient and the heat of adsorption [146, 147]:

kk = exp

[

ln(Ak)2
Eak

R · Tav
+

Eak
R · Tav

·
(

T 2 Tav

T

)]

, k = EO,CO2 (5.29)

kDCE,j = exp

[

ln(k0DCE,j)2
EaDCE,j

R · Tav
+

EaDCE,j

R · Tav
·
(

T 2 Tav

T

)]

, j = AgOsub, Agstep

(5.30)

Ki,j = exp

[

ln(Ai,j)2
∆Hi,j

R · Tav
+

∆Hi,j

R · Tav
·
(

T 2 Tav

T

)]

, i = species (5.31)

Depending on the temperature of each experiment, x, the average temperature, Tav,
was calculated according to eq. 5.32 [147].

Tav =

(

1

No.Exp.

∑

x

1

Tx

)

21

(5.32)

To evaluate the correlations between the fitted parameters the covariance matrix
Mτ (i, j) was determined (eq. 5.33) from the Jacobian and the variance of the ex-
perimental fluctuations (assumed to be constant) [147].

Mτ (i, j) = s2 · (JTJ)21 (5.33)

The Jacobian is obtained by the sensitivity analysis of the objective function of
the corresponding fit parameter. The correlation between the fitting parameters is
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calculated with eq. 5.34, where Ç(i, j) is the covariance of parameter i and j and s2i,i
the variance of parameter i and s2j,j the variance of parameter j.

»i,j =
Ç(i, j)

√

s2i,i · s2j,j
(5.34)

The evaluation of the binary interaction of the kinetic parameters is shown in Tables A.1-
A.3 which can be found in the appendix in Section A.2.

The measured profiles were fitted by fitting the pre-exponential factors, activa-
tion energies and adsorption enthalpies using Comsol Multiphysics 5.5TM applying
the Levenberg-Marquardt solver algorithm. The method of the sum of squares minim-
ization was applied to minimize the error of the measured and the fitted profiles using
a plug flow model as described in Chapter 2.4.2. All profiles were fitted simultaneously
to obtain parameters valid for all measured conditions.

5.2 Compact Profile Reactor

5.2.1 Heat and Mass Transfer Gradients

Mechanistic studies and kinetic parameter regression were performed using the profiles
measured in the CPR. To ensure that these studies are not superimposed by heat or
mass transfer effects the analytical methods introduced in Chapter 2.1.2 were applied.

External Gradients

Equation 2.11 was evaluated for the standard concentration conditions listed in Table 4.2
at a GHSV of 4750 h21 a wall temperature of 225 çC and reactor pressure of 17 bara
to verify the absence of external limitation effects analogically to Chapter 5.1.1. The
used parameters are shown in Table 5.5, the remaining missing parameters were the
same as in Table 5.1.

Table 5.5: Parameter for External Limitation Criteria Applied for the CPR Meas-
urements.

Parameter Value Unit

kf 1.88 · 1024 m· s21

h 3.79 W · m22 · K21

rv,obs 0.53 mol · m23· s21

|³b · ³e · Ca| = |20.177 · 0.307 · 0.006| = 0.037 < 0.05 (5.35)

The result of eq. 5.35 shows that external limitation during the profile measurements
were negligibly small.

Internal Gradients

The criterion for the testing of internal gradients was applied analogously to Chapter 5.1.1
at the same reaction conditions like the external limitation testing above. All required
parameters are listed in Table 5.5, Table 5.2, and Table 5.1, respectively.

∣

∣³s · ³i · ·iÇ2
∣

∣ =
∣

∣20.159 · 0.739 · 1022 · 0.671 · 1023
∣

∣ = 9.996 · 1025 < 0.1 (5.36)
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The evaluation of eq. 5.36 shows that internal gradients are sufficiently small to be
neglected during the CPR measurements.

Catalyst Bed Gradients

Since mass transfer in radial direction is negligible compared to heat-transfer eq. 5.3
can be evaluated analogously to Chapter 5.1.1 to verify whether catalyst bed gradi-
ents in radial direction are present. The parameters used in the criteria are listed in
Table 5.6. The remaining required parameters are listed in Table 5.5.

Table 5.6: Parameter for the Catalyst Bed Limitation Criteria Applied for the CPR
Measurements.

Parameter Value Unit

Tw 493 K

»bed,eff 0.33 W · m21 · K21

dt 4 mm

dp 400 µm

Bih,w 0.26 -

|³w · ³w · Bw| =
∣

∣20.177 · 0.133 · 1022 · 0.259
∣

∣ = 0.007 < 0.05 (5.37)

The result of eq. 5.37 shows that catalyst bed gradients can be neglected during the
CPR profile measurements.

5.2.2 CPR Profiles for Mechanistic Studies

GHSV = 4750 h21, 225 çC, 17 bara, and 1.25 ppm DCE

In Figure 5.8, molar flow rate and temperature profiles are shown for a GHSV of
4750 h21 at a reactor pressure of 17 bara and a heating block temperature of 225 çC
measured in a fused silica reactor tube. 1.25 ppm DCE was fed in this experiment.
The other species concentrations are as listed in Table 4.2.
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Figure 5.8: Molar flow rate and temperature profiles measured in the CPR at
GHSV = 4750 h21, 225 çC heating block temperature, 17 bara pressure, and 1.25 ppm
DCE concentration in the feed. (a) educt profiles and temperature, (b) product pro-
files, (c) conversion of oxygen and ethylene and selectivities to EO and CO2.

Figure 5.8a shows the profiles of reactants ethylene and oxygen, as well as the
temperature in the center of the catalyst bed. The vertical dashed-dotted lines indicate
the beginning (0 mm) and the end (37 mm) of the catalyst bed, respectively. Before
the catalyst bed begins, no conversion is observed, indicating that gas-phase reactions
or reactions on the pure α2Al2O3 support do not occur. Starting from the entrance
of the catalyst bed (0 mm), O2 and C2H4 are consumed up to about 27 mm. At this
position, reactant consumption and product formation stop despite that C2H4 and O2

are still available in the gas phase. Figure 5.8c shows that the conversion of C2H4 and
O2 at the end of the catalyst bed is only 5 % and 40 %, respectively.

Figure 5.8b shows the development of the reaction products. The vertical axes
are split in two parts, the upper showing the molar flow of the main species in
µmol · min21 and the lower showing the concentration of VC and EC in ppm. DCE
could not be measured in this experiment. Ethylene oxide, water, and carbon dioxide
are formed from the beginning of the catalyst bed, indicating that all of them are
primary products. Other reaction products, e.g., formaldehyde, were not observed.
The production rates of EO, CO2, and H2O increase with increasing temperature,
showing a maximum at around 15 mm which corresponds to the maximum tempera-
ture in the catalyst bed and then decrease to zero at about 27 mm. The scatter in the
EO and CO2 selectivity profiles is rather high, but there is a trend that the selectivity
to EO decreases slightly with increasing ethylene conversion. EO selectivity is about
70 % at the entrance of the catalyst bed and decreases to about 60 % at 27 mm
where the catalytic reactions effectively stop. Conversely, CO2 selectivity increases
from about 30 % to about 40 %. Since both EO and CO2 are formed with a selectivity
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k 0 % right from the reactor entrance (zero conversion), both products are identified
as primary reaction products being formed in parallel channels (cp. Figure 2.8). With
increasing conversion, EO selectivity decreases and CO2 selectivity increases either
due to changing rates of the parallel formation pathways or because of the consecutive
reaction of EO to CO2.

The halogenated trace components VC and EC, which are formed in subppm con-
centrations from DCE, show a different development. The profile of VC rises from the
beginning of the catalyst bed until it reaches a plateau at 27 mm. This is exactly the
position in the catalyst bed where all reactions cease. As VC is formed from DCE
according to eq. 2.51, VC formation is indicative of chlorine deposition onto the silver
surface. EC, which is formed from ethane by oxychlorination according to eq. 2.53, is
indicative of chlorine removal from the Ag surface. Close inspection of the EC profile
shows that EC is not formed right from the beginning of the catalyst bed. The first
point, where the EC profile is higher than the baseline, is at about 5 mm. Just like
VC, also EC plateaus from 27 mm on.

The concentration of both VC and EC is at the detection limit of the GC method,
making a quantitative interpretation of their profiles difficult. In fact, at steady state,
the deposition rate of chlorine atoms onto the silver surface must equal the rate of
removal of chlorine atoms from the silver surface, and both the VC and EC profiles
should fall on top of each other. However, in Figure 5.8b, the VC profile rises more
steeply than the EC profile. If interpreted in the foregoing way, there would be a net
chlorine deposition on the catalyst. The different developments of the VC and EC
profile can have several reasons: First, the reactor might not have been in steady state
yet, causing indeed a net chlorine deposition on the catalyst. This assumption is rather
unlikely since the catalyst was pretreated with the reaction mixture for a 100 h time
period on stream before the profiles in Figure 5.8 were recorded. The measurement
of one set of profiles took 56 h from the entrance to the end of the bed. Assuming
that all silver atoms were exposed to the gas phase at a 14.5 wt-% loading of silver
and a total catalyst mass of 637 mg, it would have taken approximately 12 h with
a DCE concentration of 1.25 ppm to chlorinate all silver atoms. Second, significant
amounts of deposited chlorine might go subsurface [96]. Also, this explanation is
rather unlikely taking into account that saturation would have been reached within a
few hours. Next, chlorinated species could be formed, which were not detected by the
applied GC method, removing chlorine from the silver surface. Also, the calibrations
of VC and EC could not have been accurate enough such that the observed deviations
are simply measurement errors. The most likely explanation, however, is that before
EC can leave the silver surface, it reacts with oxygen atoms to VC in an oxidative
dehydrogenation reaction.

C2H5Cl + AgO ³ C2H3Cl + Ag + H2O (5.38)

If this was the case, the VC profile would reflect both chlorine deposition and chlorine
removal, and the VC profile could indeed be higher than the EC profile. An oxidative
dehydrogenation of EC to VC according to eq. 5.38 could also explain that EC is not
formed right from the entrance of the catalyst bed where the catalyst temperature
is still low and the gas-phase oxygen concentration is highest, leading to a high con-
centration of oxygen atoms at the silver surface and in turn to a rapid consecutive
reaction of EC to VC. As the catalyst temperature increases and the gas-phase oxy-
gen concentration decreases, the coverage of AgO drops, and EC can escape into the
gas phase. The slopes of the VC and EC profiles decrease with increasing distance
from the entrance of the catalyst bed, indicating that chlorination and dechlorination
decrease in rate until they stop entirely at 27 mm. From this point on, VC and EC
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Figure 5.9: a) SEM picture of the Ag/Al2O3 catalyst. b) EDX spectrum of main
components. c) EDX spectrum at the noise level. d) Species profiles and chlorine
signal heights.

formation stops, just like all other reactions. The most obvious explanation for the
stop of all reactions from this point onward is that all active silver atoms are blocked
by chlorine. The oxygen partial pressure has become too low to remove chlorine by
oxychlorination. To verify this, the catalyst was extracted layer by layer from the
reactor, and EDX measurements were performed as shown in Figure 5.9. The chlor-
ine signals are small but can be distinguished from noise level. Plotting the signal
intensity vs. position shows that chlorine is already present at the silver surface from
the entrance of the catalyst bed and increases along the reactor length (Figure 5.9 d).
The trend is subtle, but also the chlorine signal plateaus from around 27 mm, in line
with the hypothesis that the blockade of Ag sites by chlorine is the reason for ceased
activity of the catalyst. Taking into account that O2 has a strong positive and DCE
a strong negative impact on EO and CO2 formation (cf. Chapter 5.1.2), one probable
explanation for the increasing chlorine coverage along the catalyst bed is that O and
Cl, both electrophiles, are competing for the same adsorption sites. Cl adsorbs much
stronger than O, which is why it can compete for Ag sites despite being present only
in single-digit ppm concentrations compared with O2 being present at a concentration
of 7 vol-% (70.000 ppm). With decreasing O2 concentration in the gas-phase, the O
coverage at the surface decreases, and the active Ag sites become irreversibly blocked
by chlorine because the adsorption strength of chlorine increases with decreasing O-
coverage.
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GHSV = 9500 h21, 225 çC, 17 bara, and 1.25 ppm DCE

A second measurement was performed in the CPR at GHSV = 9500 h21 corresponding
to doubled flow rates using again the feed composition in Table 4.2 with 1.25 ppm
DCE. The data are shown in Figure 5.10. As expected, doubling the GHSV leads to
a stretch of all profiles. The VC profile rises from the beginning of the catalyst bed
and plateaus at around 19 mm. In contrast, the EC profile is zero from the entrance
of the catalyst bed until about 11 mm. Between 11 and 19 mm, the EC profile rises,
and from 19 mm onward, the EC profile plateaus just like the VC profile, with, if
at all, a very small increase in EC molar flow rate toward the end of the catalyst
bed. Again, as chlorine deposition and removal rates must be equal in steady state,
these very different profile shapes of VC and EC can only be explained if i) chlorine
deposition and chlorine removal lead both to the formation of VC, e.g. by simultaneous
occurrence of reactions shown in eq. 2.51, 2.53, and 5.38 or ii) if chlorine is removed
from the Ag surface by another, yet undetected molecular species.
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Figure 5.10: CPR profiles at GHSV = 9500 h21, 225 çC heating block temperature,
17 bara pressure, and 1.25 ppm DCE concentration in the feed. (a) educt profiles
and temperature, (b) product profiles, (c) conversion of oxygen and ethylene and
selectivities to EO and CO2.
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The lack of EC production before 11 mm would be in line with a more efficient EC
conversion to VC according to eq. 5.38 due to a longer zone of oxygen-covered silver
sites at GHSV = 9500 h21. Indeed, overall less VC is formed at GHSV = 9500 h21

(0.22 ppm, Figure 5.10b) compared with GHSV = 4750 h21 (0.30 ppm, Figure 5.8b),
highlighting again the delicate competition oxygen adsorption and chlorine adsorp-
tion. The conversion of C2H4 and O2 stretches almost entirely over the catalyst bed.
In contrast to GHSV = 4750 h21, both C2H4 and O2 conversion does not come to hold
because the higher O2 concentration throughout the bed prevents complete coverage
of the silver surface with chlorine. At the end of the bed, O2 conversion reaches about
32 % compared to about 40 % at GHSV = 4750 h21. According to the kinetic meas-
urements presented in Chapter 5.1.2, the reaction is first-order with respect to the stoi-
chiometrically limiting reactant oxygen. External and internal mass and heat-transfer
limitations can be neglected according to the criteria evaluated in Chapter 5.2.1 [40].
Because the CPR is in good approximation a plug flow reactor, the following mole
balance can be formulated for O2:

Da = 2ln(12X) (5.39)

Therefore, a conversion ofXO2
= 0.4 at GHSV = 4750 h21 corresponds to a Damköhler

number of Da(4750 h21) = 0.52. For a first-order reaction, Da = kapp · Ç , with kapp
being the apparent rate constant and Ç the hydrodynamic residence time. At GHSV =
9500 h21 and otherwise identical conditions, Da(9500 h21) = 0.26. From this Da
number, a conversion of X(9500 h21) = 0.23 should be expected, which is much lower
than the measured value of X(9500 h21) = 0.32. Also, this calculation supports the
hypothesis that O and Cl compete for the same active sites. At GHSV = 9500 h21,
the O2 concentration in the gas phase throughout the catalyst bed is higher than at
GHSV = 4750 h21, leading to fewer chlorine-blocked Ag sites. Quantitatively, this
means that the apparent rate constant, kapp, containing the active site density as a
factor, is higher at GHSV = 9500 h21 than at GHSV = 4750 h21 at otherwise constant
temperature and pressure conditions. In consequence, a higher conversion is reached
at GHSV = 9500 h21 than what would be expected from the reduced contact time.

GHSV = 9500 h21, 225 çC, 17 bara, and 2.50 ppm DCE

Figure 5.11 shows profiles for GHSV = 9500 h21 and 2.50 ppm DCE in the feed
measured in the CPR in a stainless steel reactor tube at otherwise identical conditions
as in the experiments in Section 5.2.2.
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Figure 5.11: CPR profiles at GHSV = 9500 h21, 225 çC heating block temperature,
17 bara pressure, and 2.50 ppm DCE concentration in the feed. (a) educt profiles
and temperature, (b) product profiles, (c) conversion of oxygen and ethylene and
selectivities to EO and CO2.

Doubling the DCE concentration in the feed reduces the reactant conversion drastic-
ally, from 32 % O2 conversion at the bed exit at 1.25 ppm DCE to 14 % at 2.5 ppm
DCE. The O2 molar flow rate profile decreases slowly in the first half of the catalyst
bed. From 16 mm onward, the decrease is barely visible anymore. Selectivities re-
main almost constant throughout the bed with an average of 70 % for EO and 30 %
for CO2. In this experiment, DCE could be measured as well, showing the expected
decline. Comparing the VC and EC profiles in Figures 5.10b and 5.11b, respectively,
shows that doubling the DCE concentration leads to only slightly more VC forma-
tion and even less EC formation (VC: 0.25 ppm vs. 0.22 ppm, EC: 0.05 ppm vs.
0.1 ppm, respectively). The onset of EC formation shifts from 11 mm (1.25 ppm DCE
and GHSV = 9500 h21) to 3 mm (2.5 ppm DCE and GHSV = 9500 h21) in line
with the interpretation that less surface oxygen atoms are available for the oxidative
dehydrogenation of EC to VC according to eq. 5.38.

5.2.3 Interrupting DCE Feeding

Directly after a profile had been recorded feeding 1.25 ppm DCE (GHSV = 4750 h21,
17 bara reactor pressure, 225 çC heating block temperature, and standard feed com-
position as listed in Table 4.2), the DCE feeding was interrupted, and measurements
were conducted in the CPR without cofeeding of DCE. As the sampling capillary was
now behind the catalyst bed, this profile was measured in reverse direction, viz., from
outlet to inlet. The measurement started immediately after switching off the DCE
feed and took 56 h for the complete profile. The data are shown in Figure 5.12.
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Figure 5.12: CPR profiles at GHSV = 4750 h21, 225 çC heating block temperature,
and 17 bara pressure without DCE cofeeding. Profile measurement from outlet to inlet.
(a) educt profiles and temperature, (b) product profiles, (c) conversion of oxygen and
ethylene and selectivities to EO and CO2.

In Figure 5.12a, the reactant profiles are shown. In comparison to the same ex-
perimental conditions with a DCE cofeeding of 1.25 ppm (see Figure 5.8a), O2 and
C2H4 are consumed more rapidly right from the beginning of the catalyst bed. Both
profiles, C2H4 and O2, decrease steeply until 13 mm into the catalyst bed. At 13 mm,
reactant conversion ceases abruptly. From this position on to the end of the bed,
the rates of C2H4 and O2 consumption are very small. Overall, reactant conversion
is higher without DCE cofeeding. As shown in Figure 5.12c, O2 conversion reaches
j 70 % at the end of the bed in comparison to the same measurement with 1.25 ppm
DCE cofeeding in Figure 5.8c, where only 40 % O2 conversion was reached. The tem-
perature profile increases in front of the catalyst bed since the wall temperature was
not reached in the prepacking. With heat release from the reaction, the temperature
increases, reaching a hot spot at about 13 mm when reactant conversion stops. After
the hot spot, the temperature decreases until the end of the bed. The cause of the
sudden slowdown of reactant conversion at around 13 mm is again the coverage of the
silver surface with chlorine. Even though no DCE was fed in this experiment, VC and
EC are still removed from the surface, and the onset points of both profiles match in
good approximation the position at which the conversion of the reactants comes to
hold (cp. Fig. 5.12b, lower part). From 7 mm until 25 mm, viz., in a zone around
the hot spot, it seems that the VC profile is higher than the EC profile. From 25 mm
until the bed exit, the EC profile increases steeply, overtaking the VC profile. The fact
that VC is formed at all, even without cofeeding of any chlorine precursor in the feed,
substantiates the thesis that VC formation is an additional chlorine removal channel
from the silver surface. Taking into account that EC formation overtakes VC toward
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the end of the catalyst bed, viz., in the first measurements points in this instationary
experiment (profile was measured from outlet to inlet) supports the hypothesis that
EC formation according to eq. 2.53 is the primary chlorine removal channel. At high
surface oxygen concentrations, EC is immediately converted into VC by eq. 5.38, but
this pathway is not effective here anymore because O2 conversion has reached j 70 %
as shown in Figure 5.12c.

Despite some scatter in the data, the chlorine coverage profile is also reflected in
the selectivity development of EO and CO2 as shown in Figure 5.12c. The EO and
CO2 selectivities extrapolated to the entrance of the catalyst bed amount to about
80 % and 20 %, respectively. With increasing conversion, EO selectivity drops steeply
and CO2 selectivity rises steeply, until about 7 mm into the bed, the point from which
VC formation is detected being indicative of some remaining chlorine coverage of the
Ag surface. From this point onward until about 29 mm, the decrease/increase of
EO/CO2 selectivity is very small. From 29 mm until the end of the catalyst bed, viz.,
in the zone of still high chlorine coverage, the EO selectivity seems to increase again,
while the CO2 selectivity decreases accordingly, indicating again a parallel formation
of EO and CO2 with relative rates depending on the chlorine coverage. In summary,
the data in Figure 5.12 show that chlorine remains at the silver surface for some time
after DCE feeding is terminated. Whether this chlorine is surface bound or whether it
segregates slowly from the silver bulk to the surface cannot be inferred from the data.
In any case, the surface-bound chlorine slows down reactant conversion significantly
but favors the formation of EO over CO2. The detection of VC and EC without feeding
DCE indicates that surface chlorine is removed by both, VC and EC formation. Most
likely, EC is the primary chlorine removal product, while VC is formed from EC.

After the first measurement without feeding DCE was completed, a second meas-
urement without DCE cofeed was started, without changing any parameters. The
measurement took again 56 h; the only difference was that this second profile without
DCE cofeed was measured from inlet to outlet. The results of this measurement are
shown in Figure 5.13.
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Figure 5.13: CPR profiles at GHSV = 4750 h21, 225 çC heating block temperature,
and 17 bara pressure without DCE cofeeding. Profile measurement from inlet to outlet.
(a) educt profiles and temperature, (b) product profiles, (c) conversion of oxygen and
ethylene and selectivities to EO and CO2.

Ethylene and oxygen are consumed rapidly (Figure 5.13a) until conversion levels off
at about 21 mm. In comparison to the first profile measurements without feeding DCE
shown in Figure 5.12, the position at which reactant conversion levels-off has shifted
from 13 mm to 21 mm, showing the gradual removal of surface chlorine with time on
stream if there is no DCE in the feed. From 21 mm onward, reactant conversion and
product formation slow down significantly. In line with the extended reaction zone,
the hot spot shifted further down the catalyst bed to about 17 mm. The temperature
curve takes on a distinct bell-like shape. Temperature increases as long as reactants
are converted and decreases after the hot spot when reactant conversion stops. The
EO profile in Figure 5.13b shows a plateau beginning from 17 mm until the end of
the bed. While H2O increases further until the end of the bed, CO2 seems to stop
to increase at 21 mm. Only EC, the primary chlorine removal product, could still be
detected in subppm amounts in this experiment. The position from which EC was
still detected (19 mm) matches almost exactly with the position at which reactant
conversion and formation of EO and CO2 stopped (19 2 21 mm). This is another
manifestation of the blockage of active silver sites by chlorine atoms which remain
at the surface even hours after DCE feeding was interrupted or diffuse slowly from
subsurface sites to be removed by the oxychlorination reaction [96]. VC could not be
detected in this measurement any longer. As VC is most likely formed by oxidative
dehydrogenation from EC according to eq. 5.38, its concentration is either below the
GC detection limit, or the oxygen concentration is too low for eq. 5.38 to be effective
anymore. While the selectivity toward EO decreases quickly in the absence of surface
chlorine from 60 to 40 % (Figure 5.13c, CO2 increases accordingly), it increases again
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slightly from 21 mm until the end of the catalyst bed due to the selectivity enhancing
effect of the remaining surface chlorine.

5.2.4 Spatially Resolved Kinetic Measurements

Axial and Radial Dispersion

In order to choose the appropriate model for the profile fitting, the criteria for axial
and radial dispersion were evaluated. Radial dispersion is negligible when catalyst
bed gradients are absent since heat-transfer limitation dominate in radial direction.
As shown in Chapter 5.2.1 catalyst bed gradients can be neglected for the profile
measurements in the CPR and thus also the radial dispersion in the model for the
parameter fitting.

According to eq. 2.54 axial dispersion can be neglected in the model as well, when
the evaluation of the criterion is below 0.05. The parameters used in the criterion are
listed in Table 5.7. Applying eq. 2.54 with the reaction order of one with regards of

Table 5.7: Parameters for Diagnostic Evaluation of the Presence of Axial Dispersion.

Parameter Value Unit

u0 5.4 ·1023 m · s21

ci,0 29.03 mol · m23

Dax 2.6 ·1026 m2·s21

Ãf 11.63 kg ·m23

cpf 1429.7 J ·kg21·K21

»ax 0.36 W ·m21·K21

the reaction order of the limiting species (O2) gives the following result:

∣

∣

∣

∣

13.4 · 1024

1.67
2 19.97 · 2.53 · 1024

0.2

∣

∣

∣

∣

< 0.05 (5.40)

0.02 < 0.05 (5.41)

For the spatial profile fitting the 1D pseudohomogeneous plug-flow model was chosen,
resulting of the criteria described in Chapter 2.4.1 and the results of eq. 5.37 and 5.40.

CPR Profile Fitting

The profile measurements were conducted in a stainless steel reactor (1.4571) to mimic
the industrial conditions including wall material. The applicability of the CPR for kin-
etic measurements was tested by measuring profiles in the CPR at different reaction
conditions. Using the CPR, near isotherm profile measurements over the entire fixed-
bed can be conducted. Due to the low amount of catalyst employed, less heat evolves
during the reaction. Thus, profile measurements using the CPR can be used to de-
termine kinetic parameters by fitting the measured concentration and temperature
profiles. Kinetic information for conversions higher 5 % can be obtained which is an
advantage compared to a common differential reactor. For that purpose profiles were
measured at three different reaction conditions. The results for the parameter fitting
of the CPR profiles for eq. 5.23, 5.24 and 5.28 are summarized in Table 5.8. For all
profile measurements in the CPR (Figure 5.14 - 5.16), the reaction temperature in the
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beginning of the bed was still approaching the wall temperature; that is why, the tem-
perature was also taken into account for the parameter fitting process. The activation
energies determined from initial rate measurements were taken as starting conditions
for the profile regression.

From profile regression, it can be seen that the proposed reaction rate expressions
derived from the dual-site mechanism fit the temperature and concentration profiles
inside the CPR well. In the beginning of the bed, the fitted temperature is in all the
three measurements slightly higher than the measured values, and the temperature
profile develops too steeply. This is because axial dispersion of heat was neglected
in the model, according to the results of the axial dispersion criteria of eq. 5.40 in
Chapter 5.2.4 and the slope of the temperature profile was obtained from a plug flow
heat balance (eq. 2.59). Because the absolute temperature deviation between the ex-
periment and model is very small (<3 K) and the inclusion of axial heat conduction
would turn eq. 2.59 into a second-order ODE with the effective axial thermal con-
ductivity as unknown model parameter, the more simple plug flow heat balance was
retained. The measured temperature profile is damped by the heat conduction in the
wall of the stainless steel capillary in which the thermocouple was sitting. Overall,
this dampening effect is small since the temperature gradient over the entire catalyst
bed is small and the measured temperature is to a large extent determined by the
sampled gas stream flowing around the thermocouple tip. More accurate temperature
profiles could have been measured by using a fused silica capillary instead of a stain-
less steel capillary and a pyrometer fiber collecting the infrared radiation directly from
the catalyst instead of a thermocouple. However, in the present application, stainless
steel capillaries had to be used because the hard corundum catalyst support leads to
repeated breaking of fused silica capillaries.

Figure 5.14 shows the profile fitting for GHSV = 4750 h21 and a heating block
temperature of 200 çC with 1.25 ppm DCE in the feed. All fitted species profiles show
a good agreement at 200 çC, all being within error bars. The decrease of DCE is also
captured well. The VC and EC profiles cannot be modeled with the current model
because VC is formed on the one hand from DCE according to eq. 2.51 and on the
other hand in an unknown proportion by oxidative dehydrogenation of EC according
to eq. 5.38. Upon closer inspection, it can be seen that the measured profiles level-
off from about 26 mm onward due to blockage of silver sites by chlorine, whereas the
fitted profiles show a monotonous decrease for the reactants and a monotonous increase
for the products throughout the entire catalyst bed. This is because eqs. 5.23, 5.24
and 5.28 represent a Langmuir-Hinshelwood model in which the active site density
is fixed and encoded in the respective rate constants (fit parameters Ak, k0DCE,j).
Also, the adsorption-desorption equilibria of the various species blocking active sites
are modeled by simple Langmuir-isotherms, which means without coverage-dependent
heats of adsorption (fit parameters ∆Hi,j). It is not possible with this type of kinetic
model to include the loss of active surface sites by irreversible blockage of silver atoms
with chlorine and to capture the fine details of the competing adsorption of oxygen
and chlorine depending on coverage. At higher temperatures of 210 and 225 çC but
otherwise identical conditions (Figures 5.15 and 5.16, respectively), the fitted profiles of
C2H4, O2, EO, CO2, H2O, and DCE show again good agreement with the experimental
profiles except for the leveling-off of the profiles once all active silver sites are blocked
by chlorine.
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Figure 5.14: CPR profiles fitted at GHSV = 4750 h21, 200 çC heating block tem-
perature, 17 bara pressure and 1.25 ppm DCE concentration in the feed. (a) educt
profiles, (b) product profiles. The lines represent the resulting fitting, the discrete
points represent measurements.
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Figure 5.15: CPR profiles fitted at GHSV = 4750 h21, 210 çC heating block tem-
perature, 17 bara pressure and 1.25 ppm DCE concentration in the feed. (a) educt
profiles, (b) product profiles. The lines represent the resulting fitting, the discrete
points represent measurements.



80 5 Results and Discussion

0 1 0 2 0 3 0 4 0
0

2 0
4 0
6 0
8 0

1 0 0
1 2 0
5 2 0

5 4 0

5 6 0

5 8 0

6 0 0

T c e n t e r

O 2

C 2 H 4

M
ol

ar
 F

lo
w

 [µ
m

ol
/m

in
]

A x i a l  P o s i t i o n  [ m m ]

1 8 0
1 8 5
1 9 0
1 9 5
2 0 0
2 0 5
2 1 0
2 1 5
2 2 0
2 2 5
2 3 0

Te
m

pe
ra

tu
re

 [°
C

]

(a)

0 1 0 2 0 3 0 4 0
0 . 0

0 . 1

0 . 2

0 . 3

1 0
2 0
3 0
4 0
5 0
6 0

H 2 O

T c e n t e r

E O

M
ol

ar
 F

lo
w

 [µ
m

ol
/m

in
]

A x i a l  P o s i t i o n  [ m m ]

C O 2

D C E / 4 [ p p m ]

V C [ p p m ]
E C [ p p m ]

1 8 0
1 8 5
1 9 0
1 9 5
2 0 0
2 0 5
2 1 0
2 1 5
2 2 0
2 2 5
2 3 0

Te
m

pe
ra

tu
re

 [°
C

]

(b)

Figure 5.16: CPR profiles fitted at GHSV = 4750 h21, 225 çC heating block tem-
perature, 17 bara pressure and 1.25 ppm DCE concentration in the feed. (a) educt
profiles, (b) product profiles. The lines represent the resulting fitting, the discrete
points represent measurements.
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Table 5.8: Kinetic Parameter Determined by Regression of Profiles Measured in the
CPR Using the Levenberg-Marquardt Solver Algorithm in ComSol 5.5TM.

Parameter Value Confidence (95 %) Unit

AEO 3.54·106 ± 0.05 ·106 mol · kg21 · s21

EaEO 74.30 ± 0.23 kJ · mol21

ACO2
2.78 ·105 ± 0.16 ·105 mol · kg21 · s21

EaCO2
76.10 ± 2.97 kJ · mol21

AC2H4,AgOsub
7.68 ·1023 ± 0.89 ·1023 bar21

∆HC2H4,AgOsub
-19.79 ± 1.58 kJ · mol21

AO2,Agstep 174.40 ·1023 ± 13.61 ·1023 bar21

∆HO2,Agstep -19.93 ± 1.25 kJ · mol21

AO2,AgOsub
0.62 ·1023 ± 0.12 ·1023 bar21

∆HO2,AgOsub
-15.89 ± 1.08 kJ · mol21

ACO2,AgOsub
28.52 ·1023 ± 3.81 ·1023 bar21

∆HCO2,AgOsub
-23.67 ± 4.24 kJ · mol21

ACO2,Agstep 29.86 ·1023 ± 6.22 ·1023 bar21

∆HCO2,Agstep -20.68 ± 7.19 kJ · mol21

ADCE,AgOsub
95.58 ± 6.90 bar21

∆HDCE,AgOsub
-20.13 ± 0.13 kJ · mol21

ADCE,Agstep 84.01 ± 3.23 bar21

∆HDCE,Agstep -40.01 ± 2.03 kJ · mol21

k0DCE,Agstep
5.49 ·102 ± 0.26 ·102 mol · kg21 · s21

EaDCE,Agstep 90.41 ± 3.47 kJ · mol21

k0DCE,AgOsub
52.82 ·102 ± 2.15 ·102 mol · kg21 · s21

EaDCE,AgOsub
106.06 ± 2.34 kJ · mol21

As a result of the reparametrization the correlation between the parameters is low
as can be seen in Table A.1-A.3 in Section A.2.

5.3 Pilot Scale Profile Reactor Simulation

5.3.1 Axial and Radial Dispersion

Evaluating eq. 2.30 decides which model has to be used for the Pilot Scale Profile
simulations, the used parameters for the criteria are listed in Table 5.9. For the particle
diameter the worst case was considered assuming that all particles have a diameter of
900 µm. The result of eq. 5.42 shows that radial dispersion cannot be neglected for the
PSPR simulation leading to the requirement of a 2D pseudohomogeneous simulation
accounting for the radial dispersion in the model. The used model accounted for both
the radial as well as the axial dispersion.

|³w · ³w · Bw| = |21.300 · 0.024 · 0.187| = 0.1 n 0.05 (5.42)
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Table 5.9: Parameters for Diagnostic Evaluation of the Presence of Radial Dispersion.

Parameter Value Unit

rV,obs 0.26 mol · m23· s21

dp 900 µm

Tw 467 K

»bed,eff 0.14 W · m21· K21

dt 15 mm

Bih,w 0.19 -

5.3.2 2D Pseudohomogeneous Profile Simulation

For validating the kinetic model derived in Chapter 5.1.4, species flow rate and tem-
perature profiles measured in the PSPR and simulated with a 2D pseudohomogeneous
model (Chapetr 2.4.4). The rate laws and kinetic parameters from the regression of
the CPR profiles (Chapter 5.2.4) were used. Measurements and simulations were per-
formed for a DCE concentration in the feed of 1.53 and 3.18 ppm, respectively, with
the rest of the feed being identical to that presented in Table 4.2. A GHSV of 4750 h21

was chosen, the reactor pressure was set to 17 bara, and the cooling fluid temperature
of 194 çC was chosen for the validation case. The remaining results of the PSPR
profile measurements with temperature, DCE, and CO2 concentration variations were
not used for the validation and can be seen in the appendix in Chapter A.3.

Figure 5.17 shows measurements (symbols) and simulations (solid lines) for 1.53 ppm
DCE in the feed. Apart from the last datapoint which is disturbed by mixing behind
the catalyst bed, the reactants, C2H4 and O2, as well as the inhibitor, DCE, are mono-
tonously converted along the entire catalyst bed. Accordingly, the reaction products
EO, CO2, H2O, and VC, are monotonously produced along the entire catalyst bed. A
sudden slow down or even stop of reactant conversion and product formation due to
the blockage of active silver sites by chlorine as observed in the CPR does not occur
in the PSPR under these conditions. In fact, the opposite is true. While reactant con-
version and product formation are rather slow up to 340 mm into the bed (XO2

j 8 %
and XC2H4

j 3 %), the reaction rates increase noticeably beyond this point reaching
XO2

j 20 % and XC2H4
j 8 % at the end of the catalyst bed. As can be seen in

the temperature profile, this sudden increase of reaction rates at 340 mm is a thermal
effect. Due to the larger inner diameter of the PSPR compared to that of the CPR
(15 vs. 4 mm ID), the PSPR is more prone to thermal runaway. The highest heat-
transfer resistance in catalytic fixed-bed reactors is inside the catalyst bed, and the
more heat a reaction produces and the larger the diameter of the catalyst bed is, the
higher is the risk for thermal runaway. For 1.53 ppm DCE, the highest temperature of
the cooling fluid at which the PSPR could still be operated was in fact 194 çC. Only
0.5 çC higher cooling temperature led to thermal runaway. Due to the low tempera-
ture in the catalyst bed before the ”light-off” point at 340 mm (T f 205 çC), chlorine
deposition onto the silver surface is very inefficient, as can be seen from the DCE and
VC profiles. Until 340 mm, almost no DCE is converted, and very little VC is formed.
The fact that no EC could be detected at all indicates that the silver surface has a
high oxygen coverage, leading to immediate oxidative dehydrogenation of EC, which
is the primary product of chlorine removal, such that only VC is leaving the surface
formed by eq. 2.51 and eq. 5.38. At the ”light-off” point at 340 mm, the rate of heat
production becomes substantially greater than the rate of heat removal, in particular,
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because the silver surface is not yet sufficiently covered with chlorine. The insufficient
chlorine coverage leads to a selectivity shift toward more exothermic CO2 production
as can be seen in the selectivity profiles of EO and CO2 which decrease/increase faster
from 340 mm onward (Figure 5.17c). This releases even more reaction heat fueling
thermal runaway (21327 kJ ·mol21 for CO2 vs. 2105 kJ ·mol21 for EO) [148].
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Figure 5.17: Pilot reactor profiles at GHSV = 4750 h21, 194 çC temperature of the
heat-transfer fluid, 17 bara pressure, and 1.53 ppm DCE concentration in the feed.
Discrete points were measured; the compact lines show simulation results by applying
the measured kinetic parameters. Reactants and temperature (a), products (b) and
conversion and selectivity (c).

From 340 mm onward, the increasing catalyst temperature spurs chlorine depos-
ition onto the silver surface as can be seen from the decreasing DCE profile and the
increasing VC profile, but it is too late; the thermal runaway has set in. The kinetic
model developed in Chapter 5.1.4 captures the species and temperature profiles quite
accurately up to the ”light-off” point at 340 mm. The model also predicts a nonlinear
increase in reaction rates and temperature toward the end of the catalyst bed, which
is qualitatively correct; however, the model underestimates how sudden the slopes
change at 340 mm.

A second measurement was done in the PSPR, this time at a doubled DCE con-
centration in the feed of 3.18 ppm. The results are shown in Figure 5.18. Doubling the
DCE concentration in the CPR from 1.25 to 2.50 ppm caused basically a shutdown of
all catalytic reactions due to coverage of all active silver sites with chlorine (cp. Fig-
ures 5.10 vs. 5.11), whereas doubling the DCE concentration in the PSPR from 1.53
to 3.18 ppm had almost no effect, at least not up to the ”light-off” point, which was
again at almost the same position at 340 mm. The reason for this different behavior
is the overall lower temperature of the catalyst bed. While the CPR was not prone
to thermal runaway due to efficient heat removal from the slender catalyst bed (4 mm
inner diameter) and could be operated at temperatures above 220 çC where chlorine
deposition was effective, the larger PSPR (15 mm inner diameter) could only be oper-
ated up to 194 çC cooling medium temperature. If the cooling medium temperature
was set only 0.5 çC higher, thermal runaway occurred.
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Figure 5.18: Pilot reactor profiles at GHSV = 4750 h21, 194 çC temperature of the
heat-transfer fluid, 17 bara pressure, and 3.18 ppm DCE concentration in the feed.
Discrete points were measured; the compact lines show simulation results by applying
the measured kinetic parameters. Reactants and temperature (a), products (b) and
conversion and selectivity (c).

At these low temperatures, chlorine deposition onto the silver surface was not
effective yet as can be seen in Figure 5.18b. Despite doubling the DCE concentration
to 3.18 ppm, almost no DCE is converted, and no VC is formed before 340 mm. At
340 mm, the onset of thermal runaway can still be seen, but the reaction rates and the
selectivity to CO2 increase less strongly because the higher DCE concentration leads
to a faster rise of the chlorine coverage of the silver surface, once temperature rises
above the threshold temperature for chlorine deposition. An alternative explanation
for the low reaction rate before the light off point at 340 mm would be that the silver
surface is blocked by chemisorbed DCE and that the chlorine removal mechanism
is not very efficient yet. This would be in line with the observation that doubling
the DCE concentration from 1.53 to 3.18 has no effect because the surface is already
saturated with DCE. As before, the reactor model reproduces the molar flow rate and
temperature profiles fairly well up to 340 mm but is unable to capture the reactor
light-off point correctly.
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In this thesis the ethylene epoxidation reaction with cofeeding of 1,2-dichloroethane
(DCE) was investigated under near industrial process pressure, temperature, and con-
tact time using the profile measurement technique developed by Horn et al. [15]. The
employed catalyst was an unpromoted supported split shape Ag/α 2 Al2O3 with a
silver loading of 14.5 wt-% provided by BASF SE [136]. In order to derive a reaction
rate expression and to determine intrinsic kinetic parameters, a differentially operated
fixed-bed reactor was designed and constructed which could be operated at industrial
relevant pressure of 17 bara and a temperature range of 502 550 çC with an isotherm
reaction zone heated by a fluidized sand-bath. By operating the kinetic test reactor
gradient free, kinetic parameters could be determined directly from product forma-
tion rates. Feed gas composition was close to industrial conditions with a C2H4/O2

ratio of 5 and cofeeding of 1 vol-% of CO2 and 0.15 vol-% of H2O to mimic industrial
conditions. In order to see the effect of promotion by cofeeding halogenated hydrocar-
bons, DCE was added in ppm amounts. From initial reaction rate measurements in
which all concentrations were kept constant and only one species concentration was
varied, was concluded that at high C2H4/O2 ratios the effect of C2H4 concentration on
the reaction rate is minor due to the excess concentration of C2H4 in the feed. CO2

has a slightly negative effect by occupying active sites responsible for both, selective
and unselective reactions. With increasing O2 partial pressure, both reaction rates for
selective and unselective reaction increase giving a reaction order of +1, while DCE
cofeeding decreased the catalyst activity dramatically, and increasing the selectivity
toward EO with a reaction order of 21 for both reactions. From these results can be
seen that despite the vastly different concentrations of their molecular precursors in
the feed, O2 at 7 vol-% and DCE at 1 2 3 ppm, O and Cl compete for the same act-
ive silver sites. Activation energy measurements at two different DCE concentrations
gave an increasing activation energy with increasing DCE concentration for both, the
selective and unselective reaction. Thereby, increasing the activation energy for the
CO2 formation more than for EO formation.

To gain information about the reaction mechanism, profile measurements in a Com-
pact Profile Reactor (CPR), developed by Reacnostics GmbH, were conducted [17].
The CPR uses the profile technique based on the development by Horn et al. [15] with
a capillary mounted in the center of the catalyst bed and sampling reaction gas mixture
via a laser drilled orifice in the wall of the capillary. The capillary sampling position is
adjusted by moving the reactor brass block in which the fixed-bed reactor is mounted
and heated using a slide on which the block is attached and moved by a stepper motor
in micro meter resolution while the capillary is statically mounted on both sides. With
such a configuration, concentration and temperature profiles at industrial pressure and
temperature conditions can be measured minimizing radial gradients by small react-
ors and utilizing only little of the catalyst. The measurements were performed at 17
bara, reaction temperatures in a range of 180 2 225 çC, two different contact times
(GHSV=4750 h21 and 9500 h21), and two different DCE feed concentrations (1.25 and
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2.5 ppm). The sampling gas flow was adjusted to less than 5 % of the total flow by
micro meter needle valves which were situated in a heated box to avoid condensation.
All tubes to the reactor were heated as well as from the reactor to the GC to analyze
the gas composition quantitatively. The employed catalyst was sieved to a fraction of
200 2 400 µm to maintain plug flow behavior during the measurements. The profiles
confirmed the competing behavior of O2 and Cl. Chlorine is deposited on the silver
surface by reaction of DCE with AgO to VC, AgCl, and H2O. Chlorine removal oc-
curs by oxychlorination of ethane being present in a concentration of some hundred
ppm in the feed, leading to EC as a primary chlorine removal product. If the surface
oxygen coverage is high, EC is quickly converted to VC by oxidative dehydrogenation,
and VC is the only chlorine-containing product leaving the surface. With increasing
O2 conversion along the catalyst bed, Cl coverage increases, and fewer O atoms can
adsorb on the active sites, slowing all catalytic surface reactions down, including i)
the selective epoxidation reaction, ii) the unselective oxidation of C2H4 and EO to
CO2, iii) chlorine removal by oxychlorination of ethane, and iv) EC conversion to VC
by oxidative dehydrogenation. The formation of products stops before reaching the
end of the reaction zone although educts in sufficient concentrations are present. An
EDX measurement of the stackwise extracted catalyst revealed an increasing chlorine
content on the catalyst surface until the position at which the reactions stopped. This
observation is of significant relevance for operation of industrial EO reactors with re-
spect to efficient use of the catalyst inventory. Cofeeding DCE is mandatory to achieve
high EO selectivity, but overinhibition is easily possible. If the DCE concentration in
the feed is chosen only slightly too high, all reactions will shut down somewhere inside
the catalyst bed, and significant parts of the catalyst inventory will not be used at
all. If no DCE is fed at all or not enough, CO2 formation has only a slightly higher
activation energy than EO formation, and the initially high EO selectivity achieved at
the inlet of the catalyst bed decreases quickly with increasing catalyst temperature.
With increasing chlorine surface coverage, the activation energy for CO2 formation
increases much more strongly compared with the activation energy for EO formation,
yielding higher EO selectivity at the expense of a reduced conversion.

Since in the species and temperature measurements in the CPR, radial gradients
could be neglected, the profiles were well suited for kinetic parameter determination
by profile regression. The derived LHHW rate law was based on the dual-site mechan-
ism postulated by Schlögl [18]. The results of the differentially operated fixed-bed
reactor measurements were used as initial values to fit the CPR profiles at different
conditions. Concentration and temperature profiles were fitted simultaneously for all
conditions to cover the complete measurement conditions. To validate the kinetic pa-
rameters a Pilot Scale Profile Reactor (PSPR) was designed and built that allowed
the measurement of species and temperature profiles in a pilot scale. The reactor had
an inner diameter of 15 mm and a total length of 1 meter in which a catalyst bed
of up to 0.5 m could be tested. The sampling was realized with 10 static capillar-
ies, which were mounted in the center of the catalyst bed, arranged equidistantly in
axial direction. To measure temperature simultaneously, 16 K-type thermocouples (ø
250 µm) were placed in a liner in the center of the catalyst bed. Gas composition was
analyzed quantitatively by two GCs for faster measurements. The sampling capillary
was selected with a selector valve and guided to the GC with an automatic start of
analysis. Extensive safety installations were equipped to run the reaction 24/7 unat-
tended with inlet and outlet O2 concentration as well as temperature monitoring and
several alarm level. An over-flow valve in front and behind of the bed should release
the reactor pressure in case of slow pressure increase. Fast rising pressure could be
released by two rupture discs in case of thermal runaway.
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In order to validate the measured kinetic parameters, profile simulations were per-
formed using a two-dimensional pseudohomogeneous model. Dispersion in radial and
axial direction was accounted using the Tsotsas [63] and Winterberg et al. [125]
model (see Chapter 2.4.4). The simulation could predict the profile behavior very well,
until the reaction rates accelerated with a changed selectivity at 340 mm in the bed
which was a thermal effect given the larger inner diameter of the PSPR compared to
the CPR (15 vs. 4 mm). The profile measurements reveal that the already delicate
interplay between too much or too little DCE in the feed is further complicated by
the requirement of a certain lower threshold temperature for chlorine deposition or
chlorine removal to be effective and a certain upper temperature limit above which
thermal runaway occurs if the feed hits a largely unchlorinated surface.

In summary the results of this work show the beneficial application of spatial pro-
file reactors to investigate heterogeneously catalyzed reactions in fixed-bed reactors
even at industrial conditions. Starting from isothermal differentially operated fixed-
bed reactors to gain kinetic information to small scale profile reactors suitable to
obtain profiles for kinetic parameter regression to validation of those parameters by
measuring and simulating profiles of the reaction in large scale reactors. The profile
reactors are a huge win to study complex reactions like the ethylene epoxidation re-
action by investigating the influence of catalyst promotion resolving chlorine profiles
in subppm level. Information from the former ”black-box” can be used to knowledge
based optimize the reactor and catalyst performance.
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A.1 GC-Calibration
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Figure A.1: GC Calibration for molar flow of C2H4 to N2 adjusted to measured area
ratio AC2H4

/AN2
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Figure A.3: GC Calibration for molar flow of CO2 to N2 adjusted to measured area
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/AN2
.
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Table A.1: Correlation of the Kinetic Parameters Determined by Regression of Pro-
files Measured in the CPR Using the Levenberg-Marquardt Solver Algorithm in Com-
Sol 5.5TM (Part 1).
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Table A.2: Correlation of the Kinetic Parameters Determined by Regression of Pro-
files Measured in the CPR Using the Levenberg-Marquardt Solver Algorithm in Com-
Sol 5.5TM (Part 2).
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Table A.3: Correlation of the Kinetic Parameters Determined by Regression of Pro-
files Measured in the CPR Using the Levenberg-Marquardt Solver Algorithm in Com-
Sol 5.5TM (Part 3).
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A.3 Pilot Scale Profile Reactor Measurements

A.3.1 Profile Measurements at T = 180 çC

At 180 çC three different DCE cofeeding concentrations were tested. Profile measure-
ments were started with 1.5 ppm of DCE, subsequently no DCE was fed to the reactor
and profiles were measured. The last condition was at 0.75 ppm of DCE. The meas-
urements were conducted in the described order. In Figure A.9a C2H4 and O2 profiles
can be seen measured at 180 çC and a DCE concentration of 1.5 ppm. The reaction
starts slow at the entrance of the reactor due to the low wall temperature. When the
temperature inside the fixed-bed increases, the reaction starts to accelerate slowly as
can be seen by a change in the slope for the educt and product profiles in Figure A.9a
- A.9b. This slope change can be good recognized in the EO profile, where for the
CO2 profile this is not so pronounced. After 100 mm inside the catalyst bed, the slope
of the EO profile changes and more EO is produced. In the first 100 mm only little
amounts of EO and CO2 are formed, which is probably caused by the low temperature
and the high O2 coverage on the silver surface. Due to less vacant sites, less C2H4

can adsorb to react with O2. After a starting phase, where vacant sites are formed,
the reaction starts to accelerate to produce EO and CO2. This explanation suits to
the DCE and VC profile as well, since in the beginning of the bed, the DCE profile
decreases only slightly and no VC could be measured, indicating that low amounts
of chlorine could be deposited by DCE to form VC. At approximately 350 mm in-
side the bed, the reaction starts to accelerate even further, changing the slope of all
components present in the reaction mixture. More EO and CO2 are suddenly formed
and more DCE is consumed and VC could be detected. In this phase of the reaction,
the selectivity towards EO decreases until the end of the bed simultaneously with a
conversion increase (Figure A.9c). For the next measurements, DCE was not fed to
the reactor, as can be seen in Figure A.10. Although no DCE was fed, VC can still be
detected at the end of the reactor showing the strong bond of chlorine to the surface
and the slow reaction of removal chlorine adatoms from the surface as was already
shown from CPR measurements. Due to the missing DCE to occupy vacant sites,
higher reaction rates (activity) resulting in higher product and side product formation
and higher temperatures can be detected. The shape of the profiles, look similar to
the previous measurement, but more pronounced. The selectivity to EO decreases
monotonically from the start of the reaction to the end of the bed. Whereas in the
previous measurement, the selectivity did not drop as much as without DCE cofeeding.
The comparison of O2 conversion, shows the higher activity without DCE cofeeding by
exceeding 10 % whereas with cofeeding approximately 7 % O2 conversion is reached.
The profile measurements at 0.75 ppm DCE in the feed give similar profile shapes
as for the 1.5 ppm DCE cofeeding although a higher activity can be observed due to
lower DCE cofeeding concentration. The O2 conversion exceeds 10 % and selectivity
to EO keeps above 80 %. In general, with decreasing DCE content in the feed, the
overall activity increases leading to higher amount of reaction products and higher
reaction temperature. The profile shape looks for all three cases similar with a kink in
the temperature and concentration profiles and a different profile slope after the kink.
This kink can be observed for each measurement, and is more pronounced without
DCE cofeeding and higher activity. The overall selectivity decreases with decreased
DCE cofeeding and a simultaneous increase in O2 conversion.
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(a) Educt profile at 180 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm DCE.
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(b) Product profile at 180 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm DCE.
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Figure A.9: Profiles measured in the Pilot Scale Profile Reactor at 180 çC, 17 bara
at GHSV = 4750 h21 and 1.5 ppm DCE.
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(a) Educt profile at 180 çC, 17 bara at GHSV = 4750 h21 and 0 ppm DCE.
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(b) Product profile at 180 çC, 17 bara at GHSV = 4750 h21 and 0 ppm DCE.
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(c) Selectivity and conversion profile 180 çC, 17 bara at GHSV = 4750 h21 and 0 ppm DCE.

Figure A.10: Profiles measured in the Pilot Scale Profile Reactor at 180 çC, 17 bara
at GHSV = 4750 h21 and 0 ppm DCE.
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(a) Educt profile at 180 çC, 17 bara at GHSV = 4750 h21 and 0.75 ppm DCE.
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(b) Product profile at 180 çC, 17 bara at GHSV = 4750 h21 and 0.75 ppm DCE.
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(c) Selectivity and conversion profile at 180 çC, 17 bara at GHSV = 4750 h21 and 0.75 ppm
DCE.

Figure A.11: Profiles measured in the Pilot Scale Profile Reactor at 180 çC, 17 bara
at GHSV = 4750 h21 and 0.75 ppm DCE.

A.3.2 Profile Measurements at T = 190 çC

At 190 çC two different conditions were measured. The first was at standard conditions
with 1.5 ppm DCE in the feed, the second was with the same DCE concentration and
without cofeeding CO2. The profiles are illustrated in Figure A.12 and Figure A.13.
When both conditions are compared with each other, it can be concluded that CO2

cofeeding decreases the activity by blocking active sites, making them unavailable for
the reaction. In opposite to DCE, CO2 blocks all sites and does not enhance the
selectivity to EO. Without CO2 cofeeding the catalyst activity is higher, leading to
higher reaction temperatures as can be seen in Figure A.13. The hot-spot temperature
exceeds 200 çC compared to 196 çC with CO2 cofeeding. Furthermore, the hot-spot
temperature forms after 300 mm in the bed and not at the end. After the hot-spot,
the temperature decreases again, due to wall cooling. Due to higher catalyst activity,
O2 conversion exceeds 20 % and EO selectivity drops below 80 % to 77 %, whereas
the O2 conversion with cofeeding CO2 reaches 14 % with an EO selectivity of 80.5 %.
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(a) Educt profile at 190 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm DCE.
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(b) Product profile at 190 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm DCE.
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(c) Selectivity and conversion profile at 190 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm
DCE.

Figure A.12: Profiles measured in the Pilot Scale Profile Reactor at 190 çC, 17 bara
at GHSV = 4750 h21 and 1.5 ppm DCE.
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(a) Educt profile at 190 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm DCE without CO2

cofeeding.
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(b) Product profile at 190 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm DCE without CO2

cofeeding.
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(c) Selectivity and conversion profile at 190 çC, 17 bara at GHSV = 4750 h21 and 1.5 ppm
DCE without CO2 cofeeding.

Figure A.13: Profiles measured in the Pilot Scale Profile Reactor at 190 çC, 17 bara
at GHSV = 4750 h21 and 1.5 ppm DCE without CO2 cofeeding.
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A.3.3 Profile Measurements at T = 200 çC
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(a) Educt profile at 200 çC, 17 bara at GHSV = 4750 h21 and 3.18 ppm DCE.
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(b) Product profile at 200 çC, 17 bara at GHSV = 4750 h21 and 3.18 ppm DCE.
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(c) Selectivity and conversion profile at 200 çC, 17 bara at GHSV = 4750 h21 and 3.18 ppm
DCE.

Figure A.14: Profiles measured in the Pilot Scale Profile Reactor at 200 çC, 17 bara
at GHSV = 4750 h21 and 3.18 ppm DCE.

The measurements at 200 çC show the importance of temperature. In no other meas-
urement is the DCE consumption as pronounced as here. The VC formation reaches a
value of about 0.5 ppm, more than in any other measurement. Due to the higher tem-
perature, the threshold temperature in the reactor is approached, at which enough
heat is available to allow chlorine deposition to occur more rapidly. Nevertheless,
CPR-like behavior is not observed even at 200 çC because the reaction temperature
is still too low compared to the measurements in the CPR.
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erogeneous Catalysis: The Role of Cl on Ethylene Epoxidation over Ag, Journal
of Catalysis 312 (2014) 12–16.

[94] V. Bukhtiyarov, A. Nizovskii, H. Bluhm, M. Hävecker, E. Kleimenov, A. Knop-
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Rep Particle Reynolds number
ρf ·u0·dp

ηf

[-]
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T 7 Dimensionless temperature [-]
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Tav Average temperature [K]
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Tx Reaction temperature in xth exper-
iment [K]

U Overall heat transfer coefficient
[W·m22

·K21]

u0 Superficial velocity [m·s21]

Vp Particle volume for a diameter
equivalent sphere [m3]



122 Nomenclature
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wi Mass fraction of component i [-]

X Conversion [-]
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